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FOREWORD 
The ACS SYMPOSIUM SERIES was founded in 1974 to provide 
a medium for publishing symposia quickly in book form. The 
format of the SERIES parallels that of the continuing ADVANCES 
I N CHEMISTRY SERIES except that in order to save time the 
papers are not typeset but are reproduced as they are sub
mitted by the authors in camera-ready form. As a further 
means of saving time, the papers are not edited or reviewed 
except by the symposium chairman, who becomes editor of 
the book. Papers published in the ACS SYMPOSIUM SERIES 
are original contributions not published elsewhere in whole or 
major part and include reports of research as well as reviews 
since symposia may embrace both types of presentation. 
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PREFACE 

T H E 7th INTERNATIONAL SYMPOSIUM on Chemical Reaction Engineer
ing represents another milestone in the advancement of the art and science 
of the chemical reactor. Forty-six contributed papers are presented here: 
nineteen from Western Europe, five from Asia and Australia, one from 
Canada, and twenty-one from the United States. The Symposium con
tinues to be dominated by university professors—only six papers have one 
or more coauthors from
serve industry, strong message
bridge cannot give good service if there is a massive pier on one shore and 
a flimsy one on the other. 

After many years, chemical reaction engineering has developed a 
paradigm: classic papers that are universally admired, basic assumptions 
and analysis, successful applications of principles to particular problems, 
and standard textbooks and curricula that are generally accepted. Chemi
cal reaction engineering is not yet completely matured and thus has not 
been reduced to restatements of old results and remeasurements with 
greater accuracy. The innovation processes continue to develop. New needs 
of society, such as synthetic fuels, and new technical opportunities, such as 
recombinant D N A , will keep this subject vigorous for many years to come. 

James Wei 
Massachusetts Institute of Technology 
Cambridge, Massachusetts 02139 

Christos Georgakis 
Massachusetts Institute of Technology 
Cambridge, Massachusetts 02139 

October 1982 

ix 
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1 
Catalytic Air Oxidation of Propylene to Acrolein: 
Modeling Based on Data from an Industrial 
Fixed-Bed Reactor 

D. ARNTZ, Κ. ΚΝΑΡΡ, and G. PRESCHER 
Degussa AG, Hanau, Federal Republic of Germany 

G. EMIG and H. HOFMANN 
Inst. f. Techn. Chemie I, Universität Erlangen-Nürnberg, Federal Republic of Germany 

From a few well chosen experiments in an integral 
reactor of technical dimensions with side-stream 
analysis both reaction schemes and the effec t i v e 
heat transfer and kine t i c parameters of a re
action model for propylene oxidation could be de
duced, from which valuable information for both 
catalyst development and optimization of the re
action conditions could be obtained. 

The economic significance (1,2,3) of the c a t a l y t i c propyle
ne oxidation necessitates a continuing refinement of the cata
l y s t . This i n turn requires continuing optimization of the re
action conditions, as these depend upon the catalyst. 

The goal of thi s investigation was the development of a 
suitable reactor model for propylene oxidation i n an i n d u s t r i a l -
size packed-bed reactor operated under i n d u s t r i a l l y relevant 
conditions (4). 

From the l i t e r a t u r e i t i s not possible to deduce a kine t i c 
scheme suitable for modeling the reaction, since the majority 
of publications (10-39) do not present an unequivocal picture. 
Also the fundamental d i f f i c u l t i e s of estimating from independent 
measurements heat transfer parameters for a packed-bed reactor 
are well known (5,6,7). 

Therefore, an attempt was made to determine the kin e t i c 
reaction scheme and effec t i v e heat transfer as well as kin e t i c 
parameters from a limited number of experimental results i n a 
single-tube reactor of i n d u s t r i a l dimensions with side-stream 
analysis. The data evaluation was performed with a pseudohomo-
geneous two-dimensional continuum model without a x i a l dispersion. 
The model was tested for i t s s u i t a b i l i t y for prediction. 

0097-6156/82/0196-0003$06.00/0 
© 1982 American Chemical Society 
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4 CHEMICAL REACTION ENGINEERING 

E x p e r i m e n t a l S e t - U p a n d R e s u l t s 

The r e s u l t s were o b t a i n e d i n a c o n t i n u o u s l y o p e r a t e d p o l y t r o p i c p i l o t -
p l a n t r e a c t o r w i t h a f e e d o f a p p r o x i m a t e l y 2-5 m o l e s p r o p y l e n e p e r h o u r . The r e 
a c t o r was a s i n g l e t u b e h a v i n g a c a t a l y t i c b e d l e n g t h o f 2.70 m and an i n n e r 
d i a m e t e r o f 0.0205 m. T e m p e r a t u r e was c o n t r o l l e d by a c i r c u l a t i n g m o l t e n s a l t 
b a t h . The t e m p e r a t u r e p r o f i l e w i t h i n t h e r e a c t o r was m o n i t o r e d w i t h s i d e - e n t r y 
t h e r m o c o u p l e s : e l e v e n i n t h e c e n t e r o f t h e t u b e , two i n an 1/2 r a d i u s p o s i t i o n , 
and t h r e e a t t h e w a l l . F e e d s o f p r o p y l e n e , a i r , i n e r t g a s a n d w a t e r were m o n i t o 
r e d by r o t a m e t e r s a n d p r e h e a t e d t o s a l t b a t h t e m p e r a t u r e . O v e r a l l a c r o l e i n y i e l d s 
a v e r a g e d o v e r 48 h o u r s p e r i o d s , were e v a l u a t e d by i s o l a t i n g c r u d e a c r o l e i n by 
a b s o r p t i o n w i t h w a t e r a n d s u b s e q u e n t d e s o r p t i o n . U n r e a c t e d p r o p y l e n e , c a r b o n o x i -
d e s a n d o x y g e n were measured i n t h e e f f l u e n t g a s ( G . C . ) and a c r y l i c a c i d was 
a n a l y s e d ( G . C . ) i n t h e a c r o l e i n - f r e e b o t t o m s . To m e a s u r e t h e a x i a l c o n c e n t r a t i o n 
p r o f i l e o f t h e r e a c t o r g a s e o u s s a m p l e s ( 5 p r o b e s a l o n g t h e r e a c t o r ) were a n a l y s e d 
( w a t e r s c r u b b e r a n d e f f l u e n t
a n d f o r m a l d e h y d e ( G . C , a n a l y s e
a n a l y s e d b e s i d e s a c r y l i c a c i d ) a n d p o l y a c r o l e i n ( r e s i d u e o f e v a p o r a t i o n ) a l w a y s 
t o t a l e d l e s s t h a n 4 %, b a s e d on t h e p r o p y l e n e f e d i n ; t h e c o r r e s p o n d i n g s i d e - r e 
a c t i o n s were n e g l e c t e d f o r m o d e l i n g . 

The s p h e r i c a l c a t a l y s t , b a s e d on a m u l t i c o m p o n e n t b i s m u t h m o l y b d a t e was 
p r e p a r e d a c c o r d i n g t o ( 8 ) w i t h d p = 5.3 . 10" 3m, λ ρ = 0.8 . 1 0 - 3 K J / m . s . ° K a n d 
P g = 1145 kg/m 3 f o r t h e c a t a l y t i c b e d . The r a n g e o f v a r i a b l e s s t u d i e d i n t h e 
p a c k e d - b e d e x p e r i m e n t s i s g i v e n i n T a b l e I . T y p i c a l d e t a i l e d r e s u l t s f o r an e x 
p e r i m e n t a l r u n a r e g i v e n i n T a b l e I I . 

Modeling 

R e a c t o r M o d e l . The d e s i g n o f an i n d u s t r i a l p a c k e d - b e d r e a c t o r r e q u i r e s a 
r e a c t o r m o d e l a s w e l l a s t h e c h e m i c a l a nd t h e h e a t and mass t r a n s f e r p a r a m e t e r s 
o f t h e c a t a l y s t b e d - g a s s t r e a m s y s t e m . S i n c e t h e s e p a r a m e t e r s a r e m o d e l - s p e c i 
f i c , i t seemed a d v i s a b l e t o e m p l o y a c o n t i n u u m m o d e l f o r t h e r e a c t o r c a l c u l a t i o n . 
T h i s i s t h e o n l y m o d e l t o d a t e f o r w h i c h t h e l i t e r a t u r e c o n t a i n s c o n s i s t e n t 
d a t a f o r c a l c u l a t i n g h e a t a nd mass t r a n s f e r p a r a m e t e r s ( 5 , 6 , 7 ) . T h i s m o d e l i n i t s 

T a b l e I E x p e r i m e n t s - Range o f V a r i a b l e s 

Run 
No. 

Τ 
w 

Τ 
max C o m p o s i t i o n o f R e a c t o r F e e d ( M o l e F r a c t i o n ) O v e r a l l 

p r o p e n e 
c o n v e r s i o n {%) 

Run 
No. 

Τ 
w 

Τ 
max 

p r o p e n e p r o p a n e N 2 0 2 H 2 0 
O v e r a l l 
p r o p e n e 
c o n v e r s i o n {%) 

1 296 301 0 . 0 4 7 i 0.0022 0.595 0.158 0.198 45 
2 320 335 0 . 0 4 7 6 0.0024 0.599 0.159 0.192 72 
3 311 325 0 . 0 8 8 2 0.0041 0.570 0.151 0.187 42 
4 334 358 0 . 0 8 9 ! 0.0038 0.569 0.151 0.187 67 
5 377 415 0 . 0 8 9 5 0.0043 0.567 0.150 0.190 85 

T w = T ( s a l t b a t h ) ; G - 1.16 ± 0.02 (kg/m*. s ) ; 
ρ = 1.63 ± 0.01 ( b a r ) a t r e a c t o r i n l e t ; p r e s s u r e d r o p : A P = 0.049g-0.002, 
* = r e m a i n s u n r e a c t e d u n d e r a l l o p e r a t i n g c o n d i t i o n s . ( b a r / m ) 
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1. ARNTZ ET AL. Catalytic Propylene Oxidation 

T a b l e I I Run No. 5 - D e t a i l e d I n f o r m a t i o n 

b e d l e n g t h t e m p e r a t u r e Q ) m o l e f r a c t i o n x\ ] 

(•) °C p r o p e n e I C 0 2 , CO a c r o l e i n a c r y l i c a c i d ; 
0 
0.15 

377 
415 

0 . 0 8 9 5 0 0 0 . 

0.30 
0.45 

413 
3 8 7 ® 

0 . 0 7 1 6 0 . 0 0 3 J 0.0162 0.00054 : 

0.60 
0.80 

407 
406 
3 8 5 © 

0 . 0 5 6 3 0 . 0 0 5 4 0 . 0 3 0 2 0 . 0 0 1 0 8 ] 
; 

1.00 

407 
406 
3 8 5 © 1 

1.20 
1.40 

397 
391 

0 . 0 3 5 2 0.008g 0 . 0 4 9 0 0.00218 1 

1.70 390 
2.00 
2.30 

388 
387 

0 . 0 2 1 4 0 . 0 1 3 0 0 . 0 5 9 8 0 . 0 0 3 6 6 j t ( 
2.60 386 
2.70 0 . 0 1 3 6 0 . 0 1 6 2 0 . 0 6 5 3 0 . 0 0 5 0 0 J 

15 ( 2 Γ 
i n c e n t e r o f t u b e , ^ i n 1/2 r p o s i t i o n 

G = 1.178 (kg/m* . s ) 
Δ ρ = 0.051 ( b a r / m ) 
ρ = 1.633 ( ° a r ) 

t w o - d i m e n s i o n a l f o r m , i n w h i c h t h e a x i a l h e a t c o n d u c t i o n a nd a x i a l d i s p e r s i o n a r e 
n e g l e c t e d , y i e l d s f o r t h e mass b a l a n c e o f t h e c o m p o n e n t s : 

3 y j 1 3 , » ' 
3j ~ Γ" (Γ 3z 1 r 3 r 

and f o r t h e e n e r g y b a l a n c e : 
3Θ 

M 
a 2 ] Γ V: 

i = l 

S - ^ f k Σ ( - Û H
i ) r i , e f f 

1=1 

r i e f f ; j = l Ν (1) 
w i t h t h e b o u n d a r y c o n d i t i o n s : 
z = 0 : y j = y j 0 ; 9 = 0 0 ( r ) , 0 * r * l 

3 y i 3 Θ 

3 y i 3 Θ 
^ = 0 ; 3 T » B i ( e - V 

O ^ z ^ l 

0^z="l 

The t r a n s p o r t p a r a m e t e r s i n a j , b j a n d B i a r e e f f e c t i v e p a r a m e t e r s w i t h w h i c h , 
j u s t a s w i t h t h e e f f e c t i v e r a t e r e f f , s e v e r a l d i f f e r e n t p h y s i c a l phenomena a r e 
l u m p e d . 

The t w o - d i m e n s i o n a l p s e u d o h o m o g e n o u s r e a c t o r m o d e l ( E q . l ) i s t h e b a s i s f o r 
t h e s t a n d a r d i z e d c o m p u t e r p r o g r a m F I B S A S ( 9 ) , w h i c h was u s e d f o r t h e e v a l u a t i o n 
and s i m u l a t i o n r e p o r t e d h e r e . 

Reaction Schemes and Networks. Within the l a s t few years a 
series of review a r t i c l e s have appeared concerning the oxida
tion of propylene to acrolein (10-16). I t i s generally assumed 
that the f i r s t reaction step, the formation of an adsorbed 
a l l y l i c species, i s rate-determining for the formation of aero-
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6 CHEMICAL REACTION ENGINEERING 

l e i n . Side reactions of this intermediate species as well as d i 
rect p a r a l l e l reactions are possible. However, previous mechanistic 
investigations lead neither to unequivocal conclusions over the 
reaction scheme nor over the reaction k i n e t i c s . 

A large number of investigations do not even consider the 
formation of the i n d u s t r i a l l y important a c r y l i c acid (Models I -
I I I ) . The most detailed Model V, on the other hand, i s too com
plex for a p r a c t i c a l application. Investigations of model simpli
f i c a t i o n s for i n d u s t r i a l l y relevant catalysts are either nonexis
tent or lead to d i f f e r i n g results (Models I-IV). 

A point common to a l l the models i s that they are based upon 
a redox-type mechanism, in which the reoxidation of the catalyst 
i s not a l i m i t i n g factor. Corresponding, none of them employ the 
model expression of Mars and van Krevelen (37). On contrast newer 
works by Keulks (38,39
li m i t i n g effect from th
on oxygen p a r t i a l pressure for the acrolein formation and to a two 
to three-fold higher activation energy compared with the reaction 
at higher temperatures. 

Thus a consideration of the l i t e r a t u r e data necessitates 
establishing a network before determining the effective kinetic 
parameters. 

Derivation of Reaction Schemes Based on Experimental Results. 
Although numerous methods for evaluating reactions schemes have 
been developed (40-44), most of them (40-42) st a r t with a hypothe
t i c a l mechanism which i s , by means of experiments, either c o n f i r 
med or rejected. A newly developed method for the systematic elu
cidation of reaction schemes of complex systems requires no chemi
cal considerations, but concentration-time measurements and sy
stem-analytical considerations (45). The method i s based on the 
i n i t i a l slope of the concentration-time p r o f i l e s and when ne
cessary the higher derivatives of these curves at t = 0. Reaction 
steps in which products are formed d i r e c t l y from reactants can be 
i d e n t i f i e d i n a concentration-time plot by a positive gradient 
dc- at t = 0 (zero order delay). 
d t J 

It can be seen from a t y p i c a l , p r a c t i c a l l y isothermal con
centration p r o f i l e (Figure 1) that at t = 0 a l l products exhibit 
a non-zero slope. This implies that a l l of them must be formed 
d i r e c t l y from the reactants propylene and oxygen, which elimina
tes the reaction schemes I and IV (Table III ). Therefore the 
following stoichiometric equations were used i n the analysis; 
for equation (4) the approximately constant r a t i o of CO and CO^ 
which was actually measured was applied. 

k i 
Pe + 0 2 * > Ac + H20 (2) 
Pe + 1.5 0 2 ^> As + H20 (3) 
Pe + 4 1/6 0 2 *3y 2/3 CO + 2 1/3 C02+ 3 H20 (4) 
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1. ARNTZ ET AL. Catalytic Propylene Oxidation 7 

T a b l e I I I R e a c t i o n M o d e l s 

I ( 1 7 - 2 0 ) Pe — » Ac —> C 0 , C 0 2 ; I I ( 2 1 - 2 5 ) 

I I I ( 2 6 - 3 0 ) Pe v C 0 , C 0 o ; IV ( 3 1 ) Pe — > co,co2 

F o , A d A c 
A d 
A s 
F o 
P e 

a c r o l e i n 

V ( 3 2 - 3 6 ) Pe - M s C 0 , C 0 2 

\ y 9 

F o . A d 

a c e t a l d e h y d e 
a c r y l i c a c i d 
f o r m a l d e h y d e 
p r o p y l e n e 

Further systematic applicatio
clusion that the reactio
such rigorous model building demands independent variations of 
a l l reactant concentrations, which was beyond the scope of thi s 
investigation. 

The reaction scheme was therefore completed using additional i n 
formation from the concentration-time-diagram. In experiments 
with a high degree of conversion (Table II) the y i e l d of acrolein 
i s obviously limited with increasing residence time. At the same 
time the a c r y l i c acid concentration i s s t i l l increasing at the 
end of the reactor, suggesting a concecutive oxidation of acrolein 
to a c r y l i c acid as an additional reaction. 

Heat Transfer Parameters. Attempts i n this investigation to 
use heat transfer parameters ( λ ^ h ) calculated from cor r e l a 
tions based on data without reaction Τβ,7) led to the r e s u l t that 
the energy balance of the reactor at the measured temperatures was 
not s a t i s f i e d . On the other hand, the simultaneous estimation of 
heat transfer and kinetic parameters by regression analysis of 
polytropic measurements allows these parameters to influence each 
other. It was observed that the parameters calculated by these two 
methods were quite different (5,46). Therefore i n this report the 
heat transfer parameters were determined from experimental re
sults by a th i r d method with a minimum of additional assumptions: 

The e n e r g y b a l a n c e e q u a t i o n was s o l v e d f o r t h e most e x o t h e r m i c c a s e ( R u n 5 ) , 
( T a b l e s I and I I ) t o g e t h e r w i t h t h e mass b a l a n c e e q u a t i o n ( 1 ) . T h u s , t h e r ^ 
were d e d u c e d f r o m a w e l l - f i t t e d b u t w i t h r e s p e c t t o t h e k i n e t i c e x p r e s s i o n ' 
s t i l l a r b i t r a r y d e s c r i p t i o n o f t h e e x p e r i m e n t a l c o n c e n t r a t i o n p r o f i l e a l o n g t h e 
r e a c t o r . S i n c e t h e Δ Η ^ a r e known, i t r e m a i n s t o c h o o s e h w and X e f f so t h a t t h e 
e x p e r i m e n t a l l y m e a s u r e d t e m p e r a t u r e g r a d i e n t § | i s c o r r e c t l y d e s c r i b e d . F o r t h i s , 

(5) 
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8 CHEMICAL REACTION ENGINEERING 

mole nj 
100 mole Pe 

Figure 1. Experimental results from Run 3, Table 1. 
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1. ARNTZ ET AL. Catalytic Propylene Oxidation 9 

two a s s u m p t i o n s were made: 1. t h e m o d e l e x p r e s s i o n g i v e n i n ( 7 ) ( w i t h o u t t h e l o n 
g i t u d i n a l c o r r e c t i o n ( 9 ) i s c o r r e c t ) ; 2. B i o t i s c o n s t a n t ( t h e same c o r r e c t i o n 
f a c t o r f o r h w a n d * e f f ) · 

These heat transfer parameters were used for a l l experiments 
(Table IV); they are d i s t i n c t l y higher than those which can be 
calculated from ( 7 ) for the case without reaction. This agrees 
with investigations of the oxidation of CO ( 5 ) . 

T a b l e IV e x p e r i m e n t a l l y d e t e r m i n e d R e f e r e n c e (2) 
λ „ (K J / m . s . K ) e r r , r 1.25 χ 1 ( H 0.82 χ 10-0 

h w ( K J / m 2 . s . K) 0.412 0.27 

E f fective Kinetic Parameters  For the rate  of the 
i th reaction the potentia

r. = A. exp(-Ei/RT ) T P j
i j (6) 

was chosen. An i n i t i a l set of parameters ( Α χ , E l f n x j ) was de
termined for each t r i a l separately (Runs 1 - 5 ) , (Table I) by 
simultaneous f i t t i n g of measured concentration and temperature 
p r o f i l e s along the reactor. I n i t i a l gross f i t t i n g was accompli
shed by optical optimization ( 4 7 ) t h r o u g h variation of A l f E i , n i j . 

I t p r o v e d e f f e c t u a l t o s e t s m a l l v a l u e s f o r i{ ( 4 0 - 7 0 x l 0 6 J / k m o l e ) a n d n i j 
( 0 . 3 - 0 . 5 ) and a c h i e v e t h e f i r s t f i t by v a r y i n g A j . A b e t t e r f i t was a c h i e v e d by 
v a r i a t i o n o f E j and n j : , w h e r e b y A j was r e c a l c u l a t e d f o r e a c h s u b s e q u e n t com
p u t a t i o n a c c o r d i n g t o ( 7 ) . 

The kinetic parameters obtained from this o p t i c a l optimiza
tion are used as starting values for the FIBSAS optimization sub
routine SIMPLEX. The procedure described above was applied to a l l 
t r i a l s (Runs 1 - 5 ) , whereby some of the parameters obtained for 
the d i f f e r e n t t r i a l runs s t i l l showed s i g n i f i c a n t v a r i a t i o n . A 
set of parameters v a l i d for a l l runs was obtained from the l i n e a r 
regression ( 8 ) : 

I n r . = I n A. - ( E . / R T ) Σ η . . I n p . ( 8 ) ι ι ι j 1J j 
Τ and p. i n ( 8 ) are experimental values; the other parameters 
arise from the former f i t t i n g s for Runs 1 - 5 . In each step of 
approximation the best f i t i s f i r s t achieved for i = l and then, 
one after another, for i = 2 - 4 . 

The result of this estimation of kine t i c parameters i s 
shown i n Table V and Figures 2 - 4 . 
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T a b l e V R e s u l t s f o r E f f e c t i v e K i n e t i c P a r a m e t e r s 

π., η . _ η . _ 
/ r- / Λ Τ χ i l ι2 ι3 

ri,eff " A i * e*P<-V R T> · P P e · \ · P Ac 

A. 
1 

E. 
1 

n i 2 i K m o l e / n r . s . P a s c a l [Z n..) J i j J/ K m o l e " i l n i 2 η . 0 i 3 

1 16.7 χ ΙΟ-* 5 47.4 χ 106 0.44 0.93 0 
2 1.3 χ 1 0 ~ 6 42.8 χ 1 0 6 0.54 0.54 0 
3 1.28x 1 0 " 3 52.8 χ 1 0 6 0.66 0 0 
4 77.1 χ 1 0 ~ 3 93.2 χ 1 0 6 0 0 1 

Discussion 

The model describes, within the l i m i t s of measuring error, 
the experimental temperature and concentration p r o f i l e s quite 
well over a wide temperature range (more than 100 C) and propy
lene conversion range (Table I ) , (Figures 2 - 4). But the re
action orders for propylene and oxygen have only a limited re
l i a b i l i t y since especially the oxygen concentration along the 
reactor varied only within narrow l i m i t s . Additionally, pressure 
and flow rate were, for the most part, held constant (Table I ) . 

The model was then used to predict measured results for a 
wide range of experimental conditions (T = 343-360 , ( x p ) = 
0.07-0.09, (x Q ) = 0.13-0.155, ( x H 2 0 ) = W 0 . I 8 5 " 0-003, β 

G = 1.17 - 1.70 kg.m^s" 1) as well as for a catalyst d i f f e r e n t 
from that used i n Runs 1-5 . The new catalyst was based upon 
the same chemical system but contained more active material (8). 

It was surprising that only the pre-exponential factors A^ 
had to be newly estimated (Table VI) whereby the conversion 
factors for A x for the three p a r a l l e l reactions s t a r t i n g from 
propylene (i=l-3, Table VI) proved to be about the same. From 
these relationships useful information for future catalyst pre
paration may be drawn ("learning model"). 

T a b l e V I A . f o r n e w r u n s ( d i f f e r e n t c a t a l y s t ) 

i n . . A. ( 5 new r u n s ) 
1 A. ( K m o l e / m 3 s . P a s c a l J 1 J ) A* ( r u n 1 - 5 ) 

1 
s . P a s c a l J 1 J ) 

1 
( r u n 1 - 5 ) 

1 j 30.4 χ Ι Ο " 6 1 . 8 2 

2 2.26 χ 1 0 ~ 6 1 . 7 4 

3 ! 2.03 χ 1 0 " 3 1.5g 
4 · 272.5 χ 1 0 " 3 3 . 5 3 

The agreement of the predictive calculations with the measu
red results i s quite good for those new runs ("predictive model") 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
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1. ARNTZ ET AL. Catalytic Propylene Oxidation 11 

Figure 2. Experimental results from Run 2, Table L Key: X , temperature mea
sured; •> propylene; · , acrolein; A * acrylic acid; and ψ , CO and C0Z. 

Figure 3. Experimental results from Run 4, Table I. Symbols are the same as in 
Figure 2. 
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Figure 4. Experimental results from Run 5, Table I. Symbols are the same as in 
Figure 2. 

Figure 5. Data plotted of a predicted run. Symbols are the same as in Figure 2. 
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1. ARNTZ ET AL. Catalytic Propylene Oxidation 13 

as i l l u s t r a t e d i n Figure 5 (different catalyst; reduced bed 
length; (XQ 2) = 0.127; (X H 2 O) 0 = °·004; G = 1.67 kg.m^s" 1). 

The prediction of the new runs succeeded, even though, be
sides the catalyst, the reactor feed and flow rate were s i g n i f i 
cantly different from those of the experimental results (Tables I 
and II) from which the model was derived. 

Clearly, the si m p l i f i c a t i o n of the reaction scheme to the 
four reactions found i n network (5) i s only v a l i d for the tempe
rature and concentration range which was investigated. Especially 
at higher temperatures, additional secondary reactions, par t i c u 
l a r l y the oxidation of acrolein to CO and CO2, must be e x p l i c i t l y 
considered. 

Legend of Symbols 

b 2 

B i 

4 . ( q b / P 0 ) . ( L / d t ) . ( d p / d
L · M 0/G 
p r e e x p o n e n t i a l f a c t o r 
4 . ( L / d t ) . ( d p / d t ) . ( P e h ) - 1 

L / ( G . c p . T 0 ) 
d f h w / 2 V , e f f B i ° t number 

Cp = mass s p e c i f i c h e a t a t c o n s t a n t 
p r e s s u r e K J 

CJ = m o l a r c o n c e n t r a t i o n k m o l e 
dp,d|.= d i a m e t e r ( p a r t i c l e , t u b e ) 
^ r , e f f e f f e c t i v e r a d i a l d i s p e r s i o n 

c o e f f i c i e n t 
= a c t i v a t i o n e n e r g y J mole""* 
= mass s p e c i f i c f l o w r a t e k g n r ^ s " * 
= r e a c t i o n e n t h a l p y J m o l e " * 
= w a l l h e a t t r a n s f e r 

c o e f f i c i e n t K J . n r V 1 ^ 
• r e a c t i o n r a t e c o n s t a n t o f i t h 

r e a c t i o n 
= l e n g h t o f r e a c t o r 
= mean m o l a r mass 
= amount o f s u b s t a n c e 
= r e a c t i o n o r d e r 

k g " 1 Κ"* 

m V 
E 
G 
Δ Η 
hw 

k i 

L 
M 

u 0 . d p / D r ? e f f , P e e l e t No. ( m a s s , r a d i a l ) 
G . C p . d p A r f e f f , P e c l e t N o . ( h e a t , r a d i a l ) 
2 r ' / d ^ , r e d u c e d r a d i a l c o o r d i n a t e 

r a d i a l c o o r d i n a t e m 
r i f e f f = e f f . r a t e o f i t h r e a c t i o n 

t i m e s 
t e m p e r a t u r e 
l i n e a r v e l o c i t y m s - 1 

m o l e f r a c t i o n 
p s e u d o - m o l e f r a c t i o n y j = n j / 5 n j 0 

z ' / L r e d u c e d a x i a l c o o r d i n a t e 
ζ· = a x i a l c o o r d i n a t e m 
V , e f f e f f e c t i v e r a d i a l t h e r m a l c o n d u c t i 

v i t y o f t h e c a t a l . b e d K J . n r V 1 .K" 1 

s t o i c h i o m e t r i c c o e f f i c i e n t 
v o l u m e t r i c mass kg m - 3 

r e d u c e d t e m p e r a t u r e T / T 0 

P*m = 
P e h -
r 
r ' = 

| Y i j 

θ : 

kg k m o l e - 1 
m o l e 

s u p e r s c r i p t : 
i , ( i + 1 ) s t e p o f i t e r a t i o n 

s u b s c r i p t s : 
g = g a s p h a s e 
i = f o r t h e i 
j = f o r t h e j 
ρ = p a r t i c l e 

t h r e a c t i o n 
t h s p e c i e s 

s = s o l i d p h a s e 
t = t u b e 
w = w a l l 
0 = c o n d i t i o n s a t r e a c t o r i n l e t 
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Simultaneous Uncorrelated Changes of Process 
Variables in a Fixed-Bed Reactor 

A. BAIKER, M . BERGOUGNAN, 1 and W. RICHARZ 

Swiss Federal Institute of Technology (ΕΤΗ), Department of Industrial and 
Engineering Chemistry, CH-8092 Zurich, Switzerland 

A dynamic experimental method fo  th  investigatio
of the behaviou
fixed bed reactor is presented. The method is based 
on the analysis of the axi a l and r a d i a l temperature 
and concentration p r o f i l e s measured under the in
fluence of forced uncorrelated sinusoidal changes 
of the process variables. A two-dimensional reactor 
model is employed for the description of the reactor 
behaviour. The model parameters are estimated by 
statistical analysis of the measured profiles. The 
eff i c i e n c y of the dynamic method is shown for the 
investigation of a pilot plant fixed bed reactor 
using the hydrogenation of toluene with a commercial 
nickel catalyst as a test reaction. 

For proper control of i n d u s t r i a l fixed bed reactors i t i s 
necessary to know their dynamic behaviour. This behaviour may be 
investigated by a series of experiments where a single process 
variable i s changed at a time (1-6). In general such experiments 
allow for the development of a reactor model which describes the 
dynamic reactor behaviour. However, very often a large number of 
experiments i s required. 

In the present work a method i s described to extract the i n 
formation necessary for modelling from only a few dynamic experi
mental runs. The method i s based on the measurement of the 
changes of the temperature and concentration p r o f i l e s i n the 
reactor under the influence of forced simultaneous sinusoidal va
riat i o n s of the process variables. The cha r a c t e r i s t i c features of 
the dynamic method are demonstrated using the behaviour of a non
isothermal-nonadiabatic p i l o t plant fixed bed reactor as an 
example. The test reaction applied was the hydrogénation of 
toluene to methylcyclohexane on a commercial nickel catalyst. 

1 Current address: Produits Chimiques Ugine Kuhlmann, F-69310 Pierre-Bénite, France. 

0097-6156/82/0196-0015$06.00/0 
© 1982 American Chemical Society 
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Experimental 

Equipment and Procedure. The fixed bed reactor p i l o t plant 
i s shown schematically i n Figure 1. The reactor was operated as 
a continuous fixed bed reactor, with recycle of the hydrogen. 
The jacketed reactor tube of 2 m length and 0.05 m inner diameter 
was equipped for the measurement of a x i a l and r a d i a l temperature 
and concentration p r o f i l e s . The reactor jacked temperature was 
controlled by a c i r c u l a t i n g pressurized water system. Figure 2 
indicates schematically the locations of the a x i a l and r a d i a l 
measuring devices within the fixed bed. The concentration and 
temperature measuring devices consisted of c a p i l l a r y tubes with 
the NiCr/Ni thermocouple junction i n the center of the tube 
entrance. The c a p i l l a r i e
gas sampling positione
gas analyzer (URAS) was u t i l i z e d for the automatic analysis of 
the toluene concentration at the different locations i n the 
reactor. In addition, the composition of the gas mixture was 
measured by gas chromatography at the reactor i n l e t and outlet. 
A process computer (PDP 11/10) was used for the plant control 
and the data processing. The following process variables were 
changed simultaneously: the toluene concentration at the reactor 
i n l e t , the reactor bath temperature and the t o t a l gas flow rate. 

Results. The results of a t y p i c a l experiment with uncorre
lated changes of the process variables are presented i n the 
Figures 3.a)-c). Figure 3.a) shows the uncorrelated sinusoidal 
changes of the process variables. The resulting temperature and 
concentrations measured at d i f f e r e n t a x i a l and r a d i a l positions 
are presented i n Figure 3.b) and c ) , respectively. 

Mathematical Evaluation of the Dynamic Experiments -
Simulation of Reactor Behaviour 

A dynamic pseudo-homogeneous two-dimensional model i s 
employed for the description of the reactor behaviour. 

heat balance: 

8T 
at r 9r 

Δ Η 
- RG (C, T) (1) 

PK 
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Figure 2. Locations of axial and radial 
measuring devices in reactor. Key: @, 
catalyst bed; ®, inert packing; 1-23, 
thermocouples and sampling to gas an
alyzer; and 30, 31, sampling to gas 

chromatograph. 

19-23 

5.2 

m 
'/ζλ 
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% 
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PRESSURE 

TOLUENE CONCENTRATION 
AT 1,2,3 AND 4 

GAS FLOW RATE 

REACTOR BATH TEMPERATUR
200 

TIME (minutes) 
Ί3θ 

Figure 3a. Time profiles of the uncor
related changes of process variables. 
Ranges of variables: temperature of re
actor bath, 0-250°C; toluene concentra
tion at reactor inlet, 0-5 Vol%; total gas 
flow rate, 0-1200 mol/h; and total pres

sure 0-2.5 bar. 

TEMPERATURES 

100 
TIME (minutes) 

Figure 3b. Resulting profiles of uncor
related changes of process variables for 

axial measuring points. 

Figure 3c. Resulting profiles of uncor
related changes of process variables for 

radial measuring points. 
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mass balance: 

ae ac Λ = - u — + D 
3t 3z e 

a c ι ac 
. 2 r 3r 3r 

(1-ε)ρι; 

RG (C, T) 

boundary conditions: 

(2) 

Τ (ζ = ο, r, t) = Τ χ (r, t) 

C (z - o, r, t) = Cx (r, t) 

(3) 

(4) 

3T 
3r 

3T 

(z, r = o, t) = o

Έ (ζ, r = R, t) = - f (T - T w) 

^ (z, r = R, t) = o 

(6) 

(7) 

i n i t i a l conditions: 

T (z, r, t = o) = T 2 (z, r) (8) 

C (z, r, t = o) = C 2 (z, r) (9) 

Discretization of the p a r t i a l d i f f e r e n t i a l equation system i n 
axi a l (z) and r a d i a l (r) direc t i o n by means of the orthogonal 
collocation method (7) leads to the following system of ordinary 
d i f f e r e n t i a l equations. 

dT. . NZ NR 
= Α 1 . ^ [ ν ΐ Ζ . Λ . Τ ^ . ] + Α 2 . ^ [ [ 7 . . ν 2 Κ . > 1 ς + ν ΐ Κ . ) 1 ς ] . Τ . Λ ] 

+A3-RG(C. T. .) (10) 

dC. 
dt 

NZ NR 
BI- Σ [VIZ C ] +Β2·Σ [[y.-V2R ,+VlR ]-C ] 

+B3*RG(C. ., T. .) (11) 
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with: 

ζ ,r.2 
χ - τ ; y - φ 

A 1 . . ' U P f P F BI - - ? 
( 1 - £ ) p k C p k L 

k 4 D 4 
A2 - S B2 e 

( 1 - G ) p k C p k R 2 R 2 

ΔΗ (Ι-ε)ρ
A3 = Bc . ε pk 

_ h 
Dl - - * -= 2 k e 

boundary conditions: 

T. .(t) = TAj.9t) (12) C. .(t) - C-iy.pt) (13) 
A»J 1 J Α>1 1 J 

NR 
2*i*NZ Σ V1R.TD , T. = D1«(T. — Τ ) (14) rïR,k i,k i,NR w 

NR 
2*i«NZ Σ V i y C - o (15) 

k=l 

i n i t i a l conditions: 

Τ (t-0) - T ? (x.,y.) (16) 

C <t*0) = C. (x.,y.) (17) 

The location of the collocation points i s shown i n Figure 4. The 
parameters of the d i f f e r e n t i a l equation system were estimated by 
applying a modified version of the method described by Van den 
Bosch and Hellincks (8). For the interpolation i t was assumed 
that the r a d i a l p r o f i l e s could be described by the polynomial 
functions given i n Eqs. 18) and 19), respectively. 
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Figure 4. Location of collocation points. 
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T(z,r,t) = Τ (t) + [T (z,t)-T ( t ) ] [ l - A ( z , t ) ( f ) 2 ] (18) 
W Z W K. 

C(z,r,t) = C z(z,t) + B ( z , t ) [ l - [ 1 - ( | ) 2 ] 2 ] (19) 

The coefficients A(z,t) and B(z,t) for the r a d i a l p r o f i l e s 
measured at the two axial positions were estimated by linear 
regression of Eqs. 18) and 19), respectively. 

For the parameter estimation the interpolated values 
(T. . ) . and(C. . ) . as well as their derivatives (dT. ./dt). _ i , j i n t i , j m t i , j m t 
and (dC. ,/dt). _ at the collocation points shown i n Figure 4 i , j m t r 

were applied. With the
derivatives (dT. ./dt) and(dC. ./dt) - are calculated by i , j caxc A>J caJ.c 
employing Eqs. 10) and 11), respectively. 

By insertion of Eqs. 12)-15) into Eqs. 10) and 11) a system 
of ordinary d i f f e r e n t i a l equations i s obtained i n which only 
T. . and C. . at the ten collocation points (2*i*NZ; l^j^NR-1) 

remain as independent variables. 
A nonlinear multiresponse regression program (9) was used 

to search for the parameters which y i e l d s t a t i s t i c a l l y the best 
accordance (maximum likelihood (10)) between the twenty i n t e r 
polated and calculated responses. 

For the simulation of the reactor behaviour the system of 
ordinary d i f f e r e n t i a l equations was integrated by means of a 
Runge-Kutta-Merson method with variable step length, whereas the 
nonlinear algebraic equations were solved by a Newton-Raphson 
i t e r a t i o n . 

Kinetic Rate Equation and Heat Transfer Coefficients. 
Kinetic rate equations of differ e n t complexity with 2 to 8 
parameters were tested for the simulation of the reactor behaviour. 
F i n a l l y , the semi-empirical three parameter rate equation 20) was 
chosen for the simulation because rate expressions of higher 
complexity yielded no better simulation of the reactor behaviour 
and showed larger correlations between the estimated parameters 
i n the given ranges of the process variables. 

Α ·10~ 3 (Ρ /Ρ ) 
RG(T,P ) = i i — i — (20) 

1 + (Ρ /Ρ ) exp [A -10 J(1/T- 1/A -10^)] 
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The heat transfer c o e f f i c i e n t h and k used i n the two-
w e 

dimensional model were estimated simultaneously with the k i n e t i c 
parameters and were checked by an independent estimation from 
experiments without reaction i n which methylcyclohexane was 
substituted for toluene. Within the confidence l i m i t s both type 
of experiments led to similar heat transfer c o e f f i c i e n t s . 

Comparison of Measured and Calculated P r o f i l e s . In order to 
compare the measured time p r o f i l e s shown i n Figure 3 with the 
calculated time p r o f i l e s , the former were a x i a l l y and r a d i a l l y 
interpolated to obtain the corresponding p r o f i l e s at the c o l l o 
cation points. Figures 5.a) and b) show the measured (I) and 
calculated (II) time p r o f i l e s for the a x i a l and r a d i a l c o l l o 
cation points, respectively

The parameters estimate
used for the simulation were A^ = 5.0 mol/kg s (46); A^ = 6.0 Κ 
(68); A 0 = 4.23 Κ (426); h = 158 J/m2s Κ (27); k = 0.87 J/m s Κ J w e 
(26). The values given i n parentheses are the t-values of the 
estimated parameters. The comparative results shown i n Figure 5 
indicate that the reactor behaviour could be simulated 
excellently with the presented model. 

Conclusions 

The presented dynamic investigation method employing forced 
uncorrelated changes of the process variables allows a more 
e f f i c i e n t modelling of the dynamic behaviour of a fixed bed 
reactor p i l o t plant than results when only one process variable 
i s changed at a time. Models for the reactor simulation can be 
developed with data collected from only one or a few experimental 
runs with simultaneous uncorrelated changes of the process v a r i 
ables. A necessary requirement for the application of the 
presented method i s , however, that the temperature and concen
tra t i o n p r o f i l e s can be measured i n the reactor. The method 
described may be p a r t i c u l a r l y useful for the investigation of 
i n d u s t r i a l p i l o t plant reactors since many problems linked with 
reactor design and control can be studied more e f f i c i e n t l y . 
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Ο 1 Ï5Ô 1 2ÔO 2feO Ο 1 ϊ δ δ ' 2 Ô O 250 
TIME (minutes ) TIME (minutes) 

° ' Ï3Ô ' 2ÔO 2èO Ο ' Ï5Ô ' 2ÔO 250 
TIME (minutes) TIME (minutes) 

Figure 5. Comparison of measured profiles interpolated at the collocation points 
(left) and calculated profiles (right). Ranges of variables are the same as in Figure 
3. Key: a, time profiles for temperature and concentration at axial collocation 

points; and b, time profiles for radial collocation points. 
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Legend of Symbols 

A^ k i n e t i c parameter, mol/kg s 
A^ k i n e t i c parameter, Κ 
A~ k i n e t i c parameter, Κ 

3 
C toluene concentration, mol/m 
c s p e c i f i c heat of catalyst, J/kg Κ ρκ. 
c s p e c i f i c heat of f l u i d , J/kg Κ 

P . 2 
ra d i a l e f f e c t i v e d i f f u s i v i t y , m /s 

h c o e f f i c i e n t for heat transfer through reactor 
W 2 

wall, j/m s Κ 
ΔΗ^ reaction enthalpy, J/mol 
k^ r a d i a l heat conductivity i n catalyst bed, 

J/m s Κ 
L ax i a l distance between the two r a d i a l p r o f i l e 

measuring devices, m 
P T toluene p a r t i a l pressure, bar 
P T mean toluene p a r t i a l pressure, bar 
r r a d i a l coordinate, m 
R radius of reactor tube, m 
RG reaction rate, mol/kg s 
t time coordinate, s 
Τ temperature, Κ 
u s u p e r f i c i a l gas vel o c i t y , m/s 
ζ axia l coordinate, m 
VIZ, V1R, V2R d i f f e r e n t i a t i o n weighting factors (7) 
ε bed porosity 

3 
p„ density of f l u i d , kg/m 

F 3 
p^ apparent density of catalyst, kg/m 
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3 
Direct Reduction of Iron Ore in a Moving-Bed 
Reactor: Analyzed by Using the Water Gas 
Shift Reaction 

R. HUGHES and Ε. Κ. T. K A M 

University of Salford, Department of Chemical Engineering, Salford M5 4WT, England 

A model fo r th  d i r e c t reductio f iro  in a 
moving bed has
for the water ga  equilibriu
uction by the species H 2 and CO. Inclusion of this 
equilibrium has been shown to enhance reduction 
especially at the high conversions required.Increase 
of operating temperature can give decreased conver
sions. 

One of the more important alternatives to the bla s t furnace 
for the production of iron i s di r e c t reduction of p e l l e t i s e d ore 
i n a shaft reactor. The reducing gas mixture i s usually obtained 
by steam reforming of natural gas and flows upward,countercurrent 
to the downward flow of s o l i d s . Sponge iron obtained by di r e c t 
reduction may be used d i r e c t l y i n arc furnaces for s t e e l prod
uction. 
Previous studies of dire c t reduction on iron ore p e l l e t s have been 
reviewed by Themelis(l), Bogdandy(2) and Huebler(3). Work on red
uction by mixtures has been reported by Szekely(4) and Hughes et 
al ( 5 ) . Modelling studies on countercurrent moving bed systems have 
been reported by Spitzer(6) for isothermal reduction i n hydrogen, 
by Mil1er(7) for non-isothermal reduction i n carbon monoxide and 
more recently by Tsay et al(8) and Kam and Hughes(9) for C0/H2 
mixtures. However, since iron i s known to be a catalyst for the 
water gas s h i f t reaction, this reaction w i l l influence the gas 
composition and therefore the extent of reduction. None of the 
previous analyses have considered this aspect and the objective 
of the present paper i s to account for the ov e r a l l reduction by 
inclusion of this reaction. 

Mathematical Formulation 

The water gas s h i f t reaction occurs on or within the iron 
oxide p a r t i c l e and therefore a heterogeneous model i s employed 
using separate balances f o r the pe l l e t s and the reactor. 

0097-6156/82/0196-0029$06.00/0 
© 1982 American Chemical Society 
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Single p e l l e t reduction. The reduction occurs at high temp
eratures and a shrinking core model i s appropriate as confirmed 
experimentally(5). Removal of oxygen occurs at the advancing 
interface while the water gas s h i f t reaction occurs i n the outer 
layer of reduced iron. The mechanism of the water gas s h i f t re
action i s thought to be (10,11) between adsorbed oxygen and CO on 
the active surface of the product iron, i . e : 

K f UC0 0(ads) 'co„ (1) 

or i n terms of the equilibrium constant, Κ 

R = k w 
"CO H20 

CH 

'CO. 
(2) 

with the rate constant k given by k=5.6xl0 Τ exp 
The overall reduction scheme can be simplified to the three 

reactions:-
3C0 + F e 2 0 3 

3H 2 + F e 2 0 3 

CO + H 20 

2Fe + 3C0 2 

2Fe + 3H20 
^ H 0 + C0 n 

At the interface 
In the iron layer 

2 ' ~ 2 

Since the reducing gas flow i s very high ( t y p i c a l l y 1800 m / 
tonne of product), i t i s assumed that the bulk of the mass trans
fer resistance i s within the p e l l e t . 

Under these conditions, the dimensionless material balance 
for hydrogen i n the p e l l e t i s 

v 2 y H 2
 = <f>V < 3 ) 

and for the other species 
u2 j2 . 
V y i = " W H 2 - i Φ y * 

where y* 
YH 2

yH 20 7co2 and w i s the d i f f u s i v i t y of species H 7 CO w " 2 - i 
i i n the mixture, m, r e l a t i v e to that of H2, i . e . 

De. i-m 
De H2-m 

prefaced by a negative sign for reactants and vice versa, and 
C0„ φ 2 = k Sp(r ) 2/De„ . 

ο H2-m 
The species i can be H2>CO,H20 or — ^ 

The multi-component d i f f u s i v i t i e s i n the gas mixture can be 
approximated by the modified Stefan-Maxwell equations(8,90 i . e : 
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De. i-m ι—, η (y.N.-y.N.)-r 
£ Q _ + y y * J J 1 I 
τ D.„ Η Λ D.. 

£iK J=l l j J 

(5) 

At the reaction interface 6* between the ore and iron layers, 
using the pseudo steady state assumption the dimensionless 
material balances may be represented by 

~ 3 δ ~ 

^co 

••- w. 
δ=δ* 

δ=δ* 
= - w. co-co„ 

H 20 
Η 2-Η 20 3δ 

= Da^ 
δ=δ* H 2 

δ=δ* CO 

yH 20 

\ K e H 2 

'CO K, «C0 

(6) 

The D i r i c h l e t boundary conditions apply to eqns (6) and (7) 
since external mass transfer i s neglected. F i n a l l y , the dimension-
less expression for the rate of advance of the interface i s : 

36* 
3τ 36 

= Da„ 

3y, 
δ=δ* 

y H -

H 2 -CO 
CO 

36 δ=δ* 

yH 2o 

'2-1 
+ D aC0 WH 2-CO rco 

yC0 2 

C eC0 
(8) 

Counter-cur rent moving bed In this reactor solids flow i s down
ward with the oxide concentration Cg | at the top of the reactor. 
The gaseous species flow upwards with a bottom (i n l e t ) concent
ration of Cg 

£=0 
Other assumptions are: 

£=0 

1) 

2) 
3) 
4) 

Steady state isothermal operation (this may be assumed 
because of the balance between exothermic CO reduction 
and endothermic H 2 reduction). 
Plug flow for both gas and s o l i d streams. 
Uniform motion of the s o l i d p e l l e t s with constant voidage. 
Pelle t s are spherical i n shape and a shrinking core,sharp 
interface model i s assumed for the p e l l e t reduction(8y 9 ). 
For the gas species, the dimensionless continuity eqtns are: 

3y° 

3ξ 
= σ ( δ * ) ' 

9yH 2 

δ=δ* 

ay, CO _ ,r*>2 
= σ WH 2-CO (6*> 

CO 
3 ξ 36 δ =δ* 

(9) 

(ΙΟ) 
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and for the s o l i d phase 

Br* 
I F = Ω 

Ή . ay, 
+ w CO 

where 

and 

"6=6* 

3(1-ε') D, 

H2-CO do 
6=6* 

(11) 

eH2-m 

Ω = 

(r ) 2 U ο g 

CTO De H 2-m L 

(Ρ xb)(r ) 2U o o
It should be noted the
dependent on D e „ 

2""̂  
Method of solution. A t r i a l and error method was used to 

solve the mass continuity equations for one of the species (e.g. 
CO) i n the single p e l l e t balances. To do t h i s , expressions for 
other species i n terms of yco are derived through the water gas-
s h i f t reaction and the reactions at the interface, i . e : 

° 0 

YH 20 YH 20 WH 2-H 20 ( y H 2 

rco„ 

YH ) 
H2 

_ ο . ο . 
yco 2

 wco-co2

 Yco ~ yco 

(12) 

(13) 

y = y + w (y 
JE2 *E2 CO-H2

 X*C0 y ) + δ*(δ*-ΐ) 

86 6=6* + wCO-H„ 
CO 

36 6=6* 
(14) 

In order to simplify the procedures for solving the water gas-
s h i f t reaction i n the single p e l l e t , an average value of the con
centration for each of the reducing gases i s employed, i . e : 

Y H = ° - 5 ( Y H + Y H > 
H2 H2 H2 

*bo" 0 . 5 <y° 0 + y c o ) 

(15) 

(16) 

Further s i m p l i f i c a t i o n can be achieved by l i n e a r i s i n g the water 
gas-shift reaction rate, and using Taylor's series expansion the 
flowing expression for the s h i f t reaction can be obtained 

\ = *1 *C0 - *2 y H 2
 + *3 (17) 
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where the l i n e a r i s a t i o n constants are 
y H ο »coco2 (18) 

rCO 

y~ 
H2 

y c o 

W 1 + * i y c o 

(19) 

(20) 

Hence, the line a r i s e d form of eqtn.(4) i n terms of CO becomes 

V yC0 = ν Η 2 ^ 0 Φ 

An a n a l y t i c a l solution of the above equation can be obtained as 

yC0 δ* a ^ i n h i i ^ 6*)+a 2cosh(^a^ δ*) - — 
Ύο-Ι Y, 

± (22) 
Ύ 1 

where 

and 

γ2 

CO-Η, 

CO-Η, 

*1 + W H 2 - C 0 * 2 

φ {ψ9(δ*)(δ*-1) 
yH2 *y, 

+ w CO 
δ=δ* 

WCC-H 2 * W Î , + W H 2 - C 0 ^ 0 ) 

H„-C0 36 δ=δ* 

and 0 ^ and a 2 are integration constants which can be derived from 

the boundary conditions at the interface. 
The procedure for the solution of the above set of equations 

i s as follows: 

(1) values of δ* are selected 
(2) a value of y C Q at δ* i s assumed 

(3) y„ » y n . and y are calculated from eqtns.(12-14) 
H2 H 2 ° C ° 2 

(4) the multi-component d i f f u s i v i t i e s i n the bulk, at the i n t e r 
face and the mean values are calculated 

(5) y c o i s calculated from eqtn.(22) and compared with the 
assumed value of y i n step (1). Steps (2) to (5) are 
repeated u n t i l agreement i s attained 

(6) the time required for the interface advancement v i a eqtn. 
(8) i s obtained, and 

(7) steps (1-6) are repeated u n t i l the process i s completed. 
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The solution procedure for the moving bed has been described i n 
d e t a i l elsewhere(9). The two point boundary value problem i s 
solved by a predictor-corrector procedure on the missing boundary 
at the top of the reactor u n t i l agreement with the i n l e t gas 
composition at the base of the reactor i s achieved. 

Results and Discussion. Some experimental results on H2/CO 
mixtures with no added CO2 or H2O, were available from previous 
work (12) using a high purity p e l l e t i s e d ore (Carol Lake). A 
comparison of the experimental and predicted r e s u l t s using the 
water gas s h i f t reaction at a s o l i d conversion of 50% i s given i n 
Table I below. 

"Table I" 
V 100 80 50 

C0% 
Exptl (min) 12 21 31 
Predicted (min) 14 19 25 

Experimental resu l t s were not available for CO r i c h mixtures, 
but the agreement i s seen to be adequate. Better agreement might 
have been obtained i f the experimental gas mixture had contained 
both CO2 and H2O, instead of just CO and H 2 . Because i n single 
p e l l e t s experiments, there i s l i t t l e opportunity for an e q u i l 
ibrium i n the gas mixture to be attained, single p e l l e t results 
are not generally indicative of o v e r a l l reactor behaviour. 

A parametric study of moving bed behaviour has been under
taken. The s o l i d p e l l e t s are assumed to be preheated to the app
ropriate reduction temperatures before entering the reaction zone 
of the reactor. Although t h i s neglects the so l i d s preheat zone, 
th i s can easily be included i n the model i f required. The present 
study therefore i s focussed on the reaction zone i t s e l f where the 
important parameters of gas and s o l i d flow rates, gas i n l e t temp
erature and gas mixture composition are considered. Reactor length 
i s also of major importance but i n the present paper t h i s has been 
fixed at lm i n order to obtain comparative data. 

Modelling studies for the moving bed were made at two gas 
compositions, a hydrogen r i c h composition containing 50% H2 and 
20% CO with 10% H2O and 5% C02# and a CO r i c h gas mixture con
taining 50% CO and 20% H2 with 5% H2O and 20% C02. Most resul t s 
were obtained with the l a t t e r mixture, which i s representative of 
gas produced from coal g a s i f i c a t i o n , which i s l i k e l y to have a 
major application for reduction processes i n the future.Pellets of 
8mm diameter were modelled unless otherwise indicated.Temperatures 
were varied from 873 to 1273K while gas flows and s o l i d flow rates 
are t y p i c a l of those used commercially. 

Figure 1 shows the e f f e c t of gas flow rate predicted by the 
model on the s o l i d conversion for a CO r i c h gas mixture. Three gas 
flow rates of 9,7 and 5 m/s are shown. Also i l l u s t r a t e d i s the 
predicted conversion for the model which does not include the 
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water gas s h i f t reaction (for a gas flow rate of 7 m/s) , The fi n a l 
conversion i s seen to be 58.5% when the water gas s h i f t reaction 
i s neglected but 70% when t h i s i s included.Furthermore, the shape 
of the curve i s d i f f e r e n t ; the curve i n which the water gas s h i f t 
reaction i s neglected being convex towards the conversion axis, 
whereas when the water gas s h i f t reaction i s included t h i s does 
not happen and indeed at higher flow rates the curve becomes con
cave to the conversion axis. This i s especially pronounced for the 
5 m/s flow rate and demonstrates the e f f i c i e n c y of the water gas 
s h i f t reaction i n promoting conversion. 

An increase i n gas flow rate gives a greater f r a c t i o n a l con
version of the i r o n ore. This e f f e c t i s not due to increased mass 
transport with increasing flow as the calculated Sherwood number 
i s 500, j u s t i f y i n g neglect of t h i s i n the model. The most probable 
reason for increased conversio
as the gas flow increases
higher r e l a t i v e concentration contacting the ore i s increased. 
Hence, a faster rate of reduction ensues. 

The e f f e c t of s o l i d flow rate i s i l l u s t r a t e d i n Figure 2 for 3 
s o l i d flow rates of 1.5, 2.0 and 2.5xlO~ 4 m/s respectively.Also 
shown by the broken curves are results when the water gas s h i f t 
reaction i s not included. I t can be seen that when the s o l i d con
version i s large (solids flow 1.5xlO~ 4 m/s) the enhancement of 
conversion by the water gas s h i f t reaction i s considerable giving 
99% conversion of s o l i d under these conditions, compared to only 
75% i f the water gas s h i f t process i s neglected. At larger flow 
rates, where the conversion i s less , the ef f e c t of the water gas 
s h i f t reaction becomes less important. Again, i t can be noted 
that for the water gas s h i f t , the X vs ξ curves, a f t e r , an i n i t i a l 
convex behaviour (up to ξ= .1) become concave to the X axis 
whereas when t h i s reaction i s not included the X vs ξ curves are 
convex to the X axis throughout. For both models, increase i n 
soli d s flow rate results i n a decreased solids conversion as would 
be expected. 

The influence of gas i n l e t temperature on the reduction was 
also studied. In studies of single p e l l e t reduction by either pure 
gases of gas mixtures an increase i n reaction temperature w i l l 
normally r e s u l t i n an increased oxide conversion.However, i n the 
present study, i n a moving bed with either a H2 r i c h or CO r i c h 
reaction mixture the reverse e f f e c t was observed. That for a CO 
r i c h mixture i s shown i n Figure 3 where the broken curves also show 
the predicted curves when the water gas s h i f t reaction i s ignored. 
The l a t t e r results confirm the conclusions already made,that when 
conversions are high the water gas s h i f t reaction enhances the 
reduction.However,for both cases, a more general conclusion i s 
also obtained i . e . , the conversion decreases with increasing op
erating temperature. The extent of the decrease i n conversion with 
temperature was found to be less for the H2 r i c h mixture, as shown 
i n Fig.4 where a comparison i s made with the CO-rich mixture for 
10mm diameter p e l l e t s . I f a H2 r i c h mixture had no CO2 present and 
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Figure 2. Effect of solids velocity, Ua, on conversion in α CO rich mixture. Num
bers on curves are solid velocities (ΧίΟ'4 m/s). Key: , water gas shift reaction 

included; and , water gas shift reaction excluded. 
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Figure 3. Effect of T0 on conversion in a CO rich mixture. Key: , water gas 
shift reaction included; and , water gas shift reaction excluded. 

Figure 4. Effect of gas composition and T0 on conversion. Key: , CO rich 
mixtures; and , Hx rich mixtures. 
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the water gas s h i f t reaction was neglected,then an increased 
conversion with increasing temperature was predicted.The dec-
creased conversion at higher temperatures observed i n Figs.3 and 
4 i s due to the influence of temperature on the equilibrium con
stant for the CO reduction.This decreases with temperature (CO 
reduction i s exothermic) while the H2 reduction equilibrium 
constant increases with temperature (reduction i s endothermic). 
Thus, at higher temperatures, the reaction of any C02 present 
with the reduced iron to produce oxide i s favoured and t h i s 
r e s t r i c t s the o v e r a l l reduction by both H2 and CO i n the mixture 
and hence the f r a c t i o n a l conversion i s reduced. 
Legend of Symbols 
b stoichiometric c o e f f i c i e n t 
C i concentration of species i 
DaH2/Daco Damkohler number,define
De^ ef f e c t i v e d i f f u s i v i t
D i K Knudsen d i f f u s i v i t y of species i 
Di-m molecular d i f f u s i v i t y , s p e c i e s i i n mixture m 
k rate constant 
K w water gas s h i f t equilibrium constant 
KecO'^Ho equilibrium constant for CO or H2 reduction 
r 0 , r * p e l l e t radius, radius of reaction interface i n p e l l e t 
RW' RH2' RC0 r a t © of water gas s h i f t reaction,H 2 reduction,CO 

reduction,respectively 
5 surface area of p e l l e t 
u g ^ u s 9 a s solids v e l o c i t y , respectively 
y dimensionless concentration 
X solids conversion i n bed 
ξ dimensionless bed length 
δ,δ* dimensionless p e l l e t radius,reaction radius respectively 
ρ p e l l e t density 
ε' bed voidage 
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A Simulation of Coke Burning in a Fixed-Bed 
Reactor 

W.-K. LIAW, J. VILLADSEN, and R. JACKSON 

University of Houston, Department of Chemical Engineering, Houston, TX 77004 

In many c a t a l y t i
tures coke is deposite
sequently be removed. This paper describes a mathe
matical model and associated computer simulation of 
the oxidation of coke from a fixed bed of catalyst, 
using nitrogen containing a small proportion of oxy
gen. 

A r e l i a b l e simulation is important, for example, 
in planning coke burning from c a t a l y t i c reformers, 
where excessively high temperatures can cause s i n t e r 
ing of metal crystallites. 

We consider the situation i n which coke i s oxidized from a 
fixed catalyst bed by oxygen i n low concentration i n a nitrogen 
stream, as i n c a t a l y t i c reforming. It i s important to be able 
to predict temperatures attained during burning i n order to 
achieve a quick burn without sintering metal c r y s t a l l i t e s on 
the catalyst. 

This problem was addressed by Van Deemter [1], who assumed 
a constant burning rate to obtain a solution i n closed form. 
Later, Johnson et. a l . [2] and Olson et a l . [3] treated high-
temperature, dif f u s i o n controlled burning, where the reaction 
rate depends only weakly on temperature. Both predicted the 
propagation of a sharply defined burn front, but neither gave 
any indication of what might happen at lower temperatures, 
where chemical reaction rate controls. This case was discussed 
by Ozawa [4], who showed that oxidation i s slow and there i s no 
clear burn front. 

In practice i t i s important to simulate the whole range of 
behavior between these extremes, since the disappearance of a 
sharp burn front places a lower bound on operating temperatures. 
One should also be able to simulate the effect of switching i n 
l e t conditions during the burn, which i s necessary i n practice 
to obtain clean catalyst i n a short time. 
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40 CHEMICAL REACTION ENGINEERING 

This paper presents a simulation of coke burning v a l i d for 
a l l i n l e t conditions, and capable of handling any sequence of 
switches i n these conditions. Sample results are presented for 
conditions of interest i n c a t a l y t i c reforming. 

Mathematical Model 

Typical reforming catalyst consists of porous spheres 1.5 
mm i n diameter i n a packed bed about 1 m deep. Regeneration i s 
carried out at about 400 C and 10 atm using nitrogen containing 
0.5-2.0% oxygen. At the start of regeneration the catalyst 
t y p i c a l l y bears 2% coke by weight. For the present purpose the 
coke i s treated as carbon and the C02/C0 ra t i o i n the combustion 
products i s related to temperature as suggested by Arthur [5] 
and Rossberg [6]. 

Then the followin

1) The accumulation term i s neglected i n the oxygen 
balance within a p e l l e t . 

2) The accumulation term i s neglected i n the oxygen 
balance for the flowing gas. 

3) Temperature variation within a p e l l e t i s neglected. 
4) Energy accumulation terms associated with the gas are 

neglected compared with those associated with the s o l i d . 
5) Lateral composition and temperature variations vanish 

and a x i a l dispersion of heat and matter i s neglected. 
6) . Physical properties are a l l evaluated at gas i n l e t 

conditions, since percentage variations i n gas com
position and absolute temperature are small. 

Adopting these approximations, and assuming that the rate 
of coke burning i s given by 

R - K(T )c c - A exp(-E/RT )c c (1) c S OS c r s o s c 
equations describing the behavior of a catalyst p e l l e t can be 
written i n the following dimensionless form. 

t 3f 
γ- 3ΪΤ - - f

c
f s f g e x p [ X ( l - l / 0 s ) ] , with fQ = 1 at τ = 0 (2) 

s 

7 h [*2 ττ) - a / f c f
s «ρΐλα-ι/β.)] = ο. Ο ) 

with 3f /3s - 0 at s = 0 and 3f /3s = Bi (1-f ) at s - 1 s s m s 
and t, 3Θ 

~~~ -ς-β- « H (θ - θ ) + 3, Danf , with θ = θ at τ=0 (4) t 3τ p v g s' h g* s so 
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These represent a coke balance, an oxygen balance and an energy 
balance, respectively. 

The p e l l e t equations are coupled to the following material 
and energy balances for the flowing gas 

3f 
-S- 2 - = -Danf , with f = 1 at χ = 0 (5) 
3x g g 
8Θ 
-τ - 4 = Η (θ - θ ), with θ = 1 at χ = 0 (6) 3x Ρ s g 7 ' g 

Equations (2)-(6) are the working equations of the model, 
but a further s i m p l i f i c a t i o n was also investigated, i n which 
the temperature differenc
neglected. Then (4) an

V t ΛΛ vt 
ΟΌ S ΟΌ S Q _ - / 7 x 
3 7 + — 9x = ~ L ~ η g ( 7 ) 

while the other equations remain unchanged. The model described 
by equns. (2)-(6) w i l l be ca l l e d the heterogeneous model, while 
that i n which equns. (4) and (6) are replaced by (7) w i l l be 
called the pseudo-homogeneous model. 

Details of the numerical solution procedure are given else
where [7] but we mention that equn. (3) i s solved for f by 
orthogonal collocation and the resulting p r o f i l e i s usel i n c a l 
culating the effectiveness factor η. The remaining equations 
are then integrated by f i n i t e difference methods. At high tem
peratures, where the burning i s di f f u s i o n controlled, the coke 
p r o f i l e within a p e l l e t has the "shrinking core" form, and 
orthogonal collocation does not reproduce this very accurately. 
Nevertheless, experience suggests i t s t i l l gives a good estimate 
of the effectiveness factor. 

In the pseudo-homogeneous model equn. (7) i s written i n 
char a c t e r i s t i c normal form 

. Zh A d9 u h 
s h g s 

When integrating, the increments i n τ and χ are related as above 
so as to follow the development of θ along the chara c t e r i s t i c s . 
Though the pseudo-homogeneous model gives shorter solution times 
we s h a l l see that i t introduces s i g n i f i c a n t error i n θ i n cer
tai n circumstances. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



42 CHEMICAL REACTION ENGINEERING 

Results 

The following results refer to a bed 0.91 m deep containing 
spherical catalyst pellets of diameter 1.52 mm, with porosity 
0.4 due to pores of diameter 75 A and tortuosity factor 3.5. 
The gas pressure i s 10 atm. 

Before regeneration the catalyst carries 2% wt. coke d i s 
tributed uniformly throughout the p e l l e t s , and the whole bed i s 
at the i n l e t gas temperature. 

Figs. 1 and 2 show coke concentration and temperature pro
f i l e s for burns with a gas flow of 780 kg/m h containing 0.5 
mole % oxygen. Results are presented for i n l e t temperatures of 
316C, 343C, 371C and 399C. The continuous lines correspond to 
the pseudo-homogeneous model and the broken lines to the hetero
geneous model where th

At an i n l e t temperatur
controlled and a sharp front separating burnt and unburnt regions 
rapidly forms, then moves along the bed at constant velocity 
without change of form. Correspondingly, there i s a sharp oxygen 
breakthrough as the burn front leaves the bed. Early i n the 
burn a well-defined temperature wave forms, whose leading edge, 
moving with the velocity of thermal disturbances, quickly passes 
out of the bed, while the t r a i l i n g edge moves through the bed 
with the burn front. 

At 316C i n l e t temperature, reaction rate controls, and the 
coke oxidizes slowly everywhere i n the bed. There i s no d i s 
cernable temperature wave and a s i g n i f i c a n t concentration of 
oxygen leaves the bed throughout the burn. 

Behavior intermediate between these extremes i s found at 
343C i n l e t temperature. The coke concentration p r o f i l e s pass 
through minima within the bed because of the competing i n f l u 
ences of r i s i n g temperature and decreasing oxygen concentration. 

Clearly, burning should be performed at a temperature high 
enough to give a sharp burn front, but alone this i s s t i l l not 
s u f f i c i e n t to reduce the coke to an acceptable l e v e l i n a short 
time, for two reasons. F i r s t , the rate of coke burning decreases 
markedly when the center of the burn front passes out of the bed 
and, second, coke consists of a mixture, some of whose components 
burn much more slowly than the others. Consequently, i t i s 
common to switch to more severe conditions for a period of 
secondary burn following the primary burn. 

This situation can be modeled simply by regarding a small 
proportion of the t o t a l coke as "refractory coke", with a much 
smaller burning rate constant. Then the consequences of switch
ing to secondary burn conditions are i l l u s t r a t e d by Figs. 3 and 
4. Curve 0 i n Fig. 3 shows the average coke concentration i n 
the bed, as a function of time, for a primary burn with a gas 
flow of 1173 kg/m h at 399C and containing 0.5% oxygen. A 
frac t i o n 0.05 of the t o t a l coke i n i t i a l l y present i s assumed 
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TIME (hr) = 0.25 TIME (hr) * I 

UJ 
TIME (hr) = 5 TIME (hr) = 9 

Ο 

DIMENSIONLESS DISTANCE, χ 

Figure 1. Coke concentration profiles in a primary burn. Curves 1, 2, 3, and 4 
correspond to inlet temperatures of 316,343,371, and 399°C, respectively. 
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TIME (hr)*0.25 TIME (hr) = I 

DIMENSIONLESS DISTANCE, χ 

Figure 2. Temperature profiles in a primary burn. Curves 1, 2, 3, and 4 corre
spond to inlet temperatures of 316, 343,371, and 399°C, respectively. 
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TIME (hr),t 

Figure 4. Maximum temperature in bed, with a switch to secondary burn condi
tions. 
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to be refractory coke, with a rate constant one tenth that of 
the remainder. Curve 1 shows the effect of switching the i n l e t 
oxygen concentration to 2% at 5.8 hours, while curve 2 corres
ponds to a change i n both oxygen concentration and i n l e t tempera
ture at this time, to 2 mole % and 427C, respectively. In this 
case the burn i s v i r t u a l l y complete within seven hours. The max
imum temperature i n the bed i s shown i n Fig. 4, and the maximum 
temperature reached after the switch never exceeds the highest 
temperature i n the primary burn. When both temperature and 
oxygen concentration are switched there i s a double peak i n the 
maximum temperature curve. The f i r s t corresponds to coke burn
ing due to the increased oxygen concentration, while the second 
i s associated with the temperature wave generated by the switch 
i n i n l e t temperature. 
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Legend of Symbols 

A frequency factor for rate constant 
Bi biot number for mass transfer: K r /D m m ρ e 
c c coke concentration i n catalyst (mole/vol) 
c i n i t i a l coke concentration i n catalyst 
co 

Cog oxygen concentration i n flowing gas (mole/vol) 
c Q ^ i n l e t gas oxygen concentration (mole/vol) 
C Q S oxygen concentration i n gas within p e l l e t (mole/vol) 
Cg s p e c i f i c heat of gas 
C g s p e c i f i c heat of s o l i d 
Da Damkohler number: α (l-e v)LK(T . )c /V 

c b g i co ο 
D g e f f e c t i v e d i f f u s i o n c o e f f i c i e n t of oxygen i n p e l l e t 
Ε activation energy for rate constant 
f dimensionless coke concentration: c /e c c co 
f dimensionless oxygen concentration i n flowing gas: 

g c /c . 
O g O l 

f g dimensionless oxygen concentration i n p e l l e t : 
c /c os og 

Η dimensionless heat transfer factor: 
3 < 1 - e b ) L K h / V o P 8 C g r p 
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(-AHc) heat of combustion per mole coke burned 
K(T g) rate constant for coke burning 

heat transfer c o e f f i c i e n t from p e l l e t to flowing gas 
K m mass transfer coe f f i c i e n t from p e l l e t to flowing gas 
L t o t a l depth of bed 
r r a d i a l distance from center of p e l l e t 
r p e l l e t radius 
R molar gas constant 
R c rate of oxidation of coke (moles/vol. time) 
s dimensionless r a d i a l distance: r / r 

t time 
t, thermal residence time: (l-ε, )Lp C /V ρ C h v b s s o"g g 
t gas residence time: ε, L/V m b o 
t characteristic reaction time: 1/K(T ,)c . r v g i ' o i 
t a r b i t r a r i l y chosen time unit 

flowing gas temperature 
T g i i n l e t gas temperature 
T g p e l l e t temperature 
T g o i n i t i a l p e l l e t temperatui 
ν thermal pulse v e l o c i t y : L/t h 
V q gas s u p e r f i c i a l velocity at i n l e t conditions 
χ dimensionless distance down bed: z/L 
ζ distance down bed 

moles oxygen consumed per mole coke burned 
3, dimensionless heat of combustion: (-ΔΗ )c ./α ρ C Τ . h c o i c g g g i 
ε, void fraction of packed bed -

f 3 
η effectiveness factor: exp [λ(1-1/θ )] f f ds" 

s Jo ° 
θ common value of and 0 g i n pseudo-homogeneous model 
9g dimensionless gas temperature: Τ / ^ 
6 g dimensionless s o l i d temperature: T

g / T g i 
λ dimensionless activation energy: E/RT^ 
ρ^ gas density 
p e s o l i d density 
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τ dimensionless time: t / t 
s φ Thiele modulus: r K(T ,)c /D γ ρ g i co e 
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5 
Impact of Porosity and Velocity Distribution on 
the Theoretical Prediction of Fixed-Bed Chemical 
Reactor Performance 
Comparison with Experimental Data 

D. VORTMEYER and R. P. WINTER 
Fakultät für Maschinenwesen, Technische Universität München, 
Arcisstrasse 21, 8000 München 2, Federal Republic of Germany 

Due to porosit  change d  th  nonsli
condition at th
rosity profi les in packed beds exhibit 
steep maxima close to the wal l . The govern
ing equations of energy and mass conserva
tion were solved for fixed bed chemical 
reactors including these prof i l e s . Under 
the assumption of non uniform flow the 
problems become two-dimensional also under 
adiabatic conditions. In all cases the 
agreement between available experimental 
data and theoretical predictions based on 
realistic flow conditions is improved. In 
particular measured and calculated moving 
speeds of migrating reaction zones fit to
gether very well for adiabatic fixed bed 
reactors. Also considerable improvements 
concerning multiple steady states, temper
ature profi les and conversion rates were 
obtained in situations when the reactor 
was wall cooled. 

In f i x e d bed c h e m i c a l r e a c t o r a n a l y s i s i t i s common 
to assume u n i f o r m f l o w d i s t r i b u t i o n w i t h i n the bed. The 
r e a l i t y however i s d i f f e r e n t . Due to a change of the 
average p o r o s i t y near the w a l l [ 1 , 2 , 3 ] , ( F i g u r e 1.) -
ε=1 at the w a l l - the f l o w v e l o c i t y i n c r e a s e s u n t i l 
c l o s e to the w a l l and i s re d u c e d a g a i n because of the 
non s l i p c o n d i t i o n ( F i g u r e 2.) The a r t i f i c i a l f l o w p r o 
f i l e i s d e s c r i b e d by the Brinkman e q u a t i o n 

I = - 1 5 0 ^ - L75 ρ »2 ψ Ι . Α . Α. ( η i i L , ( 1 ) 

àz a e 3 d p 2 9 £ 3 d p r dr 9 dr 

B.C. Ζ = 0 : ρ = ρ 0 ; Γ = 0 : s 0 ; Γ « R : U = 0 ; 
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which c o n t a i n s the w a l l f r i c t i o n and the Ergun p r e s s u r e 
l o s s term. A l t h o u g h E q u a t i o n ( 1 ) i s a s i m p l e d i f f e r e n 
t i a l e q u a t i o n so f a r our e f f o r t s had f a i l e d to s o l v e 
t h i s e q u a t i o n i n c l u d i n g ε=1 at the w a l l because of nu
m e r i c a l i n s t a b i l i t i e s . We do not know about the s u c c e s s 
of o t h e r groups w o r k i n g i n t h i s f i e l d however, so f a r 
i n l i t e r a t u r e s o l u t i o n s a r e p u b l i s h e d f o r c o n d i t i o n s 
o n l y s e t t i n g the p o r o s i t y a t the w a l l to a v a l u e say of 
ε=0.5 or 0.6. T h e r e f o r e , S c h u s t e r and Vortmeyer [4] r e 
c e n t l y f o r m u l a t e d the e q u i v a l e n t v a r i a t i o n a l p r oblem by 
m i n i m i z i n g the energy d i s s i p a t i o n w i t h i n the bed. For 
d e t a i l s we r e f e r to [ 4 ] . The s o l u t i o n of the v a r i a t i o n 
a l p roblem was o b t a i n e d w i t h o u t d i f f i c u l t i e s and F i g u r e 
2 shows a t y p i c a l c a l c u l a t e d f l o w p r o f i l e . To our s u r 
p r i s e the c a l c u l a t e
d i f f e r e n t from the mai
( F i g u r e 2 ) , [5,6] which were taken some m i l l i m e t e r s 
above the e x i t c r o s s e c t i o n of the f i x e d bed w i t h i n the 
empty tube. Comparing a measured and c a l u c u l a t e d p r o 
f i l e i n F i g u r e 2 we f i n d t h a t the c a l c u l a t e d maximum 
f l o w v e l o c i t y i s much h i g h e r than the measured one and 
t h a t a l s o the c a l c u l a t e d maximum l i e s c l o s e r t o the 
w a l l . O b v i o u s l y the f l o w p r o f i l e changes r a p i d l y once 
i t has l e f t the f i x e d bed. That t h i s i s i n d e e d t r u e was 
d e m o n s t r a t e d by s o l v i n g the t w o d i m e n s i o n a l N a v i e r -
S t o k e s - E q u a t i o n s f o r the empty tube t a k i n g the c a l c u 
l a t e d f i x e d bed f l o w p r o f i l e as the e n t r a n c e p r o f i l e 
[ 4 ] . 

I t i s i n t e r e s t i n g t o note t h a t the measurements of 
P r i c e [7] now appear i n a new l i g h t . P r i c e d e v i d e d the 
e x i t c r o s s e c t i o n of the packed bed i n t o c o n c e n t r i c 
c i r c l e s and measured f l o w v e l o c i t i e s w i t h i n the r a d i a l 
l y s h i e l d e d segments. By t h i s method he s u p p r e s s e d the 
r a d i a l f l o w components above the bed and o b t a i n e d p r o 
f i l e s s i m i l a r to the c a l c u l a t e d ones ( F i g u r e 3 ) . In 
p a r t i c u l a r P r i c e a l s o found the maximum v e r y c l o s e to 
the w a l l . 

Comparing the t r u e f l o w d i s t r i b u t i o n i n s i d e the 
bed w i t h the u s u a l l y assumed c o n s t a n t f l o w d i s t r i b u 
t i o n we f e e l t h a t r e a l and assumed f l o w a r e v e r y f a r 
a p a r t i n p a r t i c u l a r f o r s m a l l r a t i o s of tube to p a r t i 
c l e d i a m e t e r . For l a r g e v a l u e s of t h i s r a t i o c e r t a i n l y 
the assumption of c o n s t a n t f l o w i s more r e a l i s t i c . 

A s u r v e y of l i t e r a t u r e e x h i b i t s the f a c t t h a t up 
to now not much a t t e n t i o n has been p a i d to the impact 
of p o r o s i t y and v e l o c i t y d i s t r i b u t i o n on the a n a l y s i s 
of f i x e d bed c h e m i c a l r e a c t o r s . Under n o n - u n i f o r m f l o w 
c o n d i t i o n s Chaudhary et a l . [8] compared measured and 
c a l c u l a t e d c o n c e n t r a t i o n p r o f i l e s f o r an i s o m e r i z a t i o n 
r e a c t i o n i n an i s o t h e r m a l f i x e d bed c h e m i c a l r e a c t o r 
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Figure 1. Porosity distribution in packed 
bed. Key: • , measured by Réf. 1; and; 

, average porosity junction after 
Ref. 4. 

Figure 2. Flow profiles Rep = 600. 
Key: , measured 25 mm above the 
bed (5); and , calculated inside the 

bed after Ref. 4. 
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h a v i n g u n i f o r m and d e l i b e r a t e n o n - u n i f o r m p a c k i n g s . 
B u c h l i n e t a l [9] c o r r e l a t e d the p o s i t i o n of hot s p o t s 
w i t h the p o r o s i t y minimum ( F i g u r e 1) near the w a l l . 
L e r o u and Froment [10] found by c a l c u l a t i o n s t h a t a 
r e a c t o r may i g n i t e under non c o n s t a n t f l o w c o n d i t i o n s 
w h i l e i t i s s t i l l s t a b l e i f c o n s t a n t f l o w i s assumed. 
K a l t h o f f and Vortmeyer [ 1 1 ] , ( F i g u r e 4) found an im
p r o v e d agreement between measured and c a l c u l a t e d ranges 
of m u l t i p l e s o l u t i o n s for non - u n i f o r m f l o w . From the 
p r e v i o u s work t h e r e f o r e can be c o n c l u d e d t h a t n o n - u n i 
form p o r o s i t y and f l o w d i s t r i b u t i o n s e f f e c t the chemic
a l r e a c t o r p e r f o r m a n c e . The q u e s t i o n however, whether 
r e a l improvements are o b t a i n e d has to be s u b j e c t to a 
c omparison of e x p e r i m e n t a l r e s u l t s w i t h c a l c u l a t i o n s . 
On the next pages w
f a r have o b t a i n e d . 

C r e e p i n g Zones In An A d i a b a t i c F i x e d Bed R e a c t o r 

One of the phenomena most s e n s i t i v e to n o n - u n i f o r m 
f l o w d i s t r i b u t i o n s h o u l d be moving or c r e e p i n g r e a c t i o n 
zones which have found much a t t e n t i o n d u r i n g the p a s t 
twenty y e a r s [12-19]. F o r t u n a t e l y a number of v e r y 
a c c u r a t e measurements made by Simon [19] i s a v a i l a b l e . 
S i n c e a l s o the o v e r a l l k i n e t i c d a t a of the i r r e v e r s i b l e 
ethane o x i d a t i o n on s p h e r i c a l Pd - A ^ O ^ c a t a l y s t p a r 
t i c l e s were p u b l i s h e d i n [19] a q u a n t i t a t i v e comparison 
of measurements and c o m p u t a t i o n s can be c a r r i e d o u t . 

The t h e o r e t i c a l a n a l y s i s of c r e e p i n g zones has a l 
ways been performed by assuming c o n s t a n t f l o w c o n d i 
t i o n s i n the packed bed. C o n s e q u e n t l y i n model c a l c u 
l a t i o n s a f l a t r e a c t i o n zone w i l l move t h r o u g h the a d i 
a b a t i c r e a c t o r . However, a f l a t moving temperature p r o 
f i l e i s not i n agreement w i t h e x p e r i m e n t a l f a c t s as ob
s e r v e d by Simon [ 1 9 ] . He found - i f we c o n s i d e r one 
i s o t h e r m - t h a t i n a r e a c t i o n zone moving a g a i n s t f l o w 
i n the c e n t r e of the bed the i s o t h e r m s were ahead. S i n c e 
the e x p e r i m e n t a l c o n d i t i o n s were c l o s e to a d i a b a t i c 
ones, t h e r e i s h a r d l y any i n t e r p r e t a t i o n f o r t h i s ob
s e r v a t i o n on the ground of c o n s t a n t f l o w d i s t r i b u t i o n . 
I f however, the r a d i a l d i s t r i b u t i o n of f l o w i s i n t r o 
duced the bent shape of the r e a c t i o n zone f i n d s a n a t u r 
a l e x p l a n a t i o n . S i n c e moving speed and moving d i r e c t i o n 
of the r e a c t i o n zone are v e r y s e n s i t i v e to the f l o w 
r a t e , t h e r e a r e s i t u a t i o n s where the c e n t r a l f l u i d f l o w 
v e l o c i t i e s a r e such t h a t the r e a c t i o n zone wants to 
m i g r a t e a g a i n s t the i n c o m i n g f l o w w h i l e at h i g h e r v e l o 
c i t i e s near the w a l l , the zone i n t e n d s to move out of 
the r e a c t o r . What r e a l l y happens depends on whether the 
c o n d i t i o n s i n the c e n t r a l or i n the w a l l r e g i o n are 
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Figure 3. Flow profiles. Key: -, measured by Ref. 7; and , calculated 
inside the bed after Ref. 4. 
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Figure 4. Range of multiplicity in a wall cooled reactor. Key: $, ignition 
(measurement); $ » extinction (measurement); , calculated with uniform flow; 
and , calculated with nonuniform flow. (Reproduced, with permission, from 

Ref. 11. Copyright 1979, Pergamon Press, Ltd.) 
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g a i n i n g more weight and on the magnitude of r a d i a l ex
change p r o c e s s e s . 

In p e r f o r m i n g c a l c u l a t i o n s we are c o n f r o n t e d w i t h 
the s i t u a t i o n t h a t a l t h o u g h we have no heat l o s s e s to 
the w a l l the a d i a b a t i c r e a c t o r has to be d e s c r i b e d by 
two d i m e n s i o n a l d i f f e r e n t i a l e q u a t i o n s : The n u m e r i c a l 
s o l u t i o n s were o b t a i n e d on a Cyber 175 w i t h the method 
of f i n i t e d i f f e r e n c e s . 

bJML = . u ( r ) * m - . « v / c ^ (3) 
Ôt 02 

I.C. t = 0 : T = T 0 ; y C 2 H 6 = y C 2 H 6 0 . ^ 

b.c.Z=o= P g u c p g ( T - T 0 ) = x ^ . f ; y C 2 H 6 = y c 2 H 6 . o ; y H 2 o = yH 2 o.o 

z = L : f =0 

Γ =0: | L = 0 r = R : i L s 0 

ôr or 

T h i s s e t of e q u a t i o n s was s o l v e d i n o r d e r to simu
l a t e once more the e x p e r i m e n t a l c o n d i t i o n s and r e s u l t s 
of Simon and Vortmeyer [18] s i n c e these a u t h o r s were 
unable to f i n d a s a t i s f a c t o r y q u a n t i t a t i v e e x p l a n a t i o n 
f o r the d e v i a t i o n s between o b s e r v e d and c a l c u l a t e d mi
g r a t i o n speeds. We have r e p e a t e d the c a l c u l a t i o n s w i t h 
the same k i n e t i c and t r a n s p o r t parameters as i n [18] 
however, w i t h n o n - u n i f o r m f l o w d i s t r i b u t i o n . The e f f e c 
t i v e r a d i a l heat c o n d u c t i v i t y which i n a d d i t i o n had to 
be i n t r o d u c e d was e v a l u a t e d from the r e l a t i o n (5) which 
i s q u i t e o f t e n quoted i n l i t e r a t u r e . 

C d = * f - 0 . 1 . R e p . P r . X g <5> 

F i g u r e 5 c o n t a i n s c a l c u l a t e d i s o t h e r m s of a r e a c 
t i o n zone which moves a g a i n s t the inc o m i n g f l o w . I t i s 
seen t h a t the shape of the i s o t h e r m s i s i n agreement 
w i t h p r e v i o u s e x p e r i m e n t a l o b s e r v a t i o n s . The f i r s t i s o 
therm a t the temperature T=605 Κ i n F i g u r e 5 i s moving 
from r i g h t to l e f t a g a i n s t the incoming f l o w . I f the 
temperature i s measured by a movable thermocouple i n the 
a x i s of the bed we f i n d a l r e a d y a temperature r i s e i n 
the a x i s w h i l e the temperature i n the same p l a n e near the 
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w a l l are lower.Most i n t e r e s t i n g however i s the f o r 
m a t i o n of hot s p o t s near the w a l l . Because of the 
h i g h e r mass f l o w r a t e s more heat i s r e l e a s e d i n the s e 
a r e a s . The c a l c u l a t e d hot s p o t s are i n agreement w i t h 
e x p e r i m e n t a l o b s e r v a t i o n of B u c h l i n et a l [ 9 ] . 

The t h r e e F i g u r e s 6,7,8 p r e s e n t measured and c a l 
c u l a t e d m i g r a t i o n speeds. One of the t h e o r e t i c a l c u r v e s 
was c a l c u l a t e d by Simon [18] under the assumption of 
c o n s t a n t f l o w d i s t r i b u t i o n . Q u i t e b i g d i f f e r e n c e s to 
the e x p e r i m e n t a l p o i n t s are o b s e r v e d . I n c l u d i n g the 
r a d i a l f l o w d i s t r i b u t i o n and s o l v i n g the extended equs* 
(2,3,4) of t h i s paper we f i n d e x c e l l e n t agreement. 

Steady S t a t e A x i a l Temperature P r o f i l e s In W a l l C o o l e d 
F i x e d Bed R e a c t o r s 

T h i s time i n s t e a d of h a v i n g one thermocouple mov
a b l e i n s i d e an a x i a l c e r a m i c tube as i n [11,18] the 
thermocouples were f i x e d i n s i d e of c a t a l y s t p e l l e t s . 
The thermocouple w i r e s l e f t the r e a c t o r r a d i a l l y 
t h r o u g h the w a l l . S i x such p e l l e t s were s i t u a t e d a l o n g 
the a x i s e q u i d i s t a n t l y i n a r e a c t o r w i t h p a r t i c l e s of 
2.3 mm and 5.2 mm ( c o r r e s p o n d i n g D/d p = 10.4 and 4.6). 
The c a l c u l a t e d f l o w p r o f i l e s f o r b o t n p a c k i n g s are 
p r e s e n t e d i n F i g u r e 9, t y p i c a l measured p r o f i l e s a r e 
p l o t t e d i n F i g u r e s l O and 11 f o r t e m p e r a t u r e s . 

For a comparison w i t h model c a l c u l a t i o n s we s o l v e 
equs. (2) to (4) s u b j e c t to the boundary c o n d i t i o n s : 

B.C. r = R : α ( T - T 0 ) = X e

r

f f . - g - <6> 

The w a l l heat t r a n s f e r c o e f f i c i e n t s were e v a l u a t e d 
from a r e l a t i o n by Hennecke and S c h l i i n d e r [20] . In our 
p a r t i c u l a r case we o b t a i n e d a v a l u e of α = 62 Wm~2K~1 
f o r the r e a c t o r i n F i g u r e 10 and α = 42 Wm"2 K ~ l f o r 
the one i n F i g u r e 1 1 . 

Under u n i f o r m f l o w c o n d i t i o n s the comparison b e t 
ween measurements and c a l c u l a t i o n s t u r n e d out to be 
q u i t e u n s a t i s f a c t o r y as the p l o t s i n F i g u r e s 10 and 
11 show a l t h o u g h i n the case of the r e a c t o r w i t h a 

s m a l l D / d p - r a t i o measured and c a l c u l a t e d p r o f i l e s l i e 
c l o s e r t o g e t h e r than i n F i g u r e 10 d e m o n s t r a t i n g the 

s i t u a t i o n f o r the l a r g e r D / d p - r a t i o . There i s a q u a l i 
t a t i v e e x p l a n a t i o n f o r t h i s o b s e r v a t i o n i f we conc e n 
t r a t e f o r a moment on F i g u r e 9 c o n t a i n i n g the c a l c u l a t 
ed f l o w p r o f i l e s f o r b o t h r e a c t o r s . I t i s seen from 
t h i s F i g u r e t h a t the f l o w p r o f i l e s f o r the r e a c t o r w i t h 
D/dp = 4.6 t u r n s out to be more homogeneous than t h a t 
of the r e a c t o r w i t h D/d D = 10.4. T h i s i s r e f l e c t e d by 
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Figure 5. Isotherms of moving reaction zones calculated with nonuniform flow. 
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Figure 6. Migration speeds as a function of the average gas flow. Key: · , mea
sured points (IS); , calculation with uniform flow (IS); and , calculation 

with nonuniform flow. 
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Figure 8. Migration speeds as a function of the average gas flow. Key is the same 
as in Figure 6. 
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Figure 9. Calculated flow profiles inside 
packed beds after Ref. 4. Key: Re = 20; 

, D/dp = 10.4; and , D/dp = 
4.6. 
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Figure 10. Axial temperature profiles in 
a wall cooled reactor. Conditions: yCtHs 

= 0.005; T0 = 613 K; and Rep = 20. 
Key: Φ, measured points; , calcu
lated with uniform flow; and , calcu

lated with nonuniform flow. 
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Figure 11. Axial temperature profiles in 
a wall cooled reactor. Conditions and key 

are the same as in Figure 10. z[cm] 
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the b e t t e r agreement between u n i f o r m f l o w c a l c u l a t i o n 
and measurement i n F i g u r e 11· f o r the s m a l l tube to p a r 
t i c l e d i a m e t e r r a t i o . 

The s i t u a t i o n changes d r a m a t i c a l l y i f the c a l c u 
l a t i o n s a r e performed f o r n o n - u n i f o r m f l o w d i s t r i b u t i o n 
which means t h a t the f l o w p r o f i l e s of F i g u r e s 9 a r e 
a p p l i e d . While n e a r l y p e r f e c t agreement i s then o b t a i n 
ed i n F i g u r e 11. s l i g h t d e v i a t i o n s s t i l l a r e o b s e r v e d i n 
F i g u r e 10. f o r which p r e s e n t l y we have no e x p l a n a t i o n . 
A s i m i l a r r e s u l t was p r e v i o u s l y o b s e r v e d by K a l t h o f f 
and Vortmeyer [ 1 1 ] . The p h y s i c a l c h e m i c a l background 
f o r the improvements i s due to the f a c t t h a t under r e 
a l i s t i c f l o w c o n d i t i o n s the f l o w r a t e s near the w a l l 
are h i g h e r than i n the bed c e n t r e . T h i s means h i g h e r 
heat r e l e a s e r a t e s nea
t u r e s and t h e r e f o r e
w i t h c a l c u l a t i o n s w i t h u n i f o r m f l o w . 

These e f f e c t s a r e not e x p e c t e d i f the r e a c t o r 
works under a d i a b a t i c c o n d i t i o n s . D i e t r i c h [21] has 
always o b t a i n e d good agreement between measured and 
c a l c u l a t e d s t e a d y s t a t e p r o f i l e s . In t h i s case the heat 
l o s s e s to the w a l l a r e z e r o and the d e f i c i e n c y of heat 
r e l e a s e i n the c e n t r e of the bed i s compensated by 
r a d i a l exchange p r o c e s s e s which - because of no w a l l 
heat l o s s e s - t r a n s p o r t heat to the i n s i d e of the bed. 

C o n c l u s i o n s 

The impact of r e a l i s t i c f l o w p r o f i l e s on model c a l 
c u l a t i o n s f o r the p r e d i c t i o n of f i x e d bed r e a c t o r p e r 
formance i s q u i t e l a r g e f o r D/d r a t i o s a c t u a l l y used. 
In a l l i n v e s t i g a t e d c a s e s l a r g e P i m p r o v e m e n t s between 
p r e d i c t i o n s and measurements were o b s e r v e d i n p a r t i c u 
l a r f o r s i t u a t i o n s which a r e v e r y s e n s i t i v e to f l o w 
d i s t r i b u t i o n as moving r e a c t i o n zones i n a d i a b a t i c r e 
a c t o r s and s t e a d y s t a t e t e m p e r a t u r e p r o f i l e s i n w a l l 
c o o l e d r e a c t o r s . 

Legend of Symbols 

s p e c i f i c heat c a p a c i t y of the gas [j/kgK] 
s p e c i f i c heat c a p a c i t y of the p a r t i c l e s [J/kgK] 
c o n c e n t r a t i o n of the gas m i x t u r e [mol /m3] 
tube d i a m e t e r [m] 
p a r t i c l e d i a m e t e r [m] 
r e a c t i o n e n t h a l p i e [j/mol] 
p r e s s u r e [bar] 
P r a n d t l number 

Pg 
c 
s 

C t o t 
D 
d 
Ρ 
Δ Η 

Ρ 
Pr 
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r a d i a l c o o r d i n a t e [m] 
r a t e of r e a c t i o n [mol/m 3s] 
= udpPg/^g p a r t i c l e Reynolds number 
temperature fK] 
time [s] 
b u l k f l o w v e l o c i t y based on the a r e a of 
empty tube [m/s] 
m i g r a t i o n speed [m/s] 
mole f r a c t i o n of ethane [mol/mol] 
mole f r a c t i o n of water vapour [mol/mol] 
a x i a l c o o r d i n a t e [m] 

Greek L e t t e r s 
α w a l l heat t r a n s f e
ε v o i d f r a c t i o n 
Xg t h e r m a l c o n d u c t i v i t y of the gas [W/mK] 

X e f f 
e f f e c t i v e a x i a l therm, cond. [W/mK] 

a χ 
\ e f f e f f e c t i v e r a d i a l therm.cond. [W/mK] 
T)g dynamic v i s c o s i t y of the gas [kg/ms] 
pg d e n s i t y of the gas [kg/m 3] 
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6 
A Novel Method for Determining the Multiplicity 
Features of Multi-Reaction Systems 

VEMURI BALAKOTAIAH and D A N LUSS 

University of Houston, Department of Chemical Engineering, Houston, TX 77004 

The qualitative multiplicity features of a lumped
-parameter system i n which several reactions occur sim
ultaneously can be determined i n a systematic fashion 
by finding the organizing s i n g u l a r i t i e s of the steady
-state equation and its universal unfolding. To illus
trate the technique we determine the maximal number of 
solutions of a CSTR in which Ν parallel, f i r s t - o r d e r 
reactions with equal and high activation energies 
occur as well as the influence of changes in the resi
dence time on the number and type of solutions. 

We describe here a new technique based on the singularity 
and bifurcation theories for predicting the m u l t i p l i c i t y fea
tures of lumped-parameter systems i n which several reactions 
occur simultaneously. Our purpose i s mainly to i l l u s t r a t e the 
power of the technique and present some novel results. A more 
detailed analysis i s presented elsewhere [19 2 J . 

We use the technique to answer the following questions: 

(a) What i s the maximum number of steady-state solutions for 
a lumped-parameter system i n which several chemical reac
tions occur simultaneously, and for what values of the 
parameters w i l l this occur? 

(b) What are a l l the q u a l i t a t i v e l y different types of b i f u r 
cation diagrams which describe the dependence of a state 
variable (such as the temperature) on a design or operat
ing variable (such as the feed temperature or flow rate) 
and for what parameter values w i l l a tra n s i t i o n from one 
type to the other occur? 

0097-6156/82/0196-0065$06.00/0 
© 1982 American Chemical Society 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



66 CHEMICAL REACTION ENGINEERING 

Heuristic Description of the Theory 

Consider a nonlinear steady-state equation of the form 
F(x,X, 2) - 0 (1) 

where χ i s a state variable, λ i s a bifurcation variable and £ 
i s a vector of parameters. F i s assumed to be smooth with 
respect to a l l the variables. The graph of χ versus λ which 
s a t i s f i e s Eq. (1) for a fixed £ i s defined as a bifurcation dia
gram. A l o c a l bifurcation diagram describes this dependence i n 
a small neighborhood of some point, while a global bifurcation 
diagram describes i t for a l l χ and λ within the domain of i n t e r 
est. 

The parameter space £ consists of regions with different 
types of bifurcation diagrams
erate points (singula
regions coalesce so that i n the i r neighborhood several different 
types of l o c a l bifurcation diagrams exi s t . These points are 
characterized by the vanishing of a f i n i t e number of derivatives 
of F with respect to χ and λ. 

It i s usually possible to find a smooth, nonlinear and 
in v e r t i b l e change of coordinates (χ,λ,£) •> (y,y,a) that trans
forms the steady-state equation (1) into a polynomial function 
G(y,y,a) = 0, having a l l the qualitative features of equation 
(1) i n the neighborhood of these singular points. A polynomial 
G, which can represent a l l the l o c a l bifurcation diagrams e x i s t 
ing next to a singular point of Eq. (1) and which contains the 
minimal number of parameters a. i s cal l e d the universal unfolding 
of the sin g u l a r i t y . 1 

Our analysis i s based on the following theorem [3]. Suppose 
that the steady-state equation (1) has a singular point at which 

F(x°,X 0, £°) = 0 

• ^ J <χ°,λ°, £
0) =0 i = 1,2 r (r > 2) (2) 

9X 1 

then i n the neighborhood of (χ°,λ°,£°), the universal unfolding 
of F(x,X, £) i s : 

(i) G(y,p,a) â y**1 - a ^ y * - 1 - c t ^ ^ 1 " 2 - ....-c^y - μ - 0 (3) 

provided (χ°,λ°, £°) |f (χ°,λ°, £) < 0. (4) 

( i i ) G(y,y a) = y*"*"1 - α ^ Γ - ....-a 2y 2 - α χ + \iy = 0 (5) 

provided -55- (χ°,λ°, £°) = 0 (6) 
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and — ^ (χ ,λ ,£ ) (χ ,λ ,£ ) > 0. (7) 
9x 

The maximum number of solutions of equation (1) i s r+1 next to 
such a singular point. Moreover, a l l the l o c a l bifurcation d i a 
grams of the function F can be determined by the analysis of the 
simpler polynomial function G. 

The values of λ (within the domain of interest) at which 
the number of solutions of Eq. (1) changes are called bifurcation 
points. At these points F = 3F/8x = 0. Using bi f u r c a t i o n theory 
i t can be shown that the nature of a bifurcation diagram can 
change only i f the parameter values cross one of three hyper-
surfaces [3]. The f i r s
the set of a l l points i

F(x,A,£) = g (Χ,λ,£) = ̂ | (Χ,λ,£) = 0. (8) 
3x 

Elimination of χ and λ from these three equations gives a single 
algebraic equation i n £, defining a hypersurface. When £ values 
cross the Η variety two bifu r c a t i o n points appear or disappear 
and the nature of the bifurcation diagram changes as shown i n 
Figure l . a . 

The Isola variety (I) i s the set of a l l points £ s a t i s f y i n g 

F(x>*,£) - f " ( χ> λ>£> = | f < χ> λ>£> - °· <9> 

When £ crosses this variety two bifurcation points appear or d i s 
appear so that either the bifurcation diagram i s separated l o c a l 
l y into two isolated graphs (Figure l.c) or one isolated curve 
appears or disappears (Figure l . b ) . 

The Double Limit variety (DL) i s the set of £ values s a t i s 
fying 

F( X ; L,X,£) - F(x 2,X,£) - 0 

3F 3F 
-g^ (χ 1,λ,£) - -gj (χ 2,λ,£) =0 x± φ x 2. (10) 

The number of bifurcat i o n points does not change as £ crosses 
this hypersurface, but the r e l a t i v e position of the bifurcation 
points changes as i l l u s t r a t e d by Figures l . d and I.e. These 
three hypersurfaces divide the global parameter space £ into 
different regions i n each of which a different type of bi f u r c a 
tion diagram exists. 

Ν P a r a l l e l Reactions i n a CSTR 

The singularity and bifurcation theories can be used to 
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s. s 

/ / b 

r \ Χ X 
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λ 

Figure 1. Possible forms of transformation of an unstable bifurcation diagram 
(middle column) into either one of two possible stable forms (left or right column) 

at the Hysteresis (a), Isola (b, c) and Double Limit varieties (d, e). 
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predict the qualitative m u l t i p l i c i t y features of lumped para
meter chemically reacting systems. We consider as an example 
a non-adiabatic CSTR i n which Ν p a r a l l e l , f i r s t - o r d e r reactions 

k. 
A ± ^ ~ ^ p i i = 1,2, ,N 

occur. To simplify the algebraic manipulations we assume that 
the activation energies of a l l the reactions are equal. The 
species and energy balances can be combined to give a single 
equation for the dimensionless steady-state temperature Θ: 

Λ Ν Β V DaX 
F(0,Da,£) = (l-KxDa)0 - aDa0 c - Σ ^ D a X - 0 (11) 

where 
i= l i 

Ε ,
Ύ = ρ τ " ΧRT "

ο ' 
τ-τ _ Τ -Τ 

ο ο ο ο 

α = Ua/Vk-(T )pc Da = Vk.. (Τ )/q l o p I ο 

B i • Ύ ( - Δ Η Λ , /pCpTo V i = k i ( T o ) / k l ( V 
io v 

The dimensionless variables are defined so that changes i n the 
flow rate (residence time) affect only Da which i s selected to 
be the bifurcation parameter. 

We s h a l l determine the maximum number of steady-state so
lutions and a l l the bifurcation diagrams (Θ vs. Da) of Eq. (11). 
We consider separately two cases; 

Adiabatic case (a = 0) and γ » θ 

Here Eq. (11) simplifies to fl 

Λ Ν B.V.Dae 
F(0,Da,B V ) = θ - Σ g- - 0 (13) 

i= l 1+VjDae 

It can be shown [1] that the set of equations 

* « U - = - ^ i = 0 ( 1 4 ) 

3Θ 9 Θ 2 Ν 
has a solution 

Λ N 

θ = θ° - 2 Σ 1/i (15) 
i=l 
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v i D a • v ± ° D a ° = ( 1 " z i ) β χ ρ ( - θ ° ) / ζ
± <16> 

where z^ are the zeros of the Legendre polynomial of order Ν 
defined over the unit i n t e r v a l (0,1) and w.̂  are the correspond
ing Gauss-Legendre quadrature weights. Moreover, at any singu
l a r point defined by Eqs. (14) 

92N+1 . 
— < 0 (17} 

3 Θ2Ν+1 9Da U ' u / ' 

The qualitative features of the l o c a l bifurcation diagrams (Θ 
vs. Da) of Eq. (13) i
defined by (14) are sam

G(x,X a) = x 2 N + 1 - a 0 X T l X
2 W - . . . .-OLX - λ = 0 (18) ZN-1 1 

Assume that (6°,B?,v?,Da°) i s a solution of (14). Because Q 

of the symmetry of the^problem any permutation of the (B°,V^,Da ) 
i s also a solution. Therefore, there exist N! separate para
meter regions i n each of which the steady-state Eq. (13) has 
(2N+1) solutions. 

Eq. (18) can have for any N, either zero, two, four, . . . 
or 2N bifurcation points. A l l the possible l o c a l bifurcation 
diagrams can be constructed by a method described i n [1]. 
Moreover, i t can be proven [1] that any global bifurcation d i a 
gram of Eq. (13) must be similar to one of the l o c a l b i f u r c a 
tion diagrams of Eq. (18). 

For N=l, Eq. (18) describes the cusp singularity 

Οίχ,λ,αρ = χ 3 - α χ χ - λ - 0. (19) 

The Isola and Double Limit v a r i e t i e s do not exist i n this case. 
The Hysteresis variety (a =0) divides the space into two 
regions (a^ > 0 and < 0) corresponding to the two b i f u r c a 
tion diagrams shown in Figures 2.a and 2.b. These two are also 
the only possible global bifurcation diagrams (Θ vs. Da) for 
Eq. (13) as the Hysteresis variety (B =4) divides the B^ space 
into two regions. 

For N=2, Eq. (18) defines the b u t t e r f l y singularity 

F(x,X α) = χ 5 - a 3 x 3 - a 2 x 2 - αχχ - λ = 0. (20) 

The Hysteresis and the Double Limit V a r i t i e s divide i n t h i s 
case the (α.,ο^,οΟ space into seven regions corresponding to 
the seven bifurcation diagrams shown i n Figures 2.a-g. 
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Figure 2. Classification of the bifurcation diagrams of Equation 18 for Ν 
(a,b)forN = 2(a-g). 
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Similarly, the Hysteresis and Double Limit v a r i e t i e s divide the 
global parameter space of ( B i > B 2 » V 9 ^ i n t 0 s e v e n regions having 
the bifurcation diagrams shown i n Figures 2.a-g. Because of 
the existence of two singular points there exist two isolated 
parameter regions corresponding to each of the f i v e bifurcation 
diagrams shown in Figures 2.c-g. 

Non-Adiabatic Case (α φ 0) and γ » θ 

We consider f i r s t the special case of equal coolant and 
feed temperature (Τ = Τ ). It i s proven i n [2] that Eq. (11) 
has N! singular points cRaracterized by 

F = i l - i?I - _ Λ - 9 Σ  «i) 
9 6 3Θ 2 "

and 

3 2 N + 1 F 9 2F 
9 Θ2Ν+1 363Da > 0. 

where θ° and ν±° Da° are defined by Eq. (16) and 

a° Da 0 = 
θ°-1 

B.° = ,. 1 , — θ- (22) 
ι z^l-zj ( θ ο _ 1 } 

The qualitative features of the steady-state Eq. (11) in the 
neighborhood of these singular points are the same as those of 
the universal unfolding 

G(x,A,a) = χ - O&2Nx " 2 n - l X " · · · " a 2 x 

- α χ + λ χ = 0 (23) 

Eq. (23> has at most 2Ν+1 solutions and up to (2Ν+1) bifurca
tion points. An Isola variety exists i n this case so that the 
bifurcation diagrams are more i n t r i c a t e and contain isolas 
(isolated branches) i n addition to the hysteresis loops. 

In the case of a single reaction Eq. (23) describes the 
pitchfork singularity 

δ(χ,λ,α) = χ 3 - α 2 χ 2 + λ χ - α = 0 (24) 
3 

The Hysteresis variety of Eq. (24) i s ou = 27α- while the 
Isola variety i s = 0. The two v a r i e t i e s divide the (α^,α 2) 
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plane into four regions with different bifurcation diagrams. 
The Hysteresis and Isola v a r i e t i e s of the steady state Eq. (11) 
were constructed i n [4] and are shown i n Figure 3. Four d i f 
ferent types of bifurcation diagrams denoted as b,c,d and f 
in Figure 4, exist next to the pitchfork s i n g u l a r i t y , which 
i s located at α = exp(2) and = 8. An additional bifurcation 
diagram, shown as case a i n Figure 4, exists i n the global 
(α,Β^) plane. Zeldovich and Zysin predicted already i n 1941 [5] 
that f i v e different types of bifurcation diagrams exist i n this 
case. 

When 9 ^ 0 and γ i s f i n i t e , Eq. (11) has higher order 
s i n g u l a r i t i e s . The coordinates of the singular points are 
cumbersome expressions reported i n [2]. For Ν-1 Eq. (11) has 
a unique singular point, the universal unfolding of which i s 
the winged cusp singularit

It was shown i n [6] that the Hysteresis and Isola v a r i e t i e s 
divide the (α-,ο^,οΟ space into seven regions with different 
b i f u r c a t i o n diagrams. A construction of the Hysteresis and 
Isola v a r i e t i e s of the steady-state Eq. (11) has shown that the 
seven bifurcation diagrams shown i n Figure 4 are the only ones 
that exist i n the global parameter space (α,Β,θ ,γ) [4J. 

It i s important to note that while the selection of the 
bifurcation variable does not affect the maximal number of 
steady-state solutions, i t affects the number and type of b i 
furcation diagrams. For example, i f we selected the coolant 
or feed temperature as the bifurcation variable then Eq. (18) 
would be the universal unfolding for both the adiabatic and 
the cooled case and no isolas would exist [ 1̂ ,2]. 

Concluding Remarks 

The steady-state equations describing lumped parameter 
systems i n which several reactions occur simultaneously contain 
a very large number of parameters. Thus, i t i s impractical to 
conduct an exhaustive parametric study to determine their 
features. The new technique presented here predicts q u a l i t a 
ti v e features of these systems such as the maximum number of 
solutions, parameter values for which these solutions exist and 
a l l the l o c a l bifurcation diagrams. Construction of the three 
v a r i e t i e s enables the d i v i s i o n of the global parameter space 
into regions with different bifurcation diagrams. 

We have used this technique to determine the qualitative 
features of several multi-reaction systems and the results w i l l 
be reported elsewhere [1,2]. It i s expected that this method 
w i l l become the standard tool for predicting the qualitative 
m u l t i p l i c i t y features of these systems. 

(25) 
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Figure 3. A schematic of the Hysteresis and Isola varieties of Equation 11 for 
Ν = 1, θΰ = 0, and γ -> oo. 

DQ = H(T0)V/q 
Figure 4. Bifurcation diagrams describing the dependence of the dimensionless 

temperature θ on the flow rate (Da) for the single reaction case. 
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Legend of Symbols 

a heat transfer area 
Β dimensionless heat of reaction 

concentration 
c heat capacity 
DI Damkohler number 
Ε activation energy 
ΔΗ heat of reaction 
k rate constant 
£ vector of parameter
q flow rate 
Τ temperature 
V volume 
x,y state variables 
α parameters vector 
γ dimensionless activation energy 
θ dimensionless temperature 
λ, y bifurcation variables 
ρ density 

r a t i o of rate constants defined by Eq. (12) 

Subscripts 

ο i n l e t conditions 
i i - t h reaction or i - t h element 
c coolant 

Superscripts 

ο singular point coordinate 
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7 
Reaction Rate Oscillations During the Carbon 
Monoxide Oxidation Reaction Over Pt/γ-Al 2O 3 

Catalysts: An IR-Transmission Spectroscopy 
Study 

A. E. ELHADERI and T. T. TSOTSIS 

University of Southern California
Los Angeles, CA 90007 

Reaction rate oscillations have been observed during the oxi
dation reaction of CO over P t / γ - A l 2 O 3 catalysts. The technique of 
IR transmission spectroscopy has been uti l ized to monitor the sur
face state of the catalyst under both steady-state and oscillatory 
conditions. The effect of hydrocarbon impurities and catalyst 
deactivation on the dynamic behavior of the system has also been 
investigated. 

Self-sustained reaction rate oscillations have been shown to 
occur in many heterogeneous catalytic systems [1-8]. By now, sev
eral comprehensive review papers have been published which deal 
with different aspects of the problem [3, 9, 10]. An impressive 
volume of theoretical work has also been accumulated [3, 9, 11], 
which tries to discover, understand, and model the underlying 
principles and causative factors behind the phenomenon of osc i l la 
tions. Most of the people working in this area seem to believe 
that intrinsic surface processes and rates rather than the inter
action between physical and chemical processes are responsible for 
this unexpected and interesting behavior. However, the majority 
of the available experimental literature (with a few exceptions 
[7, 13]) does not contain any surface data and information which 
could help us to cr i t i ca l ly test and further improve the hypothec 
ses and ideas set forth in the literature to explain this type of 
behavior. 

For the CO oxidation reaction on Pt, in particular, several 
fundamental questions s t i l l remain unanswered. Quite recently 
doubts and questions have been raised even about the existence of 
an oscillatory regime for this reaction system. Cutlip and Kenney 
[l2] have been unable to observe any oscillations during the oxi
dation of CO over a 0.5% Pt/y-Al203 catalyst in a recycle reactor. 
Their study, however, util ized low feed compositions of CO (0.5-33) 

0097-6156/82/0196-0077$06.00/0 
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and O2 ( 2 - 4 % ) i n Ar and a catalyst bed which was vulnerable to 
internal d i f f u s i o n l i m i t a t i o n s . The authors were able to observe 
very reproducible o s c i l l a t i o n s with a reaction mixture of 2% CO, 
3% O2 and 1% 1-butene i n Ar. Due, however, to the high concentra
ti o n of 1-butene i n th e i r system and i n view of the fact that o x i 
dation reactions of hydrocarbons have been shown to oscillate[7,8], 
their experimental results are very d i f f i c u l t to interpret and an
alyze. 

Carberry et a l . [ 2 ] have observed a s t a r t l i n g e f f e c t of hy
drocarbon impurities on the o s c i l l a t o r y behavior i n t h e i r system· 
Os c i l l a t i o n s were observed when an "Impure" O2 was used and d i s 
appeared when the "Impure" O2 was replaced by an "ultrapure" O 2 . 
The only apparent difference between the "ultrapure" and the "im
pure" O2 i s a 30 ppm impurity of hydrocarbons. 

F i n a l l y , Schmitz an
alumina paint,which was
the reactor w a l l 9 seemed to be the prime reason for the o s c i l l a t i o n s 
they observed. When the alumina paint was removed, the o s c i l l a t i o n s 
seemed also to disappear. 

It i s almost Impossible for a single study alone to answer a l l 
the questions raised so far i n the l i t e r a t u r e about the steady 
state and the dynamic behavior of the CO oxidation reaction sys
tem and, i n particular, quest ions about system impurities, when the 
Impurity l e v e l s involved are below the detection l i m i t s of any 
known in s i t u surface techniques. 

We, however, hope that our study w i l l be considered as a f i r s t 
p ositive step towards th i s d i r e c t i o n . We have investigated the 
oxidation reaction of CO over Pt/y-Al203 type catalysts in.an a l l 
Pyrex glass flow reactor. We have ca r e f u l l y t r i e d to eliminate 
a l l reactant impurities or possible interferences caused by the 
presence of temperature and flow controllers or high volume recy^ 
c l e streams. Furthermore, during our study, surface intermediates 
have been c l a s s i f i e d and monitored by the technique of IR trans
mission spectroscopy (IRTS) both under steady-state and o s c i l l a 
tory conditions. Our study i s currently i n progress. A few of our 
i n i t i a l experimental observations are presented i n t h i s paper. 
Further d e t a i l s w i l l be presented elsewhere [16]. 

Experimental Considerations 

Experimental Apparatus. Our experimental apparatus i s shown 
in F i g . l a . Constant composition gas streams of CO, N 2 and O2 
were obtained by three separate sonic o r i f i c e meters. The flow 
through the sonic o r i f i c e meters i s affected only by the upstream 
pressure and i s independent of the fluctuations downstream as long 
as the r a t i o between the upstream and downstream pressures i s 
greater than 2 . Exposure of the reactant streams to stainless 
steel was minimized by using only Teflon tubing a f t e r the switch
ing valve junction. The switching valve directed a desired gas 
mixture flow to the reactor while another gas mixture flow was 
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precisely measured by the sonic o r i f i c e meters. A switch i n t e r 
changed the reactor and flow meter streams eliminating, therefore, 
the need for reactor shut-down or unnecessary long transient p e r i 
ods during the step changes of flow and/or composition. 

Reactor C e l l . The flow reactor employed i n t h i s study i s 
shown i n Fig. l b . The reactor was made from Pyrex glass and f i t s 
i n the sample compartment of the Perkin-Elmer 681 IR Ratio Rec
ording Spectrophotometer. Residence time d i s t r i b u t i o n studies by 
u t i l i z i n g a CO2 Beckman 864 IR analyzer have shown that the c e l l 
behaves as a CSTR for the range of flow rates employed i n t h i s 
study ^for further d e t a i l s see [ l 6 ] ) . The reactor volume was 
150 cm . The o p t i c a l path length was 0.7 cm. We have u t i l i z e d 
C a F 2 windows which were sealed to the c e l l body by a si l i c o n - r u b 
ber sealant (Dow Corning Corporation MI 48640)  The sample holder 
was made from Pyrex an
an integral part of th
thermocouples which were shown to be unreactive for the range of 
conditions investigated i n thi s study. The two parts of the r e 
actor were clamped together and a Viton 0-ring was used to provide 
leak-free operation. A r e p l i c a of the lower part of the c e l l was 
also constructed,without any windows,in order to test the effect 
of the silicon-rubber sealant and for high temperature investiga-* 
tions. 

Heating was provided by two heating tapes; one for the pre-
heater and the other for the reactor to compensate for thermal 
losses from the windows. The gas phase temperature was controlled 
by manual adjustment of the input voltage to the heating tapes. 
Thermal insulation was provided by l " - t h i c k layer of Fiberfrax 
(The Carborundum Co.). 

Catalyst. The catalyst was prepared by impregnation of the 
alumina (Degussa-Type C, BET surface area of 100 m^/g, average 
p a r t i c l e size of 200 Â) with H2PtCl6'6H20 solution (Ventron Corp., 
A l f a Division, MA 01923) [14, 15]. The c a t a l y t i c wafer was made 
by pulverizing the sample i n an e l e c t r i c m i l l for 1 min. and then 
pressing i t i n a die under 1 t o n / i n 2 for about 2 min. The wafer 
was then calcined i n a i r for 2 hrs at 400°C and reduced i n flowing 
H2 (1 cc/s) for 2 hrs at 400°C. Wafers of two dif f e r e n t Pt con
tents were u t i l i z e d i n this study, i . e . . 1% Pt and 3.2% Pt on 
γ-Αΐ2θ3· A l l wafers made were 30 mg/cm2 thick (^0.3 mm thickness 
and of 1 i n diameter). 

H 2 chemisorption measurements (at Chevron Research Center, 
Richmond, CA) showed that by increasing the Pt content from 1 to 
3.2%, the Pt surface area increased from 4.8% to 10.9% of the sup
port area. Pt c r y s t a l l i t e size measurements were conducted by TEM 
(Hitachi Electron Microscope type HU-125). C r y s t a l l i t e s were found 
i n the range of 10 to 100A. Further d e t a i l s of sample preparation 
techniques can be found elsewhere [16]. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



Figure lb. Reactor and catalyst support. Key: B, gas inlet; C, CaFt windows; D, 
Silicon-rubber sealant; Et gas outlet; F, catalyst holder; G, Pyrex rods; and H, 

thermocouples. 
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Experimental Results & Discussion 

CO Surface States. We have conducted a series of experiments 
i n our flow reactor to determine the adsorption bands of CO on 
Pt/y-Al2()3 and on pure γ-Αΐ2θ3 wafers. No bands of CO were found 
on pure A I 2 O 3 for 0.4% CO i n N2 up to pure CO and for a temperature 
range of 25°C to 250°C. Three bands of adsorbed CO (0.4% CO i n 
N 2 up to pure CO; 25°C to 250°C; on 1% and 3.2% Pt catalysts) were 
found on Pt/y-Al203 wafers. The f i r s t band, a rather broad band 
around 1800 cm"*1 (see Fi g . 2) corresponds to a bridge adsorbed 
state of CO [17]· The second band, a sharp band observed at 2060 
cm"1, has been assigned i n the l i t e r a t u r e to a l i n e a r l y adsorbed 
CO [17, 18]. The t h i r d band at 2120 cm"1, which has also been 
observed by many other authors [ l 7 , 18], has been assigned to a 
twin-type adsorbed CO molecules
volving C O 2 , or f i n a l l
adsorbed on adjacent Pt atoms. When the CO i n N2 stream i s re
placed by pure N 2 both the bands at 2060 cm"1 and 1800 cm"1 grad
u a l l y decrease i n size (the band at 1800 cm"1 s h i f t s also to lower 
frequencies) u n t i l they f i n a l l y disappear (see F i g . 2). However, 
the band at 2120 cm"1 decreases very slowly. Usually a treatment 
of over 4 hrs at 200°C i n flowing N2 i s used i n order to remove 
the band at 2120 cm"1. 

When a CO i n a i r stream i s introduced i n the reaction c e l l , 
for the range of conditions we have examined i n t h i s study (CO i n 
a i r 0.4-3%, temperatures between 25-250°C), the behavior of the sys
tem i s a function of i t s p r i o r history. If the catalyst had been 
previously treated i n a CO i n N2 mixture,then the band at 1800 cm"1 

gradually disappears, the band at 2060 cm"1 decreases i n size (a 
broadening of the 2060 cm"1 band i s also observed) while the band 
at 2120 cm"1 increases i n size apparently i n expense of the bands 
at 2060 cm"1 and 1800 cm"1. However, i f a fresh catalyst (or a 
catalyst treated i n N 2 ) was used,then only the bands at 2120 cm"1 

and 2060 cm"1 appear. I t i s conceivable, however, that for lower 
O2 concentrations similar to the ones used by Cutlip and Kenney 
[12], the band at 1800 cm"1 might be present. This i s currently 
under investigation. 

The Os c i l l a t o r y Behavior. We have so far focused our atten
t i o n on three questions: (a) Does an o s c i l l a t o r y regime exist for 
th i s reaction system? (b) What i s the effect of hydrocarbon impu
r i t i e s ? and (c) What i s the effect of catalyst deactivation on 
the dynamic behavior? 

To investigate the existence of a region of o s c i l l a t o r y be
havior we have employed the following experimental procedure. 

The catalyst i s l e f t i n a posi t i v e atmosphere of N 2 for a 
minimum of 24 hrs and then treated i n flowing N 2 at 200°C for 4hrs 
(or u n t i l the 2120 cm"1 band has disappeared). The catalyst i s 
subsequently treated i n flowing a i r for 1 hr at 200°C and 33 cc/s. 
At the end of the a i r treatment the catalyst i s switched to 
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Figure 2. CO bands on 3.2% Pt/y-AltOs. Key: a, pure CO at room tempera
ture; b, 3% CO in Nt at 170°C, c, after 5 min of step b in flowing NB; and d, 

after 15 min of step b in flowing Nt. 
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0.4% CO i n a i r and the steady-state behavior i s studied. The cat
a l y s t i s then subjected to step changes i n CO concentration up to 
3% and the steady-state and/or o s c i l l a t o r y behavior i s studied. 
After the end of t h i s run the above procedure i s repeated (treat
ment i n N 2 , treatment i n a i r , step changes of CO) but at a flow 
rate of 25.6 cc/s, and subsequently at a flow rate of 16.7 cc/s. 
The above whole procedure i s then repeated for gradullay lower gas 
phase temperatures. We have thus examined six d i f f e r e n t tempera
tures (200°C, 185°C, 170°C, 150°C, 130°C and 115°C), three d i f f e r 
ent flow rates (33 cc/s, 25.6 cc/s, 16.7 cc/s), and a series of 
concentrations between 0.4% CO to 3% CO i n a i r . At the end of 
thi s run the lower part of our c e l l was replaced by i t s r e p l i c a 
c e l l ; the catalyst was again treated i n N2 and a i r at 200°C and 
33 cc/s, cooled i n the flowing N 2 at 185°C and the steady state 
and dynamic behavior wer
above study for the 3.2
as follows (details of our experimental observations for the 1% 
Pt/y-Al203 system w i l l be presented elsewhere [16]). 

(a) During our experimental runs, while temperature and flow 
rate remain constant, the catalyst does not deactivate to any ap
preciable degree. This was v e r i f i e d under steady-state and o s c i l 
l a t o r y conditions for varying time spans of up to four days. 
Under steady-state conditions the conversion does not change to any 
appreciable degree, while under o s c i l l a t o r y conditions both the 
maximum and minimum conversions of the cycle as well as the mean 
conversion remain constant within 1-2%. This observation, of 
course,does not agree with prior observations by Schmitz and co
workers for the same reaction [ l 9 ] . We cannot explain at t h i s 
point the apparent resistance of our catalyst system to deactiva
t i o n . Possible reasons, we could think of, are the much higher 
r a t i o of surface area to geometric area of our catalyst, the use 
of a Pyrex-glass reactor and our lower experimental temperatures. 

(b) We have found no qualitative difference between the ex
perimental observations i n the IR c e l l and i n the r e p l i c a c e l l . 
There are sl i g h t differences i n steady state conversions but there 
are no apparent trends. O s c i l l a t i o n s have been observed for both 
systems i n the same region of CO concentrations. And while the 
fine features of the o s c i l l a t i o n s are sometimes different,the mean 
cycle conversions are i n the worst of cases only a few percentage 
points o f f . This we believe eliminates the p o s s i b i l i t y that the 
silicon-rubber sealant i s the prime cause of o s c i l l a t i o n s i n our 
reactor system. 

(c) During our runs at 150°C and 130°C and a flow rate of 33 
cc/s we have replaced the "impure 0 2 " and "impure CO" used during 
our run by an " u l t r a pure" type O2 and CO similar to the ones used 
by Carberry et a l . [2j(see Table I ) . We have been unable to ob
serve any apparent changes both during steady-state as well as 
during the o s c i l l a t i o n s . We cannot explain at t h i s point the ap
parent differences. Some of the reasons that might be causing the 
differences i n behavior are: (i) the much higher r a t i o of surface 
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area to geometric area of our catalyst; ( i i ) the low Pt loading of 
the catalyst i n study [2](0.035% Pt/y-Al203) which could r e s u l t i n 
nonuniform metal di s t r i b u t i o n s across the p e l l e t radius; ( i i i ) the 
N2 of the a i r mixture we are using (Carberry was using pure O 2 ) 
might be d i l u t i n g the impurity e f f e c t . 

(d) We have observed o s c i l l a t i o n s for a closed region of CO 
concentrations on the ascending portion of the steady-state curve 
for the majority of conditions we have examined. For temperatures 
higher than 185°C the o s c i l l a t o r y region l i e s t o t a l l y inside the 
region of CO concentration of 0.4 to 3.0%. Soft bifurcations oc
cur on both sides of the region. However, for temperatures lower 
than 170°C the lower bifurcation point i s apparently smaller than 
0.4% CO (0.3% CO i s the lower l i m i t of CO concentrations we can 
establish i n our experimental system for the above range of flow 
rates without v i o l a t i n
centration increases, th
a maximum. We have not observed any o s c i l l a t i o n s that we could 
s a t i s f a c t o r i l y characterize as of a smooth single peak type. A l 
though we have observed single peak type o s c i l l a t i o n s at low tem
peratures and flow rates (see F i g . 3a), the majority of the o s c i l 
l a tions are either of the multi-peak type (Fig. 3b) or spikes or of 
completely aperiodic type (Fig 4a, 4b). 

During the o s c i l l a t i o n s we have monitored the IR absorption of 
the 2060 cm"1 and 2120 cm"1 bands. As can be seen from Figs. 3 
and 4,the band at 2060 cm"1 o s c i l l a t e s apparently at 180° out of 
phase with the gas phase concentration. The catalyst o s c i l l a t e s 
between a state r i c h i n l i n e a r l y adsorbed CO and v i r t u a l l y free 
of CO. However, re p e t i t i v e scans during o s c i l l a t i o n s of larger 
periods, have shown that the band at 2060 cm"l i s a rather broad 
and extends between 2060 cm"1 and 2090 cm"1. What i s interesting, 
however, i s that the band at 2120 cm"1, which remains quite sharp, 
does not seem to o s c i l l a t e at a l l . Only at low temperatures (the 
115 C run), for the very large peak o s c i l l a t i o n s , did the band at 
2120 cm"1 exhibit any o s c i l l a t o r y behavior. However, the peak to 
peak amplitude was small and we tend to believe that the o s c i l l a 
tions might' be the result of the superposition of the o s c i l l a t i n g 
2060 cm"1 broad band. 

Conclusions 

Reaction rate o s c i l l a t i o n s have been observed during the CO 
oxidation reaction over Pt/Y-Al203 i n an a l l Pyrex glass flow r e 
actor. During our experimental study we have c a r e f u l l y t r i e d to 
eliminate a l l known sources of impurities and other possible ex
traneous interferences caused by temperature and flow controllers 
and by high volume recycle streams. The surface state of the cat
alyst has been monitored by the technique of IR transmission spec
troscopy. During o s c i l l a t i o n s only the band at 2060 cm"1 has been 
found to o s c i l l a t e . 
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Figure 3. COt concentration and adsorbed CO (2060 cm'1) oscillations during 
the oxidation of CO on 32% Pt/y-Al$Os catalyst. Key: a, Te 115°C, flow rate 
33 cc/s, and 0.4% CO in air; and b, T0 150°C, flow rate 33 mL/s, and 2.6% CO 

in air. 
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Figure 4. COB concentration and adsorbed CO (2060 cm'1) oscillations during 
the oxidation of CO on 3.2% Pt/y-AltOs catalysts. Key: at Ί, 150°C, flow rate 
33 cc/st and 1% CO in air; and b, Tg 200°C, flow rate 16.7 mL/s, and 1% CO 

in air. 
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We believe that the o s c i l l a t i o n s observed i n our system are 
of a true kinetic nature or i n the worst of cases the result of 
interaction between competing physicochemical processes and are 
not caused by the presence of impurities. However, the problem of 
eliminating a l l impurities from an i n t r i n s i c a l l y "impure" system 
such as the CO oxidation system under atmospheric conditions, i s 
an academic one, especially when the type and the l e v e l of impuri
t i e s involved f a r exceed the c a p a b i l i t i e s of any known i n s i t u 
surface techniques. 

In any case, i f for a moment we exclude the p o s s i b i l i t y of 
any extradordinary impurity e f f e c t s , the only effect that an im
purity can have on a c a t a l y t i c system i s to reduce the available 
metal site s for reaction per unit surface area. During our exper
iments with the 1% Pt/y-A^C^, system (*50% reduction i n Pt sur
face area) we have observe
exists but has been shifte

TABLE I 

Analysis of Gases Used i n This Work (in ppm) 

Nitrogen Oxygen Carbon Monoxide 
Prepurified Extra Ultra CP Research 
Grade Dry Pure Grade Grade 

Purity % 99.995 99.6 99.993 99.3 99 

Argon 35 2900 50 20 
Hydrogen 2 5 
Neon 10 10 
Oxygen 1 600 
H 20 10 3 3 
CO/CO2 0.5 3 1 50 5 
THC 0.5 31 1 2 
Xenon 1 1 
Krypton 21 15 
Nitrogen 31 10 1500 80 
N2O 0.5 
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Multiplicity and Propagating Fronts in Adiabatic 
and Nonadiabatic Fixed-Bed Reactors 
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State University of New York at Buffalo, Department of Chemical Engineering, 
Buffalo, NY 14260 

A theoretical and experimental stud  of multi
plicity and transien
non-adiabatic fixe
performed. A classification of possible adiabatic 
operation is presented and is extended to the non
adiabatic case. The c a t a l y t i c oxidation of CO 
occurring on a Pt/alumina catalyst has been used 
as a model reaction. Unlike the adiabatic 
operation the speed of the propagating temperature 
wave in a nonadiabatic bed depends on its axial posi
t i o n . For certain inlet CO concentration multipli
city of temperature fronts have been observed. For 
a downstream moving wave large fluctuation of the 
wave v e l o c i t y , hot spot temperature and exit conver
sion have been measured. For certain operating condi
tions e r r a t i c behavior of temperature p r o f i l e s in the 
reactor has been observed. 

For a numerical simulation the one-phase one-
dimensional model has been used. The model f a i l e d 
to predict in nonadiabatic case multiplicity of pro
pagating fronts and e r r a t i c behavior as well. 

The phenomenon of m u l t i p l i c i t y and propagating fronts i n 
adiabatic fixed bed reactors has received much attention i n the 
l i t e r a t u r e and i s the subject of a rather exhaustive treatment 
[1-6]. Unlike the adiabatic operation, the nonadiabatic case 
enjoyed far less attention and many questions are s t i l l to be 
answered. Hence, the p r i n c i p a l interest i n this work was to 
investigate experimentally the theo r e t i c a l l y the cha r a c t e r i s t i c 
features of m u l t i p l i c i t y and propagating fronts created under 
di f f e r e n t conditions i n a nonadiabatically operated packed bed 
reactors and to make a comparison with the adiabatic operation. 

1 Current address: University of Wroclaw, Chemical Engineering Department, Wroclaw, 
Poland. 

2 Current address: Catholic University of Leuven, Chemical Engineering Department, Leu-
ven, Belgium. 

0097-6156/82/0196-0089$06.00/0 
© 1982 American Chemical Society 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



90 C H E M I C A L REACTION ENGINEERING 

Experimental 

The c a t a l y t i c CO oxidation by pure oxygen was selected as a 
model reaction. The Pt/alumina catalyst i n the form of 3.4 mm 
spherical p e l l e t s was used. The CO used i n t h i s study was 
obtained by a thermal decomposition of formic acid i n a hot 
sulphuric acid. The reactor was constructed by three coaxial 
glass tubes. Through the outer jacket s i l i c o n o i l was pumped, 
while a i r was blown through the inner jacket as a cooling medium. 
The catalyst was placed i n the central part of the tube. The 
a x i a l temperature p r o f i l e s were measured by a thermocouple moving 
a x i a l l y i n a thermowell. Gas analysis was performed by an i n f r a 
red analyzer or by a thermal conductivity c e l l . [7]. 

Model Equations and Numerica

A one-dimensional one-phase dispersion model subject to the 
Danckwerts boundary conditions has been used for a description 
of the dynamics of a nonisothermal nonadiabatic packed bed 
reactor. The dimensionless governing equations are: 

y 

*T !τ • PeJJ !f ~ H + D a B e x p <ï!ë77> f ( y ) - ^ - V <2) 

ξ = 0: If - Pe y y f| = Pe T θ (3) 

« - 1 8 I f - Ί Ι - °· < 4 ) 

Here we have denoted: y conversion, θ Frank-Kameneckii dimen
sionless temperature, Da Damkohler number, Pe Peclet number for 
a x i a l mass dispersion, Pe Peclet number for a x i a l heat dispersion, 
γ dimensionless activation energy, Β dimensionless adiabatic 
temperature r i s e , 3 dimensionless cooling parameter, θ tempera
ture of the cooling medium, A mass capacity, heat capacity. 

Steady state equations fXr the adiabatic case corresponding 
to (1) through (4) were solved by the parameter mapping technique 
combined with the Newton-Fox shooting algorithm. The steady 
state nonadiabatic problems were solved by the f i n i t e - d i f f e r e n c e 
approach. 

Among the variety of methods which have been proposed for 
simulation of packed bed dynamics three techniques have been used 
with success: (1) Crank-Nicholson technique [10], (2) transforma
tion to i n t e g r a l equation [11], (3) orthogonal collocation on 
f i n i t e elements [12]. In the following computation, we have used 
the Crank-Nicholson method with the nonequidistant space steps 
i n the Eigenberger and Butt version [10]. 
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The time increment was corrected according to a number of 
itera t i o n s necessary for calculation of a new p r o f i l e . A re v i s i o n 
of the space f i n i t e difference mesh was performed a f t e r f i v e time 
steps. Frequently, 30-60 mesh points were s u f f i c i e n t also f o r 
high values of B. The Eigenberger-Butt method lowers the computer 
time expenditure i n comparison with the c l a s s i c a l Crank-Nicholson 
technique by a factor 4-10. 

Results 

Adiabatic Case 

For a strong exothermic reaction taking place i n a tubular 
adiabatic reactor multiple steady states may occur. For a given 
value of the Peclet numbe
where multiple steady state
c r i t i c a l value of Pe above which only unique steady state occurs. 
For many exothermic reacting systems multiple steady states s t i l l 
e x ist for Pe - 200 - 300. Qualitative behavior of adiabatic 
systems may be estimated from adiabatic induction period τ and 
ve l o c i t y of the front propagation ω. The adiabatic induction 
period τ i s the time necessary to reach the runaway temperature 
i n a batch system. Denoting τ residence time i n the reactor and 
ν li n e a r gas v e l o c i t y following situations may be expected. 
(1) multiple steady states (τ > τ, ω > ν ) . Typical for low 
values of Pe. The k i n e t i c (quasiisothermal) regime i s associated 
with low exit conversion and temperature. The upper steady state 
i s near the reactor i n l e t ; here the i n l e t concentration and tem
perature d i f f e r e s s e n t i a l l y from the i n l e t values for the quas i i -
sothermal operation. Strong perturbation may re s u l t i n propagat
ing fronts between steady states. In a packed bed experimentally 
observed by Wicke [2, 3] and Hlavacek and Votruba [13]. 
(2) multiple steady states (τ > τ, ω < ν ) . Typical for higher 
values of Pe (Pe > 50) and strongly exothermic systems. The com
bustion front i s inside the bed, and does not strongly a f f e c t the 
i n l e t conditions. The quasiisothermal case i s analogous to that 
specified i n (1).' Experimentally observed by Wicke [1, 2] and 
Votruba [14]. 
(3) unique steady state (τ <τ, ω > ν ) . Operation t y p i c a l for 
high values of Da (Da > O.lf and low or moderate values of Pe. 
The reaction mixture i s able to react, i g n i t i o n occurs at the 
reactor exi t and a reaction front moves toward reactor i n l e t . The 
resul t i n g steady state i s at the reactor i n l e t and a strong pre
heating of the i n l e t gas occurs. The transient operation i s 
referred to as "creeping p r o f i l e s " and was extensively studied 
by Amundson [4-6]. Experimentally observed i n [1, 15]. 
(4) unique steady state (τ < τ, ω « ν ) . Characteristic for 
high values of Da (Da > O.lf and high values of Pe. Similar to 
(3) however, the steady state stays i n the middle of the bed. 
Common i n operation of i n d u s t r i a l packed adiabatic reactors. 
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(5) unique steady state (τ > τ, ω < ν ) . Quasii so thermal opera
t i o n . A l l the above mentioned operations of the bed were experi
mentally observed and the experiments are i n q u a l i t a t i v e agreement 
with theory 114]. 
The "creeping p r o f i l e s " are represented by a propagating front 
moving with constant v e l o c i t y and without a change of i t s geome
t r i c a l form [4-6]. Frank-Kameneckii [16] indicated that i n an 
i n f i n i t e reactor the propagating reaction zone can be stopped at 
an arbitrary position for certain values of i n l e t conditions. 
However, since the bed i s of i n f i n i t e length a simple transla
t i o n of the coordinate indicates that a l l these p r o f i l e s are 
i d e n t i c a l . For an adiabatic bed having a f i n i t e length t h i s 
phenomenon does not e x i s t , i . e . , for a given value of i n l e t 
conditions only one single p r o f i l e occurs. Puszynski [15] obser
ved experimentally that
values of i n l e t condition
and i t behaves almost l i k e a "standing wave". However, aft e r 
a long time, the reaction zone starts moving. 

Nonadiabatic case 

The c l a s s i f i c a t i o n of adiabatic operation presented above 
may be also used for nonadiabatic reactors, however, new pheno
mena were observed. Numerical calculation and experimental 
observations revealed that the "constant pattern p r o f i l e s " do 
not e x i s t , the shape of a propagating front changes. In problems 
associated with a steep temperature front, regardless of the 
reactor length, the a x i a l dispersion effects must not be neglected. 
Experiments as well as numerical simulation pointed out that 
m u l t i p l i c i t y can e x i s t for very long bed (Pe > 1000) [11]. For 
certain operational conditions and physical properties of the 
reacting system (activation energy and heat of reaction) a 
number of d i f f e r e n t m u l t i p l i c i t y regimes may e x i s t . Three stable 
steady states i n the bed were t h e o r e t i c a l l y predicted [18] and 
experimentally observed [13]. For a highly active catalyst, the 
t h e o r e t i c a l l y predicted t h i r d steady state occurs near the reactor 
e x i t . A systematic experimental search did not f i n d i t [20]. A 
c a l c u l a t i o n with more r e a l i s t i c boundary conditions [19] resulted 
i n i t s elimination. However, for a catalyst of lower a c t i v i t y 
the t h i r d steady state was experimentally located [13]. For 
a short nonadiabatic bed (equivalent to case (1)) m u l t i p l i c i t y 
was experimentally found and transient operation investigated 
[20]. Transition from the quasiisothermal to the d i f f u s i o n 
regime resulted i n an i g n i t i o n process at the reactor outlet. 
The reaction front was ignited at the reactor outlet and moved 
upstream. The hot spot temperature increased toward the reactor 
i n l e t . Decreasing the i n l e t temperature the reaction front moves 
downstream and disappears i n the middle part of the reactor. 
Experiments and numerical simulation indicated that i n long non
adiabatic reactor the i g n i t i o n process does not s t a r t at the 
reactor outlet but inside the bed [21]. 
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Investigation of the propagating fronts for nonadiabatic condi
tions shown that the front v e l o c i t y i s not constant and depends on 
the position of the front i n the reactor 115]. For a downstream 
propagating front, the v e l o c i t y , hot spot temperature and e x i t 
conversion exhibited an o s c i l l a t o r y character 17]· 

For a nonadiabatic operation of a packed bed m u l t i p l i c i t y of 
propagating fronts has been observed [7]. Figs. 1 and 2 display 
multiple fronts. The strategy of adjusting a particular front i s 
reported i n these figures i n the upper right-hand portion of the 
drawings. Obviously, for the i d e n t i c a l i n l e t conditions a down
stream or an upstream propagating front may ex i s t . 

A detailed experimental study of operating conditions i n a 
nonadiabatic fixed bed reactor revealed that for certain i n l e t con
ditions o s c i l l a t o r y or e r r a t i c behavior of temperature p r o f i l e s 
can be observed [23]. T
couple temperature readin
monitored. The results of measurements are reported i n F i g . 3. 
From the results measured, i t i s obvious that a temperature front 
arises i n the i n l e t part of the reactor, moves downstream and 
disappears i n the middle part of the reactor. The l o c a l tempera
ture readings indicate that a very complicated dynamic process 
occurs. 

For a case that one stable steady state exists transient 
temperature p r o f i l e s calculated agree s a t i s f a c t o r i l y with the mea
surements. For a case of three steady states the situation i s 
quite complicated. The model used describes propagation of the 
fronts however, apparently cannot describe front m u l t i p l i c i t y . A 
detailed calculation of the two-dimensional steady state equations 
including also the r a d i a l dispersion terms indicates that the one-
dimensional model i s a very rough approximation for the " d i f f u s i o n " 
regime. We expect that dynamic calculations with the one-phase 
two-dimensional model could explain m u l t i p l i c i t y of the fronts. 
The s i t u a t i o n exhibiting f i v e steady states i s similar to that for 
three steady states. Results of the steady state simulation 
revealed that the third stable steady state i s located at the 
reactor outlet [22]. Calculation of the reactor with an a f t e r -
section packed by inert material indicated that f i v e steady states 
are eliminated. [15]. 

For the same type of catalyst we have observed i n a r e c i r 
culation laboratory reactor m u l t i p l i c i t y , periodic and chaotic 
behavior. Unfortunately, so far we are not able to suggest such 
a reaction rate expression which would be capable of predicting 
a l l three regimes [8]. However, there i s a number of complex 
ki n e t i c expressions which can describe periodic a c t i v i t y . One can 
expect that such k i n e t i c expressions combined with heat and mass 
balances of a tubular nonadiabatic reactor may give r i s e to 
o s c i l l a t o r y behavior. Detailed calculations of o s c i l l a t o r y be
havior of singularly perturbed parabolic systems describing heat 
and mass transfer and exothermic reaction are apparently beyond, 
the capability of both standard current computers and mathematical 
sof tware· 
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x(mH02 

Figure 1. Temperature profiles for an upstream moving wave. Conditions: G0 = 
9.26 χ 10*kg/m2s;T0 = 90°C;and Y°co = 3.15% CO. 

Li 1 1 1 1 1 . I ι I , \ • I » 
0 iO 20 30 40 50 60 
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Figure 2. Temperature profiles for a downstream moving wave. Conditions: G0 = 
9.26 χ W* kg/mh; T0 = 90°C; and Y°co = 3.15%. 
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Forced Composition Cycling Experiments in a 
Fixed-Bed Ammonia Synthesis Reactor 

A. K. JAIN 1 , P. L . SILVESTON, and R. R. HUDGINS 

University of Waterloo, Department of Chemical Engineering, 
Waterloo, Ontario, Canada 

The effect o
time-average rat
plored in the region of integral conversion in a 
laboratory fixed bed ammonia synthesis reactor. 
Experiments were carried out at 400°C and 2.38 MPa 
over 40/50 US mesh catalyst p a r t i c l e s . The effect 
of various cycling parameters, such as cycle-
period, c y c l e - s p l i t , and the mean composition, on 
the improvement in time-average rate over the 
steady state were investigated. 

Improvement by cycling was in the range of 30 
to 50%. This was almost identical to the improve
ment achieved in experiments performed in a lab
oratory recycle reactor. This finding shows that 
measurements made by our research group and others 
on d i f f e r e n t i a l or Berty-type reactors are a 
re l i a b l e guide to the performance of full-scale 
equipment. 

Maximum improvement occurred when the feed 
mixture was deficient in nitrogen. Average bed 
temperature increased during cycling, although 
there was no si g n i f i c a n t change in the maximum 
temperature. The temperature d i s t r i b u t i o n was 
much more uniform in periodic than in steady-
state operation. Consequently, cycling appears to 
be a technique for avoiding hot-spot problems in 
fixed-bed exothermic reactors. 

1 Current address: Process Research Laboratories, Petrocanada, Calgary, Alberta, Canada. 
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The p o s s i b i l i t y of improving s e l e c t i v i t y or polymer 
molecular weight d i s t r i b u t i o n by p e r i o d i c a l l y changing the com
position of the reactor feed was pointed out by Bailey and Horn 
and co-workers on one hand U,2 ,2) and by Douglas and Rippen 
(4,5) and others (6) in the late I9601 s and early 1970's. 
Experimental investigations in the following years 0»8) 
confirmed the predictions of these theoretical studies. In a 
series of contributions beginning in 1973 (9,10,11), our 
research group demonstrated experimentally that periodic 
switching of feed composition also can substantially increase 
catalyst a c t i v i t y . Cutlip (12) has reported similar r e s u l t s . 
Reactor performance under periodic operation was found to depend 
on cycling frequency and amplitude as well as upon the usual 
variables such as feed composition, pressure and temperature. 
The frequency dependenc
a c t i v i t y rose markedly
frequency band suggesting a resonance phenomenon. The Waterloo 
work was performed with oxidation reactions and with catalysts 
which operated on redox mechanisms. Laboratory reactors were 
d i f f e r e n t i a l and uniform square waves in feed composition were 
used to force periodic operation. 

Research discussed in this paper continues our concern 
with the use of periodic operation to increase catalyst 
a c t i v i t y . Questions addressed are 1) can periodic operation 
improve a c t i v i t y in a "hydrogénation" reaction which does not 
appear to proceed v i a a redox mechanism? 2) w i l l "resonance" 
effects be observed? 3) w i l l non-uniform, but s t i l l periodic, 
concentration square waves be more effective than uniform square 
waves? and 4) w i l l the behavior under periodic operation of a 
fixed bed reactor with r e l a t i v e l y large conversion d i f f e r s i g 
n i f i c a n t l y from the behavior in a d i f f e r e n t i a l reactor? Because 
hot spot location and magnitude depend on feed conditions, 
periodic operation should cause the hot spot to wander and 
should diminish i t s magnitude. This supposition was examined 
experimentally in our study. 

Synthesis of ammonia over a commercial iron catalyst was 
chosen as the test system because of i t s in d u s t r i a l importance 
and because of the thorough experimental study i t has received. 
It was thought that the knowledge accumulated for this reaction 
could be useful for interpreting results obtained. 

Figure I shows a schematic of the experimental system 
used. Research grade Ife and H 2 , supplied from cylinders pres
sured to 41 MPa, were purified further by drying over 14-X 
sieves and lowering oxygen to less than 1 ppm through a Matheson 
Deox Unit followed by D r i e r i t e tubes. Flows were metered by 
mass flow meters and p o s i t i v e l y controlled as shown in Figure 
2. Composition cycling was accomplished by timer-driven, 
solenoid three-way valves which switched the flow between either 
of two branches, each one set at different flow resistances 
through micrometering valves (Figure 2). Timers were ganged to 
permit the two parts of the cycle to have different lengths. 
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Non-uniform square waves were generated in this way. Non-
uniformity is measured by a cycle s p l i t ratio defined as the 
ra t i o of the r i c h portion of the cycle to the cycle period. 
Flow resistances were set corresponding to the cycle s p l i t r a t i o 
so that the average tfe and concentration in a cycle remained 
the same even though the cycle s p l i t r a t i o changed. In the 
experiments discussed in the paper, the cycle s p l i t r a t i o ranged 
between 0.2 and 0.85; the cycle period varied from 1 to 60 
minutes. The complexity of the flow system in Figure 2 r e f l e c t s 
the d i f f i c u l t y in handling the dissimilar v i s c o s i t i e s of the Ifc 
and N/ . However, the f i n a l design did provide almost perfect 
concentration square-waves (13). 

Although two reactors are shown in Figure 1, they were not 
used simultaneously. The reactor shown in the center was the 
fixed bed reactor whic
contribution. It consiste
steel tube packed with 40/50 mesh catalyst (0.3 ram average 
particle diameter). The reactor was heated by a nichrome wire 
c o i l and was well insulated. The c o i l spacing was adjusted and 
was packed in insulation with the intent of making the reactor 
crudely adiabatic. A variac controlled heater on the reactor 
inlet and a thermocouple sensor kept the feed to the reactor at 
the nominal reaction (or feed inlet) temperature of 400°C. The 
tube of the fixed-bed, reactor was f i t t e d with 12 thermocouples 
to record the axial temperature p r o f i l e in the bed (Figure 1). 

The second reactor of the Berty, recycle type is shown i n 
the upper l e f t center of Figure 1. It was also used to explore 
the effect of periodic operation. 

Ammonia concentration leaving either reactor was measured 
by a Beckman iafra-red spectrometer at a 1030 cm""1 wave number. 

The catalyst used in this study was triply-promoted K^O, 
CaO and A1Z0^ , iron supplied by United Catalyst Inc. L o u i s v i l l e , 
Kentucky, U.S.A. under the trade number "C 73-1-01". Porosity 
is about 0.45 and average pore radius about 24 nm. To activate 
the catalyst, a 60-h reduction at 440°C in pure hydrogen at a 
space vel o c i t y of 1500 1/h was employed. By the end of this 
period, the a c t i v i t y had become constant. Long-term catalyst 
a c t i v i t y was checked frequently and, over the course of the 
study, remained constant. The percentage variation among runs 
made under identical conditions was within 4%. 

Equipment limitations dictated operating both reactors at 
2.38 MPa, more than an order of magnitude below pressures 
encountered in commercial units. A few experiments performed at 
a total pressure 50% greater confirmed the results which now 
w i l l be reported. These experiments suggest composition cycling 
w i l l improve performance at pressures found in commercial units. 

Forced Composition Cycling Results 

Periodic composition changes can substantially increase 
the a c t i v i t y of the triply-promoted iron catalyst in NH3 
synthesis at 400°C and 2.38 MPa. This is evident from Figure 3 
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which plots the experimentally measured space-mean, time-average 
rate of NH3 synthesis for a cycle s p l i t of 0.4 and a H z mole 
fraction in the feed of 0.75. Proper choice of the period can 
provide about a 25% increase in effective catalyst a c t i v i t y over 
what can be achieved at steady state for a 0.75 H2 mole 
fraction. 

Figure 3 suggests the existence of a rate of reaction 
"resonance". Time average rate goes through a maximum as the 
period decrease and f i n a l l y drops sharply. Although a similar 
behavior was seen with SOz oxidation over a vanadia catalyst (9) 
and with CO oxidation over both vanadia (10,11) and nickel oxide 
(14), i t is not certain that the same phenomena are involved in 
NH3 synthesis over iron. The measurement showing a decrease in 
rate was made at a 1 minute cycle period where calculations (13) 
suggest the amplitude o
by mixing upstream o
chemical phenomena, may be the source of the rate maximum. With 
SOz and CO oxidation, the rate maxima occurred at such periods 
that mixing could not be important. 

Even i f mixing is not the explanation of the maximum in 
Figure 3, as period is reduced further below one minute, mixing 
w i l l eventually damp out the input concentration square wave so 
that the time-average rate must f a l l back into the steady 
state. The steady state rate is experimentally measured even 
though data points are not shown in Figure 3. Since the reactor 
is integral, the rate shown is also a space-mean value. 

As the period increases, the time-average synthesis rate 
f a l l s towards the space-mean, quasi steady state value as 
expected. At large periods, the steady state is approached in 
each portion of the cycle. The quasi-steady state line in 
Figure 3 was calculated from steady-state measurements. 
Curvature of the rate vs composition relation causes the quasi 
steady-state rate to be well below the steady-state reactor 
performance. This emphasizes the very large effect of cycling 
frequency on the time average synthesis rate. 

Improvement over steady-state catalyst a c t i v i t y was found 
in a l l of the 64 fixed bed experiments performed. If maxima in 
the rate vs period curves (such as Figure 3) are considered in 
each experiment and plotted against composition as the % mole 
fraction in the feed, the upper boundary of the double hatched 
area in Figure 4 is obtained. The c i r c l e s represent these 
maxima. They do not represent the same cycle s p l i t ratios or 
periods, but they do define an upper bound for space-mean, 
time-average rates obtainable by forced composition cycling for 
the experimental conditions employed. The open c i r c l e s in the 
bottom curve show the space average steady state synthesis 
rates. These points define the upper bound of space-mean rates 
obtainable through steady state operation. What is so s t r i k i n g 
about Figure 3 is that i t demonstrates that periodic operation 
can achieve catalyst a c t i v i t y or reactor performances which 
cannot be obtained by even optimal steady-state operation. Of 
course, cycle s p l i t and period must be properly chosen. 
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Ο 02 0.4 0.6 0.8 IX) 

MEAN MOLE FRACTION OF HYDROGEN (BALANCE N2) 

Figure 4. Steady-state and time-average cycling rate envelopes vs. feed com
position. Conditions: Τ = 400°C; Ρ = 2.38 MPa; and particle diam = 0.3 mm. 

Key: -Ο-, steady-state; and —·—, cycling. 
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The results i l l u s t r a t e d by Figures 3 and 4 resemble those 
obtained in the Berty recycle reactor under similar conditions. 
The space-mean, time average rates for the fixed-bed reactor 
were only about 50% of those measured in the Berty reactor, 
because, of course the former reactor achieved conversions high 
enough for the back reaction to become important. The 
significance of these observations is that 1) CSTR and 
d i f f e r e n t i a l reactors, widely used for laboratory studies, seem 
to r e f l e c t performance improvements obtainable with fixed-bed, 
integral reactor which resemble commercial units, and 2) 
improvement from periodic operation are s t i l l observed even when 
reverse reactions become important. 

Influence of Cycling Variables 

Besides the very
evident in Figure 3, the Ife mole fraction in the reactor feed 
and the cycle s p l i t r a t i o are also important. This is evident 
from the curvature of the upper bound in Figure 4. This figure 
indicates the improvement possible at the stoichiometric H2 mole 
fraction is about 30%, but rises to 40% when the mole fraction 
is 0.5 and as high as 46% when i t is 0.9. 

The maximum in the steady-state rate at the stoichiometric 
H2 mole fraction (0.75) indicates that synthesis rate i s 
controlled by a surface rate process, not H2 or Nfc chemisorption 
(13). Greater increase in catalyst a c t i v i t y at higher H2 mole 
fractions suggests that hydrogen is involved in the rate 
controlling step. 

The improvement over the steady state rate is also 
sensitive to the cycle s p l i t . When cycling with a period of 8 
min. between pure and a lfe-N2 mixture, such that the mean Ife 
mole fraction was always 0.5, a cycle s p l i t of 0.2 gave a 
time-average rate about 20% higher than steady state. At a 
cycle s p l i t of 0.4, this maximum f e l l to about 15%. Also, as 
the cycle period increased, the time-average rate f e l l more 
rapidly for the higher cycle s p l i t values. The cycle s p l i t 
results also suggests Ife i s involved in the rate c o n t r o l l i n g 
step. 

Interpretation 

We have speculated in other investigations of cycling (14) 
that periodic changes in gas phase composition cause changes in 
co-ordination of the active cations in the catalyst at the 
gas-solid interface which propagate inward towards the catalyst 
support interface. Thus, we have attributed improvement due to 
periodic operation to storage of a reactant, oxygen, in the 
catalyst resulting in more of the catalyst (by weight) 
part i c i p a t i n g in the reaction. This seems to be what is 
happening in NH3 synthesis over iron. Transient experiments 
point to the formation of iron n i t r i d e when the iron catalyst is 
exposed to nitrogen (13). The existence of nitrides in the Nlfc 
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synthesis system is claimed, indeed, by many investigators 
(15-19). The ammonia precursors must form then from Ife 
reduction of the n i t r i d e . Nitride formation must be quite rapid 
i f the highest improvement due to periodic operation is found in 
the Nz-deficient region. Possibly Hz reduction of the nit r i d e 
is rate l i m i t i n g . 

Hot Spot and Bed Temperature P r o f i l e 

The substantial change in the temperature p r o f i l e that 
accompanies forced concentration cycling is shown in Figure 5. 
The dark c i r c l e s represent the steady state temperature p r o f i l e 
in the fixed bed. The open c i r c l e s represent mean behavior for 
a cycle-period of 20 minutes. The hatched region indicates the 
temperature fluctuation
temperature is increase
operation and is shifted downstream s l i g h t l y . This is 
remarkable because the time-average rate of reaction is about 
25% greater. The temperature p r o f i l e in periodic operation is 
almost identical to the steady-state p r o f i l e upstream from the 
maximum, but downstream i t is more uniform than the l a t t e r . The 
case shown in Figure 5 is a "woest case" value, since the length 
of the period causes local temperatures to fluctuate within the 
region shown in the figure. At shorter cycle-periods (for 
example, at 6 minutes), the temperature p r o f i l e does not 
fluctuate with time because of the thermal i n e r t i a of the bed 
rela t i v e to the speed of change of concentration in the bed. 
Furthermore, as the cycle-period is reduced to 6 minutes, the 
temperature p r o f i l e downstream from the maximum increases and 
the bed temperature becomes more uniform. Equating the maximum 
temperature in Figure 5 with a hot spot, i t seems reasonable 
that under certain conditions, periodic operation offers a 
method of avoiding or reducing hot-spot problems in fixed-bed, 
exothermic reactors. Our expectations at the outset of this 
study seem confirmed. 

Industrial Application 

A series of runs was done at a tot a l pressure of 3.76 MPa 
(58% increase in pressure). In general, substantial 
improvements were found, p a r t i c u l a r l y at the longer periods 
(16-20 min). For reasons that are not understood, an increase 
in t o t a l pressure appears to improve the time-average rate. 
Thus, for periodic operation at 20-30 MPa, the range of 
indu s t r i a l operation, might also improve the rate. 

Our demonstration that forced composition cycling of Nt% 
synthesis over an iron catalyst dramatically increases catalyst 
a c t i v i t y and smooths the temperature p r o f i l e in fixed catalyst 
beds seems to c a l l for an examination of the application of the 
approach to f u l l - s c a l e reactors. There is a major process 
design hurdle which must be overcome, however. Industrial 
reactors give r e l a t i v e l y low conversions of NH3 per pass, so 
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4301 
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BED LENGTH , 4 / L 

Figure 5. Temperature profiles in the fixed-bed reactor. Conditions: time-average 
Ht mol jr. = 0.5; and cycle split = 0.2. Key: · , steady-state; and Ο, τ = 20 

(exp. no. 405). 
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that the reactant gases must be recycled after NH3 is stripped 
out. If a synthesis reactor is to be operated p e r i o d i c a l l y , the 
phase lags in the recycle streams must equal or be an even 
multiple of lags or hold-up in the reactor. This may be 
d i f f i c u l t to achieve in practice. 
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Dynamic Behavior of an Industrial Scale Fixed-
Bed Catalytic Reactor 

L . S. KERSHENBAUM and F. LOPEZ-ISUNZA 1 

Imperial College of Science and Technology, Department of Chemical Engineering 
and Chemical Technology, London SW7, England 

Transient and stead
ature measurement
air oxidation of o-xylene to phthalic anhydride 
over a V2O5/TiO2 catalyst in an in d u s t r i a l scale 
fixed-bed reactor, to determine the effects of 
variations of jacket temperature and feed composi
tion and temperature on the dynamic behaviour of 
the reactor. For small perturbations, the experi
mental results are consistent with the predictions 
from a heterogeneous two-dimensional model of the 
reactor and give insight into the behaviour of 
reactors with small tube-to-particle diameter 
ra t i o s . However, somewhat larger perturbations 
lead to a s l i g h t , partially reversible deactiva
tion of the catalyst which makes a comparison 
with model predictions difficult. 

A dynamic model for on-line estimation and control of a fixed 
bed c a t a l y t i c reactor must be based on a thorough experimental 
program. It must be able to predict the measured experimental 
effects of the variation of key variables such as jacket tempera
ture, feed flow rate, composition and temperature on the dynamic 
behaviour of the reactor; t h i s , i n turn, requires the knowledge 
of the k i n e t i c and "e f f e c t i v e " transport parameters involved i n 
the model. 

Due to the strong interaction between the physical and 
chemical mechanisms, p a r t i c u l a r l y when catalyst deactivation i s 
present, the parameter estimation becomes very d i f f i c u l t . The 
kin e t i c parameters are normally obtained from laboratory 
scale reactors and when used i n p i l o t plant studies, have to 
be tuned (1, 2) or even re-evaluated (3, 4) to obtain reasonable 
predictions. The transport parameters are estimated 

1 Current address: Universidad Autonoma Metropolitana-Iztapalapa, Depto. de Ingenieria, 
Apdo. Postal 55-534, Mexico 09340. 

0097-6156/82/0196-0109$06.00/0 
© 1982 American Chemical Society 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



110 C H E M I C A L REACTION ENGINEERING 

either from steady state or dynamic experiments without reaction, 
to obtain approximate values under reaction conditions. 

To investigate the behaviour of the present reactor, a 
series of steady state and dynamic experiments were performed, 
consisting of reactor start-up, step changes i n feed composition 
and ramp changes i n feed and jacket temperature. Heat transfer 
experiments without reaction were also performed. Some of the 
results are compared with model simulations, using, whenever 
possible, £ p r i o r i values of model parameters. 

Experimental System 
The schematic flow diagram of the p i l o t plant i s shown i n 

Figure 1. The reactor i s a single tube of 25 mm internal diameter, 
2.5 mm wall thickness and 3  length  packed with  2.6  colum f 
V2O5/T1O2 catalyst p e l l e t s
of molten s a l t . The catalys  develope y
Fabrik von Heyden, and consisted of an inert spherical c a r r i e r 
of 8.2 mm diameter, covered with a thin active coating which 
contained V2O5 and T1O2 (5). There are 26 a x i a l sampling points 
of which 5 were used to measure composition by on-line chromato
graphy, and the rest to measure temperature using 3 mm OD p l a t 
inum resistance thermometers. For measurement of r a d i a l tempera
ture-profiles around the hot spot, the platinum resistance 
thermometers could be replaced by 1.5 mm OD Chrome 1-Alumel 
sheathed thermocouples which were free to move r a d i a l l y within 
the reactor. 

The reactant mixture, consisting of 1 mole % o-xylene i n 
a i r was raised to a temperature of 105-110°C by a vaporizer 
located up-stream of the reactor, before entering the top of 
the bed. The gas stream leaving the reactor passed to a 
condenser where the phthalic anhydride sublimated. The residual 
gas was conveyed to a stripper where the organic material was 
washed out before being vented to atmosphere. 

Theoretical Developments 
Kinetic Scheme The kine t i c s used i n this study are based 

on the work of Calderbank and co-workers CI) since their results 
have been found to apply to a variety of commercial catalysts. 
At low reactant concentration, the proposed reaction scheme can 
be summarised as comprising s i x major reactions: 

2 OX 
OT 
PT 
PA 

O-xylene 
O-tolualdehyde 
Phthalide 
Phthalic Anhydride 
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A 'redox' type of k i n e t i c model was developed i n which the rate 
of reaction for any of the Ν species, i s expressed i n the form 

6 6 
R = k ρ Σ ν .R. = y Σ ν . R. 

n ° 2 <>2s j = 1
 n J J j = 1

 n J J 

~N 
Σ k.p. . , i * i s 

1=1 

with u common for a l l reactions and species and Rj f i r s t order 
i n reactant p a r t i a l pressure. For this work, i t was assumed that 
CO2 and CO were formed i n the r a t i o of 3:1. 

Dynamic Model A two-dimensiona
was developed, which describes the mass and energy balances i n 
both phases. In dimensionless form, for the vfi1 component and 
the temperature i n the gas phase, 

3x . 3x 1 3^x 1 3x * \ /1 \ η + η - 1 , η + 1 η. = a (χ - χ ) (1) 
m 

(2) 
3t 3z P, lîlF r 3r ; 

n 

and for the coated s o l i d catalyst p e l l e t s , 

3x c 
•ne ν 

— " am ( xn - xns> + 6m "<2.· *s> Vnj R j ( V V ( 3 > 

^ = a s ( y - y s) + 6 h y ^ , y,) ̂  β. R j ( V y g) (4) 

These can be solved numerically given the usual i n i t i a l and 
boundary conditions, including the thermal boundary condition 
at the reactor wall, r=l: 

- 3y/3r = B i w (y - y w ) (5) 

E a r l i e r simulation studies (6, 7) assessed the importance of a 
ra d i a l v e l o c i t y p r o f i l e for this system and showed that the 
increased v e l o c i t y near the wall did not have a si g n i f i c a n t effect 
on the prediction of the reactor's behaviour. Subsequent work 
has assumed a uniform r a d i a l v e l o c i t y p r o f i l e . 
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In order to reduce the complexity of the model two additional 
simplifying assumptions were made, (a) With t y p i c a l residence 
times of 1 second, p a r t i c l e Reynolds numbers of 800 and tube-to-
p a r t i c l e diameter rat i o s of 3, one would expect small values of 
the wall Biot number; thus, a small number of r a d i a l f i n i t e 
difference (or collocation) points should be adequate for the 
numerical solution of the equations (8). (b) It was assumed 
that the dynamic term for the accumulation of mass at the catalyst 
p e l l e t s (eqn. 3) could be neglected (9̂ , 10). 

Numerical Solution Numerical solutions of eqns. (1) - (5) 
based on the above assumptions are reported elsewhere (7). Using 
orthogonal collocation i n the r a d i a l d i r e c t i o n (one i n t e r i o r 
collocation point) equations (1) and (2) were reduced from para
b o l i c to hyperbolic form
further reduction to a
tions and non-linear algebraic equations. This system of equations 
was solved using orthogonal collocation on f i n i t e elements (11) 
(also called global spline collocation (12)) i n the ax i a l d i r e c 
tion. The entire domain 0 < ζ 4 1 i s divided into several sub-
intervals and orthogonal collocation i s applied at i n t e r i o r points 
within these sub-intervals. The size and number of sub-intervals, 
and the number of i n t e r i o r collocation points at each sub-interval, 
were chosen to suit the steepness of the temperature p r o f i l e 
obtained. Generally, four or f i v e sub-intervals, with 4 i n t e r i o r 
points for each one, were used for the whole reactor length. 
F i n a l l y , the resulting equations - coupled ordinary d i f f e r e n t i a l 
equations (one for each collocation point) plus sets of coupled 
linear and non-linear algebraic equations - were solved by a 
fourth-order Runge-Kutta method together with Gaussian elimination 
techniques and an implementation of Broyden's method (13). 

Results and Discussion 
Details of the reactor operating conditions which correspond 

to t y p i c a l i n d u s t r i a l operation are given i n Table I. A l l the 
experiments reported here were performed after four weeks of con
tinuous running of the plant under steady conditions i n order to 
allow the catalyst a c t i v i t y to s t a b i l i z e . 

Steady-State Behaviour The dashed l i n e i n Figure 2 shows a 
typi c a l experimental a x i a l temperature p r o f i l e for conditions 
l i s t e d i n Table I. The banded region i n the v i c i n i t y of the hot 
spot includes those points (labelled a, b and c) i n which r a d i a l 
temperature p r o f i l e s were also measured using moving thermocouples. 
There, the upper and lower lin e s represent the highest measured 
temperature and the wall temperature, respectively, at those a x i a l 
points. 

The measured r a d i a l p r o f i l e s are i l l u s t r a t e d i n Figure 3 and 
show a remarkable re p r o d u c i b i l i t y despite the low tub e / p a r t i c l e o 

diameter r a t i o . The magnitude of the r a d i a l gradient (up to 40 C 
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Table I 
Reactor Operating Conditions 

A i r flow rate: 4 m3/hr (STP) 
O-xylene flow rate: 176 g/hr 
Feed temperature: 370°C 
Inlet Pressure: 1.4 bar 

Bath Temperature: 380°C 
Bed Voidage: 0.5 
Catalyst Bulk Density: 

1300 kg/m3 

i n a J" r a d i a l distance) gives valuable information about the heat 
transfer properties of beds i n this important, but poorly charac
terized regime. The results w i l l be presented i n more d e t a i l at 
a l a t e r date (7, 14). The asymmetry i n the r a d i a l p r o f i l e i s 
caused by the conductive heat losses along the sampling tube which 
i s welded to the reactor tube and through which the thermocouple 
enters the reactor. Onl
p r o f i l e s i n Figure 3 ar

The results of the steady-state model for the reactor under 
the same operating conditions are displayed as the s o l i d l i n e s i n 
Figure 2. The predicted catalyst and gas temperatures are shown 
at each of the a x i a l collocation points. As discussed e a r l i e r , 
a p r i o r i values of k i n e t i c parameters were used (1, 2); s i m i l a r l y , 
heat and mass transfer parameters (which are l i s t e d i n Table II) 
were taken from standard correlations (15, 16, 17) or from experi
mental temperature measurements i n the reactor under non-reactive 
conditions. The agreement with experimental data i s encouraging, 
considering the uncertainty which exists i n the catalyst a c t i v i t y 
and i n the heat transfer parameters for beds with such large 
p a r t i c l e s . 

Dynamic Behaviour Reactor behaviour during start-up i s 
i l l u s t r a t e d i n Figure 4. The reactor was operating i n i t i a l l y at 
normal conditions but without o-xylene i n the f e e d , when the 
o-xylene flow rate was raised to 152 g/hr. The hot spot developed 
quickly (within 3 minutes) at the reactor exit and propagated 
upstream as heat transfer and chemical reaction effects led to 
the heating of the catalyst p e l l e t s to their steady-state tempera
tures . 

Figure 5 shows the less d r a s t i c response to a step increase 
i n feed composition, and subsequently, a step decrease of the 
same magnitude. Perturbations i n the form of step changes up to 
10%, caused reversible increases or decreases i n the magnitude 
of the hot spot but no change i n i t s position. Figure 5 also 
shows the transient response predicted by the simulation. 

Larger increases i n the feed concentration, however, led to 
a p a r t i a l deactivation of the catalyst near the reactor i n l e t . 
This was reflected by the movement of the hot spot down towards 
the middle of the reactor; i t was not possible to predict this 
behaviour without the arbitrary incorporation of catalyst 
a c t i v i t y p r o f i l e s i n the bed. 
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560 

AXIAL POSITION (CM) 

Figure 2. Typical steady-state axial temperature profiles. Key: - Λ - Δ - , simu
lated catalyst surface temperature; - V - V - , simulated gas temperature; and 

--0--0--, experimental results. 

Figure 3. Steady-state radial temperature profiles corresponding to Figure 2. 
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Table II 
Transport Parameters for Reactor Simulation 

Ef f e c t i v e Wall Biot Number, B i w =0.84 
Eff e c t i v e Radial Peclet Numbers: P^ = 0.083 ; P m = 0.075 
Eff e c t i v e Gas/Solid Heat and Mass Transfer c o e f f i c i e n t s : 

h g = 264. W/m2 °C ; k g = 0.161 m/s 
Dimensionless Gas/Solid Transport Parameters: a^ = 34.6 ; 

am = 17.1 ; a s = 0.00945 

The s e n s i t i v i t y of the ax i a l temperature p r o f i l e to the feed 
and s a l t bath temperature
t i v e l y . Figure 6 show
feed temperature by 2 C over a period of 10 minutes. For small 
perturbations (up to 5°C), the hot spot travels downstream and 
passes through a maximum value before reaching i t s new steady-
state. When the disturbance i s reversed, the hot spot moves 
upstream i n a similar manner and returns to the former steady-
state. 

Figure 7 shows the effect of a 1°C increase i n the s a l t bath 
temperature. As before, the hot spot travels upstream; however, 
i n this case", i t passes through a maximum temperature which could 
be high enough to deactivate that region of the bed, especially 
when a newly charged, highly active catalyst i s being used. 

Conclusions 

Dynamic experiments have shown that for this reactor system, 
feed composition and flow rate can be used to a l t e r the position 
and magnitude of the hot spot within f a i r l y tight l i m i t s . When 
feed and s a l t bath temperature disturbances are of a somewhat 
larger scale, s i g n i f i c a n t departures from the o r i g i n a l steady-state 
are observed, some of which can lead to catalyst deactivation. 
Model calculations based upon some experimentally determined heat 
transfer parameters plus k i n e t i c schemes and other parameters 
taken from the l i t e r a t u r e give reasonably good predictions of the 
steady-state and dynamic behaviour of the reactor when perturba
tions are small. Serious limitations exist for the prediction of 
the response to large perturbations since the observed variations 
i n catalyst a c t i v i t y are not contained i n the k i n e t i c scheme and 
parameter estimation becomes very uncertain. 
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Figure 4. Transient behavior during startup. Key: X, t = 0; 0, 3 min; • , 5 
mm; O, 9 mm; ami Δ , 19 min ~ oo. 

Figure 5. Transient behavior during step changes in o-xylene feed composition. 
Key to step increase: O, t = 0; Δ , 5 mm; and X, 45 mm — oo. Key to step 
decrease: Χ, ί = 0; and • , i5 mm ~ oo. Simulation results: , step increase. 
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470 
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Figure 6. Transient behavior during ramp changes in feed temperature. Key to 
ramp increase: O,t = 0; 10 min; and Δ , 25 min ~ oo. Key to ramp decrease: 

Δ, t = 0; and X 20 min ~ oo. 
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Figure 7. Transient behavior during ramp changes in the salt bath temperature. 
Key: X,t= 0; V, 10min; Δ , 17min;and O, 29min ~ oo. 
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Legend of Symbols 
a^, a g : dimensionless gas/solid heat transfer c o e f f i c i e n t s 
% : dimensionless gas/solid mass transfer c o e f f i c i e n t 
B i w : effec t i v e wall Biot number 

: rate constant 
**is : p a r t i a l pressure of component i at the catalyst surface 
P^, P^: effec t i v e r a d i a

transfer (includin
r : dimensionless r a d i a l position 
Rj : rate of the reaction 

* rate of reaction for the n f c^ component 
t : dimensionless time 
xn> x n s : dimensionless concentration for the component i n 

the bulk and at the catalyst surface 
y, y : dimensionless temperature i n the bulk and at the 

s catalyst surface 
ζ : dimensionless a x i a l position 
Bj : dimensionless adiabatic temp, r i s e for the j ^ 1 reaction 
δ^, 6*M : Damkohler numbers 
μ : common part of k i n e t i c expressions 
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Modeling Complex Reaction Systems in 
Fluidized-Bed Reactors 

WERNER BAUER and JOACHIM WERTHER 

Technical University Hamburg-Harburg, Harburger Schloss-Strasse 20, 
D 2100 Hamburg 90, Federal Republic of Germany 

In the present pape  two-phas
for f l u i d i z e d bed reactors is applied to the 
synthesis of maleic anhydride as an example of 
a complex reaction system. Based on experimen
tal data found in the l i t e r a t u r e two process 
routes differing i n the feedstocks used were 
investigated. In both cases the model is able 
to describe the behaviour of the fluid bed 
reactors including the scale-up ef f e c t s . 

Among the many mathematical models of f l u i d i z e d bed reactors 
found i n the l i t e r a t u r e the model of Werther (1^,2) has the advan
tage that the scale-dependent influence of the bed hydrodynamics 
on the reaction behaviour i s taken into account. This model has 
been tested with i n d u s t r i a l type gas distributors by means of 
RTD-measurements (3)and conversion measurements (4), respective
l y . In the l a t t e r investigation (4) a simple heterogeneous cata
l y t i c reaction i . e . the c a t a l y t i c decomposition of ozone has been 
used. In the present paper the same modelling approach i s applied 
to complex reaction systems. The reaction system chosen as an 
example of a complex f l u i d bed reaction i s the synthesis of 
maleic anhydride (Figure 1). 

Maleic anhydride i s widely used i n polyester resins, a g r i 
c u l t u r a l chemicals and lube additives. The growth rate of i t s 
production i s currently 7-9 percent per year world-wide. In the 
U.S. the expected consumption by 1983 i s 223,000 tons per year 
(5). Conventionally, the production of maleic anhydride v i a hete
rogeneous c a t a l y t i c oxidation of benzene i s performed i n fixed 
bed reactors. Rapid increase i n benzene prizes and tight benzene-
emission control standards caused intense investigations i n a l t e r 
native feedstocks l i k e n-butenes (6), butane (5) and the C,-frac-
tion of naphtha crackers (7). As for these alternative feedstocks 
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maleic anhydride s e l e c t i v i t y i s small compared to the benzene 
route, the f l u i d bed reactor becomes an attractiv e alternative 
to the fixed bed because the concentration of hydrocarbons i n the 
f l u i d i z i n g gas can be kept up to 10 mole %. A large part of the 
maleic anhydride produced can thus be removed by p a r t i a l conden
sation (8 ). Production costs are further reduced by the fact that 
for these processes f l u i d bed reactors can be designed for high
er single t r a i n capacities than fixed bed reactors would allow 
for. 

The two-phase model for complex reaction systems 

As i s shown i n Figure 2 , i n the two-phase model the f l u i d bed 
reactor i s assumed to be divided into two phases with mass 
transfer across the phas
the two phases and the
phase are described i n analogy to gas/liquid reactors, i . e . as an 
absorption of the reactants from the bubble phase with pseudo-
homogeneous reaction i n the suspension phase. Mass transfer from 
the bubble surface into the bulk of the suspension phase i s de
scribed by the f i l m theory with 6 being the thickness of the 
f i l m . D i s the d i f f u s i o n c o e f f i c i e n t of the gas and α denotes 
the mass transfer c o e f f i c i e n t based on unit of transfer area bet
ween the two phases. 6 i s given by 6 = D/a. 

Given any complex system of heterogeneous c a t a l y t i c f i r s t 
order reactions the mass balance on a d i f f e r e n t i a l volume el e 
ment of the reactor at the height h yields the following system 
of d i f f e r e n t i a l equations for the j - t h reaction component: 
i) for the bubble phase 

dc (h) 9c f.(h,y) 
y=0 • « m f dh " a y 

i i ) for the f i l m region of the suspension phase 

3 2c,.(h,y) 
D ^ " Σ (k c (h,y) - k..c .(h,y)) = 0 

i i i ) for the bulk of the suspension phase 

9c (h,y) 
- D a(h) — | J 

3y y=6 " umf 
d c k j ( h ) 

dh 

- ( 1-e b(h) - a(h)<5) E ( k j i C k j ( h ) - k . ^ O O ) - 0 
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0 benzene Ρ 

n- uurenes I Ρ 

c - c - ç - ç . H ^ c / 
- c - o c - o 

' 1 1 n-butènes 

I I I I 
- C - C - C - C - butan
ι I I I 

^-fraction (naphtha cracker) maleic anhydride (MA) 

Figure 1. Various feedstocks used for the production of maleic anhydride. Right, 
feedstock; and left, product. 

Figure 2. Two-phase model as found in Refs. 1 and 2. 
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As a f i r s t approximation a convective term i n the f i l m region has 
been negleted, u i s the s u p e r f i c i a l gas velocity and u ^ denotes 
the gas velocity at minimum f l u i d i z a t i o n conditions. The s p e c i f i c 
mass transfer area a(h) i s based on unit volume of the expanded 
f l u i d i z e d bed and ε^(η) i s the bubble gas hold-up at a height h 
above the bottom plate. Mathematical expressions for these two 
l a t t e r quantities may be found i n d e t a i l in (20). The concentra
tions of the reactants i n the bubble phase and i n f i l m and bulk 
of the suspension phase are denoted by c^, c^ and c^, respec
t i v e l y . The rate constant for the f i r s t order heterogeneous 
c a t a l y t i c reaction of the component i to component j i s denoted 
by k... 

11 
JThe application of the two-phase model suggested here re

quires detailed knowledg
i) design of the f l u i

tor 
i i ) catalyst properties 

i i i ) kinetics and feed composition. 
In the following the synthesis of maleic anhydride i n the f l u i d i 
zed bed w i l l be described for two different feedstocks i . e . ben
zene and C^-fractions of naphtha crackers, respectively. 
Synthesis of maleic anhydride on benzene feedstock 

The c a t a l y t i c oxidation of benzene to maleic anhydride i n a f l u i d 
bed reactor has been investigated by Kizer, Chavarie, Laguerie 
and Cassimatis (9). Their reactor had an inner diameter of 18 cm. 
Shallow beds of catalyst with bed heights less then 10 cm were 
used with reaction temperatures between 420 and 460 °C. The 
catalyst was s i l i c a supported ^2^5* 

Several reaction kinetics which d i f f e r i n the degree of com
plexity may be found i n the l i t e r a t u r e for the synthesis of 
maleic anhydride on the basis of benzene (10,11,21). As no major 
byproducts are reported by Chavarie and coworkers the r e l a t i v e l y 
simple reaction scheme proposed by Ramirez and Calderbank (11) 
i s adopted i n the following model calculations: 

k k benzene 12—•maleic anhydride -23 *C0,C0? 

A l l reactions are assumed to be of f i r s t order. The numerical 
values of the rate constants k^» k^^ and k.^> respectively, re
ported by Ramirez and Calderbank could not d i r e c t l y be used for 
the interpretation of Chavarie's data attempted here as the cata
l y s t used i n the k i n e t i c studies d i f f e r e d s l i g h t l y from the one 
used i n the f l u i d bed reactor. 

In the present investigation Calderbank's reaction scheme 
has been introduced into the f l u i d bed reaction model described 
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above. In order to f a c i l i t a t e the numerical calculation the r a t i o 
^23 ^ ̂ 12 + ^13^ r e P o r t e ( l Calderbank has been adopted. Thus 
only the two rate constants k ^ and n a<l to be determined by 
numerical f i t t i n g the model to the experiments. 

Results of these calculations are shown in Figure 3, where 
benzene conversion and maleic anhydride y i e l d , respectively, are 
plotted as functions of bed height H with the gas troughput as a 
parameter for a reaction temperature of 420 °C. The model i s seen 
to give a good description of the influence of gas throughput upon 
both benzene conversion and MA y i e l d . In par t i c u l a r , the model 
describes the effect of either increasing or decreasing MA y i e l d 
depending on the gas throughput. 

Synthesis of maleic anhydride on C^-feedstock 

The C,-fraction of naphth
Mitsubishi f l u i d bed process for the production of maleic anhy
dride. This process was commercialized i n 1970. Many data related 
to this process including the catalyst screening, laboratory ex
periments, p i l o t plant design, reactor behaviour and the develop
ment of higher s e l e c t i v i t y catalysts may be found i n the patent 
l i t e r a t u r e (12-17).The patents thus give a nearly complete p i c 
ture of the scale-up process. The data have been used i n the 
present investigation to test the f l u i d bed reactor model. 

In (12-17) measurements i n f l u i d i z e d beds of 4 cm, 15 cm and 
45 cm diameter are reported. On the laboratory scale i . e . i n the 
4 cm dia. bed the catalyst screening was carried out using 
1-butene and butadiene as a feedstock (12). Scale-up problems i n 
cluding the gas dis t r i b u t o r design and the redispersion of gas i n 
the bed by screen plates were studied i n two p i l o t plants with 
bed diameters of 15 and 45 cm, respectively (12,13,14). The hydro
carbon feed varied i n composition from 30 to 35 mole % n-butenes, 
30 to 32 mole % butadiene, 29 to 35 mole % i-butene and about 
7 mole % butane. 

The catalyst used i n the Mitsubishi-process i s a s i l i c a car
r i e r with vanadium and phosphor as active components. A catalyst 
with the same composition was used by Varma and Saraf (18,19) i n 
their investigation of the kinetics of the MA-synthesis on C^-
feedstocks. Their experiments i n fixed beds cover a range of 
temperatures similar to the Mitsubishi process data. Consequently 
the results of Varma and Saraf are used i n the present i n v e s t i 
gation. Basic to the model calculations i s therefore the f o l 
lowing reaction scheme: 

k « 
n-butenes -12 — • b u t a d i e n e— - 2 3 - » M A —^34 — » C 0 , C0 2 

- k 24 . 

i-butene -54 
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Figure 5. Comparison of calculations with experimental data of Ref. 9. Benzene 
conversion X (top) and yield of maleic anhydride Y MA (bottom) plotted as func
tions of bed height H (1.5 mole% hydrocarbon feed). Key: , Ο, V = 4m8/h; 

and , Δ , V - 6m*/h. 
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According to (12) for the experimental conditions given here, 
i-butene and butane are assumed to be inert with regard to the 
production of MA. 

Varma and Saraf have derived correlations of the Arrhenius 
type for the ki n e t i c constants k^> ^23* ̂ 24* ̂ 54* r e s P e c " 
t i v e l y . The authors were not able to obtain a correlation for the 
kinet i c parameter k ^ due to the fact that only r e l a t i v e l y l i t t l e 
decomposition of MA was observed under their experimental con
di t i o n s . 

In the present investigation the parameter k ^ was deter
mined by f i t t i n g the model calculations to the experimental re
sults i n the 45 cm dia. bed, the bed temperature being 400 °C 
(13,14). The best f i t was obtained for k ^ = 0.017 mol/(g atm h). 

Since i n the kinetics of Varma and Saraf the activation 
energies Ε i n Arrhenius
d i f f e r only s l i g h t l y , a
assumed for the activation energy related to k ^ . As a f i r s t 
approximation the rate constant may then be described by 

k34 = k o e x P [ " F T ] 

g 

with k Q • 11900 mole/(g atm h). R =1.987 cal/(mole K) i s the 
gas constant and Τ denotes the ablolute temperature. 

The results of the calculations are depicted i n Figure 4 
where both the conversion of n-butenes and butadiene and the MA 
yi e l d are plotted as functions of the bed height H. The hydro
carbons are injected at h - 0.12 m above the bottom plate. 
Screen plates for the redispersion of the gas i n the bed are 
placed at 1.2, 1.7, 2.2 and 2.7 m above the bottom. In the model 
the effect of the screen plates has been considered by mixing 
the gas of the bubble and suspension phases, respectively, and by 
restarting the bubble growth at the respective l e v e l of redis 
persion with an i n i t i a l diameter of 4 cm. 

Comparing theory and experiment i n Figure 4 i t should be 
born i n mind that the calculated conversion X i s based ent i r e l y 
upon Varma and Saraf 1 s k i n e t i c parameters, i . e . no f i t t i n g was 
possible. The measured conversion i s only s l i g h t l y higher then 
the calculated one. The model calculation demonstrates very 
c l e a r l y that the redispersion of the gas by the screen plates 
i s a prerequisite for a high y i e l d of maleic anhydride i n a large 
scale reactor. A maximum of the MA y i e l d i s obtained for a bed 
height of about 2 m, the conversion however i s then reduced to 
about 85 %. 

In Figure 5 results of the model calculations for the labo
ratory reactor with 4 cm diameter are shown. The corresponding 
measurements were carried out with a feed of 4 mole % 1-butene 
mixed with a i r (12). The f l u i d i z e d bed was kept at a temperature 
of 410 °C. With the exception of k ^ numerical values of the 
rate constants were calculated according to Varma and Saraf. For 
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Figure 5. Comparison of theory and experiment at 410°C with bed diameter 
0.04 m; space velocity, 1000/h; and umf, 0.0041 m/s. 
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the calculation of the rate constant the expression derived 
above was used. 

In Figure 5 are plotted the f r a c t i o n of unconverted 1-butene, 
(1-X), and the butadiene and MA y i e l d s , respectively. The only 
information on the actual behaviour of the reactor exists i n the 
measured value of the MA y i e l d . Without any parameter f i t t i n g the 
model i s seen to give a y i e l d value that i s close to the measured 
one. The calculation shows that a maximum of the MA y i e l d i s ob
tained at a height of 7 cm above the bottom plate whereas 2 me
tres of bed height were necessary on the p i l o t scale to obtain 
approximately the same y i e l d . This strong influence of the scale 
on the performance of the reactor i s t y p i c a l for f l u i d i z e d bed 
reactors (22). The model calculations show that t h i s influence i s 
due to changes i n f l u i d bed hydrodynamics i n the course of the 
scale-up. 

This i s i l l u s t r a t e
the 15 cm dia. bed are presented. This reactor was equipped with 
a perforated plate d i s t r i b u t o r the o r i f i c e s of which had a d i a 
meter of 1 cm (12,13). The model i s seen to give a good descrip
tion of the MA y i e l d and of the CO, CO^ y i e l d . The butènes and 
butadiene conversion, however, i s predicted too low. 

Calculated and experimental maleic anhydride yields for the 
three f l u i d bed reactors involved i n the scale-up of the Mitsu
b i s h i process are shown together i n Figure 7. The y i e l d value 
for the 45 cm d i a . reactor was used to determine the reaction 
rate constant k ^ , but the calculations for the 15 cm dia. bed 
and for the laboratory reactor with 4 cm diameter were performed 
without any parameter f i t t i n g . The calculation for the 15 cm bed 
i s surprisingly close to the measurement whereas there i s some 
deviation between theory and experiment on the laboratory scale 
the reason of which i s t not quite clear. I t should be noted how
ever that i n the laboratory reactor 1-butene was used as feed 
while on the p i l o t scale C^-fractions of the naphtha cracker i . e . 
mixtures of various hydrocarbons were used. 

Summary and conclusions 

In the present paper Werther 1s two-phase model has been applied 
to the synthesis of maleic anhydride as an example of a complex 
reaction system. Based on experimental data found i n the l i t e r a 
ture two process routes were investigated. For the synthesis of 
MA with benzene as a feedstock as well as for the synthesis with 
C^-fractions of naphtha crackers as feedstocks the model i s shown 
to be able to describe the behaviour of the f l u i d bed reactor. In 
par t i c u l a r the changes i n hydrodynamics i n the course of the 
reactor scale-up are considered i n the present model. Thus the 
model allows to describe the behaviour of the f l u i d i z e d bed re
actor on d i f f e r e n t scales. The model may therefore be helpful i n 
the development of i n d u s t r i a l f l u i d i z e d bed processes. 
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Figure 6. Comparison of theory and experiment at 430°C with bed diameter, 
0.15 m; u, 0.60 m/s; and umf, 0.0365 m/s. Hatched areas indicate measurements. 

MA 
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Figure 7. Calculated and measured yields of maleic anhydride in beds of different 
diameters dt. 
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Runaway in an Industrial Hydrogenation Reactor 

GERHART EIGENBERGER and ULRIKE WEGERLE 
BASF A G , D-6700 Ludwigshafen, Federal Republic of Germany 

In adiabaticall
reactors temperatur
under steady-state conditions. They are attributed 
to the formation of areas with diff e r e n t fluid 
residence time due to obstructions i n the packed 
bed. It is shown that in addition to these steady
-state effects dynamic instabilities may arise which 
lead to the temporary formation of excess tempera
tures well above the steady-state l i m i t if a sudden 
l o c a l reduction of the flow rate occurs. An example 
of such a runaway in an i n d u s t r i a l hydrogenation 
reactor is presented together with model c a l c u l a 
tions which reveal d e t a i l s of the onset and course 
of the reaction runaway. 

The hydrogénation of hydrocarbons involves highly exothermic 
reactions which are often carried out at elevated pressure 
(50-300 bar). Because of the high pressure not a multitube 
construction but a single large diameter tube i s used as the 
reactor which means that the reaction has to be run adiabati
c a l l y . If the hydrocarbon feed i s a l i q u i d , a three phase gas-
l i q u i d - s o l i d reaction takes place i n the catalyst bed. Normally 
only p a r t i a l hydrogénation i s required, but at elevated tempera
tures and with a s u f f i c i e n t excess of hydrogen the reaction may 
run away up to t o t a l methanation. The hydrogénation of benzene 
to cyclohexane i s a simple example: 

C 6H 6 - t 3 H 2 * . C 6 H 1 2 - * H 2 - * 6CH4 (1) 
Because of the considerable heat generation and the potential 

danger of a reaction runaway the temperature control of hydro
génation reactors i s of prime importance. Since the reaction i s 
carried out adiabatically only two p o s s i b i l i t i e s e x i s t : either 
the degree of hydrogénation can be controlled by the residence 
time or the adiabatic temperature r i s e can be limited by d i l u t i n g 
the feed e.g. by c i r c u l a t i n g a large amount of hydrogen. 
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The hydrogénation of a l i q u i d feed i n an adiabatic fixed bed with 
hydrogen i n substantial excess w i l l now be considered. 

Steady state e f f e c t s . In a simple adiabatic reaction the 
existence of temperature hotspots seems to be impossible i n 
steady state. I t i s well known however that strong temperature 
excursions have been observed i n i n d u s t r i a l hydrogénation reac
tors (_^,2). S.B. Jaffe (2) has presented a reasonable explanation 
for these phenomena. In a large diameter packed bed, there i s 
l i k e l y to be flow maldistribution, the most serious form of which 
can be caused by obstructions which block part of the cross-
sectional area for f l u i d flow. An example i s given i n Figure 1 
where a c i r c u l a r disc with a radius of 0.085 m i s thought to ob
struct the inner part of the reactor. Just behind the obstruction 
the a x i a l flow rate vp i
somewhat further downstrea
r a d i a l cross flow. This means that there i s a very long residence 
time behind the obstruction where the reaction can proceed up to 
t o t a l conversion. It i s shown i n Figure 2 that i n this region the 
complete conversion of the l i q u i d feed (concentration cp) results 
i n a pronounced temperature hot spot. Without the obstruction 
only a small degree of conversion and a minor temperature increase 
would occur as i n the peripheral parts (r = 0.15 m) of the reac
tor. 

Dynamic I n s t a b i l i t i e s . We were reminded of the above results 
when we were confronted with several temperature runaways i n an 
i n d u s t r i a l hydrogénation reactor. A sketch of the reactor i s given 
i n Figure 3. The l i q u i d feed and hydrogen i n high excess (about 
80 times more than the stoichiometric requirement) enter the reac
tor at the bottom, the gas bubbles throught the catalyst bed and 
both gas and l i q u i d move upwards at diff e r e n t v e l o c i t i e s . The 
reaction i s p a r t i a l hydrogénation, b a s i c a l l y similar to equ. (1), 
especially i n the fact that the reaction can turn to t o t a l metha-
nation i f the temperature runs out of control. However, due to 
the high d i l u t i o n with hydrogen only a 30°C temperature r i s e has 
to be expected i n normal operation. A number of temperature mea
surements are i n s t a l l e d along the axis of the reactor and Figure 4 
shows a t y p i c a l recorder s t r i p of these temperatures. I t can be 
seen that the reactor has been running very steadily between 
15:00 and 21:00. But at 21:15 a l l of a sudden one temperature 
takes off at more than 100°C/min and the two adjacent tempera
tures follow. For no obvious reason a sudden runaway of the 
reaction occurs with excess temperatures of well above 300°C. 
The automatic shut-down control stopped the reaction by purging 
the reactor with nitrogen and the temperatures dropped again. 

The cause of this behaviour was a mystery for some time, 
since the runaway occurred during completely steady operating 
conditions. An obvious suggestion was to attribute the runaway 
to a switch i n the reaction mechanism from p a r t i a l hydrogénation 
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Figure 2. Temperature (top) and liquid concentration cF (bottom) behind obstruc
tion. 
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0,6 m 

(0,2m3/h) (50m3/h) 

Figure 3. Sketch of the hydrogénation reactor considered. 
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Figure 4. Recorder strip of reactor temperatures during runaway. 
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to t o t a l methanation. However, i t could ea s i l y be shown that even 
with t o t a l methanation, the adiabatic temperature r i s e was below 
80°C and not above 300°C as observed. 

Another suggestion was the influence of a flow reduction i n 
the reactor. This would be detrimental i n the case of a reduced 
throughput of hydrogen, since the large excess of hydrogen i s 
used primarily to remove the heat and keep the temperature i n 
crease small. Figure 5 shows some simulation results based upon 
a simple one-dimensional two-phase model of the reactor. Under 
normal operating conditions there i s a rapid consumption of the 
l i q u i d feed component CF over the f i r s t meters of the reactor. 
However, the temperature increase i s only a few degrees c e n t i 
grade because of the great excess of hydrogen. If the hydrogen 
flow i s reduced to 1/4, the heat removal i s only 1/4, and hence 
the temperature increas
concentration drops mor

These steady-state calculations are of course not s u f f i c i e n t 
to explain a temperature excess of more than 300°C. It can be seen 
however, that during the transient from the f i r s t steady state to 
the state of reduced throughput of gas, the f l u i d concentration 
has to drop considerably, i . e . , a substantial amount of the f l u i d 
holdup proportional to the area between c F ( t ^ 0 ) and cpCt-* 0*) 
w i l l react during the transient. This i s a large quantity compared 
with the amount of f l u i d feed that enters the reactor during the 
same time. A dynamic calculation of the transient (Figure 6) re
veals that i t i s so much that the hydrogen i s completely consumed 
temporarily and high excess temperatures i n the range of 300°C 
occur. 

A sudden reduction of the hydrogen flow rate may thus be a 
reasonable explanation of the phenomena observed. However, accord
ing to the records the to t a l gas flow rate was kept constant. 
The only explanation i s that a l o c a l and sudden flow m a l d i s t r i 
bution occurred within the reactor, l i k e the one discussed i n the 
f i r s t section. 

Such a flow maldistribution can be caused by an obstruction 
i n the packed bed due to catalyst abrasions and the formation of 
cracked products and i t was well known that the catalyst used was 
susceptible to this kind of problem. 

As a consequence of this explanation the reaction runaway to 
to t a l methanation i s not a necessary condition for the observed 
phenomenon. Any simple exothermic two phase reaction i n an adia
batic reactor ought to show the same behaviour provided that one 
phase with a high throughput i s used to carry the heat out of the 
reactor and the flow i s suddenly reduced. This w i l l be shown i n 
the following simulation r e s u l t s . Due to problems with the numeri
cal s t a b i l i t y of the solution (see Apendix) only a moderate reac
ti o n rate w i l l be considered. Reaction parameters are chosen i n 
such a way that i n steady state the l i q u i d concentration Cf drops 
from 4.42 to 3.11 kmol/m3 but the temperature r i s e i s only 3°C 
(hydrogen i n great excess). At t = 0 the uniform flow p r o f i l e 
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Figure 6. Transient behavior. 
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changes to one similar to Figure 1 and a transient develops that 
i s shown i n Figure 7. Due to the increased residence time behind 
the obstruction, the reaction proceeds to completion, causing the 
temporary formation of a pronounced hot spot. In the f i n a l steady 
state the temperatures are f l a t again. 

Under more r e a l i s t i c reaction parameters, only a s p a t i a l l y 
one-dimensional solution could be obtained. Here i t was assumed 
that the gas flow over the whole cross sectional area was reduced 
uniformly to 1/4 at time zero. The resulting dynamics are given 
i n Figure 8. In this case the transient temperature i s so high 
that the f l u i d concentration i s completely consumed and the reac
tion zone moves l i k e a front through the whole reactor. F i n a l l y 
a f l a t steady state temperature p r o f i l e i s established again. 

Obviously the actual runaway took place i n a similar fashion. 
The gradual developmen
place i n a part of the
Only the movement of the f u l l y developed temperature front was 
recorded and caused the rapid increase of the measured tempera
tures . 

Based upon this picture of the causes of the runaway, i t was 
possible to take precautions that led to the safe and steady 
operation of this reactor without any further malfunction. 

Conclusions. In tubular multiphase reactors with an exo-
thermic reaction where one phase with a high throughput serves 
to carry the heat of reaction out of the reactor, a sudden flow 
reduction i n this phase (whether accompanied by a similar reduc
tion i n the other phases or not) can lead to a considerable trans
ient temperature r i s e , well above the new steady state tempera
ture. The maximum excess temperature depends i n a complex way 
upon the rate of the flow reduction, the flow rates i n the d i f f e 
rent phases, the heat capacities and the reaction rates of the 
system. 

P a r t i a l hydrogénation reactions of a l i q u i d feed i n an adia
batic fixed bed with hydrogen i n high excess are especially sensi
t i v e to th i s kind of i n s t a b i l i t y . Even l o c a l flow reductions caus
ed by a sudden obstruction of part of the packed bed can i n i t i 
ate these phenomena. 

Appendix; Mathematical models* The mathematical model for 
Figures 1,2 and 7 i s a modified Deans-Lapidus c e l l model (3), 
similar to that used by Jaffe (2) except that a different flow 
scheme has been used. The following assumptions have been made 
throughout : 

1) Volume fractions for gas ( € Q ) 9 l i q u i d ( É ^ ) and catalyst 
(1 - €Q - BjJ are constant i n the bed. 

2) No temperature difference between gas, l i q u i d and catalyst 
i s assumed. 

3) The over a l l reaction rate depends upon the hydrocarbon 
concentration i n the l i q u i d c p and the hydrogen concen
t r a t i o n i n the gas phase eg. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



140 C H E M I C A L REACTION ENGINEERING 

300 

Figure 7. Transient behavior upon a sudden circular obstruction with radius 
0.085 m. 
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Figure 8. Transient behavior upon a sudden reduction of hydrogen flow rate to 
1 /4. For model equations and parameters see Table I. 
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Table I. Model Equations and Parameter Values 
fo r Figure 8. 

Indices : G - gas, F - l i q u i d , C - catalyst 
9 c F * C F 3 2 C F Mass balance l i q u i d : g-j- - - v f + D p g-^- - r 

^ C G ^ C G 3 2 CG 6 * F Mass balance gas: ^ = - v  + D  y — - g ^ . r 

Energy balance; S c? Tt " ~ VT Tz + Tz*~ + (* l A HR ) ' *F ' r 

JS =
 ?c CPc + C F *F ' P F

 + £ G ? G
 CPG 

ν τ = £ F V F S F CPF + 6 G V G ? G CPG 
Boundary conditions: Danckwerts type 

fkmol 1 
[ m 3 F J 

Reaction rate | r = 3 9 > 1 5 . 1 0
6
 H ( )

F
5 / C ex ρ (-13000/T) 

' CG 
Parameters : 

feed conditions: c° = 6.15 cf, = 4.42 T° = 220°C 
C* m vj JP m r 

enthalpy of reaction: ("^^ = 100 kcal/mol 

? G CPG = 4 2 - 3 5 ? F CPF = 4 3 0 - 5 

= 400. 
Î kcal 

fc CPc 
void fractions: £ n • 0.3; • 0.3 

G r 
flow v e l o c i t i e s : v_ • 0.2 0.05 m/s; v_ • 0.0002 m/s 

e f f . d i f f u s i v i t i e s : D_ - 0.112 · 10" 4 m2/s; D. - 0.0108 m2/s 
r G 

e f f . heat conductivity: λ = 0.0048 kcal/m s Κ 
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This means that the numerical results can give but a rough 
and qualitative picture of some basic e f f e c t s . In addition, the 
c e l l model turned out to possess several shortcomings, the most 
serious of which are the strong correlation between the number 
of c e l l s per unit volume and the axial and r a d i a l flow character
i s t i c s and the fact that an excessive number of c e l l s i s needed 
to model a strong thermal runaway reaction with high temperature 
peaks. 

Different mathematical formulations of multidimensional f l u i d 
flow i n packed beds l i k e those developed by Jeschar (4) and Szeke-
ley (5) are l i k e l y to overcome the f i r s t d i f f i c u l t y . 

Because of the numerical problems mentioned above a s p a t i a l l y 
one-dimensional two-phase model has been used to simulate the more 
rapid transients. The model equations for Figure 8 and the para
meters used are given i
reaction to methane ha
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Transitions Between Periodic and Chaotic States 
in a Continuous Stirred Reactor 

J. MANKIN, P. LAMBA, and J. L . HUDSON 

University of Virginia, Department of Chemical Engineering, Charlottesville, VA 22901 

The Belousov-Zhabotinskii reactio  i  isothermal CST
undergo a series of transition
One segment of th i s series of transitions is investigated in de
tail. Liapunov cha r a c t e r i s t i c exponents are calculated for both 
the periodic and chaotic regions. In addition, the effect of 
external disturbances on the periodic behavior is investigated 
with the aid of a mathematical model. 

In an open system such as a CSTR chemical reactions can 
undergo self-sustained o s c i l l a t i o n s even though a l l external 
conditions such as feed rate and concentrations are held constant. 
The Belousov-Zhabotinskii reaction can undergo such o s c i l l a t i o n s 
under isothermal conditions. As has been demonstrated both by 
experiments [1] and by calculations 12,3] t h i s reaction can pro
duce a variety of o s c i l l a t i o n types from simple relaxation os
c i l l a t i o n s to complicated multipeaked periodic o s c i l l a t i o n s . 
Evidence has also been given that chaotic behavior, as opposed to 
periodic or quasi-periodic behavior, can take place with t h i s 
reaction [ 4 - 1 2 ] · In addition, i t has been shown i n recent 
theoretical studies that chaos can occur i n open chemical r e 
actors [11,13-17]. 

We have investigated the transitions among the types of os
c i l l a t i o n s which occur with the Belousov-Zhabotinskii reaction i n 
a CSTR. There i s a sequence of well-defined, reproducible os
c i l l a t o r y states with variations of the residence time [5]. 
Similar transitions can also occur with v a r i a t i o n of some other 
parameter such as temperature or feed concentration. Most of the 
o s c i l l a t i o n s are periodic but chaotic behavior has been observed 
i n three reproducible bands. The chaos i s an irregular mixture 
of the periodic o s c i l l a t i o n s which bound i t ; e.g., between 
periodic two peak o s c i l l a t i o n s and periodic three peak os
c i l l a t i o n s , chaotic behavior can occur which i s an irregular mix
ture of two and three peaks. More recently Roux, Turner et. a l . 
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have confirmed these observations by observing a similar sequence 
i n a d i f f e r e n t region of parameter space. 

Return maps have been constructed from our experimental data 
[9,18]. From these maps we have obtained a p o s i t i v e Liapunov 
ch a r a c t e r i s t i c exponent for one chaotic region [9]. The sign of 
t h i s exponent distinguishes between chaotic behavior (positive) 
and periodic or quasi-periodic behavior (negative). Tomita and 
Tsuda have constructed a model of the series of o s c i l l a t i o n types 
and of the bifurcations from periodic η peak and periodic n+1 
peak o s c i l l a t i o n s . They show that between the η and n+1 peak 
periodic regions there exists a region where both chaotic and 
periodic mixtures of η and n+1 peak o s c i l l a t i o n s should occur. 
They also compare these transitions to the period doubling b i 
furcations analyzed by Feigenbaum [21]. 

In spite of these
available on when chao
types of reactions can be expected to behave i n nonperiodic 
fashion. Some of t h i s information can be furnished by studying 
the c h a r a c t e r i s t i c s of chemical chaos and the transitions that 
occur between periodic and chaotic states. In studying the 
transitions i t i s desired to determine how a periodic state can 
be changed to a chaotic one with v a r i a t i o n i n a parameter such as 
residence time. In t h i s paper we present further information on 
one of the transitions that occur with the Belousov-Zhabotinskii 
reaction, v i z . , on the t r a n s i t i o n from the two peak periodic 
region to the mixed two-three region. The mixed two-three 
region can apparently be either chaotic or periodic as predicted 
by Tomita and Tsuda. We calculate the Liapunov cha r a c t e r i s t i c 
exponent for both the periodic and chaotic regions. Further
more, the effect of external disturbances on a periodic os
c i l l a t i o n i s investigated using the mathematical model of the 
reaction formulated by Ganapathisubramanian and Noyes [3]· 

Experiment 

The experimental system i s the same as that used i n e a r l i e r 
work and d e t a i l s are given elsewhere [5,9]. The reactor i s a 
baffled CSTR of volume 26.4 ml held at 25°C. The reactants are 
fed with a p e r i s t a l t i c pump. The mixed feed concentration of 
malonic acid, sodium bromate, s u l f u r i c acid, and cerous ion are 
0.3, 0.14, 0.2, and 0.001 M respectively. The outputs from 
platinum and bromide ion electrodes are connected to a microcom
puter. 

Results 

In F i g . 1 i s shown the series of o s c i l l a t i o n s that i s ob
served with v a r i a t i o n of a single parameter, the residence time. 
The notation JI(n) denotes a periodic o s c i l l a t i o n having η peaks, 
Π(η, n+1) denotes a periodic o s c i l l a t i o n alternating between η and 
n+1 peaks and χ(η, n+1) denotes chaotic behavior i n which there 
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i s irregular switching between η and n+1 peaks. Examples of 
χ(2,3) and Π(2,3) are given below i n Figs. 2 and 6 respectively. 
Π(1) i s a large amplitude relaxation o s c i l l a t i o n and IT(1) i s a 
small amplitude harmonic o s c i l l a t i o n . After Π(5) the number of 
peaks becomes large and d i f f i c u l t to ascertain exactly; t h i s i s 
denoted by ïï(m). Between the periodic two and three peak regions 
Π(2) and Π(3) the behavior i s usually chaotic. Occasionally, 
however, the behavior i s a 2-3 periodic o s c i l l a t i o n . Both the 
periodic and chaotic 2-3 modes are stable as evidenced by their 
i n s e n s i t i v i t y to perturbations and thei r persistence. Usually 
the entire range i s chaotic. Occasionally i t i s e n t i r e l y 
periodic. We have also observed 2-3 periodic behavior bracketed 
by chaotic behavior. The exact behavior i n the mixed region i s 
unknown, and the v a r i a b i l i t y i n the results i s probably caused 
by s l i g h t variations from day to day i n feed concentrations or 
flow rates. However, i
sults are reproducible
11(1,3) and 11(1,4) have also been observed but their exact de
pendence on the parameters i s unknown. Above Π'(1) there i s a 
steady state. 

n(l),n(l,2)n(2),^^j,n(3), X(3,4),n(4),x(4,5),n(5),n(m),n ,(n 

Reciprocal Residence Time + 
Figure 1. Observed sequence of oscillations. 

A three dimensional representation of the chaotic 2-3 be
havior i s given i n Fig. 2. Br i s the potential from a bromide 
ion electrode; the scale i s 0 to 255 corresponding to the output 
of an 8 b i t analog to d i g i t a l converter. Bromide ion i s an 

_1 
intermediate i n the reaction. The ordinate Br (sec ) i s ob
tained by d i f f e r e n t i a t i n g the bromide ion potential with respect 
to time. In Fig. 3, a cross section constructed at Br = 0 i s 
shown. The curve i n Fig. 3 i s drawn through a series of points, 
each point denoting an intersection of the state space trajectory 
with the plane Br = 0. This information can be used to construct 
a return map, or plot of Br vs Br where Br i s the value of 

r * r n+1 η η 
the bromide ion potential at the nth intersection with the plane 
Br = 0. Only those intersections for which the sign of Br goes 
from negative to positive are used. The return map and the 
calculation of the Liapunov cha r a c t e r i s t i c exponent (λ) from i t 
are given_in reference [9]. For these data λ • 1.0 bit/min; a 
value of λ >o denotes chaotic behavior. 

A positive value of λ arises because the t r a j e c t o r i e s i n 
state space for chaotic behavior are diverging i n the mean. Con
versely, adjacent t r a j e c t o r i e s i n a system which possesses__a 
globally attracting l i m i t cycle w i l l converge. Values of λ for 
periodic systems can be obtained by perturbing the reactor from a 
periodic state and observing the rate of convergence back to the 
periodic o r b i t . In Fig . 4 i s shown the result of such an 
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experiment, i n which a two peak periodic orbit i s disturbed. 
Since we are dealing with a two peak periodic cycle, an n+2 re
turn map i s made, i . e . , the abscissa i s the value of Br(min) and 
the ordinate i s Br(min) two cycles l a t e r . For an undisturbed 
periodic flow such a map i s simply two points on the 45° l i n e . 
When the reactor i s disturbed the points l i e off the 45 l i n e , 
but then converge toward i t as seen i n F i g . 4. The numbers on 
the points denote the succession. Several such experiments were 
made, i . e . , the reactor was disturbed several times and allowed 
to return to the same periodic state. Regardless of the per
turbation, i . e . , regardless of the location of point number 1, 
subsequent points l i e on the same l i n e as that shown. The 
Liapunov ch a r a c t e r i s t i c exponent can then be obtained from the 
slope of the curve i n F i g . 4 according to: 

where S i s the slope of the curve at the diagonal and ρ i s the 
period of the_two peak periodic o s c i l l a t i o n . For the slope of 
Fig. 4 i t i s λ = -0.41 bits/min. 

An n+2 return map can also be constructed for chaotic be
havior from the experimental data shown i n Figs. 2 and 3. For 
reasons given just below, we are p a r t i c u l a r l y interested i n the 
section of the map near the 45° l i n e , i . e . , we would l i k e a map 
analogous to that shown i n F i g . 4. However, for chaotic be
havior the maps are very sparse i n the v i c i n i t y of the 45 since 
periodic orbits are either non-existent or unstable. We there
fore carried out the following experiment: the reactor was 
operated i n the two peak periodic region near the t r a n s i t i o n 
point to chaos. The flow rate was then suddenly increased by a 
small amount into the chaotic region. A map similar to that 
shown i n Fig. 4 was then constructed with the points now moving 
away from the 45 l i n e instead of approaching i t . Such a map i s 
shown i n [22]. The slope of the curve i s greater than one where 
i t crosses the 45° l i n e . A two peak periodic cycle exists even 
in the chaotic region since the n+2 map crosses the 45 l i n e . 
However, the periodic orbi t i s unstable and i s thus not seen i n 
the experiments. Such information may be useful i n developing 
models of chaotic chemical systems. 

The Liapunov ch a r a c t e r i s t i c exponent i s shown i n F i g . 5 as a 
function of - τ * where τ"* i s the reciprocal residence time 

-1 
and τ Τ i s i t s value at the t r a n s i t i o n between the periodic two 
peak region and the 2-3 mixed region, λ i s of course negative 
i n the periodic region and positive for chaos [23]. Since 
i t appears that a two peak cycle exists on both sides of the 
tra n s i t i o n point, the value of λ passes continuously through zero 

(1) 

-1 -1 at τ = τ, Τ 
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Br(mm)n 

Figure 4. Convergence to stable two peak cycle. 

-.0040 .0000 .0040 

λ/τ - 1/ττ (min.'1) 

Figure 5. Liapunov characteristic exponent as a junction of reciprocal residence 
time. 
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Effect of External Disturbances 

There are several indicators that the irregular behavior 
being observed i s true chemical chaos being caused by chemical 
reaction in an open system and i s not simply an a r t i f a c t . Most 
compelling are the facts that the irregular behavior occurs i n a 
reproducible region i n parameter space, that i t i s bounded by 
very regular periodic o s c i l l a t i o n s , that i t i s insensitive to 
perturbations and that the return maps are almost one-dimensional. 
However, there i s the p o s s i b i l i t y that the i r r e g u l a r i t i e s are 
caused by an external disturbance which takes on a greater effect 
near the bifurcation point between two periodic o s c i l l a t i o n types. 
One such disturbance could be the p e r i s t a l t i c pump. (Our early 
observations were done with constant head feed which proved to be 
less convenient when studyin
rate.) The p e r i s t a l t i
second at the flow rates being used; the disturbance i s of the 
order of 2% as observed by a rotameter. 

We have therefore made a preliminary investigation of the 
effects of such disturbances using the model of 
Ganapathisubramanian and Noyes (3). This i s a seventh order 
model for the Belousov-Zhabotinskii reaction i n a CSTR. The 
equations and a l l necessary parameters are given i n their paper. 
The model predicts a periodic 2-3 o s c i l l a t o r y region bracketed 
by a two peak and a three peak periodic o s c i l l a t i o n (for constant 
feed rates). The tr a n s i t i o n points predicted by the model have 
been calculated to two or three s i g n i f i c a n t figures by numerical 
simulation. The tr a n s i t i o n between Π(2) and 11(2,3) occurs at 
6.57xl0~3< ~ < 6.60xl0" 3 S"1 and that between 11(2,3) and Π(3) at 

-3 1 -3 -1 6.9x10 < — < 7.0x10 S . The equations were then solved using 
sinusoidal and random disturbances. The effect of a sinusoidal 
disturbance was investigated using a variable residence time 

τ = 7(1 + A si n 2IIft) (2) 

where τ i s the mean residence time, A i s the amplitude of the 
sinusoidal disturbance, and f = 1 hz. Eqn 2 was chosen to model 
approximately the pulses of the pump. We investigated the effect 
of t h i s disturbance i n the periodic 2-3 region. A t y p i c a l re
sult i s shown i n F i g . 6 (A - 0.01, l/τ - 6.8xl0~ 3 S"1) where i t 
i s seen that there i s no noticeable effect of the disturbance. 
(The curve i n F i g . 6 i s periodic; the apparent i r r e g u l a r i t i e s are 
caused by the f i n i t e spacing between points transmitted to the 
plotter.) Such disturbances were introduced through the periodic 
2-3 region with similar r e s u l t s . 

We also investigated the effect of random disturbances on the 
o s c i l l a t i o n s . A mean residence time l/τ * 6.6x10" S"1 was 
chosen which i s i n the 2-3 periodic region but close to the 
tra n s i t i o n to 2 peak periodic o s c i l l a t i o n s . During these 
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simulations, the inverse residence time was replaced at periodic 
intervals by successive values from a Gaussian random number 
generator having a mean of 6.6x10 and a standard deviation of 
1%. We varied the inte r v a l between changes i n l/τ from 0.25 to 
5 seconds. The disturbances caused the o s c i l l a t i o n s to become 
s l i g h t l y aperiodic, but did not change the 2/3 alternating 
pattern. 

It appears then that small amplitude disturbances of the 
feed stream i n the Ganapathisubramanian-Noyes model w i l l not 
produce solutions as irregular as those seen i n the experiments. 
This of course does not mean that disturbances cannot cause 
chaotic behavior i n general. However, i t does indicate that d i s 
turbances such as the p e r i s t a l t i c pump probably do not have a 
major effect on the behavior of this reaction system. 

Conclusion 

It has been shown that the t r a n s i t i o n from the two peak 
periodic o s c i l l a t i o n to the chaotic behavior occurs with a loss 
of s t a b i l i t y of the periodic o s c i l l a t i o n ; an unstable two peak 
o s c i l l a t i o n i s embedded i n the chaotic region. During t h i s 
t r a n s i t i o n the Liapunov c h a r a c t e r i s t i c exponent changes sign from 
negative to posi t i v e . Furthermore, calculations indicate that a 
small amplitude regular disturbance does not have a s i g n i f i c a n t 
effect on the character of the o s c i l l a t i o n s . 
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On-Line Estimation of the State of Biochemical 
Reactors 

GREGORY STEPHANOPOULOS and KA-YIU SAN 
California Institute of Technology, Department of Chemical Engineering, 
Pasadena, CA 91125 

Estimation algorithm
tion of the stat
on-line measurement of O  and CO  concentration. 
The proposed approach combines macroscopic and e l e 
mental balances on the reactor with state-of-the-art 
adaptive estimation theories. Experiments and simu
lations show that estimates in excellent agreement 
with the true values can be obtained without using 
any growth models and both under transient and steady 
state operating conditions. 

Most microbial cultures are very sensitive to small changes 
of the environment i n which they grow and this results i n rather 
s t r i c t operating conditions for the majority of the fermentation 
processes. Despite this fact and the almost complete lack of 
proper sensors for the on-line measurement of the state variables 
and culture parameters of a fermentor, i t i s only recently that a 
number of studies have been carried out on the subject of state 
estimation and control of biochemical reactors. There are various 
reasons for this delay, the prime one possibly being the absolute 
domination of the batch reactor i n the fermentation industry and 
the subsequent lack of any need or p o s s i b i l i t y of control. Recent 
advances, however, on several fronts of biochemical technology 
suggest that this picture i s very l i k e l y to change i n the future 
with the introduction of more advanced reactor configurations and 
the requirement of controllers more sophisticated than the conven
tio n a l regulators presently i n use, such as, temperature, pH and 
dissolved oxygen controllers. 

The effectiveness of these control schemes w i l l depend to a 
great extent on how accurately the various state variables and 
culture parameters can be estimated on-line and under a variety 
of operating conditions. Several aspects of the general estima
tion problem have been studied i n situations related to chemical 
reactors Ο , 2 ) . With biochemical reactors, however, the estima
tion problem i s considerably more involved because of the growth 

0097-6156/82/0196-0155$06.00/0 
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rate model Inadequacy and lack of proper sensors. More detailed 
structured models for growth and product formation can be con
structed, but t h e i r complexity and the uncertainty introduced by 
the large number of model parameters precludes th e i r use for the 
estimation of the state variables or any control purposes. Also, 
there are no commercially available sensors for the direct measure
ment of the state variables on-line. This i s a considerable de
parture from the s i t u a t i o n i n chemical reactors where accurate 
temperature measurements can be obtained and are, i n most cases, 
s u f f i c i e n t for the estimation of the reactor state. F i n a l l y , 
since the majority of the bioreactors presently i n use i n the 
fermentation industry are unsteady-state reactors, an estimation 
theory should be applicable both under transient and steady-state 
operating conditions to provide estimates of the state variables 
and culture parameters
from a limited number o
e r a l framework which achieves this objective by u t i l i z i n g a v a i l 
able macroscopic and elemental balances and appropriate, state-of-
the-art estimation techniques i s the subject of this paper. 

The Estimation Problem 

Measurements. U n t i l recently, state estimation r e l i e d on a 
rather involved chemical analysis and the direct o f f - l i n e measure
ment of the biomass concentration (dry weight, c e l l counts and 
t u r b i d i t y ) . The recognition of the need for on-line measurements 
spurred a noticeable a c t i v i t y on the development of appropriate 
sensors. Most of these sensors, however, are not steam s t e r i l i z -
able and seem to suffer from convergence and slow response prob
lems, and they are not as yet f u l l y tested and commercially a v a i l 
able. Consequently, the estimation studies proposed herein w i l l 
be based on the on-line measurement of the O2 and CO2 concentra
tions i n the a i r stream flowing through the bioreactor, because 
the corresponding sensors are commercially available and are also 
characterized by fast response and high r e l i a b i l i t y . Other sen
sors, such as for dissolved oxygen, pH and temperature, are also 
available and t h e i r use, i n connection with the estimation of ad
d i t i o n a l state variables and culture parameters, w i l l be discussed 
i n a l a t e r section. 

Balances. The measurements of the O2 and CO2 concentrations 
i n the gas stream at the entrance and exit of the bioreactor can 
be u t i l i z e d by making a macroscopic balance over the bioreactor. 
Thus, i f R i s the t o t a l rate of growth ( i n gr biomas/cm 3»s), V the 
reactor volume and Y Q 2 » ^ Q Q 2

 T^IE biomass yields with respect to O2 

and CO2, respectively, i n gr biomass formed/gr of 02(C02) consumed 
(produced), and Q. , Q fc are the volumetric flow rates at the i n out 
entrance and exit of the bioreactor, the macroscopic balance 
yi e l d s : 
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Either of the above equations can be used for the estimation of R 
provided that the yield s and Y Q Q 2 are constant, an assumption 
which i s questionable for a large number of fermentations and very 
l i k e l y not v a l i d at the various phases of growth or under tran
sient conditions. This problem, however, can be bypassed by coup
l i n g with the above equations the four elemental balances for C, 
Η, 0 and Ν which allows for the continuous estimation of the 
yie l d s and, therefore
ready employed i n variou
the process of growth by a chemical reaction i n which substrate i s 
converted, i n the presence of oxygen and ammonia, to biomass, 
carbon dioxide and water, according to the reaction (assume i n i 
t i a l l y that no product i s formed): 

a G x H y ° z + b ° 2 + C N H 3 * °αΗΒ°γΝ<5 + d H 2 ° + e C 0 2 ( 2 ) 

carbon- oxygen ammonia c e l l water carbon 
energy biomass dioxide 
source 

I f the empirical formulae of the carbon energy source and 
biomass are assumed to be known and constant during fermentation 
(a very reasonable assumption), then the only unknowns i n the 
above scheme are the f i v e stoichiometric c o e f f i c i e n t s a, b, c, d 
and e. One can write the following four elemental balances for C, 
Η, 0 and Ν involving these c o e f f i c i e n t s : 

C : xa = α + e 
Η : ya + 3c - β + 2d (3) 
0 : za + 2b - γ + d + 2e 
Ν : c = 6 

A f i f t h equation i s obtained by measuring on-line the O2 and CO2 
concentrations and noting that the y i e l d c o e f f i c i e n t s of Eqs. (1) 
are related to the stoichiometric c o e f f i c i e n t s of Eq. (2) by: 

(MW)b (MW)b 

Y 0 2 " ""12b"- a n d Y C 0 2
 = ~44e~ (4) 

It i s thus seen that the measurement of the O2 and CO2 concentra
tions together with the balances of Eqs. (1), (3) and (4) can lead 
to the on-line estimation of the yield s and the t o t a l rate of 
growth, provided that no metabolic product i s formed i n apprecia
ble quantities and that a l l the O2 consumed and CO2 evolved are 
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associated with the process of growth. I f the culture mainten
ance requirements are available they can be taken into considera
tion by decreasing the RHS of Eqs. (1) by the amount of O2 ( C O 2 ) 
consumed (produced) for maintenance purposes. The case of product 
formation w i l l be examined l a t e r . 

Although the yields and t o t a l growth rate are useful param
eters, i t i s the state variables l i k e the concentrations of bio
mass, substrate and product, and the culture parameters l i k e the 
s p e c i f i c rates of growth, substrate uptake, etc., that provide a 
complete description of the bioreactor. One attempt i n estimating 
these variables from R and the yields consisted of integrating the 
governing d i f f e r e n t i a l equation with known i n i t i a l conditions and 
the measured values for R and the y i e l d s (9). For a batch react
or, for example, b was estimated by integrating 

b = R(t); b(0) =
where b was the concentration of biomass i n i t i a l l y and R(t) the 
measured t o t a l growth rates; μ was then obtained as the r a t i o 
R(t)/b. 

The above approach, however, does not give any consideration 
to random errors and noises which are always present both i n the 
process and i n the measurements and which corrupt the obtained 
values of R and the y i e l d s . In fact, i t can be shown (10) that 
the variance of the state estimates obtained this way increases 
continuously with time i f a batch reactor i s employed. Similar 
results can be obtained for a fed-batch reactor and the conclusion 
reached e a r l i e r (9), r e l a t i n g the need for r e i n i t i a l i z a t i o n of the 
state estimate a f t e r several integration steps of Eq. (5) can be 
considered as a manifestation of the above assertion. For a con
tinuous bioreactor, the variance tends to a constant but very high 
value, and s t i l l large measurement errors tend to produce large 
estimation errors. 

Taking the moving average of the measured values of R reduces 
the rate at which the variance of the estimates increases with 
time i n an unsteady-state reactor and the constant value to which 
the variance tends i n a continuous reactor. Depending on the num
ber of measurements averaged out, the smoothness of the state es
timates obtained may vary; however, the estimates of the s p e c i f i c 
rates of growth, uptake of substrate and formation of product re
main noisy. Furthermore, the optimal number of measurements aver
aged out depends on the growth phases and operating conditions so 
that averaging may or may not lead to accurate estimates. In the 
following section, proper f i l t e r i n g theories are employed to elim
inate noise and produce accurate, noise-free estimates of the 
state variables and culture parameters. 

State Estimation Algorithms for Biochemical Reactors 
For a dynamical system s a t i s f y i n g 

χ = f(x) + C(t) (6) 
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and being observed through an output y related to the state χ by 

y = h(x) + ξ(ί) (7) 

the true state χ can never be found i n the presence of random 
process (ζ) and measurement (ξ) noises. One has to s e t t l e for an es
timate χ of the state χ such that the uncertainty of the estima
tion error i s minimized. The basic result of the estimation-
f i l t e r i n g theories discussed i n d e t a i l i n Jazwinski (11) i s that 
provided that the random noises C(t) and C(t) can be modeled by 
white noise processes, the state-estimate χ can be found as the 
solution of the extended Kalman f i l t e r : 

χ = f(x) + K [ y - h(x)] (8a) 

with κ, the f i l t e r gain

κ = Ph^(x)S e l (8b) 

and the variance of the estimation error (p = E [ ( x - x ) ( x - x ) T ] ) , b y 

Ρ = f x ( x ) P + Pf^(x) + Q - P h ^ s ' H i ^ P (8c) 

with the (positive-definite matrices) Q and S being measures of 
the intensity of the noises ζ and ξ, respectively; Q = Ε[ζζ τ], 
S = Ε[ξζ τ]. (Ε[·] i s the expected value operator.) 

To implement the above equations i n the s p e c i f i c problem of 
estimating the state of a bioreactor employed for the propagation 
of a pure culture, the state and measured variables need f i r s t be 
i d e n t i f i e d . Of the state variables, one would certainly l i k e to 
monitor the biomass and substrate concentrations, b and s, but 
also the s p e c i f i c growth rate, μ, and y i e l d with respect to the 
substrate, Y g, which are culture parameters. Since i t i s not de
sira b l e to use a model for the dependence of μ and Y on b and s, 
both of them w i l l have to be treated as state variables. The 
state vector then w i l l comprise four variables, namely, b, s, μ 
and Y . 

kAs indicated e a r l i e r , the measurement of the O2 and CO2 
concentrations together with the four elemental balances allows 
for the determination of the t o t a l growth rate R and y i e l d Y g. 
These variables then are the measured variables; they are related 
to the state by: 

R = Mb + (9a) 

Y - Y + C 0(t) (9b) s,ms s ^2 V 7 

where ζ\ and ξ 2 are two white-noise processes of inten s i t y and 
Y the measured value of the y i e l d Y . s,ms s 
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To complete the formulation, equations for the dynamics of 
the state must also be supplied. This i s straightforward for b 
and s, for their dynamic equations are obtained from a conserva
tion balance over the bioreactor: 

b = yb - Db (10a) 

s - D(s f - s) - ψ- \xb (10b) 
s 

where s^ i s the feed concentration and D i s zero for a batch re
actor, the d i l u t i o n rate (F/V) for a continuous reactor and equal 
to V/V for a fed-batch reactor. For lack of appropriate informa
tion, no process noise was considered but can be added when such 
information becomes available. 

For μ there i s no
proach i s to set μ=0, an
time-invariant parameters. Its performance, however, for time-
varying parameters, such as μ, was found to be unsatisfactory. 
Several approaches were investigated for improving the estimates 
of time-varying μ. One p o s s i b i l i t y i s to employ an adaptive es
timation method and write for μ : μ " ζ ( 0 with C(t) a white-noise 
process with variable in t e n s i t y , σ*. The basic idea here i s to 
improve the estimates of μ and the other state variables b a s i c a l l y 
through changes i n the variance equation and, i n pa r t i c u l a r , 
through adaptive changes i n the term Q. Recall that matrix Q 
equals Ε[ζζ*] and i s therefore a function of σ£. By changing σ£ 
according to the value of the current estimates and measurements*, 
the dynamics of the variance P, and through i t , μ, are affected. 
A sensible way of changing σ£ i s to check the residual between 
the predicted and measured values of the measurable variable at 
time t+dt and set σ£ equal to zero i f the residual i s within one 
standard deviation of the measurement noise, because, i n t h i s 
case, the measured variable i s consistent with the s t a t i s t i c s 
under n u l l hypothesis that no change i n μ occurred between t and 
t+dt. Otherwise, a proper correction i s set for σ£ so as to 
"open" the estimation algorithm to incoming observations. 

The above, approach gives good but slow response to time vary
ing μ. The algorithm can be further improved by treating ζ as a 
colored noise, implemented by 

μ - C + n(t) (11a) 

c = n(t) ( l i b ) 

with n(t) a white-noise process having the same properties as ζ(ί) 
above. The response i s quicker but a tendency to overshoot was 
detected so that a damping force was added to the equation for C 
above. Similar investigation regarding Y g, l e d to the following 
equations for the adaptive estimation of μ and Y o: 
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c + n L ( t ) 

C = -CD + η χ(ϋ) 

Y S = n 2 ( t ) 

(10c) 

(10d) 

(10e) 

The implementation of the estimation algorithms (8) to the 
bioreactor system described by Eqs. (9) and (10) requires: 

(i) Proper i n i t i a l conditions which w i l l depend upon the 
accuracy with which the state i s known i n i t i a l l y . 

( i i ) Expressions for the matrices Q and S i n terms of the 
in t e n s i t i e s of the white-noise processes η , η , ξ 
and ζ . 1 2 1 

2 
Recalling the def i n i t i o n s of Q and S  one can write 

= Ε (0,0,η ,η ,η) Τ(0,0,η ,η ,η ) 

L 1 1 2 1 1 2 J 

Γ(ξ,ξ)Τ(ξ ,ξ 1-
L 1 2 1 2 J 

0 0 0 0 
0 0 α 2 0 

η 
1 

0 0 0 ο 2 

η 
0 0 0 0 σ 2 

η 

(12) 

(13) 

In writing Eqs. (12) and (13), i t has been assumed that the 
white-noise processes and ξ 2 as well as and η 2 are inde
pendent and that and ζ 2 have inte n s i t y equal to σ 2 and σ|, 
respectively. The adaptive i n t e n s i t i e s of η and η are given by 
the following expressions: 

[θ i f Φχ < 0 
,2 = 

Φι - \ (R - t+1 

i f Φ > 0 
1 

(14) 

0 i f Φ 2 < 0 

Φ 2 = (Y - Y ) L ι 
Δ N s,ms s71+1 

i f Φ > 0 
2 

(15) 
t+1 
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where Ρ μ = Ε [(μ - ί ) 2 ] , P y b - Ε [(μο - ÎÊ) 2], Pfc = Ε [(b - b ) 2 ] , 

and P__ = Ε (Y - Y ) 2 of the covariance matrix Ρ, known at the Y g L s s J 
time instant t. 

( i i i ) Simultaneous integration of the estimation Eqs. (8) 
using the on-line obtained measurements of R and Y . 

An important adaptive feature of the above estimation algo
rithm i s revealed by a close examination of the three terms i n 
volved i n the expression for the variable intensity σ 2 (1/b 2 i s 

n l 
just a scaling factor to produce units of μ 2 for Φ ^ . The f i r s t 
term i s the residue between the measured and predicted value of 
R, the second i s the uncertainty associated with the available 
estimates of μ and b a
tainty of the measurement
i s less than the combined uncertainties of the estimates and mea
surements, the observed discrepancy between measurement and pre
d i c t i o n i s attributed to random errors and i s e s s e n t i a l l y ignored 
as far as the dynamics of μ i s concerned. I f , on the other hand, 
the residue exceeds the uncertainties of the estimate and measure
ment, a systematic trend i s detected i n the values of μ and the 
estimation algorithms are adjusted accordingly by opening the 
f i l t e r to incoming measurements. Similar observations hold for 
Eq. (15). 
Results - Discussion 

The estimation algorithms were tested i n a variety of numer
i c a l and experimental studies, cha r a c t e r i s t i c of the operation of 
biochemical reactors. The general conclusion i s that the obtained 
on-line estimates of b, s and μ are i n excellent agreement with the 
true values or the of f - l i n e measured values of the above variables. 
In the interest of space, the reader i s referred to a forthcoming 
publication (12) for the details and further elaboration on the 
re s u l t s . Their basic characteristics are discussed below. 

Various numerical experiments were performed by assuming mod
els for μ(β) and Y s(s) and, subsequently, simulating the opera
tion of a chemostat. From the resulting values of b, s and μ the 
values of R(equal to μ ^ and Y s were constructed and subsequently 
corrupted with an additive random white noise that represented 15% 
measurement error. The so-obtained R and Y s values were used i n 
the estimation equations for the reconstruction of the state, that 
i s , f or the determination of the estimates of b, μ and s. 

Some representative results are shown i n Figures 1 and 2 for 
the cases of a l i n e a r decrease of μ with time and that of a sudden 
increase of D i n a chemostat, respectively. Clearly, the agree
ment i s very satisfactory, and similar behavior was obtained for 
a variety of other situations t y p i c a l of a chemostat operation. 
In general the estimates of b and s are better than those of μ. 
Also, i f the state was unknown i n i t i a l l y , the use of Eqs. (8) with 
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Figure 1. Comparison between true values and algorithm estimates of μ and Β 
for a linear decrease of specific growth rate with time in a chemostat. Key: , 

true values; and X, estimates. 

0.4 0.6 
TIME (hrs) 

0.4 

0.2 

Ε u 
Ν 
Ε 

CO 
0.3 

0.3 Η 0.2 

0.1 J 0.0 

0.1 

Figure 2. Comparison between true values and algorithm estimates of μ, Β, and S 
during the transient following a sudden increase of dilution rate of a chemostat. 
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arbitrary i n i t i a l conditions for the state and large i n i t i a l v a l 
ues for the variance produced invariably accurate estimates for 
the state i n a r e l a t i v e l y short period of time. 

There i s a number of points i n r e l a t i o n to the proposed algo
rithm that should be mentioned i n passing. (1) Maintenance r e 
quirements were not considered i n the previous equation but can be 
included e a s i l y once the appropriate information i s available. (2) 
Eq. (1) i s v a l i d at steady state only; however, i t can be employed 
for biochemical reactors operating i n transient because the gases 
are e s s e n t i a l l y at quasi-steady state with respect to the culture. 
(3) Another measurement i s that of the concentration of dissolved 
oxygen. This additional measurement can provide useful informa
tion about the mass-transfer factor k^a and the concentration of 
dissolved C0 2 once combined with the algorithm presented e a r l i e r . 
(4) I f a metabolic produc
indicates that an additiona
stoichiometric c o e f f i c i e n t (yield) of the product. Provided the 
product i s an organic acid, such a measurement can be the amount 
of NH3 required for pH control when combined with the appropriate 
proton balance. The above cases have been examined and numerical 
results on cha r a c t e r i s t i c systems, as well as experiments of the 
growth of E. ooli on glucose are included i n another publication (12) . 
Acknowledgment Financial assistance from NSF Grant No. CPE-
8118877 i s grate f u l l y acknowledged. 
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15 
Rate Oscillations During Propylene Oxide 
Oxidation on Silver Films in a Continuous 
Stirred Reactor 

MICHAEL STOUKIDES1, SAWAS SEIMANIDES, and COSTAS VAYENAS 
Massachusetts Institute of Technology, Department of Chemical Engineering, 
Cambridge, MA 02139 

The oxidation of propylen  oxid  p o l y c r y s t a l l i n
films supported on s t a b i l i z e
temperatures between 24  atmospheri  pressure
The technique of solid e l e c t r o l y t e potentiometry (SEP) was used to 
monitor the chemical potential of oxygen adsorbed on the catalyst 
surface. The steady state k i n e t i c and potentiometric results are 
consistent with a Langmuir-Hinshelwood mechanism. However over a 
wide range of temperature and gaseous composition both the reac
tion rate and the surface oxygen activity were found to exhibit 
self-sustained isothermal oscillations. The l i m i t cycles can be 
understood assuming that adsorbed propylene oxide undergoes both 
oxidation to CO2 and H2O as well as conversion to an adsorbed 
polymeric residue. A dynamic model based on the above assumption 
explains q u a l i t a t i v e l y the experimental observations. 

Although the main routes to propylene oxide formation are not 
based on direct c a t a l y t i c oxidation of propylene, the direct epox-
idation of propylene on silver would be f i n a n c i a l l y preferable if 
high y i e l d and selectivity to propylene oxide could be achieved. 
Similarly to ethylene oxidation on silver part of the undesirable 
byproduct CO2 comes from the secondary oxidation of propylene 
oxide (2,3). The kinetics of the secondary s i l v e r catalyzed o x i 
dation of propylene oxide to CO2 and H2O have been studied by very 
few investigators (2). 

In a recent study (4) k i n e t i c measurements i n a CSTR were 
combined with simultaneous i n s i t u measurement of the thermodynam
i c a c t i v i t y of oxygen adsorbed on the catalyst by using the tech
nique of s o l i d electrolyte potentiometry (SEP). The technique 
o r i g i n a l l y proposed by C. Wagner (1) u t i l i z e s a s o l i d e l e c t r o l y t e 
oxygen concentration c e l l with one electrode also serving as the 
catalyst for the reaction under study. I t has already been used 
to study the oxidation of ethylene on Ag (5) and on Pt (6). 

Several c a t a l y t i c oxidations have been found to exhibit rate 
1 Current address: Tufts University, Department of Chemical Engineering, Medford, MA 

02155. 
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o s c i l l a t i o n s on Pt and Ni (7,8). Solid e l e c t r o l y t e potentiometry 
has already been used to study and interpret the isothermal rate 
o s c i l l a t i o n s of ethylene oxidation on platinum (9). 

Experimental Methods 

The experimental apparatus and the s i l v e r catalyst prepara
tion and characterization procedure i s described i n d e t a i l else
where (10). The porous catalyst f i l m had a s u p e r f i c i a l surface 
area of 2 cm2 and could adsorb approximately (2 + .5)·10~" moles 
O2 as determined by oxygen chemisorption followed by t i t r a t i o n 
with ethylene (10). The reactor had a volume of 30 cm3and over 
the range of flowrates used behaved as a well mixed reactor (10, 
11). Further experimental d e t a i l s are given i n references (10) 
and (11). 

Summary of Experimental Results 

The reaction k i n e t i c s were studied at temperatures between ^ 
240°C and 400°C. propylene oxide p a r t i a l pressures between .4-10 
bar and 4.0-10 3 bar and oxygen p a r t i a l pressures between .02 bar 
and .2 bar. At steady state external d i f f u s i o n a l limitations as 
well as d i f f u s i o n a l effects inside the porous s i l v e r f i l m were 
negligible (4). The ki n e t i c s and potentiometric results can be 
summarized as follows (4): 
a) Over the range of gas-phase composition examined the rate of 

the reaction i s independent of the p a r t i a l pressure of oxygen. 
b) The reaction rate i s close to f i r s t order with respect to 

Pp at the higher temperatures but the apparent reaction 
orSer decreases with decreasing temperature. I t was found 
that the ki n e t i c data could be described by the rate expres
sion 

r = k 2 Κ,, Ρ Ώ /(14Κ Ώ Ρ Ώ ) [1] 
z Pro Pro N Pro Pro -9500 

where r i s given i n moles/s, k 2 = 6.4 exp (—-—)mole/s and 
Λ Ί Λ ,5200Ν , -1 K p r o = .010 exp (—γ-) bar . 

c) The thermodynamic a c t i v i t y a of oxygen adsorbed on the Ag 
surface increases with increasing P Q 2 and decreases with 
increasing P p r o at constant temperatures and p a r t i a l pres
sure of oxygen. The a measurements can be correlated i n a 
satisfactory way by the expression 

a /<Pn
 1 / 2 - a ) = K/P_ [2] ο 0 2 ο Pro 

with Κ - 2.4-103 exp f^r^) 
The above steady state k i n e t i c and potentiometric resu l t s are 
explained i n a satisfactory way by means of a simple Langmuir 
Hinshelwood model, according to which atomically adsorbed 
oxygen reacts with adsorbed propylene oxide to produce C0 2 
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and H 2 O . Propylene oxide and atomic oxygen are assumed to 
adsorb on dif f e r e n t surface s i t e s (4). 

d) Over a wide range of temperature, space v e l o c i t y and gas com
position the rate of C0 2 production as wel l as the surface 
oxygen a c t i v i t y exhibit o s c i l l a t o r y behavior (Fig. 1). Since 
the amplitude of the rate o s c i l l a t i o n s i s t y p i c a l l y less than 
15% of the steady rate, eq. [1] can be used as an estimate of 
the average rate of C0 2 formation i n the o s c i l l a t o r y region 
as well. The reaction rate and the surface oxygen a c t i v i t y 
o s c i l l a t e simultaneously with increasing surface oxygen 
a c t i v i t y generally corresponding to increasing rate. 

e) At constant temperature and gas composition the period and 
the amplitude of the o s c i l l a t i o n s decrease with increasing 
the t o t a l molar flowrate

f) The effect of temperatur  ga  compositio
residence time i s shown i n figure 3. In general as the 
temperature increases both the period and the amplitude of 
the o s c i l l a t i o n s decrease. 

g) For given temperature there i s a s p e c i f i c range of P p r c / P 0 
within which o s c i l l a t i o n s occur. This i s shown i n 2 

figure 4· 
Development of the Dynamic Model 

A simple Langmuir-Hinshelwood model explains quantitatively 
the steady-state behavior (4) but i t f a i l s to explain the o s c i l l a 
tory phenomena that were observed. The o r i g i n of the l i m i t cycles 
i s not clear. Rate o s c i l l a t i o n s have not been reported previously 
for s i l v e r catalyzed oxidations. Oxidation of ethylene, propylene 
and ethylene oxide on the same s i l v e r surface and under the same 
temperature, space v e l o c i t y and a i r - f u e l r a t i o conditions did not 
give r i s e to o s c i l l a t i o n s . I t thus appears that the o s c i l l a t i o n s 
are related s p e c i f i c a l l y to the nature of chemisorbed propylene 
oxide. This i s also supported by the lack of any correlation be
tween the l i m i t s of o s c i l l a t o r y behavior and the surface oxygen 
a c t i v i t y as opposed to the isothermal o s c i l l a t i o n s of the p l a t i 
num catalyzed ethylene oxidation where the SEP measurements showed 
that periodic phenomena occur only between s p e c i f i c values of the 
surface oxygen a c t i v i t y (6,9). 

There i s evidence for isomer!zation of chemisorbed propylene 
oxide to acrolein on s i l v e r and for surface polymer formation on 
metal oxide catalysts (11,12). Formation of a surface polymeric 
structure has also been observed during propylene oxidation on 
s i l v e r (13). I t appears l i k e l y that the rate o s c i l l a t i o n s are re
lated to the a b i l i t y of chemisorbed propylene oxide to form r e l a 
t i v e l y stable polymeric structures. Thus chemisorbed monomer 
could account for the steady state k i n e t i c s discussed above where
as the superimposed fluctuations on the rate could originate from 
periodic formation and combustion of surface polymeric residues. 
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Figure 1. Typical rate and emf oscillations. 
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Figure 2. Numerical simulation at 330°C with Q, 95 cmP/min and Ypr0, 0.0017. 
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Several dynamic models were examined i n the course of the 
present investigation. The models contained d i f f e r e n t assumptions 
about the ki n e t i c s of surface polymerization and of polymer com
bustion. With mass action k i n e t i c s a l l models examined f a i l e d to 
produce self-sustained o s c i l l a t i o n s . I t was then decided to in t r o 
duce to the model the concept of c e i l i n g temperature (14), i . e . , 
the temperature at which the polymeric structure becomes thermo-
dynamically unstable for given a c t i v i t y of monomer. Equivalently, 
for any given temperature, there exists a monomer a c t i v i t y or 
equivalent surface coverage, below which the polymeric structure 
becomes unstable (14). I t was assumed further that the surface 
polymeric residue i s r e l a t i v e l y unreactive to oxygen but becomes 
very reactive when i t becomes unstable, i . e . , at the c e i l i n g temp
erature conditions. Although reasonable, the above assumption 
cannot be j u s t i f i e d independently
sents only a f i r s t attemp
plex c a t a l y t i c system. 

The proposed k i n e t i c scheme i s the following: 
C 3H 60(g) S^f! [3,1] 
0 2(g) S 20(ad) [3,2] 

C0 2 + H 20 [3,3] M l + ο % Ρ ^ 

Ml + Μχ M2 [4,1] Η 
M2 + Mx t M3 [4,2] 

Κ 
M n + Μχ -J? M [4,η] π-1 £χ η 

U± + 4 i 0 2 - * 3 3 i C 0 2 + 3iH 20 [5] 
where Ρ i s a highly reactive intermediate, rapidly oxidized to C0 2 

and H 20 and Mj, M2, M^ represent adsorbed propylene oxide 
monomer, dimer and i-mer respectively. This k i n e t i c scheme i n 
cludes steps [3,L],[3,2], and [3,3] which were shown above to de
scribe the steady state behavior of the system but also contains 
steps [4n] and [5] corresponding to polymeric residue formation 
and combustion respectively. It i s further assumed that the ad
sorbed polymeric chains grow only by monomer addition to one end 
of a chain and that the rate constants for polymerization and de-
polymerization Κ and K' do not depend on chain length. The rate 
constant K3 of pBlymer Exidation by gaseous oxygen i s taken to be 
zero when the polymer i s stable and very large when the polymeric 
residue becomes unstable, i . e . , above the c e i l i n g temperature. 
The polymeric chains are assumed to grow on s i t e s available for 
propylene oxide monomer but not oil oxygen adsorption s i t e s . 

The surface coverage of the i-mer i s defined as the f r a c 
tion of propylene oxide adsorption s i t e s covered by any of the i 
units of the i-mer. 
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On the basis of the above assumptions one can write the f o l 
lowing transient mass balances for gaseous propylene oxide, ad
sorbed propylene oxide monomer and si t e s covered by i-mer respect
i v e l y : 

d(c/c ) 
Vc T d t

T - F ^ - F ^ - K i S ^ - <1-βι-« ) W Î S * ! (6) 
dOx Τ Τ Τ n 

scg - iLXs J - (i-e1-ep)-Kise1-K2se1erKpse1(erf- z- a±) + 

n ι 
+ K' eS e Σ j θ, (7) 

Ρ i=2 1 1 

SVdt = A V 6 l -
1 C 0 o " i Κ Ρ δ θ Γ α Κ 3 # δ * 6 i ( 8 ) 

Τ 
Summing eq. (8) for 2<i<n and defining the t o t a l polymer coverage 

η 
θ « Σ θ. one obtains 

Ρ 1 = 2 1 

Scs - s = Κ Ρ 8 Θ ' - i S 8 9^ i r ssen+1 -
1 c0o - ^ «Κρ^θχθη -aK3'S' — - · θ (9) n c T 

The th i r d and fourth term on the righ t of equation (9) can be 
neglected for large values of n. The second term can also be ne
glected i f one assumes θ.^<<θι (i=2,... ,n) . I t then also follows 
that the term Σ θ./i of equation (7) may be neglected since 
η i=2 1 

Σ θ /i«9 <θι· Thus equations (7) and (9) can be written approx-
i=2 1 F 

imately agg 

Sc s — - K!S ̂  (Ι-θχ-θ^-Κ^θχθο-Κρ.ε-θ! 2 (10) 

ά θ Ρ T o ° 0 2 

S cs dt = Kp-s-eî-oKa-s- — ·θ ρ (il) 
The dynamic equations (6),(10), and (11) can be written i n 

dimensionless form as 
|f - l-x-Ai-xd-θχ-θρ) + Αί-θχ (12) 

d9j 

^ d7~ = Α 1χ(1-Θ 1-Θ ρ)-Αίθ 1-Α 3θ? -Α2θ!θ 0 (13) 

dx 

d 8 P 2 
Α Τ Τ Γ - Α 3 β ! - α·Α 5·θ_ (14) 
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where χ i s the dimensionless gaseous propylene oxide concentration 
and Αχ through A5 are dimensionless numbers defined i n the nomen
clature. The parameter α i s a Heaviside function Η(θ;χ0~θ·χ)> I.e. 
i t takes the value zero when the polymer i s stable, i . e . θ^>θ^ c 

and the value 1 when the polymer becomes unstable, i . e . * 
θ^<θ^ . Since the polymer i s assumed to get completely oxidized 
once it! becomes unstable one could al t e r n a t i v e l y write equation 
(14) as 

Ai» - Α 3 θ χ 2 - 6(αθ ρ) (15) 

Dimensionless parameter estimation: The model's equations were 
solved using a fourth-order Runge-Kutta method. The dimensionless 
parameters estimation (Table I) was made as follows: Only two of 
the dimensionless number
r e c t l y . The parameter A
acy since the catalyst surface area was measured independently; 
A 2 i s also a known function of Τ and space v e l o c i t y since the rate 
constant K 2 i s known from the steady state results (eq. 1). The 
parameters Αχ and Αχ are not known independently; however, the 
r a t i o Αχ/Af equals the adsorption c o e f f i c i e n t K p r o of propylene 
oxide which i s a known function of Τ obtained from the steady 
state measurements (eq. 1). Since the steady state ki n e t i c s i n d i 
cate that the surface reaction i s the rate l i m i t i n g step i t can be 
concluded that Αχ i s larger than A 2. I t was assumed that propy
lene oxide adsorption i s nonactivated and Αχ was a r b i t r a r i l y set 
equal to be two times larger than A 2 at 400°C,for Y p r Q - .002; 
then Αχ was calculated from Αχ = Αχ /IL, ·Υ . The numerical 
simulations indicated that the model predictions are rather insen
s i t i v e to Αχ but are sensitive to the unknown parameters A3 and 
θ ^ . Since the Heat of Polymerization of Propylene Oxide i s 18 
Kcal/mol the parameter Θ- was set equal to θ° exp(-18000/RT). 
The parameters A 3 and θ° cwere set a r b i t r a r i l y 0 o f order 10 2 and 
5.0· 101* respectively, since i t was found by t r i a l and error that 
these values lead to good qu a l i t a t i v e agreement between experimen
t a l and model predicted frequencies. However no systematic at
tempt was made to optimize the values of the unknown parameters i n 
order to improve the agreement with the experimental amplitudes 
and frequencies. 

The rate constant K3 which appears i n the dimensionless group 
A5 i s also unknown. I t corresponds to the combustion of the un
stable polymeric residue which i s assumed to be very f a s t , i . e . , 
mass transfer controlled. There are two ways to account mathema
t i c a l l y for the destruction of the polymeric residue by gaseous 
oxygen when i t becomes unstable. The f i r s t i s to use equation 
(14) with a larger but f i n i t e rate constant K3 (or A5) together 
with the parameter α defined above. I f this approach i s taken 
there exists a minimum integration step of order I/A5 that can be 
used i n order to account for the f i n i t e mixing time i n the reactor 
and also to account for the assumption that the combustion of the 
polymer i s mass transfer controlled. 
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The second approach i s to use the formalism of a 6 function, 
i . e . , equation (15) which implies that unstable polymer combustion, 
once started, w i l l continue u n t i l θ vanishes. Then the integra
tion step can be made a r b i t r a r i l y small, which physically corre
sponds to an i n f i n i t e l y small mixing time i n the reactor. Both 
approaches were shown to give exactly the same re s u l t s . 

Discussion 

The model predicts rate o s c i l l a t i o n s over a rather wide range 
of parameters A^. I t was v e r i f i e d that for given feed composition, 
space v e l o c i t y and reactor temperature the predicted l i m i t cycle 
frequency and amplitude do not depend on the i n i t i a l conditions of 
the numerical integration. 

The rate o s c i l l a t i o n
relaxation type o s c i l l a t i o n
the rather complex o s c i l l a t i o n waveform which was observed exper
imentally under many operating conditions (Fig. 1). However the 
model predicts the correct order of magnitude of the l i m i t cycle 
frequency and also reproduces most of the experimentally observed 
features of the o s c i l l a t i o n s : figure 2 compares the experimental 
results of the l i m i t cycle frequency and amplitude (defined as 
maximum % deviation from the average rate) with the model predic
tions. The model correctly predicts a decrease i n period and 
amplitude with increasing space v e l o c i t y at constant Τ and gas 
composition. I t also describes semiquantitatively the decrease 
i n period and amplitude with increasing temperature at constant 
space v e l o c i t y and composition (Fig. 3). 

Figure 4 shows the effect of increasing p a r t i a l pressure of 
propylene oxide at constant Po2> T anà* space v e l o c i t y . The simu
l a t i o n shows the existence of a lower l i m i t for o s c i l l a t i o n s i n 
qualitative agreement with the experiment but does not predict an 
upper l i m i t . 

Summary 

A simple dynamic model i s discussed as a f i r s t attempt to 
explain thé experimentally observed o s c i l l a t i o n s i n the rate of 
propylene oxide oxidation on porous s i l v e r films i n a CSTR. The 
model assumes that the periodic phenomena originate from formation 
and fast combustion of surface polymeric structures of propylene 
oxide.* The numerical simulations are generally i n q u a l i t a t i v e 
agreement with the experimental r e s u l t s . However, this i s a 
zeroth order model and further experimental and theoretical work 
i s required to improve the understanding of this complex system. 
The i n s i t u use of IR Spectroscopy could elucidate some of the un
derlying chemistry on the catalyst surface and provide useful i n 
formation about surface coverages. This information could then be 
used to either extract some of the surface k i n e t i c parameters of 
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the present model or to generate new models based on a better un
derstanding of the reaction mechanism at the molecular l e v e l . We 
note that the oxidation of propylene oxide i s the f i r s t known 
reaction which exhibits self-sustained rate o s c i l l a t i o n s on s i l v e r . 

TABLE I 

Ai = 5800/Q Αχ = 5 . 8 Ί 0 5 exp ( Z ^ ) / Q - Y
P r o 

A 2 = 1.72-107exp (ρψ^/ς.γ^ 

A 3 = 7-102 exp ê ^ ï ^ / Q - Y p r o > Αι» - 1.09·10~ 5 T/Y p r Q 

Legend of Symbols 

a = ο 
1/2 

Oxygen a c t i v i t y , bar 
Al - Ki S/F 
Αί = KiS / F . Y p r o 

A 2 = K 2S/F.Y p r o 

A 3 = V ^ P r o 
Αι» = S - C s / V c T - Y P r o 
A 5 = K 3S-Y 0 /FY 0 0 2 Pro 
c = Propylene oxide concentration, môle/cm 3 

c° = Feed Propylene oxide concentration, mole/cm3 

c = Surface concentration of monomer at f u l l 
s coverage, mole/cm2 

CT β 
Total gas concentration, mole/cm3 

F Total molar flowrate, mole/s 
k 2 - K 2'S, rate c o e f f i c i e n t of reaction [3,3],mole/s 
Κι,Κχ,Κ 2,Κ3,Κ ρ,Κρ - Specific rate constants, mole/cm2 

Q Total volumetric flowrate, cnrSTP/min 
S Catalyst surface area, cm2 

t Real time, s 
V Reactor volume 

c 
x -

yPro = 

c° 
c°/c T 

y o 2

 = c°o / C T 
2 / q C oxygen concentration, mole/cnr 

o 2 

oxygen concentration, mole/cnr 
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α = Heaviside function Ηζθ^-θχ) 
θ χ = monomer coverage 
6^c = monomer coverage corresponding to the c e i l i n g 

temperature 

9 i = f r a c t i o n of surface s i t e s covered by i-mer 

i 

η 
θ„ Σ θ 

i=2 
dimensionless time, F-t/Vc, t 
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Steam Reforming of Natural Gas: 
Intrinsic Kinetics, Diffusional Influences, and 
Reactor Design 

J. C. DE DEKEN, E . F. DEVOS, and G. F. FROMENT 

Laboratorium voor Petrochemische Techniek, Rijksuniversiteit, Gent, Belgium 

The intrinsic k ine t i c f th  catalytic stea  r e f o r
ming of natural
i n a tubular reacto  temperatur  rang
8 2 3 - 9 5 3 ° K and in the pressure range of 5-15 bar . 
With ca ta lys t r ings of the s ize used in i n d u s t r i a l 
operation, pronounced concentration gradients occur 
ins ide the ca ta l y s t . The e f fect ive diffusivity r e 
quired i n the simulation of these gradients was 
obtained from the molecular and Knudsen diffusivi
ties, the in t erna l void f rac t ion and the tor tuos i ty 
fac tor . The latter was determined by the dynamic gas 
chromatographic method, using the Van Deemter equa
tion. The tor tuos i ty factor was found to vary between 
4.39 and 4.99 and to be independent of temperature. 
The reformer tube operation was simulated on the 
basis of a set of cont inu i ty - , energy- and momentum 
equations using one and two dimensional heterogeneous 
models. In trapart i c l e gradients in the r ings were 
accounted for by the use of the generalized modulus 
concept. 

The steam reforming of natural gas, the main process for 
hydrogen- or synthesis-gas production i s carried out on supported 
Ni catalysts i n multitubular reactors operated at temperatures 
varying from 500 to 800°C, pressures ranging from 20 to 40 bar and 
molar steam-to-carbon r a t i o s i n the feed between 2.0 and 4.0. 
Despite the i n d u s t r i a l importance of the process, the design of 
the furnace and reactor tube i s s t i l l c arried out along very empi
r i c a l l i n e s . The present work reports on the results of an inves
t i g a t i o n of the ki n e t i c s , including the influence of i n t r a p a r t i c l e 
concentration gradients,and combines t h i s information with funda
mental models for the simulation and design of reformer tubes 
inserted into gas-fired furnaces. 

0097-6156/82/0196-0181$06.00/0 
© 1982 American Chemical Society 
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I n t r i n s i c k i n e t i c s of methane steam reforming 

The commercial catalyst used i n t h i s work contains 12 wt% Ni 
and 83 wt% (1-AI2O3. It has a BET t o t a l surface area of 3.4m2/g and 
a unimodal pore size d i s t r i b u t i o n with volume 0.155 cc/g, mean pore 
radius 1600 Â and void f r a c t i o n 0.362. Its activation required a 
reduction which was carried out under atmospheric pressure i n situ, 
for 72 hrs at 850°C by means of a pure dried hydrogen flow of 
100 Nl/hr. These severe reduction conditions were required because 
20 wt% of the Ni was present as N1AI2O4-spinel phase, which could 
only be reduced above 770°C. It led to a very active catalyst, 
with a s p e c i f i c Ni-surface area of 0.68 m 2Ni/g.cat. 

The k i n e t i c study was conducted i n a bench scale unit b u i l t 
around a tubular reactor (HK40;I.D.35mm), operated i n the integral 
mode i n the ranges 550-675°C
steam-to-methane ra t i o
preheated and mixed p r i o r to entering the reactor, consisting of 
preheat-, reaction- and after-zones and e l e c t r i c a l l y heated by 5 
independently controlled sections. The reaction section contained 
6 grams of catalyst, crushed to 350 Mm to eliminate internal mass 
transfer l i m i t a t i o n s and d i l u t e d with i n e r t refractory materials 
to ensure isothermicity. After condensation of the steam, the dry 
e x i t gas was analyzed by two gas chromatographs containing Pora-
pack Q and Ν columns and connected with a PDP-8A process computer. 
Heated l i n e s also permit bypassing the reactor to prevent a l t e r i n g 
the catalyst during start-up and shut-down operations. Molar H^/CH^ 
feed r a t i o s between 1.0 and 3.25 were maintained during the expe
rimentation (1_) , to prevent any carbon b u i l d up and reoxidation of 
the catalyst and therefore deactivation. 

By way of example a small portion of the experimental results 
i s shown i n Figure 1. These resul t s led to the following reaction 
mechanism : 

CH 4+S X ^z±S-C+2H 2 (1) 
H20+S* ^±S-0+H 2 (2) 
S-C+S-0 ^±S-C0+S X : r.d.s. (3) 
S-CO ^ ± C 0 + S X (4) 
S-C+2S-0^z±S-C02+2S* : r.d.s. (5) 
s-co2 ^±co2+s* (6) 

Since the gas phase contains f i v e components which should s a t i s f y 
three elementary mass balances, two a r b i t r a r i l y chosen, but inde
pendent, conversions are required to define i t s composition, e.g. 
the t o t a l methane conversion, X^H-r and the conversion of methane 
into C0 2, Xco 2- T h e prediction of these conversions i n any point 
of the reactor therefore necessitates two rate equations, each 
derived under the assumption of at least one rate determining step 
(r.d.s.). A number of authors have used one rate equation only, 
thereby assuming the watergas s h i f t reaction (C0+H 20^±C02+H 2) to 
be at equilibrium at any point i n the reactor (2/3,4) , but others 
have contradicted t h i s assumption (5/6) . From t h i s mechanism and 
aft e r discrimination between more than 150 r i v a l models (1_) , the 
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Figure 1. Total methane conversion versus W/F°CHk at 5 BAR, steam-to-carbon 
ratio of 5.0, and different temperatures. Key: · , experimental; and , model 

prediction. 
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following Langmuir-Hinshelwood type rate equations were obtained : 

W PCH PH,O / PH 
r = = — ί i — (7) CO 

W ( pcH p
Hn / pH ;*CO'\) 

R
 2 2

 3
 2 2 (8) 

( t V c o ' 
with the p a r t i a l pressures given by the relations : 

PCH, = ( i - ' W / N P H = < 3 X C H 4
+ X C 0 2

+ Î ) / N 

pco = < XCH- XCO,
P C 0 2 » < X C 0 2 ^ ) / S N - d ^ ^ + 2 Î H 4

, / P t 
In (7) and (8) Kp and Kp are the equilibrium constants of 
respectively : * 2 

CH 4 + H 20 ^Z±C0 + 3H 2 (-206.20 kJ/mole) (10) 
CH 4 + 2H 20^=±C0 2+ 4H 2 (-165.03 kJ/mole) (11) 

which are the representative reactions for the steam reforming. 
Notice that the rate equations (7) and (8) cannot be used for 
situations whereby no hydrogen i s present, since the rates then 
become i n f i n i t e . The following values were derived for the kine t i c 
and adsorption parameters : k =1.13 1 0 2 1 exp(-364+19/RT) kraol bar/ 
kg cat hr, kço2=3.68 1 0 1 8 exp(-317+23/RT)kmol bar/kg cat hr, 
Κ =3.50 10~8 exp(137+88/RT)bar"l. The temperature dependence of 
the kinetic c o e f f i c i e n t s i s shown i n Figure 2. 

Internal mass transfer l i m i t a t i o n s i n i n d u s t r i a l operation 

In i n d u s t r i a l operation the catalyst size i s evidently not 
limited to the 350 micron used i n the investigation of i n t r i n s i c 
k i n e t i c s . Therefore, i t was necessary to relate the observed reac
ti o n rates to the size of the catalyst. This can be done by kin e t i c 
experiments at various sizes or by purely physical experiments 
which relate the d i f f u s i o n a l c h a r a c t e r i s t i c s to the structure of 
the catalyst pore network, followed by the appropriate coupling 
with the i n t r i n s i c k i n e t i c s . The l a t t e r approach i s more fundamen
t a l and was thought to be the most economical, too. 

For unimodal pore size d i s t r i b u t i o n the effec t i v e d i f f u s i v i t y 
inside a catalyst p a r t i c l e i s given by Bosanquet's formula : 

P i . e - £ l / b . Il/D, J ( 1 2 ) 

i,m ι,Κη 
In the present work the binary d i f f u s i o n c o e f f i c i e n t s , entering 
into the calculation of D. according to the Stephan-Maxwell 

i,m 
equation, were obtained from the Wilke and Lee equation (7). 
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The l i t e r a t u r e data on the to r t u o s i t y factor τ show a large 
spread, with values ranging from 1.5 to 11. Model predictions lead 
to values of l / e s (8), of 2 (parallel-path pore model)(9), of 3 
(parallel-cross-linked pore model)(10), or 4 as recently c a l c u l a 
ted by Beeckman and Froment {11) for a random pore model. There
fore, i t was decided to determine r experimentally through the 
measurement of the e f f e c t i v e d i f f u s i v i t y by means of a dynamic gas 
chromatographic technique using a column of 163.5 cm length, 
0.505 cm I.D. and packed with catalyst crushed to a size of 700 
micron. An 8-way valve allows the i n j e c t i o n of 20 μ1 pulses of the 
tracer gas, helium, into the c a r r i e r gas, nitrogen. The thermal 
conductivity detector and the i n j e c t i o n valve were connected on 
l i n e to a PDP-8A computer to determine the retention time and the 
width at half height of the eluding helium-peak, whose d i s t r i b u t i o n 
was f a i r l y Gaussian. Experiment
reduced catalyst samples
i n t e r s t i t i a l gas flow rates, covering a range of 10 to 50 cm/sec. 
The cal c u l a t i o n of τ was based on the Van Deemter correlation(12): 

u.d 2 

e KD 1 
75(l-e)' 27Γ (l-e)D n 

(1+K (1-e) •) 

(13) 

In accordance with Habgood and Hanlan (13) the r a t i o of D^/K was 
conveniently replaced by e D, . For a non-adsorbing gas ,1ike 
helium, the value of Κ i s îowJ eso that Re/(1-e) can be neglected 
(14). Further, accounting for the fact that molecular d i f f u s i v i -
t i e s i n the mobile phase are generally much larger than e f f e c t i v e 
d i f f u s i v i t i e s i n the stationary phase leads to the f i n a l form : 

ed 
H = A/u.+B+Cu. with C = 

2ir 2 (1-
(14) 

? )D. € i,e s 
The heights equivalent to a theoretical plate were calculated from 
the observed gas chromatograph peaks using L e f f l e r ' s equation(14), 
afte r correction for the unpacked sections of the column, denoted 
by subscript c : 

H = L 
2 2 s - s c (15) 

Figure 3 shows the r e l a t i o n H versus u. at 400°C. Co e f f i c i e n t C 
was obtained from such a set of data by minimizing the objective 
function with respect to i t s parameters A, Β and C 
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10 20 30 40 SO 
INTERSTITIAL VELOCITY Uj [ c m / s e c ] 

Figure 3. Height equivalent to a theoretical plate versus interstitial velocity. Key: 
+++, experimental; and , regression. 
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60 9 
H-CA/u^B+C^)] (16) 

by means of a Marquardt routine. The optimum value of C leads to 
D i , e . The values of D i , e range from 0.0633 cm 3

f l/cm sec at 250°C 
to 0.0873 cm 3

f l/cm sec at 400°C. To get a better feel i n g for the 
results on D j ^ e , these were converted into τ-values by substitu
t i o n into (12). The results are summarized i n Figure 4. The t o r 
tuosity value was found to l i e between 4.39 and 4.99,with no trend 
with respect to temperature. This value i s close to those measured 
by Abed and Rinker for two N 1 / A I 2 O 3 catalysts (15) and Dumez and 
Froment {16} for a chromia-alumina dehydrogenation catalyst. 

A convenient way of characterizing d i f f u s i o n a l limitations 
inside a catalyst p a r t i c l e with a concentration C^ at i t s surface 
and at a given uniform
factor : 3 0 c o t h ( 3 0 } -

î? . = — J 5 3 (17) 
3Φ2. 

v a l i d for any shape and extended to any form of the rate expres
sion by the generalized modulus (17) : 

V rS.p 
= Ρ 3 s 

v Ρ 

6 
D. r.p dC. 

i,eq j,e 3 s 3 

-1/2 
(18) 

with j=l for CH 4, j=2 for CO and r C H 4 = r c o + rQ02. 
The concept requires that for reversible reactions e q u i l i 

brium be attained i n the center of the catalyst. A numerical simu
l a t i o n of the set of continuity equations for CH4 and CO2 inside 
a ring-shaped catalyst p a r t i c l e used i n an i n d u s t r i a l reformer 
confirmed the presumption that equilibrium i s indeed attained 
within a very thin layer close to the surface. 

So far the generalized modulus of Bischoff has only been 
applied for a single reaction. Since two reactions are occurring 
simultaneously, each with t h e i r effectiveness factor, (18) can 
only be conveniently applied when a simple relationship exists 
between dCj and dC 2. The experimental program led to a f a i r l y con
stant r a t i o of C0/C0 2 over a rather broad range of t o t a l conver
sion, confirming previous observations by Akers and Camp (18). 
Therefore, the r a t i o of dCj/dC 2 was approximated by (cf-cf^T/ 
(C2-c|q)r which i s the more accurate the more equilibrium i s 
approached. 

Effectiveness factors calculated i n t h i s way are of the order 
of 0.02-0.04 for both reactions. Van Hook (19) and Rostrup-Nielsen 
(20) published values which are of the same order of magnitude, 
but the l a t t e r were obtained assuming f i r s t order kin e t i c s for the 
methane conversion and equilibrium for the watergas s h i f t . The 
corresponding reaction layer amounts to O.65-1.3 10^ Â, and to a 
surface area s t i l l exceeding Sp by a factor 1000. 
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Figure 4. Tortuosity factor and its 95% confidence interval. Key: A, reduced 
catalyst; and B, fresh catalyst. 
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Reactor simulation and design 
The reactor tube to be simulated i s one out of the 80 tubes 

placed in two staggered rows inside a side-fired furnace with 
radiant burners, so that i t s simulation is coupled with that of 
the furnace. The heat transfer problem may, for convenience, be 
split into two parts : the transfer from the radiant flames and 
the furnace gas to the reformer tubes and that from the external 
tube skin to the process gas. The former part was modeled along 
the lines of the theory, developed by Hottel and Sarofim (2JL_) , for 
radiative heat transfer from a gas surrounded by a black sink and 
refractory surface, with partial allowance for non-grayness of the 
gas. Because of space limitations this will not be included in the 
discussion to follow : the simulation results reported here per
tain to profiles in the reformer tube  but in thermal equilibrium 
with the furnace. The reforme
of the one dimensional
facial temperature and intraparticle concentration gradients, 
using Froment1s nomenclature (22/12}· A x i a i dispersion was comple
tely negligible at the flow velocities and reactor length consi
dered here. Table I contains the characteristics of the reactor 
and catalyst, in addition to typical inlet and outlet conditions. 
Since the natural gas of Slochteren contains 4 vol % of light 
hydrocarbons beyond methane, an equivalent methane feed was de
fined, based on the realistic assumption that these hydrocarbons 
are very rapidly converted into methane, hydrogen and carbon 
dioxide {23) · This also solves the problem of applying rate equa
tions (7) and (8) to cases whereby the feed does not contain any 
hydrogen which, by the way, cannot retain the catalyst in i t s 
reduced state (1) . 

Table I. Reactor geometries and operating conditions. 

INPUT DATA OUTPUT DATA 

T i n = 520°C 
g 
P|n =28.1 bar 
FCH4

=5·254Kmol/hr 
y = 3.335 
% = 0.054 
? = 0.038 

0.157 N2/CH4 

=2337.9 Kg/ni 

d*.. = 0.102 m 
d t = 0.132 m ^e 
Reactor length=12 m 
Heated reactor length = 

11.117m(o> 
Catalyst dimensions : 
Top 50%:5/8,,x2/8"x3/8" 
Bottom 50%:5/8"x2/8"x2/8' 

T O U t = 765°C 
g 
pout =23.6 bar 
*CH4 = °-6375 
XC02

 = ° - 3 4 1 5 

0.102<ycH4< 0.108 
0.082<y*0< 0.087 
0.105<ŷ Q2< 0.108 
0.64S£y* < 0.654 

H2 (°) rest adiabatic (x) dry gas base 
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The one dimensional heterogeneous model equations are as follows : 
Continuity equations : 

— = - = Ω ρ τ ? r /F° (19) 
dz B ' C I T , CH/ CH„ 1 ' 4 4 4 

d x p n

 w i t h x co = X C H r x c o 0 

— = Ωρτ? r /F° 4 2 2 ) dz V C O CO' CH„ 1 ' 4 
Energy equations : 

Una 
dT t. h a 

gas phase - r - 2 - = ^ (Τ -Τ )+ ~ (Τ -T ) (21) 
dz c p ife w,o g Cp G g s 

s o l i d phase h.a (t ν
The heat transfer c o e f f i c i e n t h f was calculated according to Hand-
ley and Heggs (24) with the Reynolds number based upon an equiva
lent diameter, namely that of a sphere with the same volume as the 
actual p a r t i c l e . The ov e r a l l heat transfer c o e f f i c i e n t U was c a l 
culated from the heat transfer parameters of the two dimensional 
pseudohomogeneous model (since the i n t e r f a c i a l Δτ was found to be 
negl i g i b l e ) , to allow for a consistent comparison with two dimen
sional predictions and to t r y to predict as close l y as possible 
r a d i a l l y averaged temperatures i n the bed (25). Therefore : 

I - 3 i - m W ^ / d t l , + i - + s i - (23) 
st w er 

where a w and X e r were calculated according to the correlations of 
De Wasch and Froment (26), accounting for the properties of the 
reformer gas : 

α = 8.694λ° /dî(3 + 0.512λ d^.Re P r 1 / 3 / d (24) w er' t x g 4 ρ ' ρ 
Ο.ΙΙΙλ Re P r 1 / 3 

λ = λ ° + ί ^ Ρ . (25) 
er er 2 l + 4 6 ( d p / d t i ) 2 

The pressure drop was calculated using Ergun's equation with d p 

defined as follows, to account for the shape of the annular 
catalyst p a r t i c l e (27) : 

V 6 h " <26> 
d t / d i 

with Ε = V S /S V . and η = _ n / τ (27) 
c y l p c y l (ed* /d^^+O.OlCXed 2 / d 2 ) 0 - 7 5 

i i 
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The effectiveness factors based upon the generalized modulus con
cept were calculated i n each a x i a l increment used i n the numerical 
integration of (19, 20 and 21). The saving i n computer time, as 
compared with solving the d i f f e r e n t i a l equations for mass transfer 
inside the p a r t i c l e i n each increment, i s enormous, i n p a r t i c u l a r 
since the p a r t i c l e shape i s an additional complication. The simu
l a t i o n r e s u l t s based upon the complete model (equations 19-27) are 
represented i n Figures 5 and 6 for t y p i c a l operating conditions. 
The Δτ over the f i l m surrounding the catalyst amounts to some 4°C 
up to 6m, then decreases to 3°C with the d i f f e r e n t catalyst dimen
sions and further to 2°C and less from 10m onwards. From a compa
riso n with r e s u l t s obtained without the consideration of i n t e r -
f a c i a l gradients, the influence on the t o t a l methane conversion i s 
less than 0.8% absolute i n any p o s i t i o n . The mol-percentages (dry 
gas base) at the e x i t ar
and C O 2 : 10.50, i n agreemen
The difference between equilibrium- and actual methane conversion 
amounts to 8% absolute at 3m, to 4.4% at 6m, to 2% at 9m and 0.8% 
at 11.1m. The d i s c o n t i n u i t i e s i n the effectiveness factor p r o f i l e s 
at 6m reactor length, where catalyst p a r t i c l e s of d i f f e r e n t dimen
sions are used, primarily r e s u l t from changes i n the heat transfer 
parameters. The behavior of T? r e f l e c t s the interplay of increasing 
temperatures, which favor the r a t i o of the reaction rate c o e f f i 
cients to the e f f e c t i v e d i f f u s i v i t i e s , but reduce the d r i v i n g 
forces because of the equilibrium and therefore also the difference 
between the boundaries of the integral i n (18). The effectiveness 
factor i s very low at the reactor inlet,where the reaction rate i s 
highest. 

F i n a l l y , the question r i s e s whether an accurate simulation of 
the reformer tubes does not have to include consideration of radial 
gradients. The two dimensional model developed for t h i s purpose i n 
t h i s work neglects i n t e r f a c i a l gradients, for reasons explained 
already above, but maintains the mass transfer l i m i t a t i o n s inside 
the catalyst, of course. 

The model equations are as follows : 

CH 4 D ep er f 
G 

-)+Ωρτ? r /F° V C O C0/ CEA 4 
2 

(29) 

(28) 

with the well known boundary conditions mentioned e.g. i n ref.(17). 
According to Fahien and Smith (28), the e f f e c t i v e bed d i f f u s i v i t y 
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AXIAL REACTOR COORDINATE [fit] 

Figure 5. Conversion, temperature, and pressure profiles. 

AXIAL REACTOR COORDINATE [m] 

Figure 6. Effectiveness factor profiles versus reactor length. 
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0 02 OA 06 0.6 U) 
NORMALIZED DISTANCE FROM REACTOR CENTERLINE 

Figure 7. Radial process-gas temperature profiles at several bed depths. Key: 
, averaged radial T9; and · · -,Tgas predicted by one dimensional model. 

2.S 2.0 1.t 1.0 0.9 0.0 

AXIAL REACTOR COORDINATE [m ] 

Figure 8. Regions of possible coke formation. Key: , two dimensional model 
prediction (shaded area); and , one dimensional model prediction (0-1.2M). 
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i n r a d i a l d i r e c t i o n , D , was calculated from : 
er 

(3d 
D = Ε (30) 

lOep f(1+19.4(d p/d t ) z) 

The outside tubeskin temperature was taken to be i d e n t i c a l to that 
generated i n the previous simulation. The input data were also 
i d e n t i c a l . Radial process temperature p r o f i l e s are given i n Figure 
7. The AT g between the bed centerline and the wall amounts to 33°C, 
which i s not excessive and permits the r a d i a l l y averaged tempera
ture to be accurately simulated by means of the one dimensional 
model with "equivalent" heat transfer parameters, as discussed 
above. The methane conversion at the wall never d i f f e r e d more than 
2% absolute from that i
t a i l e d description whic
would only be required i f thermodynamics predict possible carbon 
formation, and therefore catalyst deactivation, at locations 
d i f f e r e n t from those simulated by the one dimensional model. 
Figure 8, based on methane cracking into graphite, i l l u s t r a t e s that 
t h i s i s e f f e c t i v e l y so, confirming e a r l i e r s r e s u l t s by Rostrup-
Nielsen (20). 

Legend of Symbols 
2 

A = parameter i n Eqn. (14) [cm /sec] 2 

a v= external p a r t i c l e surface area per unit reactor volume I mp/mr] 
Β = parameter i n Eqn. (14) [cm] 
C = parameter i n Eqn. (14) [sec] 
Cj,Cj C e c* = molar concentration of f l u i d component j resp. i n bulk 

' gas phase, at catalyst surface or at equilibrium 
[ kmol/mfJ 

cPg = s P e c i f 1 C heat of process gas [ kcal/kg°C] 
D . #D. , D . = ef f e c t i v e , molecular and Knudsen d i f f u s i v i t y of i , e i , m i , K n r . r 3 / 3 / , i component ι [ cm^/cm sec or m^/m hr] 
D 1 # D 2 = molecular d i f f u s i v i t y i n mobile and immobile phases 

l cm^^/cm sec] 
D E R = ef f e c t i v e d i f f u s i v i t y of bed, i n r a d i a l d i r e c t i o n [ m^/m hr] 
d i = inner catalyst diameter[ mj 
dp = equivalent p a r t i c l e diameter I cm^ or 
d f c ,d f c = inter n a l and external tube diameter [ m l 

i e 
F£JJ 4 = molar flow rate of methane at reactor i n l e t [ kmol/hr] 
G = mass flow v e l o c i t y [ kg/m^hr] 
~^5k = h e a t o f reaction k [ kcal/kmol] 
H,H = observed and estimated height equivalent to a theore t i c a l 

plate [ cm] 
Κ = d i s t r i b u t i o n factor, i . e . r a t i o of the concentrations of the 

di f f u s i n g component i n mobile and stationary phases at equi
librium 

KC0 = adsorption constant of CO [ bar" ] 
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K P l # K p 2 = r e a c t * o n equilibrium constants [ bar^ 
Kco'kç 0 = reaction rate constants [kmol bar/kg cat hrl 
L = length of packed column [ cm] 
Pr= Prandtl number 
P t= absolute t o t a l pressure [ bar] 
Pj= p a r t i a l pressure of component j [ bar] 
Re^ = Reynolds number based on the equivalent p a r t i c l e diameter 
r = r a d i a l reactor coordinate [ mr] 
r j , r s = rates of reaction j i n the bulk gas phase or at catalyst 

surface conditions [ kmol/kg cat hr] 
r C 0 ' r c 0 ' rCH = r a t e s o f production of CO and C0 2 and of conversion 

2 4 of CH 4 [ kmol/kg cat hr] 
s = dispersion of eluding peak 
S = active s i t e 
S . = external surfac

meter and height as the annular catalyst p a r t i c l e [ m ] 
S = external surface area of the catalyst p a r t i c l e [ m2] 

= process gas temperature [ °C] 
T g = s o l i d temperature [ °C] 
Τ · , T

W ο = i n t e r n a l , resp. external tube wall temperature [ °C] 
t R'= retention time of a response peak [ sec] 
U = o v e r a l l heat transfer c o e f f i c i e n t [ kcal/m hr°C] 
u^ = i n t e r s t i t i a l gas v e l o c i t y [ cm/sec] 
V . = volume of a cylinder with same external diameter and height 

as the annular catalyst p a r t i c l e [ rn^J 
V = volume of the catalyst p a r t i c l e [ m"*] 
w = catalyst weight [ kg] P 

XCH , X C0 ' XCO = t o t a l methane conversion, conversion of CH^ into 
4 2 CO2 and conversion of CH. into CO 

ζ = a x i a l reactor coordinate [ m] 
= wall heat transfer c o e f f i c i e n t [ kcal/m^hr°C] 

7 = molar steam-to-carbon r a t i o i n the feed 
7 b = labyrinth factor i n Eqn. (13) 3 3 3 3 
e , e s = void f r a c t i o n of packing [ mf ^/iri^] , resp. s o l i d [ mf̂ /m ] 
f =* molar C0 2/CH 4-feed r a t i o r P 

T? . = effectiveness factor for reaction j 
^CH ,riC0 ~ e f f e c t i v e n e s s factor for the methane conversion, resp. 

4 CO production reaction 
λ = an eddy d i f f u s i o n contribution factor i n Eqn. (13). 
X e r , X ° r = e f f e c t i v e conductivity of the catalyst bed, resp. s t a t i c 

contribution [ kcal/m hr °C] 
λ = process gas conductivity [ kcal/m hr °C] 
λ s t = conductivity of tube metal [kcal/m hr °C] 
I = molar ^/CH^-feed r a t i o ^ 
ΡψιΡ^,Ρ^ = density of .resp. f l u i d [kg/nu.] , s o l i d [ kg/mJ and 

S bulktkg/πφ f l P 

r = tortuosity factor 
0j = generalized modulus with respect to reaction j 
Ω = tube cross section [ m2] 
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Transient Kinetics of the Fischer-Tropsch 
Synthesis 

E. PH. KIEFFER 1 and H. S. V A N DER B A A N 

Eindhoven University of Technology, Laboratory of Chemical Technology, 
Eindhoven, The Netherlands 

A comparison o
ment of the transien
with experimental data shows that the low turnover 
frequencies found for those catalysts cannot be the 
result of a low rate constant for the propagation 
reaction. To obtain accurate data for the transient 
period, which lasted less than 20 s, a reaction 
system with very little a x i a l dispersion was built. 

According to the International Union of Pure and Applied 
Chemistry (IUPAC ( O ) the turnover frequency of a c a t a l y t i c reac
tion i s defined as the number of molecules reacting per active 
s i t e i n unit time. The term active sit e s i s applied to those 
sites for adsorption which are effec t i v e sites for a part i c u l a r 
heterogeneous c a t a l y t i c reaction. Because i t i s often impossible 
to measure the amount of active s i t e s , some indirect method i s 
needed to express the rate data i n terms of turnover frequencies. 
In some cases a r e a l i s t i c measure of the number of active sit e s 
may be the number of molecules of some compound that can be ad
sorbed on the catalyst. This measure i s frequently used i n the 
li t e r a t u r e of the Fischer-Tropsch synthesis, where the amount of 
adsorption s i t e s i s determined by carbon monoxide adsorption on 
the reduced catalyst. However, i t i s questionable whether the 
number of adsorption sites on the reduced catalyst i s r e a l l y an 
indication of the number of sites on the catalyst active during 
the synthesis, because the metallic phase of the Fischer-Tropsch 
catalysts i s often carbided or oxidized during the process. 

The turnover frequencies reported for the Fischer-Tropsch 
synthesis are small. In the publication of Vannice (2) the turn
over frequencies for CO-conversion to hydrocarbons range from 

1 Current address: Royal Dutch Shell Laboratory (KSLA), Amsterdam, The Netherlands. 

0097-6156/82/0196-0199$06.00/0 
© 1982 American Chemical Society 
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0.325 s" 1 for ruthenium to 0.002 s" 1 for iridium at 550 Κ and 
0.1 MPa. At the same process conditions for iron a value of 
0.16 s""* i s given. 

Dautzenberg et a l . (3) have determined the kinetics of the 
Fischer-Tropsch synthesis with ruthenium catalysts. The authors 
showed, that because the synthesis can be described by a consecu
tive mechanism, the non steady state behaviour of the catalyst 
can give information about the kinetics of the process. On 
ruthenium they found that not only the overall rate of hydrocarbon 
production per active s i t e i s small, but also that the rate con
stant of propagation i s low. Hence, Dautzenberg et a l . find that 
the low a c t i v i t y of Fischer-Tropsch catalysts i s due to the low 
i n t r i n s i c a c t i v i t y of their s i t e s . On the other hand, Rautavuoma 
(4) states that the low a c t i v i t y of cobalt catalysts i s due to a 
small amount of active
the number of adsorptio

In an attempt to contribute to the discussion we have applied 
the transient response method (5) to iron catalysts i n order to 
get f i r s t hand information about the rate of some reaction steps 
in the synthesis. 

Kinetic model for pulse simulation 

The transient response of the catalyst to a step function i n 
the concentration of reactant gases i s simulated from the kinetics 
of the Fischer-Tropsch synthesis. 

The following features are generally accepted for the mecha
nism of the Fischer-Tropsch synthesis: 
i . the reaction i s i n i t i a t e d by a mono carbon species: 
i i . the chain growth takes place by a stepwise addition of mono 

carbon units to the growing chain; 
i n . the rate of termination and the rate of propagation are i n 

dependent of the chain length. 
According to these assumptions the reaction can be represented by 
thé following simple scheme: 

Because i n some cases the production of methane does not obey the 
Schulz-Flory d i s t r i b u t i o n , kj i s allowed to d i f f e r from I C 3 . The 
Schulz-Flory constant i s defined as α = r n / r n - j , for η > 3. 

A number of mechanisms are claimed to describe the propaga
tion step of the Fischer-Tropsch synthesis. These mechanisms are: 
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i . chain growth by carbon monoxide insertion into the metal-
hydrocarbon bond; 

i i . chain growth by condensation of oxygen containing species; 
i i i . chain growth by addition of oxygen free CH x-species. 
For a l l these mechanisms the propagation reaction can be expressed 
as: 

* ** * 
C . + C. — • C n-1 1 η 

** 
where Cj i s the one carbon atom containing species that i s i n 
serted as the building block for the growing hydrocarbon chain. 
With respect to the propagation mechanisms mentioned, a number of 
p o s s i b i l i t i e s arise for Cj . 
- For CO-insertion, Cj

the i n i t i a t i n g species
f i r s t case Ci = A , while i n the l a t t e r case i t i s reasonable 
to assume that Cj i s i n equilibrium with A , hence 6C** = Κθ^*. 

- For condensation, Cj* i s id e n t i c a l to C|. 
- For CH x-addition, Cj* need not be id e n t i c a l to C*. However, i n 

case that Cj and Cj are not the same species, the building 
block i s either a precursor for C j , or a hydrogenated form of 
Cj. In the f i r s t case Cj = A*. For the second case i t i s as
sumed here that C**and Cj are i n equilibrium, hence 6C** = 
K6 C*. 1 

With these d e f i n i t i o n s , the rate equations that have to be solved 
become : 
- For the CO-insertion model, and the Cl^-addition model, for the 

cases where Cj = A or QQ** • Κ Θ Α * 

Γ1 - k l *C*> d e
C ; / d t - Κ V - ( k2 V + k l + k-> 9C 

for η > 1 

* 

r n - k 3 V ; d V / d t = k2 6C* V - ( k2 V + k3> θ0 η η n-1 η 

where k 2 includes the equilibrium constant Κ when QQ** = Κθ^*. 
For the condensation model and the CH -addition model, for the ** * cases where Cj = Cj or QQ* ** β κ θ * x 

Ί C l 

r l - k l e G / d e c : / d t = k+ V " ( Σ , k2 V + k l + k-> e c ! 
1 1 n=l η 1 

for η > 1 

r n " k 3 V ; d 6 C * / d t - k2 V , e c ! - ( k2 ec* + k3> 6C* 
η n n-1 1 1 η 
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where k 2 includes the equilibrium constant Κ when θ^** = Κθ^*. 
To be able to calculate the production rate of hydrocarbons as a 
function of time, an assumption has to be made with respect to 
the surface coverage of carbon containing species. We have as
sumed that during the pulse the t o t a l surface coverage of carbon 
containing intermediates, including A , i s constant i n time and 
that these carbon species cover almost the entire active surface. 

Both the propagation and the termination reaction w i l l re
quire a certain amount of hydrogen. In p r i n c i p l e the coverage of 
hydrogen w i l l be a function of the surface coverage of carbon 
containing species and the pressure of hydrogen, hence 

CO 

ν - F ( \ ν + ν + e c « p  > 
n=l η 1

Because i t i s assumed that the surface coverage of carbon con
taining species i s independent of the time, the same applies to 
the coverage of hydrogen at a constant hydrogen p a r t i a l pressure. 
Since the hydrogen pressure does not change during the pulse, i t s 
coverage i s not a variable i n the simulation of the production 
rate of hydrocarbons as a function of time. 

In the case of a steady state production, the coverages of 
hydrocarbon intermediates with η > 1 are related to the surface 
coverage of C| by: 

θ * = ο 1 1" 1 θ * 
n(stst) l ( s t s t ) 

The t o t a l surface coverage of hydrocarbon intermediates, exclusive 
of A , can be expressed as: 

CO 

Σ θ * = (1-α)" 1 θ * 
η=1 n(stst) l ( s t s t ) 

We now define k£ as the rate constant of propagation excluding^the 
equilibrium constant K. Hence k§ = ko when C. = A or C. • C.; 
and k§ = k 2/K when 9C** - ΚΘ Α* or 9C**= K6 C*. 
By using the steady state k i n e t i c equations, i t i s then possible 
to express k 2 and k3 as a function of the o v e r a l l turnover f r e 
quency for CO-conversion to hydrocarbons (N Q Q), the overall turn
over frequency for methane formation ( N C H ), the probability for 
chain growth (a), the steady state coverage of the precursor A 
and the value of the equilibrium constant K. In table I the ex
pressions for the k 2 and kg are given. 

Dautzenberg et a l . claim low rate constants for the propa
gation reaction. With the rate constant k^ shown i n table I i t i s 
possible to calculate the lowest value of this constant at a given 
value for the turnover frequencies ( N m and N C H / ) and for the 
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Flory-Schulz constant (a) by choosing appropriate values for 
Θ Δ* and K. 

(stst) 0 

The minimum value for the rate constant k£ on ruthenium i s calcu
lated from the data published by Dautzenberg et a l . ; for the k§ 
on iron the data of Vannice are used. For the ruthenium case i t 
i s assumed that the methane production meets the Schulz-Flory 
d i s t r i b u t i o n (kj = k3). The value of the rate constant of propa
gation, where the reaction i s completely determined by this con
stant i s shown for the differ e n t models i n table I I . In the f i r s t 
column of this table minimum k£ values are shown for ruthenium. 
The data used from the work of Dautzenberg and coworkers were: 
N C O - 1.6 * 10" 2 ( s * 1 ) ; N C H ^ = 4.0 * 10"^ ( s * 1 ) ; α * 0.95. The 
second column gives the minimum k§ values for an iron catalyst. 
From the work of Vannic
1.6 * 10"1 ( s " 1 ) ; N C H ^

et a l . also gives a value for the propagation rate constant, be
ing k p r o p - 1.6 * 10" 2 (s"" 1). In our nomenclature k p r o p i s defined 
as: k D r o o • k8 Θ Γ** In the thi r d column of table II the prop ι c l ( s t s t ) 
minimum kp r 0p values are given that can be obtained from the mod
els proposed for the synthesis with a rate determining propaga
tion. These k p r o p values are calculated from the k§ values given 
i n the f i r s t column of table II and the steady state surface 
coverage 6C**. 

When comparing the k p r 0 p value given by Dautzenberg et a l . 
with the values for k p r given i n the third row of table I I , we 
can conclude that when the value given by Dautzenberg i s correct 
the Fischer-Tropsch reaction on ruthenium has to be rate de
termined by propagation under the conditions applied. If we assume 
that the propagation step i s also rate determining on iron cata
l y s t s , we can simulate the non steady state behaviour of this 
catalyst using the rate constants derived from the data given by 
Vannice and the ki n e t i c equations describing the synthesis. 

The simulation for the dif f e r e n t models was performed by 
numerical integration of the rate equations. The Continuous System 
Modeling Program for the B6700 computer (CSMP 73) was used to 
solve the integrations. The simulated dimensionless rates of 
hydrocarbon evolution as a function of time are depicted i n f i g 
ure 1. The rate constants k£ that were calculated from the data of 
Vannice for an iron catalyst (second column table II) were used i n 
this simulation. The rates shown i n figure 1 as a function of time 
r e f l e c t the deviation of hydrocarbon production from the steady 
state reaction rate. These results can be used to check experi
mentally whether the assumption of a rate determining propagation 
i s r e a l i s t i c for the iron catalyst under reaction conditions as 
were used by Vannice. 
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Table Π. Minimum Reaction Rate Constants for Propagation Calculated from the 
Data of Turnover Frequency and Probability of Chain Growth Published m the 

Literature. 

Mechanism _ j _ j -1 
s s s 

CO insertion or 
CH addition 

x * 
C^* - A 

or 
CO insertion 2 < 9 . 1 Q-1 6 > , . , Q-2 3 > , . J ( )-2 

6C* " Κ Θ Α 
0 Η χ addition 
Θ.** = ΚΘ-* Cj C, 

Condensation or 
CH X addition , 6 . -1 3 Q . 1 Q-1 , 5 . 1 Q-2 

C, =C, 
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Figure 1. Simulation of the transient response of iron catalysts to the introduction 
of synthesis gas to the reactor, when the propagation step is rate limiting. Polymeri
zation-condensation model is on the top (Ct** = Ct*) and polymerization model 
(CM** = A*; eCx** = kïCi*), co-insertion model (Ct** = A*; *Ct** = keA*) 
is on the bottom. The data required for the simulation are taken from the work of 

Vannice (2). 
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Experimental 

The catalyst. The catalyst was prepared by coprecipitation 
of iron(III)hydroxide and zinc(II)hydroxide from a n i t r a t e solu
tion with ammonia. After the precipitate was dried and calcined, 
about 0.006 weight percent of iron sulphate was impregnated on 
the material. In e a r l i e r studies this impregnation proved to 
s t a b i l i z e the catalyst. The catalyst was i n s i t u reduced i n pure 
hydrogen at 625 Κ and 100 kPa. Prior to the experiments, the re
duced catalyst was activated i n a continuous stream of synthesis 
gas (20% CO; 20% H 2; 60% He) at 550 K. 

The apparatus. The delay between the moment that the hydro
carbon products reach 50 percent of their maximum value, i s ex
pected to be i n the orde
ure 1. As we intended t
veloped a pulse reactor system into which a well shaped pulse 
could be introduced, and which did not deform too much during i t s 
passage through the equipment. This was obtained by paying careful 
attention to a number of construction d e t a i l s , which were: 
- the careful equalization of the pressure i n the pulse gas and 

c a r r i e r gas l i n e s ; 
- the use of narrow bore tubing between the various components of 

the equipment; 
- the elimination of even small mixing chambers that are normally 

present i n the connections between equipment and tubing; 
- the use of a well packed reactor, f i l l e d with uniform small cat

alyst p a r t i c l e s . 
The stainless steel micro reactor (figure 2) i s constructed for 
catalyst p e l l e t sizes of 0.175 to 0.20 mm. The reactor exit i s 
connected v i a 0.9 m stainless steel c a p i l l a r y ( i . d . 0.2 mm) to the 
analysing unit. The reactor and part of the c a p i l l a r y i s mounted 
in an e l e c t r i c oven. A continuous stream of c a r r i e r gas passes the 
four way valve, then the catalyst bed, and flows v i a a stainless 
steel c a p i l l a r y into the detector. The c a r r i e r gas can be switched 
to pulse gas with the four way valve. The pressure i n the reactor 
is determined by the resistance of flow i n the c a p i l l a r y . The 
pressure difference between the c a r r i e r gas and the pulse gas i s 
measured with a d i f f e r e n t i a l pressure detector. During the experi
ment the gas v e l o c i t i e s of the c a r r i e r and the pulse gas are 
equal. The gasses are regulated by mass flow controllers. The 
gases used i n the experiments were of a high purity. 

Analysis. The reactants and products are analysed with a 
quadrupole mass spectrometer. Via the c a p i l l a r y the outlet of the 
reactor i s connected to the ionisation chamber of the mass spec
trometer. 
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Figure 2. A representation of the stainless steel micro reactor used. 
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Procedure. After the catalyst has reached a steady state 
synthesis a c t i v i t y the synthesis gas stream i s switched to a 
hydrogen/helium gas mixture (ratio 0.25) at a v e l o c i t y of 0.75 
cm**/s and 0.25 MPa. The temperature i n the reactor i s held at 
550 K. When the production of hydrocarbons i s very small, the 
H2/He stream i s replaced by synthesis gas for 20 seconds, where
after again R^/He i s fed to the catalyst. Pressure, temperature 
and feed are c a r e f u l l y held constant during this treatment. A 
second experiment i s carried out that i s almost i d e n t i c a l to the 
one described above. The only difference i s that instead of a 
mixture of hydrogen and helium pure helium i s used i n the periods 
between the introduction of synthesis gas. 

Results and discussion 

Different types o
iron catalysts. Some of this carbonaceous material i s thought to 
be important for the a c t i v i t y of iron catalysts. To be able to 
determine the transient behaviour of iron catalysts conform the 
k i n e t i c treatment described before, no hydrocarbon reaction i n t e r 
mediates are allowed to be present on the catalyst surface before 
the introduction of the synthesis gas. On the other hand, because 
certain carbonaceous formations are important for the catalyst 
a c t i v i t y these structures have to be present as completely as 
possible. For this reason, the catalyst i s activated i n a contin
uous stream of synthesis gas prior to the transient experiment 
and the surface carbon intermediates are then removed by a con
tinuous stream of H^/He. The hydrocarbon production during this 
flushing treatment i s constantly monitored with the mass spectro
meter. As soon as the hydrocarbon production rate i s negligible, 
synthesis gas i s fed to the catalyst. Because the methane formed 
from the hydrogénation of the carbide-like structures interfered 
with the methane production from normal Fischer-Tropsch synthesis, 
the methane production does not render f i r s t hand information with 
respect to the kinetics of the process. Therefore only the C2 to 

hydrocarbons are analysed during the 20 second exposure of the 
catalyst to synthesis gas. In figure 3, the most appropriate m/z-
values for C2-C^ hydrocarbons are depicted as a function of time. 
In this figure the intensity of the signal i s divided by i t s 
extrapolated steady state value, and thus i s d i r e c t l y comparable 
to the simulated hydrocarbon evolution as shown i n figure 1. By 
comparing figure 1 and 3, i t can be seen that the rate of propa
gation cannot be the rate determining step when the values for 
the turnover frequency r e f l e c t the low a c t i v i t y of the active 
sites on the catalyst. There i s hardly a difference i n time be
tween the evolution of C2 and hydrocarbons, and no point of 
i n f l e c t i o n appears i n the evolution of the higher hydrocarbons. 
When the surface carbon species are not reduced by hydrogen prio r 
to the introduction of synthesis gas, the steady state hydrocarbon 
production i s obtained more rapidly. This i s shown i n figure 4, 
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Figure 3. Transient response to a 20 s block pulse of synthesis gas in hydro
gen of a Fe/ZnO catalyst at 550 Κ and 0.25 MPa (xHt = Xco = 0.2). Key: , 
m/z = 26 for Ct; , m/z = 41 for Cs; , m/z = 56 for Ck; and , m/z 

=z70forCs. 

Figure 4. Transient response to a 20 s block pulse of synthesis gas in helium 
of a Fe/ZnO catalyst at 550 Κ and 0.25 MPa (xHft = Xco = 0.2). Key is the same 

as in Figure 3. 
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where the experiment described above i s repeated with pure helium 
as a c a r r i e r gas. This difference i n behaviour might be explained 
by a not f u l l y carbided, hence not f u l l y active, surface at the 
start of the experiment when H2/He i s used as a ca r r i e r gas. 

Conclusions 

A comparison of the theoretical treatment of the rate of 
synthesis of hydrocarbons with the experimental r e s u l t s , c l e a r l y 
shows that the low turnover frequencies that are measured on iron 
catalysts cannot be explained by a low rate constant of propa
gation. This result i s c l e a r l y i n contrast with the conclusions of 
Dautzenberg et a l . for ruthenium. This does not s i g n i f y , however, 
that the propagation has to be rate determining on ruthenium. 
There are a number of indication
make a reconsideration
assume i n their model that the i n t r i n s i c s e l e c t i v i t y and a c t i v i t y 
of the catalyst does not change over the synthesis period. How
ever, i t i s shown by Ponec et a l . (6), that the catalyst i s slowly 
activated during the synthesis. This activation i s accompanied by 
changes i n the s e l e c t i v i t y . Ponec et a l . attribute these changes 
in the behaviour of ruthenium catalysts to the deposition of car
bon, and not to the low i n t r i n s i c propagation a c t i v i t y of the cat
alyst. Furthermore, Madon (7) showed that the simple Flory-Schulz 
d i s t r i b u t i o n does not apply to ruthenium catalysts. The applica
b i l i t y of the Schulz-Flory law, however, i s an essential part of 
the treatment of Dautzenberg and coworkers. 

Legend of Symbols 
* * 

A^ surface intermediate, precursor for Cj. 
Cj i n i t i a t i n g species for chain growth. 
Cj* building block for hydrocarbon chains. 
C* hydrocarbon surface intermediates with η hydrocarbon 

atoms · 
C n hydrocarbon product with η carbon^atoms. 
k +,k„ i n t r i n s i c rate constants of the A -Cj equilibrium. 
kj,k2,k^ i n t r i n s i c rate constants for the elementary surface 

reactions: methane termination, propagation and termi
nation of higher hydrocarbons. 

k 2 rate constant for propagation, excluding Κ (see text). 
k rate constant used by Dautzenberg et a l . (3), 

p r o p k = k8 θ ** 
Vop ^ 2

 6 C 1 ( s t s t ) 

Κ equilibrium constant. 
m mass of the analysed ions. 
η number of carbon atoms. _ j 
^CH/ turnover frequency for methane formation (s ). 
NC0 turnover frequency for CO-conversion to hydrocarbons 

( s " 1 ) . 
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r n rate of formation of hydrocarbons with η carbon atoms: 
r n = [C n]/dt (mol.s^.g c a t " 1 ) . 

r y rate of formation of y (mol.s" 1.g c a t " 1 ) , 
t time (s). 

fraction of the surface covered with species y. 
z charge of the analysed ions, 
α Schulz-Flory constant: α = r c / rc · 
stst (or °°) steady state. n~* n 
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Rival Kinetic Models in the Oxidation of Carbon 
Monoxide over a Silver Catalyst by the Transient 
Response Method 

MASAYOSHI KOBAYASHI 
Kitami Institute of Technology, Department of Industrial Chemistry, 
090 Kitami, Hokkaido, Japan 

The oxidation of carbon monoxide by 
nitrous oxide
lys t at 20°C wa  analyse y  Houge
-Watson procedure and the transient response 
method. The rival models derived from both 
procedures were c lear ly distinguished by the 
mode of the transient response curves of CO2 

or Ν2 caused by the concentration jump of 
C O , O2 or N2O. 

One f r e q u e n t l y e x p e r i e n c e s d i f f i c u l t y i n d i s c r i m i 
n a t i n g between r i v a l k i n e t i c models d e r i v e d from the 
Hougen-Watson p r o c e d u r e , because of the comparable 
degree of f i t t i n g to s t e a d y s t a t e k i n e t i c d a t a · 
I t i s v e r y c o n v e n i e n t and h e l p f u l i n the s e l e c t i o n of a 
sound k i n e t i c model t o have a s i m p l e e x p e r i m e n t a l 
t e c h n i q u e which can s e r i o u s l y d i s t i n g u i s h between the 
r i v a l k i n e t i c models. To meet t h i s n e c e s s i t y , our 
r e c e n t works have proposed the t r a n s i e n t réponse method 
[ 7 J . In the p r e s e n t s t u d y , the t r a n s i e n t r e s p o n s e 
method i s t y p i c a l l y a p p l i e d t o d i s t i n g u i s h between the 
r i v a l k i n e t i c models i n CO o x i d a t i o n over a s i l v e r 
c a t a l y s t d e r i v e d from the Hougen-Watson p r o c e d u r e . I t 
i s a l s o shown how the b e s t k i n e t i c p a r a m e t e r - s e t can be 
det e r m i n e d among the r i v a l p a r a m e t e r - s e t s by u s i n g the 
t r a n s i e n t r e s p o n s e method. 

E x p e r i m e n t a l P r o c e d u r e 

The s i l v e r c a t a l y s t used was p r e p a r e d from s i l v e r 
o x i d e by the same p r o c e d u r e as the c a t a l y s t used f o r 
e t h y l e n e o x i d a t i o n [8], which c o n t a i n e d a s m a l l amount 
of K 2S0i» as a promoter and s u p p o r t e d on c i - A l 2 0 3 of 20-
40 mesh. The c o m p o s i t i o n of t h i s sample was 154g-Ag, 
0 . 8 2 7 g - K 2 S 0 4 / 4 0 g - d - A l 2 0 3 . The d e t a i l e d e x p l a n a t i o n f o r 
the t r a n s i e n t r e s p o n s e method can be found e l s e w h e r e [9^] . 
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Steady S t a t e A n a l y s i s 

In b o t h the N 20-C0 and the 0 2-C0 r e a c t i o n s , the 
r a t e of C 0 2 f o r m a t i o n a t s t e a d y s t a t e i s not f i r s t 
o r d e r w i t h r e s p e c t to the c o n c e n t r a t i o n of CO, N 20 or 0 2. 
For i l l u s t r a t i n g t h e s e r a t e d a t a a l a r g e number of 
p o s s i b l e models w i l l be p r o p o s e d . Of t h e s e models, 
t h r e e models f o r the N 20-CO r e a c t i o n and two models f o r 
the 0 2-C0 r e a c t i o n , based on a Langmuir-Hinshelwood type 
and an E l e y - R i d e a l t y p e , a r e proposed ( T a b l e I ) . Equa
t i o n s 1-5 (each of which c o r r e s p o n d s to a model number 
i n T a b l e I) a r e l i n e a r i z e d a n d the s t e a d y s t a t e r a t e s at 
v a r i o u s p a r t i a l p r e s s u r e s of CO, N 20 and 0 2 were 
compared w i t h the f i v e models. A l l of t h e s e models were 
found to g i v e the sam
s t a t e r a t e d a t a , i n d i c a t i n
n a t i n g between them. 

T a b l e I . K i n e t i c Models f o r the Best F i t s to the 
N 20-CO and the 0 2-C0 r e a c t i o n s . 

Κ K._ Λ Κ Λ 

10'xk " N * ° °· Models - , , -ι . - i . - 1 

mol/g.min. atm atm atm 

k K c o K N 2 0 P c o P N 2 0 0.539 24.3 13.9 
u ; (l+K Ρ + κ Μ λ Ρ „ N ) : 

v co co N 20 Ν 2 ϋ 

uv ρ Ρ 
( 2 ) " N » ° 0.952 210 H O 

1 + K c o P c o + K N 2 0 P N a 0 ' a t - - » 
XrV Ρ Ρ 

N*0 co N 20 1 > 8 2 210 H O 
l + K Ρ + K Λ ρ „ _ 

co co N 20 N 20 

kK Κ Ρ Ρ co o 2 co 0 

atm 1 

( 4 ) ( 1 « Ρ + Γ ' ) • · 1-36 14.8 - 6.12 
co co 0 2 0 2 

ρ p i / 2 
(5) 2-2 ££-24 -j-?- 4.46 186.3 - 520.9 

l+K Ρ + Κ * / 2 P i / 2 -ι co co 0 2 0 2 atm 

As has been d e s c r i b e d i n our p r e v i o u s papers [21 » 
the mode of t r a n s i e n t r e s p o n s e c u r v e s of p r o d u c t s caused 
by the c o n c e n t r a t i o n jump of r e a c t a n t s a t the i n l e t 
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of the r e a c t o r i s a f u n c t i o n o f the r e a c t i o n mechanism. 
T h i s can c o n v e n i e n t l y be used to d i s t i n g u i s h between 
the p r e s e n t e d models. On the N 20-C0 r e a c t i o n , F i g u r e 1 
r e p r e s e n t s the s i m u l a t e d t r a n s i e n t r e s p o n s e c u r v e s of 
C 0 2 or N 2 caused by the s i m u l t a n e o u s c o n c e n t r a t i o n jump 
of CO and N 20 ( d e s i g n a t e d as the CO, N 2 0 ( i n c . , 0 ) - C 0 2 

and -N 2 r e s p o n s e s ) , u s i n g the k i n e t i c p arameters 
e s t i m a t e d from the l i n e a r p l o t s of Models 1, 2, and 3. 
Here, the f o r w a r d r a t e c o n s t a n t s o t h e r than one r a t e 
d e t e r m i n i n g s t e p have a v a l u e f i v e hundred times l a r g e r 
than f o r the r a t e d e t e r m i n i n g s t e p . The comparison 
between the modes of the t h r e e s i m u l a t e d r e s p o n s e 
c u r v e s (Curves 1, 2 and 3) and of the e x p e r i m e n t a l 
c u r v e s , r e g a r d l e s s of the d e v i a t i o n of the v a l u e s a t 
the s t e a d y s t a t e s , c l e a r l
s i m u l a t e d c u r v e s r e a c h e
two minutes w i t h no d i f f e r e n c e between N 2 and C 0 2 , and 
Models 1 and 2 i n d i c a t e d a s l i g h t o v e r s h o o t mode. In 
c o n t r a s t the e x p e r i m e n t a l c u r v e s needed more than s i x 
minutes to complete the r e a c t i o n s t e a d y s t a t e , e v e n 
though the r e s p o n s e of N 2 showed a s t e e p o v e r s h o o t mode 
d i f f e r i n g from the r e s p o n s e of C 0 2 which showed a S-
shape mode. 

In the 0 2-C0 r e a c t i o n , the 0 2 - C 0 2 and C0-C0 2 

r e s p o n s e s were s i m u l a t e d by u s i n g Models 4 and 5 i n 
T a b l e I and the r e s u l t s were shown i n F i g u r e 2 by Runs 
1 and 2. The s i m u l a t e d c u r v e s from the two models 
e x h i b i t e d an .overshoot type mode f o r Model 4 i n Run2 
and f o r Model 5 i n Run 1, thus d i f f e r i n g from the 
e x p e r i m e n t a l c u r v e s which were a monotonie t y p e . 

C o n s e q u e n t l y , one can r e c o g n i z e t h a t t h e r e a r e no 
sound models i n the s i x models p r e s e n t e d . 

T r a n s i e n t S t a t e A n a l y s i s 

P r e s e n t a t i o n of a R e a c t i o n Mechanism. In the N 20 
-CO r e a c t i o n s , a f t e r the r e a c t i o n had a c h i e v e d a s t e a d y 
s t a t e , the r e a c t i o n gas m i x t u r e was s w i t c h e d i n t o e i t h e r 
a pure h e l i u m stream or a 0 2-He stream. The r e s p o n s e s 
of C 0 2 and CO were then f o l l o w e d . The CO(dec.,0)-CO 
r e s p o n s e o b t a i n e d i n s t a n t a n e o u s l y responded z e r o w i t h 
no d e l a y , i n d i c a t i n g t h a t t h e r e was no r e v e r s i b l y 
a d sorbed CO. F u r t h e r m o r e , the C O ( d e c . , 0 ) - C 0 2 r e s p o n s e 
o b t a i n e d was not a f f e c t e d by the p r e s e n c e of 0 2 i n the 
stream, s u g g e s t i n g the n o n e x i s t e n c e of i r r e v e r s i b l e 
a d s o r p t i o n of CO which c o u l d r e a c t w i t h oxygen. Thus, 
a model of the d i r e c t r e a c t i o n o f gaseous CO w i t h a d s o r 
bed oxygen, an E l e y - R i d e a l type mechanism, may be 
p r o p o s e d . 

I t i s g e n e r a l l y a c c e p t e d t h a t t h e r e a r e two t y p e s 
of adsorbed oxygen on s i l v e r , monaatomic and d i a t o m i c . 
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Figure 1. Simulated transient response curves at 2(PC of NtO (including O), 
-COt, and -N, on a reduced surface. Model 1 ( ), Model 2 ( ), and Model 3 
( ; are calculated by the H-W procedure. Key: · , N9; O, COt; and · · ·, 

calculated by the transient response method. 
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Figure 2. Test for the discrimination of rival kinetic models by the transient re
sponse method. Key: , Model 1 in Table I; , Model 2 in Table I; and 

- · ·, Set 8 in Table II. 
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Our p r e v i o u s s t u d y p r oposed the a c t i v e oxygen s p e c i e s 
c o n t r i b u t i n g to the o x i d a t i o n of CO on t h i s c a t a l y s t to 
be a d i a t o m i c oxygen s p e c i e s , u s i n g the p u l s e t e c h n i q u e 
of N 20 or 0 2 tljQ] · S i n c e oxygen was i r r e v e r s i b l y 
a d s o r b e d onto a s u r f a c e r e d u c e d w i t h H 2, the g r a p h i c a l 
i n t e g r a t i o n of the 0 2 ( i n c . , 0 ) - 0 2 r e s p o n s e on the s u r f a c e 
gave a s a t u r a t e d amount of the ads o r b e d oxygen, 1.6x10 
mol/g-Ag. 

On the o t h e r hand, the N 2 0 ( i n c . , 0 ) - N 2 r e s p o n s e on 
the r e d u c e d s u r f a c e i n d i c a t e d a t y p i c a l o v e r s h o o t mode 
w i t h an i n s t a n t a n e o u s maximum b e f o r e r e a c h i n g z e r o . T h i s 
c h a r a c t e r i s t i c mode s t r o n g l y s u g g e s t s t h a t N 20 i s 
d i r e c t l y decomposed on a c t i v e s i t e s , and t h a t the a c t i v e 
s i t e s a r e not r e g e n e r a t e d r e s u l t i n g from the i r r e v e r 
s i b l e a d s o r p t i o n of
e a s i l y presumed fro
t r a n s i e n t r e s p o n s e c u r v e and r e a c t i o n mechanism [_Z1 · 
In f a c t no oxygen was d e t e c t e d i n the e f f l u e n t gas 
stream. The i n t e g r a t e d _ a m o u n t of the a d s o r b e d oxygen i s 
e s t i m a t e d to be 0 . 4 9 x l 0 ~ 6 mol/g-Ag. T h i s i s about one 
t h i r d of the t o t a l number of a c t i v e s i t e s f o r oxygen 
a d s o r p t i o n , assuming a monoatomic form of a d s o r p t i o n . 
For the e x p l a n a t i o n o f t h i s d i f f e r e n c e the b l o c k i n g 
e f f e c t of oxygen (which i s c o n t a i n e d i n a N 20-He str e a m 
as an i m p u r i t y ) on the a c t i v e s i t e s f o r N 20 d e c o m p o s i t 
i o n may be c o n s i d e r e d . However, i t can be e s t i m a t e d to 
be a t most 1.8x10" mol/g-Ag. The number o f a c t i v e 
s i t e s f o r N 20 d e c o m p o s i t i o n s h o u l d t h e r e f o r e be s m a l l e r 
than the number of the a c t i v e s i t e s f o r oxygen a d s o r p t 
i o n . S i n c e N 20 can not be decomposed on the o x i d i z e d 
s u r f a c e , i t may be c o n c l u d e d t h a t t he re d u c e d s u r f a c e 
i s h e t e r o g e n e o u s f o r the d e c o m p o s i t i o n of N 20 : a c e r 
t a i n p a r t of the a c t i v e s i t e s on the s u r f a c e i s not 
a v a i l a b l e f o r N 20 d e c o m p o s i t i o n . T h i s h e t e r o g e n i t y may 
cause the d i f f e r e n c e i n r e a c t i o n mechanism between the 
N 20-C0 and the 0 2-C0 r e a c t i o n s and w i l l be d i s c u s s e d i n 
a l a t e r s e c t i o n . 

A f t e r the s t e a d y s t a t e of the N 20-C0 r e a c t i o n had 
been a c h i e v e d , oxygen gas was i n t r o d u c e d i n t o the 
r e a c t o r w i t h no change i n the c o n c e n t r a t i o n of N 20 and 
CO (Run 1 ) . The r e a c t i o n gas stream c o n t a i n i n g oxygen 
was then s w i t c h e d back to the p r e v i o u s N 20-C0-He stream 
(Run 2 ) . The 0 2 ( i n c . , 0 ) - C 0 2 r e s p o n s e o b t a i n e d i n Run 1 
showed an o v e r s h o o t mode w i t h an i n s t a n t a n e o u s maximum, 
a t t r i b u t i n g to the slow r e g e n e r a t i o n of a c t i v e s p e c i e s 
(which might be d i a t o m i c oxygen) and to the r a p i d d e s o r -
p t i o n of C 0 2 . The 0 2 ( i n c . , 0 ) - N 2 r e s p o n s e i n Run 1, on 
the o t h e r hand, i n s t a n t a n e o u s l y responded z e r o . T h i s 
i s due to the b l o c k i n g e f f e c t of i r r e v e r s i b l y a d s o r b e d 
oxygen on the a c t i v e s i t e s . In Run 2, the r e s p o n s e s 
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of C 0 2 and N 2 were v e r y slow f o r about 40 min. T h i s 
r e s u l t e d from the slow r e g e n e r a t i o n of the a c t i v e s i t e s 
f o r N 20 d e c o m p o s i t i o n , p o s s i b l y because the r a t e of the 
r e c o m b i n a t i o n of monoatomic oxygen to form b o t h one 
d i a t o m i c oxygen and one v a c a n t a c t i v e s i t e i s slow. 

The maximum v a l u e of the N 2 0 ( i n c . , 0 ) - N 2 r e s p o n s e 
on the reduced s u r f a c e w i t h no CO c o r r e s p o n d s to the 
d e c o m p o s i t i o n r a t e of N 20 s i n c e N 2 i s not a d s o r b e d . 
T h i s r a t e i s measured at d i f f e r e n t p r e s s u r e s of N 20. 
The p l o t of t h i s r a t e v s . the p a r t i a l p r e s s u r e of N 20 
g i v e s a s t r a i g h t l i n e and from i t s s l o p e an ap p a r e n t 
r a t e c o n s t a n t f o r N 20 d e c o m p o s i t i o n i s e s t i m a t e d to be 
6.7x10 mol/g-Ag.min.atm. 

The reduced s u r f a c e had been exposed i n a CO-He 
stream and then oxyge
r e a c t o r u s i n g v a r i o u
o b t a i n e d showed a sharp spectrum w i t h an i n s t a n t a n e o u s 
maximum, f o l l w e d by a s t e e p decay to z e r o . T h i s 
maximum p o i n t c o r r e s p o n d s to an ap p a r e n t r a t e of C 0 2 

f o r m a t i o n at a g i v e n amount of adsorbed oxygen, e s t i 
mated from the g r a p h i c a l i n t e g r a t i o n o f the p u l s e 
spectrum. The p l o t s of the r a t e v s . the amount of 
adsorbed oxygen or v s . the p a r t i a l p r e s s u r e of CO i n the 
CO-He stream r e p r e s e n t e d a l i n e a r r e l a t i o n . The s l o p e 
of the two lines_§ave almost the same appa r e n t r a t e 
c o n s t a n t , 9.6x10 mol/g-Ag.min.atm, f o r the r e a c t i o n of 
adsorbed oxygen and gaseous CO. 

Based on the e x p e r i m e n t a l f i n d i n g s d e s c r i b e d so f a r , 
a s u i t a b l e r e a c t i o n mechanism may be e x p r e s s e d : 

N 20 (g) + S ^ > 0»S (6) 

2 0»S k * > 0 2 » S + S (7) 

0 2 (g) + S ^ 0 2*S (8) 

C0(g) + 0 2 « S ^ C 0 2 » 0 » S (9) 

C 0 2 « 0 » S — C 0 2 ( g ) + 0»S (10) 
** k l 

E q u a t i o n s ( 6 ) , ( 7 ) , (9) and (10) a r e f o r the N 20-C0 
r e a c t i o n and E q u a t i o n s ( 7 ) , ( 8 ) , (9) and (10) a r e f o r 
the 0 2-C0 r e a c t i o n . 

K i n e t i c Parameter E s t i m a t i o n . S i n c e the v a l u e s 
of k i and k* were a l r e a d y e s t i m a t e d to be 6.7x10 and 
9 . 6 x l 0 " 5 mol/g-Ag.min.atm. r e s p e c t i v e l y , f i v e p a r a m e t e r s , 
k 2 , k 2 , k3f k 5 and k j » s h o u l d be e s t i m a t e d by a p a r a 
meter o p t i m i z a t i o n t e c h n i q u e , u s i n g a d i g i t a l computer. 
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In t h i s e s t i m a t i o n t h e r e i s a problem i n t h a t many r a t e 
c o n s t a n t - s e t s g i v i n g the same degree of f i t t i n g to a 
p a r t i c u l a r t r a n s i e n t d a t a might be c o n s i d e r e d . To 
m i n i m i z e t h i s p o s s i b i l i t y , a c r o s s c h e c k i n g o f the 
e s t i m a t e d r a t e c o n s t a n t - s e t s i s n e c e s s a r y by employing 
many t r a n s i e n t d a t a . 

On the N 20-C0 r e a c t i o n , k 2 , k 2 , k 5 and k 5 a r e 
unknown. U s i n g the N 2 0 , C O ( i n c . , 0 ) - C 0 2 r e s p o n s e c u r v e 
i n F i g u r e 1 the b e s t s i x p a r a m e t e r - s e t s were e v a l u a t e d 
w i t h the same degree of f i t t i n g to the c u r v e and they 
were p r e s e n t e d i n T a b l e I I by s e t numbers 1-6. Compari
son of the degree of f i t t i n g to many o t h e r t r a n s i e n t 
and s t e a d y s t a t e r a t e d a t a was i m p o r t a n t i n s e l e c t i n g 
the b e s t one of the s i x S e t s . One c o u l d r e c o g n i z e 
p a r a m e t e r - s e t numbe
e n t l y e x p l a i n e d a l
can t y p i c a l l y be seen i n F i g u r e s 3 and 4. In F i g . 4 , 
a l t h o u g h the s i m u l a t e d c u r v e s o f N 2 and C 0 2 r e s p e c t i v e l y 
showed a s i m i l a r mode as the e x p e r i m e n t a l c u r v e s , the 
st e a d y s t a t e v a l u e was i n a l e s s agreement. S u f f i c i e n t 
e x p l a n a t i o n f o r t h i s d i s a g r e e m e n t could not be o f f e r e d a t 
the p r e s e n t time e x c e p t the change i n the c a t a l y t i c 
a c t i v i t y . The a c t i v i t y of the c a t a l y s t was i n f l u e n c e d 
by the degree of the r e d u c t i o n w i t h H 2 or of the o x i 
d a t i o n w i t h 0 2 b e f o r e s t a r t i n g the r e a c t i o n . 

T a b l e I I . K i n e t i c Parameters B e s t F i t t i n g the T r a n s i e n t 
Response C u r v e s . 

Set 1 0 5 x k ! 1 0 6 x k 2 1 0 4 x k 2 1 0 5 x k 3 10*xk« 1 0 2 x k 5 1 0 2 x k 5 

No. 
1 0.67 1.26 10.0 - 0.96 0.10 0.889 
2 0.67 0.667 5.0 - 0.96 0.10 0.925 
3 0.67 0.019 1.0 - 0.96 0.10 1.11 
4 0.67 0.102 0.5 - 0.96 0.10 1.31 
5 0.67 0.204 1.0 - 0.96 0.10 0.864 
6 0.67 0.148 0.5 - 0.96 0.10 1.17 
7 - 0.148 0.5 0.64 0.96 0.10 1.17 
8 - 0.148 50.0 50.0 0.96 0.10 1.17 

On the 0 2-C0 r e a c t i o n , o n l y k 3 i s unknown when the 
k i n e t i c p a rameters e s t i m a t e d i n the N 20-C0 r e a c t i o n can 
d i r e c t l y be used. The b e s t v a l u e of ka was e v a l u a t e d 
so as t o agree w i t h the s t e a d y s t a t e r a t e d a t a r e g a r d 
l e s s of the mode of t h e i r t r a n s i e n t c u r v e s , and the 
v a l u e o b t a i n e d was p r e s e n t e d i n Set 7 i n T a b l e I I . Set 
7, however, gave a s l i g h t o v e r s h o o t mode f o r the C0-C0 2 

r e s p o n s e c u r v e s i n c o n t r a s t w i t h the monotonie mode of 
the e x p e r i m e n t a l C0-C0 2 r e s p o n s e c u r v e s ( see F i g . 2 ) . 
T h i s d i s a g r e e m e n t s t r o n g l y s u g g e s t s the p o s s i b l i t y t h a t 
some k i n e t i c p a r a m e t e r s from the N 20-C0 r e a c t i o n might 
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not be a v a i l a b l e f o r the 0 2-C0 r e a c t i o n . Remembering 
the h e t e r o g e n i t y of the a c t i v e s i t e s f o r oxygen a d s o r p 
t i o n on the red u c e d s u r f a c e , i t s h o u l d be c o n s i d e r e d as 
the most p r o b a b l e p o s s i b i l i t y t h a t k 2 and/or k 2 a r e 
d i f f e r e n t between b o t h r e a c t i o n s . F i n a l l y , the p a r a 
meter o p t i m i z a t i o n t e c h n i q u e was a g a i n a p p l i e d f o r 
e v a l u a t i n g k 2 , k 2 , and k 3 , u s i n g a p a r t i c u l a r C O ( i n c , 
0 ) - C 0 2 r e s p o n s e c u r v e . The c o n c l u s i v e v a l u e s o b t a i n e d 
a r e p r e s e n t e d i n T a b l e I I by p a r a m e t e r - s e t number 8. 
T h i s Set 8 c o n s i s t e n t l y e x p l a i n e d a l l o t h e r t r a n s i e n t 
r e s p o n s e c u r v e s , as t y p i c a l l y p r e s e n t e d i n F i g u r e 2 by a 
d o t t e d c u r v e . Comparing S e t s 6 and 8 i n T a b l e 2, the 
v a l u e of k 2 i n the 0 2-C0 r e a c t i o n i s a hundred times 
l a r g e r than t h a t i n the N 20-C0 r e a c t i o n . T h i s means 
t h a t a d s o r b e d oxyge
monoatomic oxygen, i
T h i s i s c o n s i s t e n t w i t h C l a r k s o n and C i r i l l o ' s e s t i m a
t i o n [11] i n which they e v a l u a t e d o n l y 0.02% of a l l 
adsorbed oxygen to be d i a t o m i c oxygen on o x i d i z e d 
s i l v e r . 

The r a t e of the 0 2-C0 r e a c t i o n i s m a i n l y c o n t r o l l e d 
by two s t e p s , the r e a c t i o n of ad s o r b e d d i a t o m i c oxygen 
w i t h gaseous CO and the a d s o r p t i o n of oxygen. The N 20 
-CO r e a c t i o n , on the o t h e r hand, i s c o n t r o l l e d by two 
s t e p s , N 20 d e c o m p o s i t i o n and the r e c o m b i n a t i o n of mono-
ato m i c oxygen. These a r e r e s p o n s i b l e i n g i v i n g t h r e e 
e x p l a n a t i o n s f o r the c h a r a c t e r i s t i c modes of the e x p e r i 
m e n tal t r a n s i e n t c u r v e s : (1) the S-shape mode of C 0 2 i n 
F i g u r e 1 and the o v e r s h o o t mode o f C 0 2 i n F i g u r e 3,which 
a r e caused by the slow f o r m a t i o n of d i a t o m i c oxygen; 
(2) the o v e r s h o o t mode of N 2 i n F i g u r e s 1 and 4 and the 
s l i g h t S-shape mode of N 2 i n F i g u r e 3, which a r e due to 
the slow r e g e n e r a t i o n of the a c t i v e s i t e s f o r N 20 
d e c o m p o s i t i o n ; and ( 3 ) t h e monotonie mode of the C0-C0 2 

r e s p o n s e i n F i g u r e 2 which r e s u l t s from the c o m b i n a t i o n 
of the a d s o r p t i o n of oxygen and the s u r f a c e r e a c t i o n . 
The a c t i v a t i o n e n e r g i e s a t the r e a c t i o n s t e a d y s t a t e 
a r e e s t i m a t e d to be 14 K c a l / m o l f o r the 0 2-C0 r e a c t i o n 
and 10 K c a l / m o l f o r the N 20-C0 r e a c t i o n , g i v i n g s t r o n g 
s u p p o r t f o r the view t h a t the r a t e - c o n t r o l l i n g s t e p i s 
d i f f r e n t i n the two r e a c t i o n s . 

The v a l i d i t y o f p a r a m e t e r - s e t s 6 and 8 s h o u l d 
a d d i t i o n a l l y be c o n f i r m e d by u s i n g the d a t a from non-
i s o t h e r m a l e x p e r i m e n t s to r e j e c t a f u r t h e r p o s s i b i l i t y 
i n the e x i s t e n c e of o t h e r p a r a m e t e r - s e t s w i t h a good 
degree of f i t t i n g . The n o n i s o t h e r m a l t r a n s i e n t e x p e r i 
ments, u n f o r t u n a t e l y , have not been c o n d u c t e d w i t h i n 
the p e r i o d g i v i n g a c o n s t a n t a c t i v i t y of the c a t a l y s t . 
The mode of the t r a n s i e n t r e s p o n s e c u r v e of N 2 i s 
s i g n i f i c a n t l y a f f e c t e d by the v a l u e of k j , r a t h e r than 
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t h a t of C 0 2 . T h e r e f o r e , the e x p e r i m e n t a l N 2 0 ( i n c . , 0 ) -
N 2 r e s p o n s e c u r v e i n F i g u r e 1 c o u l d be u t i l i z e d f o r t h e 
parameter o p t i m i z a t i o n t e c h n i q u e , i n s t e a d of the use 
of the n o n i s o t h e r m a l d a t a . The mode of the r e s p o n s e 
c u r v e o f N 2 i s , h o w e v e r , g r e a t l y s t e e p making a d i f f i 
c u l t y of the a p p l i c a t i o n of the o p t i m i z a t i o n t e c h n i q u e , 
as can be seen i n F i g u r e 1. In the p r e s e n t s t u d y , a 
l a r g e number of t r a n s i e n t d a t a based on the i s o t h e r m a l 
experiment f o r the 0 2-C0 and the N 20-CO r e a c t i o n s have 
been employed to d i s t i n g u i s h the p a r a m e t e r - s e t s 
e s t i m a t e d , e s p e c i a l l y comparing the mode of the r e s p o n s e 
c u r v e of N 2 . 
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Mass Transfer and Product Selectivity in a 
Mechanically Stirred Fischer-Tropsch Slurry 
Reactor 
CHARLES N. SATTERFIELD and GEORGE A. HUFF, JR. 

Massachusetts Institute of Technology, Department of Chemical Engineering, 
Cambridge, M A 01239 

With a reduced fuse
s t a n t i a l g a s - t o - l i q u i
can be encountered, which causes the paraf f in - to
-olefin r a t i o of the hydrocarbon products to decrease. 
Under intrinsic k i n e t i c conditions th i s r a t i o in
creases with hydrogen concentration in the l i q u i d 
but i s independent of carbon monoxide concentra
t i o n . Hence with s i g n i f i c a n t mass-transfer, th i s 
ratio i s governed by the resistance to H 2 transfer 
rather than by the e f fect ive H2/CO r a t i o in the 
liquid. 

With a f i n e l y divided s o l i d catalyst as t y p i c a l l y used i n 
the Fischer-Tropsch synthesis i n slurry reactors i t i s generally 
agreed that the major mass-transfer resistance, i f i t occurs, 
does so at the gas-liquid interface. There are considerable 
disagreements about the magnitude of this resistance that stem 
from uncertainties about certain physical parameters, notably 
i n t e r f a c i a l area, but also the s o l u b i l i t y and mass transfer coef
f i c i e n t s for H 2 and CO that apply to thi s system. However when 
this resistance i s s i g n i f i c a n t , the concentrations of ̂  and CO i n 
the l i q u i d i n contact with the s o l i d catalyst become less than they 
would be otherwise, which not only reduces the observed rate of 
reaction but can also a f f e c t the product s e l e c t i v i t y and the rate 
of formation of free carbon. 

Experimental 

Studies were carried out i n a one - l i t e r , mechanically-stirred 
autoclave operated i n a semi-continuous fashion i n that the cata
l y s t and l i q u i d c a r r i e r (normal-octacosane) remain i n the reactor 
whereas synthesis gas i s sparged to the reactor and v o l a t i l e pro
ducts removed overhead. The phases are well mixed, which sim
p l i f i e s interpretation of experimental r e s u l t s . Moreover, the 
degree of mass transport can be controlled by varying the degree 
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of agitation, since gas-liquid i n t e r f a c i a l area increases with 
power input. The autoclave has a diameter of 7.6 cm with two 
b a f f l e bars (0.75-cm wide) that are spaced 180° apart. I t i s 
agitated with a 5.08-cm diameter propeller (3 blades at a 45° 
pitch) set above a six flat-bladed disk (each 1.27-cm square) 
turbine impeller 5.08 cm i n diameter. The impeller i s 3.5 cm 
above the wide-conical bottom of the reactor. Gas i s fed through 
a 0.32-cm i . d . hole i n the center of the bottom. Either a hollow 
or s o l i d shaft s t i r r e r can be employed. The hollow shaft a g i 
tator increases gas r e c i r c u l a t i o n from top to bottom and the fact 
that we found no difference i n our results between the two types 
i s additional evidence that the system behaves as a CSTR. Fur
ther d e t a i l s of the apparatus and a n a l y t i c a l procedures are 
available elsewhere (1, 2). 

The catalyst was a
United Catalysts, Inc.
s i s . It contained 2-3% A1 20 3, 0.5-0.8% K 20, 0.7-1.2% CaO and 
<0.4 S i 0 2 % on an unreduced basis. I t was crushed to a p a r t i c l e 
size smaller than 53 microns (270 A.S.T.M. sieve) and pre-reduced 
i n a separate tubular reactor with hydrogen at 400°C, atmospheric 
pressure and space v e l o c i t y of 5000 cm? gas (S.T.P.)/cm^ cata
lyst-hour. It was then s l u r r i e d with 450 g of octacosane (>99% 
purity) to produce a 15 weight-percent suspension, based on un
reduced catalyst weight. Cold studies i n a transparent mockup 
indicated that t h i s f i n e l y divided catalyst did not s e t t l e on the 
reactor bottom at s t i r r i n g speeds of 200 RPM or greater. Two 
runs are reported on here, each of which encompassed several 
hundred hours during which a variety of conditions were studied. 
A separate catalyst batch was used for each of the two. 

Catalytic A c t i v i t y 

Figure 1 depicts the effe c t of changing the s t i r r i n g speed 
on the conversion of hydrogen plus carbon monoxide at each of 
three temperatures. Two d i s t i n c t regions appear i n the curves 
with a t r a n s i t i o n a l zone at about 400 RPM. In a l l cases, conver
sion becomes independent of agitation and strongly dependent on 
temperature at the higher degrees of agitation. As expected from 
theory, a faster s t i r r i n g speed i s required to move out of the 
gas-liquid c o n t r o l l i n g region at 263eC than 232°C. 

I n t r i n s i c Kinetics 

Detailed information on the i n t r i n s i c k i n e t i c expression for 
t h i s catalyst w i l l be available elsewhere (3). The water-gas-
s h i f t reaction proceeds ess e n t i a l l y to equilibrium (and hence 
completion) under our conditions, and based on the observed pro
duct composition, the stoichiometry for the reaction becomes : 

6 CO + 7/2 H 2 C 3H ? + 3 C0 2 (1) 
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Figure 1. Effect of stirring speed on synthesis gas conversion. Conditions: 790 
kPa, 150 L gas (STP)/L liquid-hrt and (Ht/CO)feed = 0.69. 
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The i n t r i n s i c data were well correlated by a Langmuir-Hin-
shelwood type of expression which for the conditions here, 
reduces to an expression zero order i n CO and f i r s t order i n H 2: 

" V C O " " 1 9 / ? S = - 1 9 / 1 2 RC0 " k CH,L ( 2 ) 

Although water vapor exerts an i n h i b i t i n g e f f e c t on the rate (4), 
i t s concentration here was so low, because of the low H2/CO 
ratios used and the occurrence of the water-gas-shift reaction, 
that i t s influence can be ignored. Equation (2) can be re-writ
ten i n terms of p a r t i a l pressure of H 2 by applying Henry's law, 
PH " " H 0 ! . , ! , 5 

In the analyses that follow, i t i s further assumed that the hy
drogen to carbon monoxide usage r a t i o i s independent of conver
sion and given by a value of 7/12· 

Mass Transfer 

Since the i n t r i n s i c rate i s independent of carbon monoxide 
concentration, we need consider only the mass transfer of hydro
gen across the gas-liquid interface from the standpoint of a c t i 
v i t y . However both reactant material balances need to be con
sidered i n the more general case since the true concentration of 
carbon monoxide at the catalyst surface may a l t e r s e l e c t i v i t y : 

The concentrations of hydrogen and carbon monoxide i n the l i q u i d 
are given upon rearrangement of equations (4) and (5), respective
l y , as: 

7 d - e G ) ( - V 4 C 0 ) 

"C 

Equations (6) and (4) can be combined to eliminate C„ _ as: 
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P H 7 ( 1 - £ G ) 1 1 H + I = f - (8) 

mass transfer i n t r i n s i c observed 
where an ove r a l l apparent rate constant k Q i s defined by: 

" V C O - ( V V P H ( 9 ) 

From equation (8) values of the mass transfer component 
κ β k^ a/(l-ε^) can be estimated from measured values of 
-RJJ + c 0 * under mass transfer-limited conditions by using 

2 values of k determined from i n t r i n s i c k i n e t i c studies
The actual concentration
l i q u i d can then be calculate
t i v e l y . Values of k , the apparent rate constant, calculated by 
equation (9) for the same experimental runs depicted i n Figure 1, 
divided by hydrogen s o l u b i l i t y , are plotted on a logarithmic 
scale against reciprocal temperature i n Figure 2. The lin e a r cor
r e l a t i o n at the highest s t i r r i n g speed with an activation energy 
of 100 kJ/mol i s further indication that these data are i n t r i n s i c 
and unaffected by mass transfer. The data at constant, lower, 
s t i r r i n g speeds exhibit the c l a s s i c a l shapes expected by a reac
tion that becomes increasingly controlled by mass transfer. 

The dashed l i n e s i n Figure 2 are theoretical curves predicted 
by equation (8), based on the average mass transfer term κ back-
calculated at each temperature and same s t i r r i n g speed. Physical 
transport appears to be r e l a t i v e l y independent of temperature 
and conversion even though i t increases markedly with s t i r r i n g 
speed. Increased gas contraction (and hence lower s u p e r f i c i a l 
velocity) associated with the higher conversions at higher temp
eratures affects both gas hold-up and i n t e r f a c i a l area a i n 
gas-liquid systems with mechanical agitation (5). However, the 
data of Westerterp,et al.(6) indicate that a / ( l - e G ) i s insensitive 
to gas-flow rape. 

Values of κ are plotted i n Figure 3 for two runs, one using 
a solid-shaft s t i r r e r and a second using a hollow-shaft agitator. 
Within the scatter of the data, there appears to be no difference 
between the two runs, indicating that the contents are indeed well 
mixed, even at lower s t i r r i n g speeds. The component κ varies 
with s t i r r i n g speed to the 4 ±1 power i n our combined propeller/ 
impeller aerated mixer over the range of agitation used. 

To estimate the values of K * C
H L

 a n (* CC L ̂ r 0 m e 9 u a t i o n s 

above, s o l u b i l i t i e s and mass transfer * coef f i c i e n t s need to 
be known. The mass transfer c o e f f i c i e n t for carbon monoxide was 
measured by Deckwer, et a l . (7) to be 0.010 cm/s and v e r i f i e d by 
them with Calderbank and Moo-Young's (8) small-bubble correlation, 
using d i f f u s i v i t i e s estimated from a r e l a t i o n proposed by Sovova 
(9). From these expressions, the dependence of the mass transfer 
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Figure 2. Observed rate constant for the same data points and conditions as in 
Figure 1. Key: +, 600 rpm; ψ, 400 rpm; · , 300 rpm; | , 250 rpm; and A, 200 

rpm. 
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Figure 3. Effect of stirring speed on mass transfer resistance, κ. Key: , solid 
shaft stirrer and the same data points as in Figure 1; and · , hollow shaft stirrer, 

248-263°C, 400-1140 kPa, and (Ht/CO)feea = 0.34-0.62. 
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c o e f f i c i e n t on molar volume V g can be deduced from which the mass 
transfer c o e f f i c i e n t for hydrogen can be calculated as: 

VH • h,C (VB,C/VB,/*4 <10) 

Using molar volumes of hydrogen and carbon monoxide of 14,3 and 
30,7 cm-*/mol respectively (10), fl becomes 0.014 cm/s. How
ever, with l i t t l e experimental data available, estimated values 
of these mass transfer c o e f f i c i e n t s have varied widely. Deckwer, 
et a l . (11) assumed a value k_ H

 8 5 0.02 cm/s and S a t t e r f i e l d and 
Huff (12) employed a value · of 0.024 cm/s, based on early 
l i t e r a t u r e , as opposed to k̂  R • 0.014 cm/s used i n this study. 
Stern, et a l . (13) estimatea* the hydrogen and carbon monoxide 
mass transfer c o e f f i c i e n t s to be 0.21 and 0.019 cm/s, respec
t i v e l y , based on experimenta
We have taken values o
m - 1.68 χ 10 5 from Kolbel,et a l . (14). Thus, calculated values 
of a i n Figure 3 vary from about 1 to 25 cm"1 at 200 to 400 RPM, 
respectively, assuming a gas hold-up of 0.2 and a hydrogen mass 
transfer c o e f f i c i e n t of 0.014 cm/s. 

Product S e l e c t i v i t y 

Under i n t r i n s i c k i n e t i c conditions the r a t i o of normal-
paraffins to olef i n s (a plus 3), P/0, increases with hydrogen 
liquid-phase concentration, but i s independent of CO concentra
tion over a wide range of conditions (3). Thus i t i s the H 2 con
centration at the l i q u i d - s o l i d interface that i s important, not 
the H2/C0 r a t i o , which has been the focus of attention i n some 
other anaylses. This i s i l l u s t r a t e d i n Figures 4 and 5 for the 
Cg and Cj fractions of the product, respectively, for two d i f f e r 
ent experimental runs. In each of these, i n t r i n s i c k i n e t i c data 
were obtained over a variety of pressures, H2/C0 feed ratios and 
flow rates. The CO concentration i n the l i q u i d varied more than 
20-fold but there was no effect on the P/0 r a t i o . This i s devel
oped i n more d e t a i l elsewhere (3), but this conclusion i s shown 
i n the figures by displaying ( i n parentheses) the range of CO 
concentration for various convenient groups of data points. The 
P/0 r a t i o increases with hydrogen concentration. The Co and Cj 
hydrocarbons are taken here as convenient measures of the P/0 
ra t i o i n representative product fractions. The P/0 ra t i o i n gen
er a l increased with molecular weight. 

Paraffin to o l e f i n molar ratios for the C 3 and Cy fractions 
are reported i n Table I for two sets of runs i n which the degree 
of mass transfer was varied by changing RPM. Even with a CSTR, 
data on the effect of mass transfer must be interpreted c a r e f u l l y . 
An increase i n mass transfer resistance, caused by decreased a g i 
tation, causes a drop i n conversion. Usually the consumption 
r a t i o of H2/CO i s different than the feed r a t i o and hence a drop 
i n conversion i s accompanied by a change i n the H2/C0 r a t i o i n 
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Figure 4. Propane to propylene ratio in intrinsic and mass transfer-limited regions 
at 248°C. Key: i * , Run 1, HJCO feed = 0.55-1.8, 400-790 kPa, and 60-180L 
gas/L liquid-hr (intrinsic); · , Run 2, HJCO feed = 0.34-0.62, 280-1140 kPa, 
and 100L gas/L liquid-hr (intrinsic); A, Run 2, Ht/CO feed = 0.62, 1.1 MPa, 
and 100L gas/L liquid-hr (mass transfer); and ψ, Run 2, HJCO feed = 0.34, 
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Figure 5. Heptane to heptene ratio in intrinsic and mass transfer-limited regions 
at 248°C. Key is the same as in Figure 4. 
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the gas present. Thus one must be careful to separate the eff e c t 
upon the H 2 and CO concentrations i n the l i q u i d caused by change 
i n conversion from that caused by mass transfer. 

In the f i r s t set of runs i n Table I, the H2/CO feed r a t i o 
exceeds the consumption r a t i o , 7/12 * 0.58; i n the second i t i s 
less than the consumption r a t i o . In each case, the H 2 p a r t i a l 
pressure i n the reactor increased with decreased agitation, as 
conversion dropped. In the absence of mass transfer resistance 
this would be expected to increase the P/0 r a t i o . The fact that 
the P/ 0 r a t i o i n both cases instead decreased i s consistent with 
the postulate that the H 2 concentration i n the l i q u i d has 
decreased. The corresponding mass transfer resistance κ , back-
calculated from equation (8), i s given at each s t i r r i n g speed 
together with the hydrogen and carbon monoxide liquid-phase con
centrations that are estimate

The H 2 / C 0 feed ratio
low, so that the hydrogen l i q u i d phase concentrations would be 
low, where s e l e c t i v i t y effects caused by mass transfer should be 
more noticeable. In general, however, considerably higher H2/CO 
feed r a t i o s are usually used to minimize carbon formation so the 
feed r a t i o of H 2 / C 0 generally exceeds the usage r a t i o . Hence 
under mass-transfer limited conditions the reaction becomes par
t i c u l a r l y starved for carbon monoxide since i t i s transported 
more slowly than hydrogen (k. r

 β k_ H/1.4) and i t i s the s t o i -
chiometrically-limiting reactant. * 

The p a r a f f i n to o l e f i n r a t i o s taken i n a mass-transfer 
l i m i t i n g environment are also plotted i n Figures 4 and 5 against 
predicted hydrogen liqqid-phase concentrations. While the mass 
transfer results are within the data scatter on the figures, we 
appear to underestimate the liquid-phase concentration s l i g h t l y . 
Perhaps th i s i s due to a s l i g h t positive dependency of the i n 
t r i n s i c expression (equation 2) on carbon monoxide and not zero 
order. This would result i n a higher back-calculated value of κ 
(and thus higher liquid-phase hydrogen concentration) as carbon 
monoxide i s transported slower than hydrogen. This effect would 
be magnified by choosing too small a hydrogen mass transfer coef
f i c i e n t . 

The average product molecular weight i s unaffected by s t i r r i n g 
speed, as evidenced by the r a t i o of C^ to C 5 hydrocarbons i n 
Table I. This i s not surprising as we have observed with i n t r i n 
s i c studies that t h i s i s r e l a t i v e l y independent of reaction condi
tions (15). However, an increased Η 2 / 0 0 liquid-phase r a t i o due 
to mass transfer limitations should decrease free carbon deposi
tion by the Boudouard reaction (16). 

Conclusions 

With an active reduced fused magnetite catalyst i n a s t i r r e d 
autoclave reactor we have shown that substantial mass transfer 
resistances are readily encountered that can greatly lower the 
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observed reaction rate below that otherwise attainable. Under 
i n t r i n s i c reaction conditions the p a r a f f i n to o l e f i n r a t i o of the 
hydrocarbon products increases with hydrogen concentration and i s 
independent of CO concentration. Under mass-transfer l i m i t i n g 
conditions this P/0 r a t i o dropped, i n accordance with theory. 
Although the gradient for hydrogen transfer i s less than the 
gradient for CO transfer, i t i s the hydrogen liquid-phase con
centration that governs this s e l e c t i v i t y and not the H2/CO r a t i o 
as such, as has been assumed i n some previous analyses. This i s 
because of the form of the k i n e t i c expression that governs paraf-
f i n - o l e f i n s e l e c t i v i t y on thi s catalyst. 

Under i n t r i n s i c - k i n e t i c conditions the carbon number d i s t r i 
bution of products from a reduced fused magnetite catalyst i s not 
s i g n i f i c a n t l y affected by wide variations i n and CO concentra
tion and mass-transfer
would be expected. To
as oxygenate product composition, are governed by H 2 and CO con
centrations i n the l i q u i d , we would s i m i l a r l y expect to observe 
effects caused by mass transfer, although t h i s was not done here. 
Likewise with other catalysts, such as cobalt, which appear to be 
more sensitive to reaction conditions and to secondary reactions, 
more marked effects from s i g n i f i c a n t mass transfer reactions are 
anticipated. 

Legend of Symbols 

a i n t e r f a c i a l area of gas bubbles, cm^ bubble surface area/cm^ 
expanded! l i q u i d 

C L concentration i n l i q u i d phase, mol/cm^ l i q u i d ; C£ for concen
t r a t i o n at equilibrium with the gas, mol/cm^ l i q u i d 

k^ l i q u i d f i l m mass transfer c o e f f i c i e n t , cm^ liquid/cm^ bubble 
surface area y- s 

k i n t r i n s i c reaction rate constant, s 
k 0 o v e r a l l apparent rate constant, s 
m s o l u b i l i t y c o e f f i c i e n t , cm liquid-atm/mol 
Ν s t i r r e r speed, RPM 
Ρ p a r t i a l pressure, atm 
-R rate of reaction per unit volume of slurry, mol/cm l i q u i d -s 
Τ absolute temperature, eK 
V B molar volume of gas, cm^/mol 

6ç gas hold-up. cm^ gas/cm"* expanded l i q u i d ; l-tç for l i q u i d 
hold-up, cwy liquid/cm expanded l i q u i d 

κ κ « k ^ H a / ( l - e G ) , s" 

Subscripts 
C carbon monoxide 
H hydrogen 
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The Fischer-Tropsch Synthesis by Amorphous 
Fe20Ni60P20 and Fe90Zr10 Catalysts 
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Faculty of Engineering, Tokyo 113, Japan 

TSUYOSHI MASUMOTO and HISAMICHI KIMURA 
Τohoku University, The Research Institute for Iron, Steel and Other Metals, 
Sendai 980, Japan 

The hydrogenatio
amorphous Fe20Ni
carried out at atmospheric pressure and at tempera
tures from 220 to 370°C. The amorphous catalysts 
exhibited stable and high activities higher than 
the c r y s t a l l i n e catalysts of the same compositions. 
While the d i s t r i b u t i o n of hydrocarbon products of 
the crystalline Fe20Ni60P20 catalyst closely obeyed 
the Schulz-Flory (S-F) d i s t r i b u t i o n law, the dis
tribution of the amorphous catalysts showed the 
tendency to deviate from the law. That is: being 
different from the product d i s t r i b u t i o n of the 
c r y s t a l l i n e catalyst, the d i s t r i b u t i o n p r o f i l e s of 
the amorphous catalysts depended on the conversion 
of the reactant. Due to the deviation from the 
S-F law, the amorphous Fe20Ni60P20 catalyst yielded 
an excellent selectivity for producing C2 to C5 
hydrocarbons. The amorphous Fe90Zr10 catalyst pro
duced high olefinity at low conversion, though the 
deviation is much less than the amorphous Fe20Ni60 

P20 catalyst. A reaction model was proposed by 
modifying the reaction scheme assumed in the S-F 
model. Based on the model, the deviation is at
tributed to the readsorption of o l e f i n s followed by 
their chain growth reaction and to the decreasing 
probability of the propagation with increasing 
carbon number. 

It has been recently found that some all o y s can be s o l i d i f i e d 
into the amorphous state by rapid quenching from the melt (1). 
While considerable e f f o r t has been devoted to elucidating the 
mechanical, e l e c t r i c a l , magnetic and corrosion properties of these 
new materials (2,3), i t was only recently that t h e i r remakable 
c a t a l y t i c a c t i v i t i e s were reported (4_,,5,6). For the hydrogénation 
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of carbon monoxide, the iron and/or nic k e l base and phosphorus 
and/or boron containing amorphous alloys steadily showed high 
a c t i v i t i e s to y i e l d hydrocarbons. The a c t i v i t i e s of the amorphous 
alloys were as high as several to several hundred times higher 
than the c r y s t a l l i n e catalysts of the same chemical composition 
(5). It was also shown that the amorphous Fe2oNi6oP20 catalyst 
yielded sizable quantities of low hydrocarbons, while methane was 
the major product for the c r y s t a l l i n e catalyst (6). In view of 
the importance of the production of low hydrocarbons from the 
synthetic gas, preferably o l e f i n s as the starting materials for 
manufacturing the chemical s t u f f , research was undertaken to study 
the product d i s t r i b u t i o n of the amorphous catalysts i n more d e t a i l . 

Of the f i f t e e n compositions tested previously (5»), the F e 2 o 
Ni6oP20 a l l o y was chosen because of the high a c t i v i t y and selec
t i v i t y to y i e l d the desire
a l l o y was also tested. Thi
heat-resistant since the c r y s t a l l i z a t i o n temperature i s as high as 
502°C and i t was also expected to be active for hydrogénation 
since i t i s capable of absorbing hydrogen (7). Furthermore, i t i s 
generally known that the hydrogen absorbing metals often break 
into powders during the repeated cycles of absorption and desorp-
tion. Since the increase i n the surface area might be advanta
geous for the p r a c t i c a l use of these unsupported catalysts, the 
pulverization of the amorphous catalysts, i f i t takes place, i s 
desirable. 

Experiments 

Experimental Apparatus and Procedures. The amorphous alloys 
of about 15 microns thick and 3 mm wide ribbons were prepared by 
the disk method (8), the d e t a i l s of which have been described 
elsewhere (5). The important step of the method i s the impinging 
of the molten mother a l l o y , held i n a quartz tube with a small 
nozzle, onto the surface of a rotating disk of stainless s t e e l . A 
flow type of a reactor apparatus, previously described (5), was 
used for the c a t a l y t i c reaction. The reaction was carried out 
under atmospheric pressure and at temperatures from 220 to 370°C. 
The catalysts were pretreated with a stream of hydrogen i n advance 
of a run. A gas chromatography was used for analyzing the hydro
carbons; methane, ethylene, ethane, propylene, propane, butènes, 
butanes, t o t a l C5 hydrocarbons, and higher hydrocarbons (C6 to Cio> 
not separated), as well as carbon monoxide, carbon dioxide and 
water. Alcohols and aldehydes could be detected by the gas chro-
motography but were not found to be produced i n sizable amounts. 
An X-ray d i f f r a c t i o n analysis was made to determine the s o l i d 
structure of the catalysts before and after the reaction. The 
s p e c i f i c surface area of the catalysts was determined by the BET 
method using nitrogen at i t s b o i l i n g point. The surface area of 
the v i r g i n catalyst ribbons ranged 0.2 to 0.3 m2/g, which was 
about one order of magnitude greater than the geometrical surface 
area of the ribbons. 
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Experimental Results. 
A c t i v i t y . The c a t a l y t i c a c t i v i t y of the Fe2oNi6oP2 0 alloys 

for the Fischer-Tropsch synthesis was analyzed and i t was found 
that the amorphous a l l o y has the c a t a l y t i c a c t i v i t y about three 
hundred times higher than the c r y s t a l l i n e a l l o y (5.f 6). For Fe9 0 
Zrio a l l o y , the c a t a l y t i c a c t i v i t y of the amorphous and c r y s t a l 
l i n e phases was analyzed for the same reaction at 248 and 255°C. 
As i s shown i n Figure 1, the production rates of the major hydro
carbons were kept constant for the amorphous catalyst. However, 
the c r y s t a l l i n e Fe9oZrio catalyst which was prepared by heating 
the amorphous catalyst at 560°C for 20 hrs didn't approach any 
steady a c t i v i t y , as i s shown i n Figure 2. 

The BET surface areas of both the amorphous and the c r y s t a l 
l i n e Fe2oNÎ6oP2 0 catalysts were nearly the same and constant 
during the reaction, but th  surfac  character f th  amorphou
and the c r y s t a l l i n e phase
with each other. For th  c r y s t a l l i n  catalyst,
area was kept constant during the reaction at about 0.25 m2/g. On 
the other hand, the amorphous catalyst ribbons broke into fine 
chips of different sizes and the BET surface area after the reac
tion went up to 0.9 m2/g. Since the pretreatment with a stream of 
hydrogen did not produce any breakage of the a l l o y ribbon, and 
also because the c a t a l y t i c a c i t v i t y had been kept constant shortly 
after the start of the reaction, the increase of the surface area 
of the amorphous catalyst i s considered to take place at the i n i 
t i a l period of the reaction by carbon monoxide and hydrogen. 

Product Distribution. Figures 3 and 4 show the distributions 
of the carbon number of hydrocarbon products by weight, measured 
under the d i f f e r e n t i a l reactor conditions for the amorphous cata
l y s t s , Fe9oZrio and Fe2oNi6oP20> respectively. As the p a r t i a l 
pressure of carbon monoxide increased, the product distributions 
of these catalysts tended toward higher hydrocarbons. I t may be 
generally agreed that, i n the F-T synthesis, the product d i s t r i 
bution tends toward higher hydrocarbons by the increase of the 
p a r t i a l pressure of carbon monoxide (9,10), but the discussion on 
such tendency has been limited to the F-T synthesis for obtaining 
high hydrocarbons as l i q u i d f uels. Recently, the effe c t of the 
p a r t i a l pressure of carbon monoxide on the product d i s t r i b u t i o n 
was studied for the F-T synthesis for obtaining lower hydrocarbons 
using Ru, Rh, Co, Fe, and Ni as catalysts (11). The effects for 
the amorphous catalysts used i n t h i s study are much more s i g n i f i 
cant than those for the catalysts of the previous study (11). 
Furthermore, i t i s interesting that the amorphous F e 2 û N i e o P 2 0 

catalyst exhibited the high s e l e c t i v i t y to C 2 to C 5 hydrocarbons. 
Figure 5 and 6 show the contact time dependence of the con

centration of each hydrocarbon represented by carbon monoxide con
version base for these catalysts. It i s reasonable to derive the 
existence of the successive reaction step of o l e f i n s from the con-
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Figure 1. The activity of amorphous Fe90Zr10 catalyst at 248°C, PCo = 0.17 atm, 
and PHt = 0.83 atm. Key: O, C , ; Δ , CJ; Δ , Ct; • , Cs; CJ; and Φ, total. 
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Figure 2. The activity of crystalline Fe90Zrî0 catalyst at 255°C, with Pco = 0.17 
atm, and PHt = 0.83 atm. 
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Carbon Number 

Figure 3. Effect of partial pressure of carbon monoxide for amorphous Fe9ùZr10 

catalyst at 248°C with PH% = 0.5 atm. Key to Pc<>: O, 0.1 atm; Δ , 0.2 atm; and 
• , 0.5 atm. 

Carbon Number 

Figure 4. Effect of partial pressure of carbon monoxide for amorphous FetoNieoPto 
catalyst at 230°C, and PHi — 0.5 atm. Key to PCo is the same as in Figure 3. 
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Figure 5. Concentrations of hydrocarbon products as a function of contact time 
with amorphous Fe90Zr10 at 296°C, Pco = 0.17 atm, and PH, = 0.83 atm. Key: 

O, Ct; A , C,'; Δ , Ct; (J, <V; and • , C, . 

Figure 6. Concentrations of hydrocarbon products as a function of contact time 
with amorphous FetoNi60Pto at 230°C, Pco = 0.1 atm, and PHt = 0.9 atm. Key 

is the same as in Figure 5. 
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tact time dependence of their concentrations. For the Fe9oZrio 
catalyst, the increasing tendencies of ethane and propane are cor
responding well with the decreasing tendencies of ethylene and 
propylene. Thsese results show that the hydrogénation of ole f i n s 
during the reaction proceeded appreciably to y i e l d corresponding 
paraffins. 

The three catalysts used i n thi s study exhibited the very 
different rates to produce o l e f i n s . For example, the ra t i o s of 
ethylene to ethylene plus ethane under the d i f f e r e n t i a l reaction 
condition, at ?QQ - PH2 = 0.5 atm, were respectively 0.84, 1.0 and 
0.41 for the c r y s t a l l i n e Fe2oNi6oP2 0 t the amorphous FegoZno and 
the amorphous Fe2oNi6oP2 0 catalysts. Due to the high o l e f i n i t y , 
the s e l e c t i v i t y to low ol e f i n s were remarkable for the amorphous 
FegoZrio catalyst, i n particular at small conversion being 64% as 
to t a l C 2 ' to C 5 ' . 

Analysis and Discussion 

Though there i s controversy regarding the detailed mechanism 
included i n the F-T synthesis, i t may be generally agreed that 
propagation occurs by a step wise addition of a unit containing 
one carbon atom to a reaction intermediate on the catalyst sur
face. The Schulz-Flory(S-F) d i s t r i b u t i o n law which i s deduced 
from the step wise propagation mechanism i s often used as the base 
of the discussions. The S-F law gives the weight f r a c t i o n of 
hydrocarbon of chain length η by the equation, 

Wn - n ( l - a ) 2 a 1 1" 1 

where a, a reaction parameter defined by the probability of the 
propagation i n the t o t a l reaction of the reaction intermediate, 
namely propagation plus termination, i s assumed to be constant 
irrespective of the carbon chain length of the reaction intermedi
ate. The S-F d i s t r i b u t i o n law indicates that the d i s t r i b u t i o n 
pattern i s determined solely by the reaction parameter α and that 
the pattern i s not dependent on the conversion of the reactants. 

For the purpose of the discussion of the product d i s t r i b u 
tion based on the S-F law, the data as shown i n Figures 5 and 6 
were replotted i n terms of the weight percent of the products 
versus the carbon number i n Figures 7, 8 and 9. These figures 
c l e a r l y shows that the characteristics of the carbon number d i s 
tributions with changing conversion of carbon monoxide are very 
different from one catalyst to another, while few studies have 
been reported about the effect of the conversion on the carbon 
number d i s t r i b u t i o n (14,15). 

The d i s t r i b u t i o n of the c r y s t a l l i n e Fe2oNi6oP2 0 catalyst 
closely obeys the S-F d i s t r i b u t i o n pattern with α • 0.13. Also, 
the d i s t r i b u t i o n pattern i s independent of the conversion of 
carbon monoxide as i s predicted by the S-F law. 

The d i s t r i b u t i o n pattern of the amorphous Fe2oNi6 0 p 2 0 cata
l y s t shows s i g n i f i c a n t deviations from the S-F d i s t r i b u t i o n pat-
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Figure 7. Product distribution of crystalline FetoNi6oPto catalyst at 315°C. Key 
for SV1 (hr): 0,1.3 χ 10s; Δ  12 χ •  2.6 χ i0" 2; araf V  1.0 χ Z0-*
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Figure 8. Product distribution of amorphous Fe90Zr10 catalyst at 296°C. Key: 
0,3.3%; Δ , 8.5%; and • , 15.9% converted. 
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Figure 9. Product distribution of amorphous FetoNieoP*o catalyst at 230°C. Key: 
0,2.6%; Δ , 10.6%; • , 18.4%; and V, 39.0% converted. 
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tern. Furthermore, the pattern i s strongly dependent on the con
version of carbon monoxide. It should be also noted that the de
crease of the s e l e c t i v i t y to methane with increasing conversion i s 
compensated mainly with the increase of the s e l e c t i v i t y to C3 to 
C 5 hydrocarbons and that the high s e l e c t i v i t y to C2 to C5 i s ob
tained at the high conversion of carbon monoxide. 

The d i s t r i b u t i o n pattern of the amorphous Fe9oZrio catalyst 
also deviates from the S-F pattern and depends on the conversion 
of carbon monoxide but much less s i g n i f i c a n t l y than the d i s t r i b u 
tion pattern of the amorphous F e 2 o N i e o P 2 0 catalyst does. 

The successive reactions of the o l e f i n s over these three 
catalysts may cause the diff e r e n t dependences of the product d i s 
t r i b u t i o n on the conversion of carbon monoxide. Two reaction 
paths of o l e f i n s , which influence d i f f e r e n t l y the conversion de
pendence of the d i s t r i b u t i o n
hydrogénation and the chai
nantly occurs, the d i s t r i b u t i o n of carbon number i s not affected 
by conversion. On the other hand, the chain growth may cause the 
conversion dependence of the d i s t r i b u t i o n and the deviation from 
the S-F d i s t r i b u t i o n pattern. 

Hence, the c a t a l y t i c a c t i v i t y for olefins(12,13) was studied. 
Experiments were carried out by adding ethylene to the influent 
stream of carbon monoxide and hydrogen mixture and measuring the 
change i n the reaction products. Figure 10 shows the results for 
the amorphous Fe2oNi6oP2 0 catalyst. By adding ethylene, the pro
duction rate of propylene as well as ethane remarkably increased. 
Hence, i t was suggested that the propagation of ol e f i n s caused the 
conversion dependence of the d i s t r i b u t i o n of the amorphous F e 2 0 
Ni6oP2o catalyst. In spite of the high o l e f i n i t y , the indétect
able or the s l i g h t conversion dependence of the d i s t r i b u t i o n was 
observed for the c r y s t a l l i n e Fe2oNieoP20 or the amorphous FegoZrio 
catalyst. This fact i s attributed to that the hydrogénation of 
olef i n s predominantly occurs over these catalysts. 

Considering that the chain growth of ol e f i n s i s the major 
reason for the s i g n i f i c a n t conversion dependence of the d i s t r i b u 
tion of the amorphous Fe2oNi6oP20 catalyst, attempts were made to 
construct a model of the reaction scheme for simulating the carbon 
number d i s t r i b u t i o n . F i r s t a reaction scheme as represented by 
the modified S-F model (I) i n Figure 11 was examined. The model 
postulates that the chain growth of o l e f i n s takes place v i a the 
same intermediate i n the S-F propagation scheme. The model f a i l e d 
to simulate the experimental r e s u l t s . One of the main discrepan
cies was that the d i s t r i b u t i o n predicted from the model tended to 
be independent of conversion as the concentrations of ol e f i n s ap
proach constant, being inconsistent with the experimental results 
shown i n Figure 6. 

Secondly, the modified S-F model(II) was constructed. The 
chain growth of readsorbed o l e f i n s was assumed to take place i n 
dependently from the S-F propagation path. The numerical simula
tion was made, assuming that the reaction rate constants are not 
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Figure 10. Hydrogénation and chain growth reaction of ethylene in gas phase 
with amorphous Fei0Ni60Pto catalyst at 223cC. Key: O, ethane; and Δ , propylene. 

The modified S-F model(l) 
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Figure 11. Models for reaction scheme. 
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dependent on the carbon number. Figure 12 shows one of the simu
lation results. The model predicts the decrease of methane selec
tivity and the increase of C3 to C5 selectivity with increasing 
conversion. The remarkable difference observed for higher hydro
carbons indicates that the propagation activity sharply decreases 
at C2 or C 5 . The deviation from the S-F law, is presumably caused 
by the chain growth activity of olefins and by the propagation ac
tivity sharply decreasing for higher hydrocarbons. 
Conclusion 

From the activity analysis of the amorphous and crystalline 
Fe2oNÎ6oP2o and FesoZno catalysts, the amorphous phase was proved 
to be more active than the crystalline phase. Moreover, i t was 
found that not only the product distribution but also the change 
of the distribution with conversion are strongly dependent on the 
individual catalysts. Th
P 2 0 obeyed the S-F law
viated from the law and depended on the conversion. The difference 
in the conversion dependences of the distribution for these cata
lysts may be attributed to the different reactivities of the cata
lysts with olefins, namely, the different ratios of hydrogénation 
and chain growth. Due to the remarkable deviation from the S-F 
law, caused by the chain growth of olefins as well as by the de
creased activity for propagation at higher hydrocarbons, the amor
phous Fe2oNi6oP2o catalyst shows a notable selectivity to C 2 t o C s , 

65% at the conversion of 40%. On the other hand, the amorphous 
FegoZrio catalyst shows the high selectivity to low olefins, 65% 
as C 2 ' to C 5 ' . One of the advantages of the amorphous catalysts 
may be the production of the catalysts of arbitrary composition 
free from the thermodynamical constraint. Hence, by properly a l 
loying Fe, Ni, Ρ and Zr, we can expect to obtain the catalysts 
suited for producing low olefins from the synthetic gas. 

• SF Distribution 
_ 5 0 l # Conv.(0/.) 

Ci C2C3C4C5C6C7 
Carbon Number 

Figure 12. Product distribution predicted from the modified S-F model (II). Con
ditions: k0/k = 3;Jcd/k zp 4; k'Lk = 100; and k,/k = 300. 
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Modeling Zeolite Catalyst Deactivation by 
Coking and Nitrogen Compound Poisoning 

CHEN-CHIH LIN and WILLIAM J. HATCHER, JR. 

University of Alabama, Department of Chemical and Metallurgical Engineering, 
University, AL 35486 

The deactivatio
catalyst for isopropy
studied using a thermobalance. The kinetics of the 
main reaction and the coking reaction were determined. 
The effects of catalyst coke content and poisoning by 
nitrogen compounds, quinoline, pyridine, and a n i l i n e , 
were evaluated. The Froment-Bischoff approach to 
modeling catalyst deactivation was used. 

Catalyst deactivation by fouling has been investigated for a 
number of hydrocarbon reactions. In most instances of coke forma
tion, highly unsaturated species of high molecular weight are 
strongly adsorbed on the catalyst surface. Deactivation can occur 
by the blockage of access to the active surface or by the deposits 
covering the active surface. Generally, polynuclear aromatics 
have been associated with coke formation, and most of the proposed 
mechanisms involve aromatic condensation reactions. 

The starting point of the fouling of cracking catalysts by 
coke deposition i s the study by Voorhies (1_). Voorhies reported 
that the coke formation on cracking catalysts could be related to 
the processing period involved for a fixed bed operation. Wojcie
chowski (2) used a "time-on-stream" aging function which relates 
catalyst a c t i v i t y solely to the length of time the catalyst i s i n 
use. Froment and co-workers (3, 4̂  5) proposed several forms of a 
deactivation function related to the coke content rather than 
time-on-stream. Their approach accounts for deactivation effects 
i n a separable rate equation. 

Acid catalysts such as zeolites can be readily poisoned by 
basic organic compounds. One of the e a r l i e r studies of the deac
t i v a t i o n of silica-alumina cracking catalysts by organic nitrogen 
compounds such as quinoline, quinaldine, pyrrole, piperidine, 
decylamine and a n i l i n e was done by M i l l s et a l (6). The results 
of t h e i r p a r t i a l poisoning studies showed an exponential depen
dence of the catalyst a c t i v i t y for cumene cracking reaction or 
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poison concentration of the catalyst. A poisoning study by t i t r a 
t i o n of quinoline on z e o l i t e catalyst was investigated by Gold
stein and Morgan (7). They concluded that the concentration of 
quinoline required to completely poison a sieve was equal to the 
density of supercages i n the structure of z e o l i t e . 

The active s i t e s of z e o l i t e for the cracking reaction are 
also active for the chemisorption of poisons such as organic 
nitrogen compounds. The effects of poison compounds on the crack
ing reaction need to be considered. This study concerns the deac
t i v a t i o n effects of organic nitrogen compounds on the cumene 
cracking reaction on z e o l i t e s . The a c t i v i t y of zeolites used for 
cracking declines rapidly because of coke deposition on the zeo
l i t e surface; therefore, the influence of coke must be also taken 
into consideration along with the deactivation effects of nitrogen 
compounds on the crackin

Experimental 

The lanthanum exchanged Y z e o l i t e (LaY) was made by contact
ing an ammonium Y (Linde type 31-200 powder) with an aqueous solu
tion of lanthanum chloride. Approximately 60-70 percent of the 
ammonium ions were exchanged i n the procedure. The resulting LaY 
powder was pressed into tablets, crushed and sieved to -60+80 mesh. 

A Fisher thermogravimetric analyzer equipped with a 2 cm d i 
ameter quartz reactor was used for t h i s study. The reactor was 
surrounded by an e l e c t r i c tubular furnace, a catalyst sample was 
placed i n a platinum sample basket inside the quartz reactor. 

The catalyst was heated to 500°C at a rate of 10°C/min i n 
helium. The catalyst sample was then held at 500°C for 4 hours. 
The temperature was adjusted to the desired l e v e l . For the coking 
study cumene was continuously introduced to the reactor by passing 
helium through a f r i t t e d glass disk into a sparger containing 
cumene. For the study of poisoning by nitrogen compounds, p y r i 
dine was introduced i n the same way as cumene, quinoline and a n i 
l i n e were introduced by inj e c t i o n of a certain amount of these 
compounds into a stream of heated helium gas. After adsorption of 
the nitrogen compound, helium gas was used to purge the remaining 
nitrogen compound from the system and to desorb physically adsorbed 
nitrogen compound from the catalyst. This purge was for 30 min
utes. Then cumene was introduced to test the cracking a c t i v i t y of 
p a r t i a l l y poisoned catalyst. Changes of catalyst weight and reac
tor temperature were recorded continuously by a s t r i p chart record
er. Product gases were analyzed by a gas chromatograph with a ten 
feet long column of 10% SE-30 on -60+80 mesh Chromosorb W. 

Results and Discussion 

It i s most accepted that the cracking of cumene over amor
phous silica-alumina or z e o l i t e catalysts takes place by a surface-
reaction c o n t r o l l i n g mechanism. Corrigan et a l (8) and Prater (9) 
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have successfully f i t t e d the results to the single s i t e mechanism 
with amorphous silica-alumina catalysts. More recently, Hatcher 
et a l (10) found that the single s i t e surface reaction c o n t r o l l i n g 
mechanism was consistent with cumene cracking over z e o l i t e cata
l y s t i n both d i f f e r e n t i a l and integ r a l reactor studies. The rate 
expression for t h i s mechanism i s : 

r - k l K A L c ( P A - V s / K ) (1) 
1 4*A PA + KR PR 

At conditions of this study 

Ά * P R P S / K ( 2 ) 

and 

' » ( KA PA + KR PR> ( 3 ) 

Thus the rate expression can be simplified and becomes 

r - W c P A ( 4 ) 

The influence of the coke on the k i n e t i c s of the main reaction 
can be accounted empirically by multiplying the k i n e t i c c o e f f i c i e n t 
of eq. (4) by a deactivation function φ , related to the coke 
content of the catalyst, C^: 

r m k l K A L c Φ P J (5) 

Dumez and Froment (5) proposed several possible forms of the r e l a 
tionship between φ and C^. 

The coke might be formed by a p a r a l l e l step, a consecutive 
step or combined steps from reactant and products. These can be 
shown as follows: 

P a r a l l e l reaction: A^«P=^ R + S 
coke 

Consecutive reaction: A ^ r - 5 R + S 

\ 
coke 

Combined reaction: A ^ 5 R + S \ / 
coke 

For a p a r a l l e l coking mechanism, the conversion of A into 
coke i s given by 
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r . = i ~ = k -KAL φ P A (6) c l dt c l A c Y A 
where k - i s the i n i t i a l rate constant of coke reaction for the c l 
p a r a l l e l step. 

The rate of formation of coke for a consecutive mechanism can 
be written 

rc2 • Î T W c * PR ( 7 ) 

where k ^ represents the i n i t i a l rate constant of coke reaction 
for the consecutive step. For the combined step, the rate of coke 
reaction can be shown a  follows

rc3 » ( k c 3 K A L c P A + W . V * ( 8 ) 

where k ^ represents the i n i t i a l rate constant of coke formation 
from the reactant and k ^ from the products. 

For each run i n a d i f f e r e n t i a l reactor the plug flow perfor
mance equation was used to obtain the reaction rate of cumene 
cracking as follows: 

Γ - FAo XA ( 9 ) 

w 

where i n moles/sec i s the gas flow of cumene, W i s the catalyst 
weight i n grams and i s the fraction cumene converted i n the 
reactor. The reaction rate data were f i t t e d to the kinetics 
models with linear or non-linear least squares estimations. 

The exponential form of the deactivation function, 

φ = exp ( - oiC ) (10) v c 
gave the best f i t of the data for both the main reaction and the 
coking reaction. The parameter Ot was found to be the same for 
both reactions. The exponential form of the deactivation function 
has been related to a pore blocking mechanism (11). 

The resulting rate equation for the main reaction i s : 

τ_ . k x K A L c exp (- 0C C c) (11) 
PA 

k L K A L c - 2.82 exp ( - 6.36 χ 103/RT) (12) 

OC = 20.8 (13) 
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The non-linear least square relationships of equation (11) are 
shown i n Figure 1. 

Equations for the k i n e t i c mechanisms of coke formation with 
the exponential form of the deactivation function are obtained by 
integrating eqs. (6)-(8): 

For the p a r a l l e l mechanism, 

C c - i l n ( l + « k c l K A L c P A t ) (14) 

For the consecutive mechanism, 

(15) 

For the combined mechanism

C c - I i n [1 + 0 C ( k c 3 K A L c P A + k c 4 K R L c P R ) t ] (16) 

The results showed that the p a r a l l e l mechanism had a better 
correlation c o e f f i c i e n t than the consecutive mechanism. The coke 
compound would be more l i k e l y formed from the cumene by p a r a l l e l 
mechanism at low conversions of cumene cracking because the p a r t i a l 
pressure of cumene would be much greater than that of the products. 

The values of the correlation c o e f f i c i e n t for a combined 
mechanism of coke formation were larger than those for a p a r a l l e l 
or a consecutive mechanism of coke formation. However, the values 
of k c^K^L c have a negative sign. Studies (12) at higher tempera
tures than i n the present study resulted i n the combined mechanism 
giving the best f i t with a l l c o e f f i c i e n t s being positive. In the 
200-300°C temperature range of the present investigation, the 
p a r a l l e l mechanism gave the best representation of the data. 

Correlation plots of the p a r a l l e l mechanism and the combined 
mechanism are shown i n Figure 2. The p a r a l l e l mechanism can be 
considered as a reasonable deactivation mechanism. This ^ C ^ K ^ L

C 

parameter can be expressed as 

k c l K A L c = 2 1 2 , 1 e x p ί " 1 · 0 3 4 x 104/RT) (17) 

The cumene cracking a c t i v i t i e s over zeol i t e s with different 
amounts of pyridine, quinoline and ani l i n e adsorption were studied. 
The reaction rate data of cumene cracking were treated by l i n e a r i 
zation of eq. (11) as follows: 

In | - « l n k.K.L. - * i C (18) P A 1 A c c A 
The linear relationship of In r/P A with C held at low coking 

A c 
levels. The correlation c o e f f i c i e n t s for eq. (18) are above 0.95, 
and these values indicate an adequate f i t of the data. 
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Figure 1. r/PA vs. Ce for cumene cracking at reaction temperature. Key: O, 
300°C; Δ, 250°C; and • , 200°C. 

80 100 
t ,min 

180 

Figure 2. Ce vs. t for coking reaction. Key: , parallel mechanism; 
combined mechanism; 0 ,300°C; A, 250°C; and • , 200°C. 
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The plot of et versus poison compounds loading i s shown i n 
Figure 3. It shows that oC i s l i n e a r l y dependent on the pyridine 
loading and independent of the cracking temperature. The param
eter, oc , can be expressed for pyridine poisoning as follows: 

OC = 20.8 + 3.39 χ 10 5 Cps (19) 

where Cps i n equivalents/g i s the concentration of pyridine 
adsorbed on the catalyst. 

For the nitrogen compound studied, the b a s i c i t y can be l i s t e d 
i n the following order: Pyridine >quinoline > a n i l i n e . The oc 
values for a given dosage of poison followed the same trend as the 
order of b a s i c i t y , so the degree of polymerization of coke decreas
ed with the increase of b a s i c i t y of nitrogen compounds. The ot 
values increase more rapidl
ings of quinoline and a n i l i n e

The rate c o e f f i c i e n t of cracking reaction, k^K^L^ was found 
to be proportional to the number of available active s i t e s . It 
can be expressed as follows: 

k x K A L c = ( k 1 K A L c ) c (1 - o-Cps) (20) 

where (k^K^L^o i s the rate constant of cracking reaction i n 
absence of poison compound, β" i s a sorption d i s t r i b u t i o n c o e f f i 
cient. Plots of k^K AL^ versus the loading of poison are shown i n 
Figure 4. The linear relationship of poisoning might be due to 
uniform poisoning, i . e . , s i t e s of equal a c t i v i t y were deactivated 
at zero coke content. Figure 4 shows that pyridine and quinoline 
are more poisonous than a n i l i n e . It shows that the higher basic
i t y compounds have greater effectiveness as poisons. Quinoline 
which has a higher molecular weight and lower b a s i c i t y than p y r i 
dine showed a s l i g h t l y lower effectiveness than pyridine. 

On the basis of the poisoning studies, the number of active 
s i t e s of the catalyst were 1.63 χ 1 0 ^ p e r gram obtained from 
pyridine poisoning and cumene cracking reaction at 300°C. This 
number i s close to the number reported by Jacobs and Heylen (13) 
in the study of poisoning with 2,6-methylpyridine of cumene crack
ing a c t i v i t y of the HY zeo l i t e s . 

Comparison With Other Models 

If equation (14) i s substituted into equation (10), then 

φ = l- (21) 
1 + «ck ,KAL P A t c l A c A 

This form of the deactivation function i s very similar to forms 
used i n the time-on-stream approach to cracking catalyst a c t i v i t y 
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Figure 3. Poison compound loading vs. a. Key: O, 300°C; Δ, 250°C; and • , 
200°C in pyridine; V , 300°C in quinoline; and 0,300°C in aniline. 

Poi son , Eq/g χ 10* 

Figure 4. Poison compound loading vs. ktKALc. Key: O, 300°C; Δ, 250°C; 
and • , 200°C in pyridine; - V - , 300°C in quinoline; and 0, 300°C in aniline. 
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decay. For example, i n bench scale studies of cracking commercial 
feedstocks, Jacob et a l (14) reported that the following empirical 
deactivation function represented t h e i r data. 

ψ = a (22) 
P m (1 + b t C ) 

In equation (22) ρ i s the i n l e t p a r t i a l pressure of o i l and a,b,c, 
and m are constants that depend on the feedstock. 

The effect of nitrogen compound poisoning found i n the pres
ent study i s two-fold as shown by equations (19) and (20). These 
effects are possibly due to the contribution to pore blockage and 
to chemisorption on active s i t e s respectively. Putting the two 
nitrogen poisoning effects together results i n the following 
expression. 

φΝ - 1 - q~cps 
(1 + oi k c l K A L c P A t) Ρ C p s / * (23) 

Nitrogen deactivation effects of commercial feedstocks as reported 
by Jacob et a l (14) was represented by an equation of the f o l 
lowing form. 

ΦΝ - I (2*> 
1 + K 1 Cps t 

By using the parameter values obtained i n the present study and 
assuming values of i n equation (24), deactivation effects of 
nitrogen as predicted by equations (23) and (24) can be quite 
similar. A basic difference i n the method of nitrogen poisoning 
i n the two studies i s that i n the present study the catalyst was 
poisoned with the nitrogen compound and then the cracking a c t i v i t y 
was determined while i n the study by Jacobs et a l (14), nitrogen 
poisoning and cracking occurred simultaneously. 

Conclusions 

The effects of coking and nitrogen compound poisoning on a 
zeo l i t e catalyst a c t i v i t y can be modeled with a separable rate 
expression. The effec t of coking on catalyst a c t i v i t y was 
accounted for by a deactivation function i n an exponential form. 
The cracking reaction and the coking reaction were s i m i l a r l y 
dependent on the catalyst coke content. The mechanism of deacti
vation by nitrogen compound poisoning appeared to be uniform 
poisoning i n the absence of coke e f f e c t . The value of the deac
t i v a t i o n c o e f f i c i e n t increased with increasing poison loading on 
the z e o l i t e . 
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Legend of Symbols 

a,b,c decay constants i n equation (22) 
Cc coke content on the catalyst, g/g 
Cps poison concentration i n the gas phase inside the catalyst, 

mole/g 
*Ao m°l- e rate of cumene vapor i n the feed, mole/s 
Κ equilibrium constant for cumene cracking, atm 
Kl constant i n equation (24) 
KA adsorption c o e f f i c i e n t for cumene, atm~l 
k c i i n i t i a l rate constant of coke formation for p a r a l l e l step, 

8-1 
k c2 i n i t i a l rate constant of coke formation for consecutive 

step, s""* 
k c3 i n i t i a l rate constan

for reactant, s "
k c4 i n i t i a l rate constant of coke formation for combined step 

from product, s ~ l 
K R adsorption c o e f f i c i e n t for propylene, atm~l 
kl surface reaction rate constant, s*"l 
L c concentration of t o t a l active s i t e s , mole/g 
m constant i n equation (22) 
ρ i n l e t p a r t i a l pressure of o i l , atm 
PA p a r t i a l pressure of cumene, atm 
P R p a r t i a l pressure of propylene, atm 
Pg p a r t i a l pressure of benzene, atm 
R gas law constant 
r rate of cumene cracking, mole/g - s 
r c rate of coke formation, g/g - s 
r c i n i t i a l rate of coke formation, g/g - s 
r c i rate of conversion of reactant into coke, p a r a l l e l model, 

g/g - s 
r c2 rate of conversion of product into coke, consecutive model, 

g/g - s 
r c 3 rate of conversion of reactant and product into coke, com

bined model, g/g - s 
t time, s 
Τ reaction temperature, Κ 
W i n i t i a l weight of catalyst, g 

fr a c t i o n a l conversion of cumene 
oc co e f f i c i e n t of deactivation function, g/g 
Q constant i n equation (23) 
v sorption d i s t r i b u t i o n c o e f f i c i e n t of the poison compound, 

g/mole $ deactivation function by coking 
^ deactivation by nitrogen poisoning 
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Rate of Oxidation of Ammonia on Platinum 
Wires, Ribbons, and Gauzes 

C. W. NUTT, S. KAPUR, and A. MAJEED 

Heriot-Watt University, Department of Chemical and Process Engineering, 
Edinburgh, England 

The rate o
pressure on single wires and ribbons has been deter
mined as a function of a gas flow rate and catalyst 
s i z e . In agreement with boundary layer d i f f u s i o n 
theory the function rx1/2, where r is the average rate 
of reaction/unit area, and x is the length of the 
surface measured in the direction of gas flow, is 
directly proportional to gas veloc i t y . 

Surface reaction rate data were determined i n 
independent studies in which the diff u s i o n constraint 
was removed by molecular beam techniques. Predicted 
values for the overall reaction rate, computed by 
coupling this data with d i f f u s i o n rates from boundary 
layer theory, are in excellent agreement with experi
mental values for ribbons and wires. 

Application of the computational techniques to 
predict conversions on pads of in d u s t r i a l gauzes give 
results which are rather lower than p r a c t i c a l experi
ence suggests, due probably to interruptions of the 
boundary layer and the larger surface area associated 
with the roughness of the active commercial gauzes. 

Extension of the computations to take account of 
nitrogen formation by pyrolysis of ammonia and its 
reaction with nitric oxide on the catalyst surface 
should permit better prediction of the performance of 
in d u s t r i a l converters. 

The manufacture of n i t r i c acid by the oxidation of ammonia on 
platinum-type metal gauzes uses a technology which has change 
l i t t l e since i t s f i r s t introduction in 1902. Although the conver
sion proceeds with an e f f i c i e n c y in excess of 90%, the loss of 
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ammonia i s of considerable economic importance when the scale of 
the operation i s taken into account. Unfortunately, lack of a 
detailed quantitative understanding of the overall kinetics of 
the process precludes a proper understanding of the cause of the 
ine f f i c i e n c y and i n h i b i t s attempts to minimise i t . This paper i s 
concerned with an attempt to provide this fundamental understand
ing and indicates the manner in which further refinement i s 
desirable. 

CONVERSION ON SINGLE WIRES AND RIBBONS 

Experimental. The rates of conversion of ammonia to n i t r i c oxide 
on two wires of platinum/10% rhodium (0.0002 and 0.0005 m diameter) 
and a ribbon of platinum (2 thou  thick and 0.00325 mwide)  edge-
on to the gas stream, wer
various feed composition
c a l l y i n section in Figure 1. (1) Oxygen, nitrogen and ammonia 
could be fed at controlled and measured rates to a reactor v i a a 
pre-mixing vessel and a pre-heater, constructed from blocks of 
aluminium allo y BSHP15, resistant to ammonia, lagged and f i t t e d 
with e l e c t r i c a l heating elements. Temperatures were monitored by 
thermocouples located within the blocks. As i l l u s t r a t e d in Figure 
1 a stream of reactant gas passed v e r t i c a l l y upwards through a 
channel having a cross-section 0.001m x0.0508m past the catalyst 
wire or ribbon mounted just above the e x i t of the duct. Preheated, 
inert gas passed through the two outer ducts, minimised cooling of 
the product stream by contact with the walls and eliminated cata
l y t i c reaction there. The catalyst was r i g i d l y attached to an 
insulated e l e c t r i c a l connector on the outside of one side of the 
reactor chamber, and aft e r entering and crossing the chamber 
emerged through a hole on the other side and passed over a pulley, 
and was then l i g h t l y spring-loaded to take up thermal expansion to 
ensure that i t remained taut and straight even when hot. Other 
apertures through the wall of the reactor, sealed with s i l i c a 
windows, permitted observation of the catalyst and enabled the 
temperature d i s t r i b u t i o n to be determined by o p t i c a l pyrometry. 
The catalyst could be heated by passing an e l e c t r i c current 
through the wire or ribbon, to activate i t and to enable start-up 
of the oxidation to proceed. A current of 1 - 2 amps sufficed to 
pre-heat an active catalyst to about 850°K whereupon a reactant 
stream pre-heated to 500°K could react i n a thermally s e l f -
sustaining manner. A probe positioned just over the centre-point 
of the catalyst permitted continuous sampling of the product gas 
for analysis by mass spectrometry. 

Results. Figure 2 compares the observed rates of reaction (gram 
moles of n i t r i c oxide produced per second per cm2 of catalyst) as 
a function of the l i n e a r v e l o c i t y of the gas for three di f f e r e n t 
catalysts and two di f f e r e n t gas compositions. For a given gas 
flow rate the rate of reaction i s c r i t i c a l l y dependent upon the 
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Figure 1. Vertical section of reactor. Key: A, normal to catalyst wire; B, reactant 
gas stream; and C, argon stream. 

0 I 1 ι ι ι ι Ι 
Ο 10 20 30 

V cm s~1 

Figure 2. Reaction rate/unit area vs. gas velocity. Key: ·, 0.02 cm wire 
NHs/02 = 0.3; • , 0.05 cm wire NHs/0* = 0.3; O, 0.02 cm wire NHs/Ot = 

0.45; Δ, Ribbon wire NHs/Ot = 0.45. 
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physical dimensions of the catalyst but almost independent of the 
gas composition. This i s because for the bigger catalysts the 
boundary layers are longer and their average thickness i s greater 
so that the average rate of d i f f u s i o n through the boundary layer 
i s l e s s . Since the thickness of the boundary layer varies as x5 
where χ i s the distance along the boundary layer from the leading-
edge, plots of rx* where r i s the average rate of reaction on the 
surface versus the linear v e l o c i t y , are independent of the size of 
the catalyst, as i l l u s t r a t e d i n Figure 3, even though for a given 
catalyst and gas composition the equilibrium temperature increased 
somewhat with gas flow-rate. 

THE SURFACE REACTION RATE 

Experimental. The surfac
were determined by investigation
was removed by use of molecular beam mass spectrometric techniques 
which have been described elsewhere. (2,3) 

Results. The results demonstrated i n an unambiguous manner that over 
the temperature range 500-1100°Κ the surface reaction proceeded 
through a dual s i t e mechanism by reaction between adsorbed molecules 
of oxygen and ammonia i n accordance with the rate equation: 

k k 0 2 NH3 

NO ( 1 + k o 2

 χ ο 2

 + 

T02
 INH 3 

kNH 3 hm^* 
(1) 

when l£ denotes the ion beam current (in the arbitrary units used) 
i n the mass spectrum of the species sampled from the catalyst sur
face, and the rate constants, k s, Κφ 2 and k j ^ take the smoothed 
numerical values set out i n Table I. 

TABLE I. 
Temp k x 10" 3 

s k n x 10 3 

02 *ΝΗ 3
 X 1 0 2 

900° 0.58129 0.89525 0.71553 
1000 0.70719 0.77296 0.48602 
1100 0.83023 0.68544 0.35418 
1200 0.94897 0.62012 0.27208 

By consideration of the relationship between the ion beam currents 
and the equivalent p a r t i a l pressures, p^ f of the species at the 
catalyst surface, estimating the l a t t e r from the geometry and 
effusion characteristics of the molecular beam i n l e t and sampling 
system, i t followed that the rate of production of n i t r i c oxide 
at the catalyst surface, r, was given by: 

2753 x 10" n k 
(1+0.5* 10 n k, 

s k 0 2 ^ 3 P 0 2
 PNH 3 

Ό 2
 p 0 2

 + 1 0 1 1 *ΝΗ 3 L3 NH3 
when the s e n s i t i v i t y exponent η - 5 

molecule cm""1 sec" 1 

(2) 
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PREDICTION OF THE REACTION RATE AT ATMOSPHERIC PRESSURE 

The rate of reaction at atmospheric pressure can be estimated 
by equating the rate of the surface reaction given by 2 to the 
rate of d i f f u s i o n through the mass transfer boundary layer at the 
catalyst surface. 

Predictions for Ribbons. The simplest s i t u a t i o n to consider i s 
that when the catalyst i s a f l a t ribbon orientated p a r a l l e l to the 
dire c t i o n of flow of gas. Then at a distance x downstream from 
the leading edge the l o c a l mass transfer c o e f f i c i e n t , h, i s given by: 

hx 1 1 

— = 0.323 Re x* Sc 5 and thus the rate of d i f f u s i o n r, i s 
given by: r = hAc wher

r = 14.42V Sc~* Re"^ (P - p) (3) 
where V i s the gas v e l o c i t y (m/s), Ρ the bulk p a r t i a l pressure 
(atm), and ρ the surface p a r t i a l pressure (atm) of the substance 
under consideration. Equations such as (3) apply to each reactant 
and product i n the mixture with the additional constraint:-

ΪΡ - 1 (4) 
Σρ = 1 (5) 

together with 4 ^ - S r ^ = 4 r N Q = ô r ^ . ( 6 ) 
from the stoichiometry of the reaction: 4NH + 50z - 4N0 + 6 H 2 O . 

S t r i c t l y the mathematical expression to be used for the d i f 
fusion process should take account of these constraints; however, 
this kind of counter-diffusion involving two reactants and two 
products i n proportions determined by the stoichiometry of the 
process i s of a complexity which has not yet been considered theo
r e t i c a l l y . In the absence of such a theoretical treatment, 
Equation (3) was applied using d i f f u s i o n c o e f f i c i e n t s reported i n 
the l i t e r a t u r e for each of the components for d i f f u s i o n at room 
temperature. A small correction for the e f f e c t of the temperature 
gradient i n the boundary layer on the d i f f u s i o n c o e f f i c i e n t was 
made i n a manner discussed l a t e r . 

To e f f e c t a solution, the boundary layer was considered to be 
divided into a large number of increments and for the element m, 
the l o c a l rate of d i f f u s i o n of ammonia can be expressed: 

r = 14.42 V Sc x n j Re ~^ fp. n, , 1 N - p x n j 1 m NH3 m [ NH3,(m-l) *rJH 3,mJ 

and for oxygen: 

-§ ». -1 

(7) 

r = 14.42V Sc n " 5 Re " 5 ίρ Λ , - p„ Ϊ0.8 m O 2 m [ 02,(m-l) y0z,m) 

Equating (7) and (8) we have:-

P N H 3,m = P N H 3 , ( D H L ) " (P02,(m-1) " P 0 2 , J ° * 8 

Sc 1 1 

NH3 

S C 0 2 

(8) 

(9) 
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which for simplicity i s expressed as (Cm> i n l a t e r equations 
Since, i n the steady state, the rate o f m d i f f u s i o n of ammonia i s 
equal to the rate of reaction, we may equate (2) and (8) and 
eliminate p.„T by Equation (9) to give: Nti3,m 

5S05.6 x 0.5 x 10* k g k ^ k g > p ^ C J 

[ l + 0.5 x 1 0 n k Q 2 + 10° k ^ P f c , , , 

-14.42 V S c . " 1 Re~ J (P. , - p. ) 0.C Φ = 0 (10) 
U2 m U2»(lB-"l) 02,ul 

In Equation (10), Φ corrects for the temperature of the boundary 
l a t e r as discussed elsewhere. For a given catalyst temperature 
knowing n, k , , k ^ , k ^ , S c ^ , Re m, V, * 0 i t i m _ i y P œ , ( „ _ ! ) · a n d 

Φ, Equation (10) could b
From this the surface p a r t i a l pressures of the other components 
were calculated, but because this procedure did not properly take 
account of the counter-current nature of the process, the values 
so predicted f a i l e d to conform to Equation (5). Generally the 
deviation was less than 10% but to prevent accumulation of errors, 
the simple procedure of normalising the p a r t i a l pressures was 
adopted. After c a l c u l a t i n g the l o c a l rate of reaction using 
Equation (2) and knowing the volumetric flow-rate of gas past the 
surface (from the v e l o c i t y and the width of the duct) the bulk 
p a r t i a l pressure of reactants and products leaving the element m 
could be estimated, so permitting the calculation of the composi
tion entering the (m+1) th element. 

To explore the effects of possible errors i n the value of n, 
and also to i l l u s t r a t e the eff e c t of the absolute rate of surface 
reaction r e l a t i v e to the rate of di f f u s i o n , the calculations were 
carried through for a ribbon under conditions set out i n Part 1, 
for values of η » 4,5,6 and 7. The predictions i l l u s t r a t e d by the 
f u l l curves i n Figure 4 c l e a r l y demonstrate how, when the chemical 
reaction rate i s large (n e4,5) the ov e r a l l rate i s controlled by 
the rate of d i f f u s i o n through the boundary layer and i s independ
ent of chemical reaction rate, but strongly dependent on gas 
vel o c i t y . These conclusions were confirmed by examination of the 
predicted values of the l o c a l reaction rate, and l o c a l concentra
tion gradients along the ribbon over the range of conditions 
examined · 

The calculations set out above were based on the assumption 
that the catalyst surface was always at a temperature of 900°K, 
however, p r a c t i c a l experience during the investigation set out i n 
Part 1, revealed that the catalyst temperature always increased 
with increase i n gas flow-rate. The dotted curves i n Figure 4 
i l l u s t r a t e the ef f e c t of such a variation from 900°K to 1200°K at 
the highest v e l o c i t y , for the dif f e r e n t values of n. When d i f f u 
sion controls, the surface temperature has no ef f e c t , but when the 
chemical reaction rate controls (n=7) the over a l l rate increases 
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with increasing v e l o c i t y through the associated temperature change. 
Predicted values of the rate of reaction with η=5,6, tended to be 
s i g n i f i c a n t l y higher than experimental res u l t s . However, i n the 
experimental studies i t was observed that excessive amounts of 
nitrogen appeared in the products due probably to reaction during 
sampling. When correction for this was made, agreement between 
theory and experiment was satisfactory, as shown i n the figure. 

Predictions for Round Wires. Similar computations were carried 
out for di f f u s i o n through the boundary layer around a round wire, 
assuming that the gas v e l o c i t y just outside the boundary layer (U) 
was given by potential flow theory; U=2V si n Θ, where V i s the 
ve l o c i t y i n the undisturbe
angle r e l a t i v e to the forwar

Predictions were completely analogous to those for the ribbon 
and are shown in Figure 5. Analogous predictions resulted for 
other gas compositions and wire sizes. As with the ribbon, pre
d i c t i o n for n = 5 agreed well with experimental observation when 
correction was made for loss by N 2 formation during sampling. 

Conversion on Gauze Pads. The computational technique was also 
applied to predict conversions on an i n d u s t r i a l pad of gauze, 
assumed to have 1024 apertures/cm 2 constructed of wire 0.06cm 
diameter, operating at atmospheric pressure and 1100°K with a gas 
(11% NH3 i n a i r ) v e l o c i t y of 0.45ft/sec. The computations were 
carried out for a straight wire immersed i n a duct having a h a l f -
width equal to the mean hydraulic radius (0.0244cm) of the gauze 
system. 

The conversion so predicted tended to be somewhat lower than 
p r a c t i c a l experience suggests, as i l l u s t r a t e d i n Figure 6. Since 
the predictions are based on theory and data for smooth, round 
wires, whilst i n d u s t r i a l gauzes always present a very granular sur
face which i s l i k e l y to break-up the boundary layer and to present 
a much larger ef f e c t i v e surface area, the present agreement between 
prediction and experience must be considered to be satisfactory. 

Further study i s desirable to refine the experimental and 
computational techniques, and in p a r t i c u l a r to take into account 
catalyst surface side reactions such as the pyrolysis of ammonia 
to nitrogen which are observed in the molecular beam investigations. 
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¥ cm »" 

Figure 4. Predicted value of rx* vs. V for flat ribbon. Key: , isothermal 
surface; , where catalyst surface temperature increases from 900° to 1200° 
over range of velocities shown; and X, experimental conversion (corrected for loss 

to Ng during sampling). 

τ 1—ι—ι ι ι ι 11 F 1—ι—ι ι ι I I 
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Figure 5. Predicted value of rx* vs. V for round wire of 0.0005 m dia., when 
NHsOt = 0.3. Key is the same as in Figure 4. 
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0 4

NUMBER OF GAUZES 

Figure 6. Percent conversion of feed NHS vs. number of gauzes in pad. 
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Dynamic Discernment of Catalytic Kinetics 

DEEPAK PERTI 1 and ROBERT L. K A B E L 

Pennsylvania State University, Department of Chemical Engineering, 
University Park, PA 16802 

Steady stat
substantial thoug
interpretations are combined in an attempt to de
fine and understand the c a t a l y t i c kinetics for 
crrbon monoxide oxidation over cobalt oxide (Co3O4) 
supported on alumina. The result is a rather co
herent picture of oxidation-reduction catalysis by 
a metal oxide. It is shown that the dynamic methods 
yield vastly more information than steady state 
studies with significantly less experimental e f f o r t . 

Dynamic reactor studies are not new, but they have not been 
widely used i n spite of the fact that they can provide a wealth 
of information regarding reaction mechanisms. In this research, 
oxidation of carbon monoxide over supported cobalt oxide ( C 0 3 O 4 ) 

was studied by both dynamic and conventional steady state methods. 
Among metal oxides, cobalt oxide i s known to be one of the most 
active catalysts for CO and hydrocarbon oxidation, i t s a c t i v i t y 
being comparable to that of noble metals such as palladium or 
platinum. 

Experimental 

Catalyst. Supported cobalt oxide catalyst was prepared by 
impregnating c y l i n d r i c a l γ-Α^Οβ pel l e t s (1.6 mm χ 1.6 mm) with 
cobalt n i t r a t e solution and calcining at 773 Κ for 4 h. Cobalt 
oxide loading was 6.851 g C03O4/IOO g γ-Α^Οβ. The Β.Ε.T. area 
of the support and the supported catalyst was 250 m^/g. X-ray 
d i f f r a c t i o n patterns showed only C 0 3 O 4 and γ-Αΐ2θ3 phases i n the 
catalyst. Electron microprobe and S.E.M. x-ray mapping techniques 
revealed a well dispersed C 0 3 O 4 phase within the p e l l e t s . 

1 Current address: Ε. I. duPont de Nemours and Company, Photo Products Department, 
Rochester, NY 14603. 
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Equipment. A v e r t i c a l fixed-bed reactor, made of a 0.168 
m I.D. and 0.5 m long 316 stainless s t e e l tube with an a x i a l 
thermowell, was used. The amounts of catalyst used for the steady 
state and dynamic experiments were 6.35 and 18.69 g, respectively. 
The reactor tube was heated by a f l u i d i z e d bed sand bath. The 
reaction gases, 0£ and CO, and the diluent, He, were metered 
through rotameters and mixed pr i o r to their entry to the reactor. 
The mixing junction was designed such that either of the reaction 
gases or CO2 could be introduced or removed from the stream to 
simulate a step increase or decrease of the component i n question. 
The effluent from the reactor was analyzed by gas chromatography 
in 4 minutes. 

Procedures - Steady State. Exp&UmzvvtA. To approximate a 
d i f f e r e n t i a l reactor an
conversions were kept belo
CO below 6.3 kPa were used. The t o t a l pressure was kept constant 
at 108.3 kPa for a l l the runs. For any parti c u l a r set of VQQ and 
PQ2> runs at different values of W / F Q Q were conducted by varying 
the flowrates of O 2 , CO and He i n such a manner that the P 0 2 and 
Pco fed stayed constant. The procedure was repeated for various 
combinations of P Q 2 and P ^ Q . T O ascertain the effect of temper
ature, one parti c u l a r set of P̂ o a n a < p02 w a s r e P e a t e a < a t d i f f e r 
ent temperatures. 

Vyyiamtc Exp&UmzvrtA. The dynamic response of the reac
tor to a step change i n concentration of one or more components 
in the reactor feed was studied. Such step changes were made 
either from or to the zero value of the component i n question. 
This was achieved by either removing or introducing the desired 
component from or to the reactor feed by use of a three-way valve. 
Since the p a r t i a l pressures were kept low, such a scheme did not 
affect either the t o t a l flowrate or the p a r t i a l pressures of the 
remaining gases s i g n i f i c a n t l y . The concentrations of a l l compo
nents were monitored before and after the step change. Since the 
chromatographic separation took f i n i t e time, only a limited number 
of data points could be taken for the response to each dynamic 
experiment. In the event of a rapid transient, the experiment was 
repeated u n t i l a l l of the desired data were obtained. 

Catalyst Deactivation. The c a t a l y t i c a c t i v i t y was found to 
decline during unvarying reaction conditions. In time a constant 
c a t a l y t i c a c t i v i t y could have been obtained, but i t was believed 
to be more interesting to work i n the region of highest a c t i v i t y . 
Thus, a true steady state was not established for this c a t a l y t i c 
reaction system. The decline i n a c t i v i t y was ea s i l y reversible, 
however, and conventional steady-state analysis was achieved by 
adjusting a l l conversions to a common a c t i v i t y l e v e l by compari
sons to frequently-performed standard runs. This reversible 
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deactivation shows the catalyst to be an active participant i n the 
reaction; i t s state being altered with time. Ultimately, t h i s 
c a l l s for a dynamic interpretation and the mechanistic interpre
tation of the dynamic experiments (to follow) holds plenty of 
promise for insight. 

Steady State Kinetics 

Effect of Oxygen on Reaction Rate. To ascertain the effec t 
of oxygen on the reaction rate, steady state experiments were per
formed at a constant ?QQ of 2.3-2.4 kPa. The p a r t i a l pressure of 
oxygen was varied i n the range of 0.8 to 6.3 kPa. To obtain the 
reaction rate at a par t i c u l a r Po2> various runs were conducted at 
differe n t values of W / F Q 0 « Figure 1 shows the results of some 
such experiments. 

If the plug flow assumptio
haves i n a d i f f e r e n t i a l manner, a plot of XQQ V S . W / F Q Q should be 
linea r with the slope equal to the reaction rate. However, as i s 
evident from Figure 1, s l i g h t curvature persists i n each plot. 
Typical calculations revealed that i n t r a and i n t e r p a r t i c l e heat 
and mass transfer problems should not exist at the operating con
d i t i o n s . The reaction rates, therefore, were obtained by evalua
ting the slope of each curve at the o r i g i n and as such can be 
called i n i t i a l rates of reaction, R Q . 

A plot of log RQ V S . log PQ2 was line a r indicating that a 
power-law form of expression should correlate the data well. The 
order of reaction with respect to oxygen was 0.41. 

Effect of Carbon Monoxide on Reaction Rate. Figure 2 shows 
XQQ V S . W / F C O data at VQ^ = 2.0 kPa and at various values of P Ç Q . 

This graph i s s t r i k i n g l y different from that shown i n Figure 1. 
One can readily conclude that Pco has l i t t l e or no effect on the 
reaction rate and, therefore, the reaction order with respect 
to CO i s zero. 

Effect of Temperature on Reaction Rate. Plots of X c o vs. 
W / F C O were obtained at P Q 2 • 2.0 kPa and Pco =2.3 kPa for three 
different temperatures. The values of R Q obtained from these 
graphs were plotted against 1/T to obtain an activation energy 
of 1.273 χ 10 5 J/mol. 

Empirical Rate Expression and Search for a Reaction 
Mechanism. Based on the steady state r e s u l t s , the i n i t i a l rate 
expression can be represented as: 

Q Q m 9 -1.273 χ 105/RT _ 0.412 
R q = 3.9 χ 10 e P Q^ (1) 

The empirical rate expression suggests only that an elemen
tary step involving a surface s i t e and gaseous oxygen i s the rate 
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3.0 ι 1 1 1 r 

W/E 0, g(cat)h/mol 

Figure 1. Effect of P0t on conversion at 488.6 Κ when PCo = 2.3-2.4 kPa (1). 
Key to P0t (kPa): • , 4.2; 0,2.0; and Δ , 0.8. 

W/ffc>. g(cat)h/mol 

Figure 2. Results of CO partial pressure studies (1) at 488.6 Κ when P0t = 2.0 
kPa. Key to Pco (kPa): 0,1.6; · , 2.3; Δ , 2.9; • , 3.4; V, 4.0; andO, 4.5. 
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determining step. The need for performing further experiments, 
which would be more discriminating i n nature and provide more i n 
formation regarding surface-gas interaction, i s obvious. Such a 
need was adequately f u l f i l l e d by performing dynamic or unsteady 
state experiments. 

Transient Kinetics 

A t o t a l of 39 dynamic experiments were performed. These ex
periments involved one, two or three components ( O 2 , CO and/or 
C O 2 ) i n the reactor. The step change could be imposed on any of 
the components. Given the length l i m i t a t i o n on this paper, i t i s 
impossible to describe the results of a l l the experiments and to 
proceed l o g i c a l l y to the conclusions. However, to give the reader 
an adequate exposure t
w i l l be discussed i n d e t a i
stated. Complete de t a i l s on the research are available elsewhere 
( 2 ) · 

One-Component Experiments Involving CO - ReAlLÙtb, These ex
periments were done to obtain the dynamic response of the reactor 
to a step increase i n CO concentration for cases i n which the 
catalyst was pretreated with oxygen for 1, 16 and 66 hours. The 
pretreatment was done i n a stream of helium having an oxygen con
centration of 0.49 mol/m3 at 488 Κ and 108.3 kPa. After the pre
treatment, pure helium was passed through the catalyst bed to 
purge any unadsorbed oxygen from the system. Gas analysis after 
purging showed no trace of O 2 , CO or CO2 i n the reactor effluent. 

The O 2 , CO and CO2 concentration p r o f i l e s after a CO step 
from zero to 0.6 mol/m3 were obtained for a l l three experiments. 
It was found that CO2 i s formed as a result of introducing CO into 
the reactor i n a l l three experiments (Figure 3). The amount of 
CO2 formed, as can be seen from the areas under the CO2 responses, 
increased with increasing times of oxygen pretreatment. Increas
ing pretreatment time beyond 66 h did not a l t e r the CO2 response. 

For one hour of catalyst pretreatment i n O 2 , the concentra
tion of CO2 declines after a sharp increase at the s t a r t . For 
longer oxygen pretreatment times the amount of CO2 formed i n 
creases slowly, goes through a maximum at around 6 minutes and 
then declines. 

Along with the appearance of C O 2 , d i s t i n c t amounts of O2 also 
appeared i n the effluent for the 16 and 66 h O2 pretreatment 
cases. These O2 responses are sharp with maxima around one minute 
and f i n i s h i n g around 8 minutes. No trace of O2 was found i n the 
case with only 1 hour O2 pretreatment. 

IntOAp/ieXat ioη. A qual i t a t i v e explanation for these 
findings can be put forward by examining the idea l surfaces formed 
by c r y s t a l l i n e cobalt oxide, [Co 2 +] I V[Co 3 +]VI[0 2"*]4, which i s a 
normal s p i n e l . It i s formed by close cubic packing of oxygen 
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anions with the t r i v a l e n t and divalent cobalt cations located i n 
the octahedral and tetrahedral spacings within and between anion 
layers 03). If a unit c e l l i s sectioned i n the [ 1 0 0 ] d i r e c t i o n , 
various planes w i l l be obtained as shown i n Figure 4 . In this 
Figure the locations of Co 2 +, Co 3 +, and 0 2 ~ within the c r y s t a l 
structure of the normal spinel are shown along with some nomen
clature and an indication of the s i t e s for oxygen adsorption. I t 
has been shown that C o 3 + i s responsible for CO oxidation. Thus, 
surfaces ending i n 1/8 and 3/8 layers i n Figure 4 should be cata-
l y t i c a l l y active. On these surfaces one can v i s u a l i z e three d i s 
t i n c t s i t e s : t r i v a l e n t cobalt ion, [Co], l a t t i c e oxygen, [ O L ] , 
and a vacancy,D L, generated by removal of the l a t t i c e oxygen. 

Associated with these surfaces, three d i s t i n c t forms of 
oxygen can e x i s t : l a t t i c e oxygen, 0 ^ , oxygen adsorbed on [Co], 
0 ç o , and oxygen adsorbe
have also reported the
oxygen on a cobalt oxide surface. 

In the experiment with 1 hour of oxygen pretreatment, a l l 0 ^ 
and some 0QO must have been generated. Upon introducing CO, i t 
would at f i r s t react with 0 C o to form some adsorbed carbonate 
species. The subsequent desorption of CO2 must be faster than i t s 
formation. This would explain the rapid r i s e and slow decline of 
the CO2 response. As CO2 keeps forming, the number of 0QO w i l l 
decline and ultimately vanish. After that, CO would react with 
strongly bound 0 L to create vacancies, O L -

In the 16 hours pretreatment case, the pretreatment time was 
probably long enough to form a l l O L and 0 ç o . In addition, some 
O Q could form. The appearance of O2 along with CO2 suggests that 
some of the weakly bound O Q i s released due to interaction of CO 
with the surface. CO then reacts with the remaining O Q and the 
resulting 0«C0 adsorbs at 0 L . This would explain the delay i n 
the CO2 response and the maximum which occurs roughly when the O2 
response has finished. The CO2 maximum occurs when the excess O Q 
i s driven o f f the surface to expose enough active surface for CO2 
to form. At that instant the remaining O Q has enough adjacent 
[ O L ] s i t e s available to adsorb the CO2 formed by reaction of CO 
with O Q . If the form of the CO2 i s assumed to be the same as that 
formed i n the 1 hour pretreatment case, i t s desorption w i l l be 
fast causing the CO2 response to decline afterwards. Schematical
l y , the reaction can be represented as: 

f c o f o ° 0 fco °co9o /9 ( P 0 °Co ' j c o ^ |co 
Co - 0 L - 0 L - Co + CO + Co - 0 L - 5 L - Co ·* 1/2 0 2 + Co - 0 L - 0 L - Co 

The 66 hours oxygen pretreatment was long enough to form a l l 
possible O L , 0QO and O Q on the surface. The presence of more O Q 
probably caused more CO2 to form i n the same manner as described 
for the 16 hour case. 
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0 5 10 15 20 25 30 35 >300 
TIME, min 

Figure 3. COt and Ot responses caused by step increase in CO overoxidized 
(pretreated in Og) catalyst (1). 
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Two-Component Experiments Involving a Reaction Mixture. In 
these experiments step increases and decreases i n CO concentration 
(0.25 mol/m3) were made i n the presence of continuously flowing 
oxygen and helium. The oxygen concentration was 0.21 mol/m3. At 
no stage p r i o r to the CO step increase did oxygen pretreatment 
exceed a one hour period. The step increase experiment i s quite 
similar to the one described i n the previous section for 1 hour 
oxygen pretreatmentexcept that oxygen flow was not stopped prior 
to the CO step increase i n this case. 

The CO2 responses caused by the CO step increase and decrease 
are plotted i n Figure 5. The CO2 response due to CO step increase 
ri s e s quickly and then declines u n t i l a steady state i s obtained. 
Early, when the concentration of the adsorbed oxygen on the sur
face i s largest, the maximum amount of CO2 i s observed i n the re
sponse. This response the
tion on the surface decline
from the gas phase oxygen. After about one hour a steady state i s 
achieved when the rate of removal of adsorbed oxygen equals that 
of regeneration. In the 1 hour pretreatment case, described ear
l i e r , the CO2 response showed a similar rapid r i s e and slow de
cli n e indicating fast formation and desorption of C O 2 . However, 
no oxygen was present i n the gas phase to regenerate the surface 
i n that case and hence no steady state formation of CO2 occurred. 

The CO2 response due to a step decrease i n CO concentration 
indicates that s u f f i c i e n t CO2 must be adsorbing on the surface 
during reaction, to be observed desorbing upon stoppage of the CO 
flow. The CO2 response due to a step decrease i n both CO and O2 
i s also shown i n Figure 5 and i s i d e n t i c a l to that when only the 
CO flow was stopped. This rules out the p o s s i b i l i t y of any reac
tion between adsorbed CO ( i f any) and gas phase oxygen because 
otherwise the CO2 responses should have been different i n the 
presence or absence of 0 2 · 

Collected Experimental Observations and Deduced Conclusions. 
Many conclusions can be reached from the above studies and others 
not described here. A l l conclusions are collected here. They 
are followed by a mechanistic interpretation. 
• Catalyst state changes · No reversible O2 adsorption 
• Catalyst deactivation i s · No reversible CO adsorption 

reversible · Substantial reversible CO2 
• CO2 has l i t t l e effect on adsorption 

rate of reaction 
• No effect of 0 2 and CO on 

CO2 adsorption 
• CO2 adsorption i s less on 

extensively reduced catalyst 
• CO2 adsorption occurs on 

sit e s other than reaction 
s i t e s 

• CO2 desorption i s more rapid 
than formation 

• CO2 formation and desorption i s 
more rapid than regeneration of 
oxygen s i t e 

• No reaction occurs between ad
sorbed CO and gaseous O2 
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Figure 5. COt Responses to step changes in CO (or CO and Ot) concentration 
the presence of oxygen (I). 
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• 3 kinds of oxygen 
A. l a t t i c e 
B. adsorbed (reactive) 
C. adsorbed (weakly bound) 

• Weakly bound oxygen i n h i b i t s 
CO2 formation 

A Possible Reaction Mechanism 

3 kinds of s i t e s on oxidized 
catalyst 
A. l a t t i c e oxygen 
B. where reactive oxygen i s 

adsorbed 
C. where C0£ and weakly bound 

oxygen are adsorbed 
P a r a l l e l mechanisms exist to 
produce CO2 on reduced catalyst 

The proposed reaction mechanism i s one which i s consistent 
with the findings of a l l the experiments performed and with the 
work of other authors. Th  mechanis  i  based  ideal
t a l l i n e cobalt oxide surfac

REACTION STEPS FOR STEADY-STATE REACTION 

1/2 0 2 

[Co] · 0 

[oL] · CO 

+ [Co]-Sl2H* [Co] · 0 Co 

Co + C 0 + [ 0 L ] [Co] 4- [0 L] C0„ 

[oL] + co2 

Step 1 

Step 2 

Step 3 

ADDITIONAL STEPS FOR PROLONGED OXIDATION AND SUBSEQUENT REACTION 

[oL] + 1/2 o2 » [ o L ] · o0 

2 [0 L] · 0 Q + CO >l/2 0 2 + [0 L] · C0 2 + [0 L] 

ADDITIONAL STEPS FOR PROLONGED 

[oL] + CO • D L + co2 

• L + CO + o2 • [oL] + co2 

Step 4 

Step 5 

REDUCTION AND SUBSEQUENT REACTION 

Step 6 

Step 7 

Steps 1 to 3 represent the mechanism by which the reaction 
proceeds at steady state. If the catalyst i s exposed to oxygen 
for a prolonged period of time, additional adsorption of oxygen 
represented by step 4 can take place. If such an oxidized cata
l y s t i s brought into contact with a reaction mixture, the reaction 
can proceed v i a a combination of steps 5 and 3 as well as v i a 
steps 1 to 3 depending upon the extent of surface oxidation. Re
duction of the surface i s represented by step 6. On a reduced 
surface the reaction can proceed v i a step 7 as well as v i a steps 1 
to 3 depending upon the extent of reduction of the surface. 

At steady state the reaction proceeds v i a adsorption of oxy
gen at [Co]. The reasons for choosing 0QO as the oxygen respon
s i b l e for CO oxidation are many. Boreskov (5) concluded that at 
488 Κ the reaction must mainly proceed by a "concerted" mechanism. 
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He found that below 5 7 3 K, the rate of surface reduction of C 0 3 O 4 

i s much slower than the rate of CO. oxidation. Thus, p a r t i c i p a 
tion of 0 L i n CO oxidation at 488 Κ i s unlikely. If O L were con
sumed i n CO oxidation at steady state, one would expect regenera
tion of O L to be fast. Experimental evidence suggests the oppo
s i t e , i . e . that catalyst regeneration i s slow. Formation of mono-
dentate carbonate ( [ 0 L ] * C 0 2 i n step 2 ) along with bidentate car
bonate had been spectroscopically observed on C 0 3 O 4 surfaces upon 
CO adsorption by Hertl (6) and Goodsel ( 7 ) . Formation of these 
species rather than carbonyl type species indicate the roles 
played by O L and 0 ^ ο . Step 2 could proceed v i a an intermediate 
step i n which bidentate carbonate i s formed as shown: 

oco — sr0 

[ C o ] - 0 C o + [0 L] + CO + [Co]  [ 0 J  [Co] + [ 0 ] - C 0

Experimental evidenc
tion on the catalyst i s unaffected by the presence or absence of 
the reaction. This indicates that reversible adsorption of CO2 
must be taking place on si t e s other than those on which oxygen 
adsorb*?. It was also found that the presence or absence of oxy
gen does not affect the reversible adsorption of CO2 on an o x i 
dized catalyst while the amount of CO2 adsorption over reduced 
catalyst i s s i g n i f i c a n t l y lower. A l l these facts j u s t i f y assign
ment of s i t e [ 0 L ] for CO2 adsorption. 

The i r r e v e r s i b i l i t y of step 1 i s indicated by a rapid O2 re
sponse to an O2 step decrease irrespective of the time of O2 ex
posure. Similarly, the rapidity of the CO response to a step de
crease of CO from reaction conditions at steady state indicates 
the i r r e v e r s i b i l i t y of step 2 . Hertl (6) found that the only 
product of thermodesorption of C 0 3 O 4 , preexposed to CO, i s C O 2 . 

In other words, CO adsorbs i r r e v e r s i b l y on C 0 3 O 4 . 

Coherence of Steady State and Dynamic Results. A steady 
state rate expression based on steps 1 to 3 can be derived by 
assuming step 3 to be i n equilibrium and the rates of formation 
and consumption of 0QO to be equal: 

D _ k l k 2 K 3 P C 0 P 0 2 1 / 2 , 0 . 
" 1/2 u ; 

k l ( K 3 + P C 0 2
) P 0 2

 + k 2 K 3 P C O 

The i n i t i a l rate expression with Ρβθ£ = 0 i s : 

k l k 2 P C 0 P 0 2
1 / 2 

° k ρ Λ
 1 / 2 + k Ρ 

k l P 0 2
 + k 2 P C 0 

1/2 

If step 1 i s rate c o n t r o l l i n g , k-^ P Q 2 « k 2 P C O
 a n d equation 

( 3 ) reduces to: 
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R C = ^ Ρ Θ 2

1 / 2 (4) 

Equation (4) is similar in functional form to equation (1) which 
was obtained from the steady state experiments. If the steady 
state data are correlated with equation (3) the result i s : 

4 χ 10-8 P C 0 P o 9
1 / 2 

Ro = ~k Ϊ72 — 5 ( 5 ) 

1 χ 10 4 Ρ Θ 2

± / Ζ + 4 χ 10 * P C O 

For the values of P Q 2 and P C O used experimentally, the f i r s t term 
in the denominator ranges from one-half to one-twentieth of the 
second term. The minor contribution of the VQ^-I^ term ex
plains the observed orde
0.5 of equation (4) an
to be found by close examination of Figure 2. 

Conclusions 

The steady state experiments took a year to carry out and 
yielded useful information, but limited insight. The dynamic 
kinetic studies, performed in four months on a conventional fixed-
bed reactor with minor equipment modification, revealed a wealth 
of information. These experiments made i t possible to propose 
a reaction mechanism. The use of dynamic kinetic studies is 
strongly recommended for the study of heterogeneous catalysis. 
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24 
Hydrogenation Function of Fresh and 
Deactivated Hydrocracking Catalysts: 
Cyclohexene Hydrogenation 

S. R. POOKOTE, J. S. DRANOFF, and J. B. BUTT 

Northwestern University, Department of Chemical Engineering and Ipatieff 
Laboratory, Evanston IL 60201 

A systemati
genation functio
vated commercial hydrocracking catalysts is reported 
using cyclohexene hydrogenation as a probe reaction. 
The catalysts were hydrocracking catalysts, both 
fresh and deactivated up to periods of two years. 
Hydrogenation a c t i v i t y is shown to be related to 
sulfur content, while ESR studies indicate a corre
l a t i o n between activity and MO5+ in the catalyst. 
A possible mechanism of deactivation is change in 
the oxidation state of Mo as induced by sulfur 
deposition. 

Hydrocracking catalysts are bifunctional i n nature and can be 
deactivated by various mechanisms including poisoning of the acid
ic function by bases, formation of inactive s u l f i d e phases, and 
coke deposition (1). Some general aspects of deactivation i n 
hydrocracking have recently been discussed (2). A particular 
problem, addressed here, i s that properly controlled coke burning 
for regeneration appears to return f u l l a c t i v i t y for the ac i d i c 
function, however f u l l hydrogénation a c t i v i t y i s not recovered. 

In t h i s study a series of fresh, deactivated and regenerated 
hydrocracking catalysts were investigated as to hydrogénation ac
t i v i t y using cyclohexene hydrogénation as a probe reaction. The 
deactivated materials were obtained from both p i l o t and commercial 
units operated for periods up to two years. Specifics of the 
hydrogénation function were investigated experimentally after pre-
poisoning a c i d i c a c t i v i t y by NH^ chemisorption. 

Experimental 

Catalysts. The commercial catalysts samples, a l l of similar 
composition, were supplied by AMOCO O i l . These contain MoO^ and 
CoO as hydrogénation components. The cracking component i s a 

0097-6156/82/0196-0283$06.00/0 
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c r y s t a l l i n e aluminosilicate i n an amorphous Si02/Al2Û3 matrix. 
Table I gives a description of materials investigated. Both pre-
sulfided and nonpresulfided catalysts were investigated; most 
results presented-here pertain to presulfided samples. The 
standard pretreatment conditions were N 2,lh,25°C; No-H2S,3650; 
N2,lh,25°; NH3 pulse to saturation,25°; N 2 purge,25 . The time 
employed i n the N2^S step was such that the weight r a t i o of 
catalyst to H2S was unity. 

Reaction. A conventional flow reactor system was used to 
measure cyclohexene hydrogénation kine t i c s at 150<T<200oC, 15<F< 
225 psia, with p a r t i a l pressures from 1-9 psia. Details of 
operation are given by Pookote (3). The reagents were A l d r i c h 
Chemicals 99% cyclohexene  p u r i f i e d by passage through a bed of 
Davison 62 s i l i c a , and Lind
0 2 removal v i a Deoxo an
at LN 2 temperatures. Feed composition was varied through temper
ature control of a saturator upstream of the reactor. Product 
compositions were determined for cyclohexene, cyclohexane, and 1-, 
2- and 3-methylcyclopentene; only the f i r s t two were detected for 
the sulfided, NH3-poisoned samples. Most experiments were at 
d i f f e r e n t i a l conversions, though integral analysis was required 
for some nonpresulfided samples (3). 

TABLE I. Catalyst ί 3 Studied for Cyclohexene Hydrogénation* 
Sample wt% S wt% C m2/g(BET) Description 
AM-A 0.40 0.00 - Fresh hydrocracking catalyst 
AM-C - - - Commercial catalyst aged 12 days 

in p i l o t unit under commerical 
conditions 

AM-D 3.04 3.45 - Point sample, commercial unit, 

AM-E 5.20 
aged 1 year 

AM-E - 5.20 - Composite, commerical unit, aged 

AM-F 0.24 
2 years 

AM-F - 0.24 - AM-E aft e r a i r regeneration,950°F 
NU-A 2'.23 4.00 169 NU-D, aged 1-2 wks i n p i l o t unit 
NU-B 2.41 2.41 211 Composite, commercial unit, aged 

NU-C 0.24 
1 year 

NU-C 0.24 0.21 277 NU-B aft e r a i r regneration, 950°F 
NU-D 0.10 0.11 318 Fresh sample of commercial 

NU-E 2.75 
catalyst 

NU-E 2.75 2.77 232 Point sample, commercial unit, 
aged 3 months 

NU-F 2.53 4.76 200 Composite, commercial unit, aged 
JL 2 years 
A l l catalysts crushed and .screened to 0.2 mm average p a r t i c l e 
size 
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Catalyst Characterization. Carbon contents were determined 
by the Carlo Erba method and sulfur content by high temperature 
combustion i n 0 2 (ASTM-D1552-64). Surface area and pore volume 
d i s t r i b u t i o n were measured v i a N 2 adsorption desorption isotherms 
(4). ESR measurements were carried out with a modified Varian 
Radical Assay Spectrometer at both 77 Κ and room temperature (3). 

Results and Discussion 

Overall hydrocracking a c t i v i t y can be considered as the 
combination of hydrogénation and a c i d i c functions such that, for 
cyclohexene: 

U 2 ^ * [ J 
- fi I I I products O^fc* 9 * 9 + 

Preliminary experiments revealed that at atmospheric pressure the 
hydrogénation s i t e s are not active and a l l reactions go v i a the 
aci d i c function; at high pressures both functions are active. 
Acidity can be suppressed by NH3 adsorption i n the temperature 
range investigated here (to 200*0), though a c i d i c a c t i v i t y can be 
restored by desorption i n flowing He at 350°C. 

Kinetics of Cyclohexene Hydrogénation. In order to study 
the effects of deactivation i t i s f i r s t necessary to understand 
hydrogénation ki n e t i c s on the fresh catalyst. The dependence of 
rate on hydrogen p a r t i a l pressure was investigated up to 14.6 atm. 
with t y p i c a l r e s u l t s shown i n Figure 1. It i s evident that the 
reaction i s f i r s t order i n hydrogen under these conditions. F i g 
ure 2 presents the res u l t s of experiments at varying cyclohexene 
p a r t i a l pressures as a function of t o t a l pressure and temperature. 
In a l l experiments care was taken to avoid the influence of d i f 
fusional disguises according to various l i t e r a t u r e c r i t e r i a O, 
5). The rate of reaction i s approximately l i n e a r with cyclohex
ene p a r t i a l pressure, however there are systematic deviations at 
higher p a r t i a l pressures. The f i r s t order behavior with respect 
to hydrogen and the sl i g h t reactant i n h i b i t i o n of cyclohexene 
suggest the following ki n e t i c c o r r e l a t i o n : 

(-r) = W < r / (1 + V c - > (1) 

where k- = k Qexp(-E/RT) and K^ = K oexp(Q/RT). This form i s , i n 
fact, tne same as that used to correlate the ki n e t i c s of butene 
hydrogénation on sulfided catalysts(£). At low concentrations of 
cyclohexene and high temperatures, K-P _ « 1 and: 

1 C6 

(-r) - W c ; ^ ( 2 ) 
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PARTIAL PRESSURE OF HYDROGEN, PSIA 

Figure 1. Variation of initial rate of hydrogénation with hydrogen partial pres
sure at 175°C. Cyclohexene partial pressure is 4.0 psia. 
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CYCUOHEXBE PARTIAL PRESSURE, PSIA 

Figure 2a. Change in initial rate of hydrogénation with cyclohexene partial pres
sure at constant temperatures. Total pressure is 115 psia. Key: , 2 parameter 
model; ,4 parameter model; O, 187.5°C; • , 175.0°C; Δ , 162.5°C; and 

· , 150.0°C. 

CYQJOHEXENE PARTIAL PRESSURE, PSIA 

Figure 2b. Change in initial rate of hydrogénation with cyclohexene partial pres
sure at constant temperature. Total pressure is 225 psia. Key: , 2 parameter 
model; ,4 parameter model; O, 187.5°C; • , 175.0°C; Δ , 150.0°C; and 

· , 162.5°C. 
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CYCLOHEXBE PARTIAL PRESSURE, PSIA 

Figure 2c. Change in initial rate of hydrogénation with cyclohexene partial pres
sure at 175°C. Total pressure is 165 psia. Key: , 2 parameter model; and 

,4 parameter model. 
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As usual these are not unique as to mechanism, and can be derived 
from three widely diff e r e n t assumptions (3): 

1) Eley-Rideal with RDS reaction between gaseous H 9 and chem-
isorbed 

2) Molecular adsorption of H 2 on su l f i d e s i t e s , low coverage, 
and chemisorption of Cr on metallic s i t e s , surface reac
tion RDS 

3) Dissociative adsorption of H 2 on su l f i d e s i t e s , low 
coverage, chemisorption of Cg on metallic s i t e s , stepwise 
addition of H with the second step RDS. 

In a l l of the above there i s assumed no product i n h i b i t i o n . Non
linear regression of the kinetic data revealed the four parameter 
model, Eq. 1, to be marginally better than the two parameter model 
of Eq. 2; with both models the maximum error was less than 20%, 
as shown i n Figures 1 an
range of variables studie
deactivation effects, hence i t i s used i n the following. Fresh 
catalyst parameters are given below. 

TABLE I I . Parameters of Eq. 2 for Cyclohexene Hydrogénation, 
Catalyst AM-A. 

k QK o = 1.1 χ ΙΟ" 2 mol/g-cat-s-(psia) 2 

Q - Ε - 18.2 + 1.0 kcal/mol 

Studies with Deactivated Catalysts. In investigation of de
activated samples, a vari a t i o n of pretreatment was employed. 
Since these materials have already been sulfided under reaction 
conditions, presulfidation i s not required and the ̂ - I ^ S , 365°C 
step was replaced by N 2,lh,365°; cool N 2, 25°; NH3 pulse, etc. 
This procedure did not a l t e r the sulfur contents l i s t e d i n Table L 
In the following the rate constant for cyclohexene hydrogénation 
at 175°C, 225 psia t o t a l pressure and 5.9 psia C~ p a r t i a l pressure 
i s used as a measure of r e l a t i v e a c t i v i t y . 

Figure 3 shows the trends of r e l a t i v e a c t i v i t y with time on 
stream. While the approximate trend i s l i n e a r l y decreasing, AM-D 
and NU-Ε are off the correlation. This seems to be a d i f f i c u l t y 
associated with point samples, i . e . those removed from only one 
point i n a reactor. Sulfur and carbon contents of such samples 
r e f l e c t l o c a l i z e d intrareactor gradients that could vary greatly 
between bed i n l e t and bed outlet (7) for the same time on stream, 
hence that measure i s not a useful correlating parameter for 
samples from different points. Much better results are obtained 
from the composite samples, both i n Figure 3 and i n the co r r e l a 
tions discussed below. As seen i n the figure, o v e r a l l losses i n 
hydrogénation a c t i v i t y are about a factor of two for the catalysts 
that have been on stream for up to two years. 

In separate presulfidation experiments on both fresh and 
deactivated catalysts, not reported here, i t was found that 
a c t i v i t y l e v e l s were quite sensitive to the amount of sulfur 
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present expressed ju s t as wt% S. I f , as i t has been suggested, 
H2S treatment results in oxidation of molybdenum to Mo* (8), the 
s u f f i c i e n t presulfidation of the deactivated catalysts should 
eliminate any a c t i v i t y differences among them. This i s indeed 
so, as shown in r e f . (3), which i n turn suggests that an a c t i v i t y 
correlation might be obtained i n terms of wt% S on catalyst — 
i n d i r e c t l y r e f l e c t i n g the a l t e r a t i o n of the oxidation state of Mo 
by S. The sulfur correlation i s given i n Figure 4. 

Activation energy results also reveal some interesting 
changes. A series of runs on regenerated catalyst (NU-C) at 150-
188 °C and 225 psia yielded an apparent activation energy of 
17.2 + 2.5 kcal/mol, to be compared with 18.2 + 1.0 obtained for 
the fresh catalyst. Hence the i r r e v e r s i b l e loss of a c t i v i t y on 
regeneration seems associated with a loss i n t o t a l s i t e s rather 
than any a l t e r a t i o n of thei
deactivated catalysts demonstrat
in similar tests. Two samples, NU-Α and NU-F, yielded apparent 
activation energies of 5 . 4 + 0 · ? and 7.1 + 1.0 kcal/mol, respec
t i v e l y . This indicates again some chemical a l t e r a t i o n of the 
nature of the hydrogenation-active s i t e s upon deactivation, or 
may be the result of fouling of the surface due to coke formation. 
The lower surface area of NU-Α indicates greater fouling i n the 
p i l o t unit than the commercial unit, even though the nominal coke 
l e v e l i s somewhat lower. 

ESR Results. Electron spin resonance spectroscopy (ESR) has 
been found useful i n characterization of the oxidation state of 
reduced and sulfided supported molybdena ( 9 ) · In p a r t i c u l a r , 
s u l f i d a t i o n has been shown to give r i s e to spectra c h a r a c t e r i s t i c 
of oxidation states less than Mo . In Figure 5 i s shown the 
correlation for these catalysts between the intensity of the ESR 
Mo 5+ peak and the rate constant for cyclohexene hydrogénation 
measured i n the standard tes t . Three composite and one point 
sample are included. It i s apparent that progressive deposition 
of sulfur on these catalysts affects the net oxidation state of 
the Mo, and t h i s shows up i n the hydrogénation a c t i v i t y . Thus a 
possible important mechanism of deactivation of the hydrogénation 
function i s depression of the oxidation state of Mo by sulfur 
deposition. Since the regeneration procedure i s e f f e c t i v e i n 
reducing the sulfur l e v e l (NU-C, Table I) and the i r r e v e r s i b l e 
loss i n a c t i v i t y does not involve chemical a l t e r a t i o n (activation 
energy data), there i s apparently loss of available metal surface 
area i n the regeneration. 

A second result of importance in the ESR studies was the 
measurement of a signal i n the deactivated samples that could be 
assigned to carbon free r a d i c a l s . This correlated very well with 
weight % carbon on catalyst for the composite samples as shown i n 
Figure 6. There was no correlation between either carbon free 
r a d i c a l density or coke on catalyst and hydrogénation a c t i v i t y , 
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0.0 1.0 2.0 

TIME ON STREAM, YEARS 

Figure 3. Variation of rate constant for cyclohexene hydrogénation, k%, with time 
on stream for deactivated catalysts. Conditions: reaction temperature, 175°C; and 
total pressure, 225 psia. Key: O, AM-C; Φ, NU-Α; <S>, NU-E; • , AM-D; | , 

NU-B; Δ, AM-F; and A, NU-F. 

1.5 

GO 

WEIGHT PERCENT SULFUR ON CATALYST 

Figure 4. Relationship between rate constant for cyclohexene hydrogénation, kt, 
and weight % sulfur on catalyst. Conditions: reaction temperature, 175°C; total 

pressure, 225 psia. Key: Φ, NU-Α; | , NV-B; A, NU-F; and O, NU-E. 
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O.Gl 

0.0 0.5 1.0 

RATE CONSTANT, Kg χ 107, MOLS/G CATALYST - S - PSIA 

Figure 5. Relationship between intensity of ESR signal corresponding to Mo5* 
and rate constant for cyclohexene hydrogénation, kt. Conditions: reaction tempera
ture, 175°C; total pressure, 225 psia. Key: NU-Ε; | , NU-B; A, NU-Α; and 

· , NU-F. 
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0.0 1.0 3.0 5.0 

WEIGHT PERCENT CARBON ON CATALYST 

Figure 6. Relationship between intensity of ESR signal corresponding to g = 
2.011 and weight % carbon on surface. Key: O, NU-F; Q NU-Α; Δ , NU-B; and 

®,NU-E. 
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suggesting that coke formation i s primarily associated with de
activation of the a c i d i c function. Certainly i t w i l l be of 
Interest i n future studies to see i f cracking a c t i v i t y i s corre
lated with carbon free r a d i c a l density. Such an effect has been 
suggested recently by Riley, et a l . (7) for C 0 M 0 / A I 2 O 3 r e s i d hy
dro treating catalysts. However the aging effect on the chemical 
nature of coke they report (indicated by decreasing carbon free 
r a d i c a l density with time on stream) does not appear to be pres
ent here. 

ESCA Results. A number of ESCA studies were carried out on 
the NU series of catalysts, and the d i s t r i b u t i o n of elements on 
the surface i s given i n Table I I I . 

TABLE I I I . Surface Compositio

Sample NU-D NU-A NU-E NU-B NU-C NU-F 
Age, years 0 0.03 0.25 1.0 1.0 2.0 
Atomic % 

Al 6.30 8.65 6.35 9.40 6.80 7.00 
S i 16.20 11.90 15.50 15.35 15.55 15.30 
Co 0.50 0.50 0.35 0.30 0.45 0.35 
Mo 1.25 1.45 1.25 1.50 1.00 1.10 
0 70.15 67.30 67.30 66.25 71.05 66.05 
C 4.90 8.25 6.10 5.60 4.65 8.45 
S 0.15 1.70 1.95 1.65 0.25 1.55 
Ν 0.50 0.25 0.40 - 0.20 0.25 

The surface concentration of carbon i n the used catalysts i s con
sistent with the bulk carbon analysis, while surface carbon on 
the fresh and regenerated samples seems disproportionately high. 
Surface sulfur i s consistently lower than the bulk values of 
Table I indicating the presence of metallic s i t e s on the surface, 
since these l e v e l s on the used catalysts are incomplete for t o t a l 
s u l f i d i n g of Co and Mo. 

Detailed analysis of the spectra are reported by Pookote (3). 
There i s some evidence for Co°in the regenerated sample and Co 
oxides i n the used materials. Both the fresh and regenerated 
catalysts contain only Mo6*, most l i k e l y as MoO^. The aged 
samples show lower oxidation states, 4+ and possibly 2+ or 0, as 
well as 6+. Unfortunately, no d e f i n i t e conclusions could be made 
from the ESCA data with respect to Mo^+, which showed up so 
c l e a r l y in the ESR spectra. There does appear to be some enrich
ment of Mo r e l a t i v e to Co i n the surface of used catalysts. Re
generation reduced the Mo/Co r a t i o to a value lower than fresh 
catalyst. This suggests migration of Mo into the bulk and may 
account for the i n a b i l i t y to restore hydrogénation a c t i v i t y by 
simple coke burning. 
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Legend of Symbols 

Ε - activation energy for hydrogénation 
» rate constant for hydrogénation(10) 
s adsorption constant for cyclohexene 

PCT ' PH ~ P a r t i a ^ Pressures, cyclohexene and hydrogen, 
6 2 respectively 

Q = heat of adsorption parameter, cyclohexene 
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Continuous Reaction Gas Chromatography: The 
Dehydrogenation of Cyclohexane over Pt/γ-Al2O3 

A L A N W. WARDWELL 1 , ROBERT W. CARR, JR., and RUTHERFORD ARIS 

University of Minnesota, Department of Chemical Engineering and Materials Science, 
Minneapolis, MN 55455 

The construction and operation of a continuous 
rotating annular
ed. Experimenta
hexane over a Pt/Al203 catalyst are presented, and 
the performance of the apparatus as a combined reac
tor-separator is discussed. A mathematical model is 
developed, and the results of numerical simulation 
of reactor performance are presented. 

Continuous chromatography in the packed annular space between 
the walls of two concentric cylinders can be done by rotating the 
assembly about its longitudinal axis (1_, _2, 3). Rotation trans
forms the temporal separation that would be obtained under fixed, 
pulsed operation into a spatial separation that permits continuous 
operation. It has recently been shown that continuous reaction 
chromatography can be done in similar apparatus (4, 5). This not 
only provides a means of carrying out chemical reaction and separa
tion simultaneously in one unit, but for A :£ Β + C the product se
paration suppresses the rate of the back reaction and provides a 
means of enhancing the reaction yield. Yield enhancement in pulsed 
column chromatography has been demonstrated (6, 8). Yields of 
100% were obtained from the acid catalyzed hydrolysis of methyl 
formate in a continous annular chromatographic reactor (4, 5). 

This paper describes the development and operation of a con
tinuous rotating annular chromatographic reactor (CRACR) for gas-
solid reaction systems at elevated temperatures. Experimental and 
numerical simulation results for the dehydrogenation of cyclohexane 
on a Pt/Al2Û3 catalyst are presented. 
Experimental Section 

Reactor. Figure 1 shows a cross-sectional view of the alumi
num alloy reactor. The rotating cylinder, 7, is 18 in. long by 
10 in. diam., and the annular space, 6, (approx. 0.3 in. wide) is 
uniformly f i l l e d with a 0.75% Pt on AI2O3 reforming catalyst 
crushed and graded up to 40 to 60 mesh. Circular Teflon rings, 4, 

1 Current address: Conoco, Ponca City, OK 74602. 
0097-6156/82/0196-0297$06.00/0 
© 1982 American Chemical Society 
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Figure 1. Reactor cross-sectional view. Key: 1, carrier inlet; 2, top cover plate; 
3, distributor (stationary); 4, seal (one of six); 5, upper endpiece; 6, packed bed; 
7, bed support walls; 8, distributor support rods; 9, drive shaft; 10, lower endpiece; 
11, mount (stationary); 12, collector tightening ring; 13, collector (manually mov

able); 14, bottom plate; and 15, main exit. 
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having a rectangular cross section serve as rotating seals between 
the reactor end plates, 5 and 10 , and the stationary d i s t r i b u 
tor, 3 , and co l l e c t o r , 13 plates. At room temperature the 
seals are tight, but i n the 200 to 250°C operating range, the seals 
leaked, presumably due to thermal expansion e f f e c t s . The reactor 
i s rotated by a 1/4 HP motor, coupled through a Graham N29MW23 
variable speed transmission and a Boston Gears 315C speed reductor 
(50/1), to the drive shaft, 9 , providing angular rotations of 0.4 
to 1.04 rpm. It i s thermostatted i n a r e s i s t i v e l y heated, i n s u l a 
ted a i r oven equipped with a sq u i r r e l cage blower for c i r c u l a t i o n . 
Temperature i s controlled with a Cole-Parmer 2155 proportional con
t r o l l e r . Oven temperatures were s p a t i a l l y uniform to within a few 
degrees Centigrade, and were steady to within 1°C. Cyclohexane i s 
fed by a syringe pump to a heated vaporization block before enter
ing the top of the rotatin
port, 1 . The He c a r r i e
ted rotameter before netering uniformly around the top of the annu
lus. The bottom i s f i t t e d with a manually rotatable bottom samp
l i n g space, 13 , containing the exit port, 15 . This permits 
sampling the effluent at arbitrary positions about the entire 
360°C. A Gow-Mac 10-952 thermal conductivity c e l l , connected to 
the effluent sampling l i n e , indicates changes i n t o t a l effluent 
composition v i a changes i n thermal conductivity. The effluent l i n e 
i s connected to the gas sampling valve of a Barber-Colman 5000 ser
ies FID-TC gas chromatograph. Chemical analysis of effluent com
position as a function of angle was done on a 1/4 i n . OD packed 
alumina column at 200°C. Further d e t a i l s of construction and oper
ation may be found i n ref. 9. 

Experimental Results 

Dispersion. Estimates of dispersion i n the bed were obtained 
by room temperature experiments i n which N 2 tracer was fed through 
the stationary i n l e t , and He c a r r i e r was introduced everywhere 
else. The Gow-Mac TC c e l l was used to monitor N 2 concentrations as 
a function of angular position. The results are summarized i n 
Table I and i n Figures 2 and 3. Experiments done with the bed held 
stationary show symmetrical N 2 p r o f i l e s . The variance of the N 2 

d i s t r i b u t i o n decreases with increasing flow rate, as expected. F i 
gure 2 shows some N 2 distributions taken at various rotation rates 
and approximately the same flow rate. The i n s e n s i t i v i t y of the 
variance of the N 2 p r o f i l e s to rotation speed gives confidence that 
the bed packing i s approximately uniform. Some measurements were 
made with the bed removed, that i s , with the flow d i s t r i b u t i o n and 
sampling plates d i r e c t l y attached to each other. The results 
showed that s i g n i f i c a n t dispersion occurred i n the end spaces. 
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POSITION (DEGREES) 

Figure 2. Ng tracer profiles. Key: O, bed stationary; • , 0.36 rpm; Δ , 0.70 rpm ; 
and 0,1.03 rpm. 

J ι I ι I ι I ι L 
1 3 5 7 9 

FLOW RATE(L/MIN) 

Figure 3. Variance of Nt tracer profile vs. He carrier flow rate. Key: O, with 
bed; in absence of bed; and , difference between curves through Ο and • . 
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Table I 
Estimates of dispersion characteristics of the packed bed 

Q(Jl min-1) σ2 Pe,L U(cm sec" 1) E(cm z sec" 1) 

2.0 15 300 65 18 
4.0 9.4 470 130 24 
6.0 6.5 680 200 25 
8.0 5.0 900 260 26 

Dispersion c o e f f i c i e n t s were obtained by assuming that a l l 
dispersion occurs i n the azimuthal d i r e c t i o n , perpendicular to the 
flow, and by assuming that th  annulu  i  thin  i n f i n i t e l  wid
slab. This i s not unreasonabl
with i t s radius, and th  t y p i c a l l y
quadrant. The steady state equation i s 

3[N 2] 3 2[N 2J 
(1) 

Comparing the solution of th i s equation to a Gaussian d i s t r i b u t i o n 
shows that an estimate of the Peclet number can be obtained from 
the variance of the N 2 d i s t r i b u t i o n ; P e ^ = 2L 2/o 2. To obtain es
timates of Peclet numbers i n the bed alone the assumption was made 
that the mixing at the ends of the bed and the dispersion within 
the bed are independent i n the sense that the variances of the N 2 

p r o f i l e s are additive. Figure 3 shows data both with and without 
the bed, and the result of subtracting the variance due to end mix
ing from the t o t a l variance. 

Bed voidage. The void f r a c t i o n was determined by weighing a 
known volume of catalyst of known p a r t i c l e density, and by timing 
N2 tracer breakthrough for known flowrates. Both methods gave 
ε = 0.54. 

Cyclohexane dehydrogenation. Figures 4 and 5 show data for 
the dehydrogenation of cyclohexane at 204°C and 227°C, respective
l y . The products are benzene, hydrogen, and a small amount (~1%) 
of an unidentified compound which, judging from i t s elution p o s i 
tion, may be the previously reported (10) methylcyclopentadiene. 
Hydrogen could not be r e l i a b l y determined from the chromatograms 
because low s e n s i t i v i t y of H 2 i n the He c a r r i e r gave r i s e to large 
measurement errors. Thus, data for H 2 are not presented here. The 
H 2 peak maxima were approximately at 330° (Figure 4) and 340° ( F i 
gure 5). 

Relative yields of benzene and cyclohexane were obtained by 
integrating the areas under their "peaks" i n the chromatograms of 
Figures 4 and 5. Conversions of 0.87 and 0.88, respectively, were 
obtained by this procedure. 
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τ — ι — ι — ι — * r Δ 

hexane; and , simulation. E N T R A N C E 

Figure 5. Reactor effluent profiles at 
227°C. Conditions: QHe = 2.9 L/min; 
\£ cyclohexane = 8.3 mL/min. Key: Δ , ben
zene; • , unknown compound; O, cyclo

hexane; and , simulation. 
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Reactor Simulation 

Model. A difference equation for the material balance was ob
tained from a discrete reactor model which was devised by dividing 
the annulus into a two dimensional array of c e l l s , each taken to 
be a well s t i r r e d batch reactor. The model supposes that a x i a l mo
tion of the mobile phase and bed rotation occur by instantaneous 
discontinuous jumps, between c e l l s . Reaction occurs only on the 
s o l i d surface, and for the reaction type Α Φ Β + C used i n t h i s 
work, -dn A/dt = K^n^ - K2n Bn c. Linear isotherms, n^ = 3iC^, were 
used, and while dispersion was not e x p l i c i t l y included, i t could be 
simulated by adjusting the number of c e l l s . The balance i s given 
by Eq. 2, where subscript η i s the c e l l index i n the a x i a l d i r e c 
t i o n , and subscript m i s the index i n the circumferential d i r e c 
t i o n . 

α±(η-1,ιη-1) - C ±(n ,m) + 3^(λ(η,ιη-1) - 0±(η,ιη)] 

+ ί [ K l3 AC A(n,m) - I^B Β C (n ,m)C c(n ,m)]dt 
•Ό 

After casting the equations i n dimensionless form, they were solved 
by an Euler's method integration on the University of Minnesota Cy
ber 7000 computer system. The accuracy of thi s method was checked 
by a fourth order Runge-Kutta integration, which gave agreement to 
within 0.5%. 

Simulation. Input data for simulation of reactor performance 
were obtained as follows. Adsorption constants for the line a r 
isotherms were determined by conventional column gas chromato
graphy. However, reaction rates could not be measured by column 
reaction chromatography at temperatures greater than 152°C, since 
at that temperature the reaction was already equilibrium limited. 
Rate constants were therefore estimated by comparing computer c a l 
culations of conversion as a function of with experimentally 
observed conversions. Dispersion was simulated by changing M, the 
number of c'ells i n the circumferential d i r e c t i o n u n t i l simulated 
peak widths matched experiment. Simulations done with the above 
adsorption constants did not give enough separation of benzene and 
cyclohexane to show the p a r t i a l l y resolved "peaks" observed experi
mentally. Furthermore, conversions were underestimated at 204°C, 
and overestimated at 227°C. To obtain better agreement i t was 
necessary to decrease the values of the cyclohexane adsorption 
constants, and to adjust the reaction rate constants. Table II 
summarizes the measured and adjusted parameter values, and the 
so l i d l i n e s i n Figures 4 and 5 give the simulation results for the 
adjusted parameters. 
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Table II 
Comparison of experimental resu l t s 

with reactor simulations 

T,°C Q,£ min- 1 X,% n , % d R,%d β(Η 2) e(c 6H 1 2> e(c 6H 6) K^.mlh ^ 

87 a 3.2 a 93 a ««._ __ 
204 

2.3 72 b 19 b 39 b 0.18b 7.5 b 10. o b 7.5b 

86 c 22° 93° 0.18c 4.0 C 10.5° 9.4C 

88a 1.9 a 65 a — — — — 
227 2.9 98 b 

88° 

a, Experiment; b, Simulation with independently determined para
meters; c, Simulation with f i t t e d parameters; d, see Appendix. 

Discussion 

The benzene yields given by the data of Figures 4 and 5, 87% 
at 204°C and 88% at 227°C, may be compared with computed e q u i l i 
brium yields of 13% and 19%, based on i n l e t conditions. This 
c l e a r l y shows the advantage of the continuous annular chromato
graphic reactor over, say, a tubular reactor. The comparison i s 
not e n t i r e l y straightforward, because d i l u t i o n of the cyclohexane 
by He c a r r i e r as i t disperses circumferentially s h i f t s the e q u i l i 
brium toward products; t h i s would have to be taken into account i n 
any quantitative comparison. The data show only p a r t i a l separation 
of benzene and cyclohexane. This p a r t i a l separation must result i n 
p a r t i a l suppression of the back reaction, and must also contribute 
to the observed y i e l d enhancement (in addition to the d i l u t i o n ef
f e c t ) . 

Comparison of product peak widths i n Figures 4 and 5 with peak 
widths of weakly adsorbed N 2 i n Figure 2 indicates that spreading 
due to dispersive flows dominates peak broadening due to adsorp
t i o n . Dispersion causes s u f f i c i e n t peak overlap that i t seems rea
sonable to attribute f a i l u r e to observe larger reaction y i e l d s to 
this f a i l u r e of separation. For example, the l i q u i d - s o l i d continu
ous annular chromatographic reactor, where dispersion was s i g n i f i 
cantly l e s s , gave 100% y i e l d s for the hydrolysis of methyl formate 
(4̂ , 5). Limitation of y i e l d enhancement due to dispersion w i l l 
l i k e l y occur i n any gas-solid reactor of this configuration. It 
may be possible to overcome th i s d i f f i c u l t y by placing t h i n p a r t i 
tions i n the annulus as a barrier to transport i n the circumferen
t i a l d i r e c t i o n . However, with this arrangement, a x i a l dispersion 
i n the resulting tubes would be manifested as output peak broaden-
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ing, and the remedy would not be completely e f f e c t i v e . Better 
separation, hence better performance, would be obtained i n sys
tems having larger differences i n adsorption c o e f f i c i e n t s than 
those found for the species i n t h i s investigation. In connection 
with this i t should be noted that separation i s poorer at higher 
temperatures, since the adsorption c o e f f i c i e n t s decrease with i n 
creasing temperature. 

Legend of Symbols 

c^ f l u i d phase concentrations 
Ε dispersion constant 
F f r a c t i o n of bed fed 
Κ reaction rat
L reactor length 
M number of c e l l s about reactor circumference 
m circumferential c e l l counting index 
η a x i a l c e l l counting index 
n^ surface concentrations 
Ρ _ Peclet number based on reactor length e, L 

Q flow rate 
t time 
U linear v e l o c i t y 
X conversion 
^ef equilibrium conversion based on feed conditions 
y circumferential d i r e c t i o n 
ζ a x i a l d i r e c t i o n 
3^ adsorption constant 
ε void f r a c t i o n 
η e f f i c i e n c y 
σ variance 
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Appendix 

A reactor e f f i c i e n c y , η, defined by eq. 1A, i s used i n this 
work. 

^. » . « * « conversion of chromatographic reactor n=fraction of bed fed χ ττττ—: : — ° „ r. — equilibrium conversion at i n l e t conditions 
(1A) 

It provides a comparison of the productivity of the chromatogra
phic reactor with the productivity that would be obtained i f the 
annulus were fed uniformly, (fraction of bed fed =1) and reacted 
to a specified conversion (conversion of reactor/equilibrium con
version < 1). This e f f i c i e n c y i s thus a measure of the penalty 
paid for using only a portion of the bed to carry out the reac
tion. It i s a conservative figure, however, since i t ignores the 
benefit of separating reactant and products. 

A measure of the chromatographic reactor as a separator as 
well as a reactor i s the recovery, R. 

conversion v 

In eq. 2A the y i e l d i s a y i e l d at purity, the amount of desired 
product that can be removed from the reactor at specified purity. 
In this work a purity of 99% was specified. Thus the recovery i s 
the f r a c t i o n of the product that can be removed at the specified 
purity. 
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Catalyst Decay During Hydrotreatment of a 
Heavy Coal Oil 
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A trickle-bed reactor was used to study catalyst 
deactivation durin
wt% SRC and proces  catalys
324, NiMo/Al having monodispersed, medium pore diam
eters. The catalyst zones of the reactors were sep
arated into five sections, and analyzed for pore 
sizes and coke content. A parallel fouling model is 
developed to represent the experimental observations. 
Both model predictions and experimental results con
sistently show that: 1) the coking reactions are 
parallel to the main reactions, 2) hydrogenation and 
hydrodenitrogenation activities can be related to 
catalyst coke content with both time and space, and 
3) the coke severely reduces the pore size and re
stricts the catalyst efficiency. The model is sig
nificant because i t incorporates a variable dif fusi -
vity as a function of coke deposition, both time and 
space profiles for coke are predicted within pellet 
and reactor, activity is related to coke content, and 
the model is supported by experimental data. 

Catalyst deactivation by coke deposition i s a major concern 
i n upgrading coal-derived o i l s . Coke forms as a results of a se
quence of side reactions which may be simplified as follows: 

If coke forms mainly by route 1 only, then this i s p a r a l l e l f o u l 
ing; i f mainly by routes 2 and 3, i t i s series; and i f equally by 
a l l three routes, then i t i s independent fouling. 

John et a l (Γ) i n d i s t i l l a t e s c a t a l y t i c cracking studies con
cluded that coke on the catalyst cannot be a measure of a c t i v i t y . 
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Instead, they proposed a time on stream theory to model the cat
a l y s t deactivation* However, i n an e a r l i e r work by Voorhies (2), 
a linear correlation between conversion and coke on catalyst for 
fixed-bed c a t a l y t i c cracking was derived. Rudershausen and Wat
son (3) also observed the similar behavior. Coke on catalyst can 
reduce the a c t i v i t y by covering the active s i t e s and blocking the 
pores. The effects of pore size on catalyst performance during 
hydrotreating coal o i l s i n trickle-bed reactors have been studied 
experimentally by Ahmed and Crynes (4_) and by Sooter (5) . The 
pore size effects i n other studies are also reported (6, _7, 8). 
Prasher et a l . (9) observed that the e f f e c t i v e d i f f u s i v i t i e s of 
o i l s i n aged catalysts were severely reduced by coke deposition. 

Theoretical work by Masamune and Smith (10), who applied ac
tive s i t e coverage to account for i n t r i n s i c a c t i v i t y decay, pre
dicted carbon p r o f i l e s i
on stream and Thiele modulus
ant deposition i s heavier at the outside of the p e l l e t for paral
l e l fouling; whereas, deposition inside i s heavier for series 
fouling. At a high Thiele modulus where d i f f u s i o n l i m i t a t i o n i s 
severe, the foulant deposition i s always heavier at the outside 
of the p e l l e t regardless of the mechanism. Essentially the same 
results were shown by Chiou and Olson (11) who extended Masamune 
and Smith's work to account for the e f f e c t of pore structure. 
Froment and Bischoff (12) developed a model to predict the con
versions and coke p r o f i l e s i n a fixed-bed reactor by assuming 
several relationships between a c t i v i t y and bulk coke content i n 
the catalyst p e l l e t . The results show that coke deposition de
creases toward reactor e x i t for p a r a l l e l fouling but increases 
toward the exit for series fouling. 

A l l of these models have been limited to only p a r t i a l rep
resentation of catalyst coking-decaying phenomena i n a fixed-bed 
reactor. No experimental data have shown consistency between the 
many features including fouling mechanism, catalyst a c t i v i t y , pore 
size and coke p r o f i l e s i n both the p e l l e t and the trickle-bed re
actor. In this study experimental data on coke contents, coke-
time and position p r o f i l e s , pore sizes and catalyst a c t i v i t i e s 
resulting from a trickle-bed reactor are presented to demonstrate 
the relationships and consistencies. A p a r a l l e l fouling model 
based on active s i t e coverage and pore blockage i s developed and 
extended to the fixed-bed reactor performance of a catalyst pro
cessing a heavy coal o i l . 

Experimental 

The o i l feedstock used i n this study was a 30 wt% SRC-I and 
70 wt% process solvent mixture containing 87.2 wt% carbon, 6.73 
wt% hydrogen, 1.40 wt% nitrogen, 0.50 wt% sulfur and 0.097 wt% 
ash, having an i n i t i a l b o i l i n g point of 242C and with 32 wt% b o i l 
ing at higher than 454C. The catalyst was Shell 324, a NiMo/Al 
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catalyst having a surface area of 150 χ 10 3 m2/kg, a pore volume 
of 0.42 χ 10~ 3 m3/kg and a narrow pore size d i s t r i b u t i o n at 11.0 
nm. 

A 0.5 m by 0.013 m trickle-bed reactor equipped with auto
matic temperature, pressure and flow controls and adequate safety 
monitoring systems was used i n this study. The catalyst was c a l 
cined and presulfided before startup. The nominal operational con
ditions were: temperature, 400C; pressure 13.9 MPa; l i q u i d v o l 
ume space time, 2.50 hours; and hydrogen-to-oil r a t i o , 1780 std. 
m3 H2/m3 o i l . During shutdown, the reactor was cooled quickly 
with a high flow of hydrogen to prevent excess coking. The used 
catalysts were separated into f i v e sections, 0.1 meter each, ex
tensively extracted with pyridine, and dried i n a high vacuum 
oven. Thus, the coke content i n this study i s defined as pyridine 
insoluble carbonaceous materia
bustion i n a i r . Specia
tion which could badly mask the actual values of coke contents. 
The pore volumes and pore sizes were measured with a Micromeri-
t i c s Model 910 mercury porosimeter by assuming a contact angle of 
130 degrees. O i l products were routinely analyzed for hydrogen 
and nitrogen contents with a Perkin-Elmer Model 240B elemental 
analyzer. More det a i l s on this experimental work have been re
ported by Crynes (13). 

Experimental Results 

Six experimental runs were made at ess e n t i a l l y the same op
erating conditions but with various durations to obtain param
eters as functions of time on stream. Coke p r o f i l e results are 
shown i n Figure 1. Note that coke content i s high at the reactor 
entrance and the slope of the p r o f i l e gradually increases to a 
maximum then levels off (at 153 hours). The maximum a c t i v i t y zone 
(low coke content) within the reactor gradually moves down to the 
reactor exit. This type of p r o f i l e implies that the coking re
actions f a l l into the p a r a l l e l pattern shown by Froment and Bis-
choff (12). The coke contents from d i f f e r e n t sections of each run 
were averaged over the reactor, and the results are plotted i n 
Figure 2. Most coke forms during the f i r s t 40 hours on stream. 
Note that during startup and within the f i r s t hour of operation, 
nearly 5 wt% coke has accumulated. 

Figure 3 suggests a relationship between catalyst a c t i v i t y 
(in terms of hydrogen and nitrogen contents i n the product o i l ) 
and coke content. Figure 4 shows that coke has severely blocked 
the pore mouths. These pore sizes have been experimentally de
termined and not calculated from a pore volume-surface area re
lationship. Additional Auger analyses support the bulk analysis 
results and further reveal that coke accumulates predominately 
within the outer edges of the p e l l e t s . With increasing time on 
stream, the coke penetrates more deeply within the p e l l e t u l t i 
mately achieving a maximum value of 14 wt%. 
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Figure 4. Most frequent pore diameter vs. catalyst coke content. Key: 
model prediction; Δ, experimental data. 
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Discussion 

A model based on p a r a l l e l fouling was developed to represent 
these experimental observations. The following assumptions were 
made: 

(1) The reactions can be described by two simple f i r s t order 
p a r a l l e l reactions (route 1 of the scheme presented e a r l i e r ) : 

k A k A Q A •Products, and A a — > C o k e 

(2) Coking rate i s much slower than the main reactions rate. 
(3) The reactor i s isothermal throughout and i s idea l plug flow. 
(4) There i s a negligibl

the p e l l e t s . 
(5) Pores are f i l l e d with l i q u i d throughout the reactions. 
(6) Eff e c t i v e d i f f u s i v i t y of the reactant versus pore size f o l 

lows the S a t t e r f i e l d et a l . correlation (14): 

DAe = ^Vp7^ kxp <~4-6X>] M 
(7) Pores are uniform and p a r a l l e l to each other: 

PD - PD (ε /ε )** [2] ο ρ po u J 

(8) The catalyst porosity i s reduced by the coke: 

ε - ε - Q (ρ /ρ ) [3] 

This model i s s i g n i f i c a n t because: 1) a variable d i f f u s i v i t y 
as a function of coke content i s incorporated, 2) coke content 
p r o f i l e s both within a p e l l e t and the reactor bed are predicted 
with time and space, 3) catalyst a c t i v i t y i s related to coke con
tent, thus with time and space also, and 4) the model i s supported 
by experimental data. 

The conservation equations representing the i n t r a p a r t i c l e de
acti v a t i o n i n non-dimensional form for spherical geometry are 
given as follows: 

η 9 2 γ Ρ . 3D 9 y p . 2D % , 0 /1 \ m u2 _!̂ P_ π Γ/1 

D ,r + _ -r— + — ~ - hf (1-q ) y - h z ε -rr* 1 = 0 [AJ 
3x^ 9x 3x χ 3x A np Ρ q σθ u J 

ρ P P P P f t - M ρ 

P y ν 

D = 3ε Εχρ[-4.6λ ο/(1-γς ρ) ί 5] [6] 
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Initial and boundary conditions are: 
ê θ - 0 and 0 < χ < 1, y = 1, q = 0, ε = 1, D = 1 [7] ρ - ρ - 9 yv 9 Η ρ 9 9 

@ χ ρ - 1 and θ ρ > 0, y p = 1 also [8] 

β χ ρ = 0 and θ ρ > 0, - 0 [9] 

The dimensionless equations over the reactor bed i t s e l f are: 

3y b 3y b 3q

_ + Ε _ + G n A y b = 0 and -gg- = n q y b [ 1 0 ] > [ u ] 

I n i t i a l and boundary conditions are: 

8 6 b • 0 and 0 < ^ < 1, y b • 1, q f e - 0 also [12] 
@ x b = 0 and 9 b > 0, y b = 1 [13] 
The effectiveness factors and η , defined as the ratio s of 

the actual reaction rates at time θ to^the maximum reaction rates 
on a clean catalyst, are obtained numerically from equations [4] -
[9]. An e x p l i c i t f i n i t e difference method was used to solve the 
p a r t i a l d i f f e r e n t i a l equations without further s i m p l i f i c a t i o n s . 
Densities, porosities and clean catalyst pore diameters were meas
ured experimentally. The maximum coke content i s assumed to be 
that which f i l l s the pore completely. The tortuosity i s taken as 
2.3, as discussed by S a t t e r f i e l d et a l . (14). 

The rate constants, bulk d i f f u s i v i t y , c r i t i c a l solute diam
eter and i n t r i n s i c rate decaying orders were varied to obtain the 
data f i t . The resulting rate constants are 1.13 χ 10" 6 m 3/(s) (kg-
catalyst) for the main reaction, 0.948 χ 10" 9 m 3/(s) (kg-catalyst) 
for coking i n terms of hydrogénation or 3.704 χ 10~ 9 m 3/(s) (kg-
catalyst) i n terms of hydrodenitrogenation. The c r i t i c a l solute 
diameter of 3.3 nm, bulk d i f f u s i v i t y of 0.55 χ 10" 9 m2/s, orders 
of deactivation of half for the main reaction and second order for 
coking, and the corresponding Thiele modulus, 11.4, for the main 
reaction at clean catalyst conditions a l l f a l l within reasonable 
ranges which have been reported. Second order deactivation for 
the coking reaction indicates that the reaction may take dual 
s i t e s , while the half order deactivation for the main reaction i n 
dicates that the small molecules less subjective to coking may 
s t i l l be able to access the s i t e s r e s t r i c t e d by coke. 
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The coke p r o f i l e s i n the reactor bed can be predicted excel
l e n t l y by the model as shown by the s o l i d l i n e s i n Figure 1. F i g 
ure 2 shows good consistency i s also obtained for the average coke 
content over the reactor bed versus time on stream. Note that 
within the time period of reactor startup plus one hour of opera
tion, the average coke content of the reactor bed i s already at 
about 5 wt%. The model cannot be applied to this startup and i n i 
t i a l period with the rapid transients of temperature, a c t i v i t y 
"spike" and concentration. However, compensation for this i n t e r 
v a l can be made by a time translation of the model: a model time of 
36 hours i s fixed at an experimental time of zero. A temperature 
difference of more than 20C between the center of the bed and out
er wall of the reactor i n the startup stage has been observed i n 
our laboratory for some experiments. About three-fourths of this 
difference i s across th
actor at reasonably lowe
coke formation and to better maintain the catalyst a c t i v i t y i s im
portant, i f not c r i t i c a l . 

The model predicts that the dependencies of hydrogénation and 
hydrodenitrogenation a c t i v i t i e s on the reactor coke content are 
stronger than linear, and are s a t i s f a c t o r i l y supported by the ex
perimental data as shown i n Figure 3. The predicted pore s i z e -
coke content relationship i s shown i n Figure 4. The trend i s con
sistent with the experimental data, although data at high coke 
loading l i e above the predicted l i n e . Two reasons may have con
tributed to t h i s : 1) the contact angles for catalyst-mercury and 
coke-mercury may be different and 2) the mercury porosimetric 
method could be limited to measuring small pore sizes. 

Conclusion 

A p a r a l l e l fouling model has been developed to represent ex
perimental observations for hydrotreating a coal o i l i n a t r i c k l e -
bed reactor over a commercial NiMo/Al catalyst. This model accu
rately predicts coke p r o f i l e s with time and reactor position, and 
hydrogénation and hydrodenitrogenation as functions of coke con
tent. The following conclusions can be drawn from this study. 

(1) Catalyst coke content i s a good measure of a c t i v i t y . Both 
hydrogénation and hydrodenitrogenation can be related to coke 
content. 

(2) Coke severely reduces the pore sizes and r e s t r i c t s the cat
alyst e f f i c i e n c y . 

(3) Poorly controlled high temperatures during startup can result 
i n excess coking reaction. 

(4) The c a t a l y t i c coking reaction may require dual catalyst sites, 
whereas small size reactants which are less subjective to 
coking may be able to access the s i t e s covered by the coke. 
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Legend of Symbols 

C = Concentration of reactant i n l i q u i d , kg/m3 

D = Dimensionless ef f e c t i v e d i f f u s i v i t y , D
A e / D

A e o 

DA' DAe - Bulk and effective d i f f u s i v i t y , m2/s 

E, G = Dimensionless groups, Ε = Q M/ c
A f

k
q
T> G 5 5 kA pb QM 7 CAf k< 

h = Thiele Modulus, h A = Ye4 P p
k
A
/ D A e o , 

h = γ J k C A. ε η /D (Γ q 'ev q Ab Po Aeo M 
k = I n t r i n s i c rate constant, m 3/(s)(kg-catalyst) 
L = Total Length of the reactor bed, m 
m,η = Exponents o
PD = Most frequen
q = Dimensionless coke content, Q/Q̂ j 
Q = Coke content kg-coke/kg-catalyst, Q M maximum coke 

content 
r = Radial position from the center of the catalyst 

p e l l e t , m 
r e = Equivalent radius of the catalyst p e l l e t , m 
SD = C r i t i c a l solute diameter, nm 
Τ = Liquid volume space time, s 
t = Time on stream, s 
χ = Dimensionless position, x^ = z/L, x p = r / r ^ 

y = Dimensionless concentration, y^ = G A b 7 C A f y p = ^Ap 7 CAb 
ζ = Longitudinal position i n reactor bed from entrance, m 

3,γ = Dimensionless groups, 3 = ε^Ό^Ό^τ, γ = Q M P p / e
p o P q 

τ = Tortuosity 
θ = Dimensionless time, Θ, • C A £k t/Q.., θ = C A,k t/Q M 

b Af q M p Ab q M 
η = Effectiveness factor 
λ = Ratio of c r i t i c a l solute-to-pore diameter, SD/PD 
ρ = Density, kg/m3 

ε = Porosity r a t i o , ε /ε 
p po 

ε , ε = Porosities Ρ Ρ© 

Subscripts 

Α = Main reactant 
b = Reactor bed 
f = Feedstock 
ο = I n i t i a l conditions 
ρ = Catalyst p e l l e t 
q = Coke 
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The Steady-State Permeation Model for 
Underground Coal Gasification 

HENRY W. HAYNES, JR. 

University of Mississippi, Chemical Engineering Department, University, MS 38677 

The steady-state permeatio  model f in situ l
ification i s presente
which includes th g , 
water-gas, water-gas shift, Boudouard, methanation and 
de v o l a t i l i z a t i o n . The model predicts that substantial 
quantities of unconsumed char will be left i n the wake 
of the burn front under certain conditions, and thi s 
result is in qualitative agreement with postburn 
studies of the Hanna UCG tests. The problems en
countered i n the numerical solution of the system 
equations are discussed. 

The l a s t ten years have witnessed a number of extensive f i e l d 
tests of underground coal g a s i f i c a t i o n (UCG) i n the United States 
and Europe. Model development i s essential to the proper under
standing of these test results and to the planning of future 
experiments. This report w i l l focus upon the steady-state 
"permeation" or "packed bed" model of i n s i t u g a s i f i c a t i o n 
(forward combustion mode). In this useful but i d e a l i s t i c model 
the coal bed i s assumed to be uniformly permeable to reactant and 
product gases. 

Gunn and coworkers (1,2) were the f i r s t to propose a steady-
state model, and their predictions agreed very well with the Hanna 
UCG test r e s u l t s . In an analysis of the d i f f e r e n t versions of 
permeation models that have appeared i n the l i t e r a t u r e , Haynes (3) 
judged the steady-state model superior for most applications since 
reaction ki n e t i c s are taken into account and only a modest compu
tatio n a l e f f o r t i s required. Despite these desirable features, 
applications of the steady-state model have not been as widespread 
as one might anticipate. 

One reason for the apparent reluctance to u t i l i z e the steady-
state model may be the numerical problems that must be circumvented 
i n order to obtain a solution to the system equations. These 
numerical d i f f i c u l t i e s are discussed for the f i r s t time i n t h i s 
report. Also, the present formulation d i f f e r s from the o r i g i n a l 
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version (1, 2) i n several respects. Additional reactions are 
taken into account and maximum use i s made of stoichiometry to 
eliminate d i f f e r e n t i a l mass balance equations. F i n a l l y , Gunn and 
coworkers apparently assume that the coal i s burned completely at 
the combustion interface leaving no residual char behind. This i s 
reasonable i n high temperature burns, but such a r e s t r i c t i o n 
imposes an u n r e a l i s t i c boundary condition at lower temperatures. 

Reactions 

The kin e t i c s of coal char g a s i f i c a t i o n can usually be 
interpreted i n terms of the following set of reactions: 

C + o2 + co2 

C + H 20 J CO + H 2 

C + C0 2 J 2 CO 

C + 2H 0 -* CH, 
I +~ 4 

CO + H 20 j C0 2 + H 2 

//mole 0 2 

R //mole W 
W, #char ehr 

//mole C0„ 

(2) 

~*B, //char-hr ( 3 ) 

//mole CH^ 
M̂, //char-hr 

//mole CO 
S h ' f 3void-hr 

(4) 

(5) 

In addition the *raw, moisture-free coal when subjected to pyrolysis 
temperatures w i l l release a variety of v o l a t i l e components con
comitant with the formation of a char. Secondary reactions of tar 
and other high molecular weight hydrocarbons must also be con
sidered, and for modeling purposes i t i s often reasonable to assume 

Coal A T > Char + a^CH^ + aÇQCO + 

+ «C02 C°2 + aW V ( 6 ) 

The stoichiometric c o e f f i c i e n t s , a^, can be obtained from pyrolysis 
experiments on the par t i c u l a r coal of interest and at conditions 
approximating i n s i t u g a s i f i c a t i o n insofar as i s possible. 

Model Equations 

According to the permeability model, the forward g a s i f i c a t i o n 
of coal i n s i t u can be conveniently visualized as taking place i n 
a series of zones-sometimes d i s t i n c t , sometimes overlapping - as 
i l l u s t r a t e d i n Figure 1. These zones move slowly i n the 
x-direction, and i n the transient period after start-up (or some 
other system disturbance) the v e l o c i t i e s w i l l vary with time. 
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ι r 
Ash and , 

I I 
Residual < 1 I 

Char Char Dry Coal 

—'—II 
- x—H I 
Figure 1. Steady-state model of forward UCG. 
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Because the movement of the various zones i s slow r e l a t i v e to the 
rates at which mass and heat are transported through the bed, a 
steady-state w i l l eventually be established. The length parame
ter, η, i s measured from the combustion interface and moves with 
ve l o c i t y v c . 

It w i l l be assumed that the system i s adiabatic, a reasonable 
assumption for thick coal seams. Also, i n the interest of brevity 
we w i l l not include drying i n the present analysis. The product 
gas composition and heating value w i l l not be appreciably affected 
by this assumption. In addition, i t w i l l be assumed that pressure 
i s uniform through the bed (thus eliminating the need for a 
momentum balance) and that the gas and s o l i d phase temperatures 
are the same. 

The relevant system equations (3) are summarized below: 

dN 

H T • PseWc ( - V + 2pseWc <~V " ««"V ( 7 ) 

dN 

A T • - p
s e

w c ( - V - e<-V ( 8 ) 

dn "se c C P e pW <-*r> (9) 

5 Î 

dn p s ew c ( - y do) 

dW 12.011 W 
_ Ç m v c [ ( ^ c ) + ( . v + ( ^ b ) + ( _ v : ] 

dS _ 1 
λ 

c 
dH dn 7 1 { N S dî 6 + ν-Λ^-ν^-ν-ί-ν3 

H dW dW dW 
+ V s e S d F " V * T + S dT> 

dH dW 
- (W + W + W ) S — r - -(-ΔΗ ) S — ^ ] a ν c dT ν dT 

" PseWc ^ ~ i ? c ) ( - A H C ) + ( - V ( - A V + ( - J ? B ) ( ; A H B ) 

+ (-V(-AV^ - θ<-ν("Δν "s2 ΐτ} <12> 
! S (13) 

N H = N H(0) + N w(0) " N w + 2 [N M(0) - (14) 

Nco2 = Nco2 ( 0> + V 0 ) " V Ί t N c o ( 0 ) - N c o + N w ( 0 ) - V ( 1 5 ) 

dT 
dn 
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ν ρ , 
Ν - r r - ^ (W - W ) (16) ν Μ ν ν 

with boundary conditions: 

N C O(0) = N C 0 2(0) = NR(0) - NM(0) - 0 (17)-(20) 

Ν (0) = Ν (21) 

N 0(0) - N Q (22) 

W (°°) « W 0 0 (23) c c 

V ° > S o ( T o - T i n j > N  SN O " W 

+ NW ( 0 ) ^ P W , L ( V T e n v ) + A \ a p + S w , V ( V T b ) ] 

- λ β (T o) ^ ( 0 ) = X e(T o) S(0) (24) 

= s ( ο ) = 0 (25) 

As already mentioned these equations are an extension of and 
i n some cases a modification of Gunn's (_1, 2) system equations. 
In writing these equations a l l products of d e v o l a t i l i z a t i o n are 
lumped into a single pseudo-component, V. Equations (7) through 
(10) are steady-state gas phase component mass balances. Equations 
(11) and (16) result from char and v o l a t i l e matter mass balances 
respectively. Equations (12) and (13) constitute the energy 
balance and Equations (14) and (15) are obtained from reaction 
stoichiometry. Additional required equations include the k i n e t i c s 
expressions, d e v o l a t i l i z a t i o n functions, and enthalpy re l a t i o n s . 
For examples see Gunn and Whitman (1). 

The ve l o c i t y of the combustion front is^determined by the 
v o l a t i l e matter content of the raw coal, Wv . If the v o l a t i l e 
matter content of the coal i s high the f r o n t a l v e l o c i t y w i l l be 
slowed. With low v o l a t i l i t y coals the f r o n t a l v e l o c i t y w i l l be 
r e l a t i v e l y fast for the same excess energy production i n the com
bustion/gasification regions of the bed. The v e l o c i t y v c i s set by 
the requirement that the v o l a t i l e s content of the coal ahead of the 
d e v o l a t i l i z a t i o n zone be e s s e n t i a l l y that of the raw coal. From an 
analysis of the energy balance i n the region near the front of the 
d e v o l a t i l i z a t i o n zone, i t can be shown that a p a r t i c u l a r root of 
the r e l a t i o n below establishes v Q (3): 

dH H dW dW dH dW 
N ax 2 *V . . ar - H s d r - W c t f - < - A V d T > ° < 2 6 ) 

V 
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The solution of these system equations i s complicated by two 
numerical problems. The f i r s t problem i s one of s t i f f n e s s due 
p r i n c i p a l l y to the combustion reaction, Eq. (1). A version of the 
Gear algorithm (4) due to Hindmarsh (5) performed n i c e l y i n t h i s 
application. In one example a single integration by 4th order 
Runge-Kutta required 90 seconds of CPU time; whereas, the same 
integration to three-figure accuracy required 1.5 seconds using the 
Gear algorithm. Gear and other s t i f f integrators are intended for 
use i n i n i t i a l value problems. We therefore employed shooting to 
solve our boundary value problem. The l o g i c a l point to i n i t i a l i z e 
shooting i s at η = 0 since a l l but two of the boundary conditions 
are specified at this point. However, the boundary value problem 
was i l l - c o n d i t i o n e d when formulated i n this fashion as i l l u s t r a t e d 
i n Figure 2. Fortunately reverse shooting was stable. To avoid 
matching boundary condition
were integrated i n the forwar
bustion zone and these results were matched with reverse integra
tions to the same point using an i t e r a t i v e scheme based on a 
Taylor series l i n e a r i z a t i o n procedure. More d e t a i l s and a program 
l i s t i n g are available (3). 

Computational Results 

Some calculated temperature p r o f i l e s from an example problem 
are plotted i n Figure 3. The parameter i s water i n f l u x r a t i o 
(moles H20/mole a i r fed). Only the combustion and water gas re
actions were included i n the problem analysis due to lack of 
kinetics data. This problem was contrived to i l l u s t r a t e the pre
d i c t i v e features of the model, and while the physical properties 
and operating conditions are believed to be representative of the 
Hanna UCG tests, no e f f o r t was made to simulate any p a r t i c u l a r 
test. For a complete problem statement see r e f . (_3). 

Figure 3 reveals a rather interesting behavior. As the water 
in f l u x r a t i o decreases from 0.7 to 0.5 the temperature at the com
bustion interface increases and the d e v o l a t i l i z a t i o n zone moves 
farther from the combustion zone. This i s a consequence of the 
reduced heat load required to vaporize water entering the i n j e c t i o n 
well and therefore available for driving the d e v o l a t i l i z a t i o n 
reactions. As the water i n f l u x r a t i o continues to decrease from 
0.5 to 0.3, the combustion interface temperature also increases for 
the same reason. But contrary to the behavior i n the higher water 
in f l u x range, the d e v o l a t i l i z a t i o n zone begins to retreat towards 
the combustion interface. This i s a consequence of the endothermic 
water gas reaction making less heat available for d e v o l a t i l i z a t i o n . 
The rate of the water gas reaction does not become s i g n i f i c a n t 
u n t i l the water i n f l u x r a t i o i s lowered below about 0.5. 

Another result of interest i s the plot of residual char vs. 
water i n f l u x r a t i o i n Figure 4. At the conditions investigated 
here, the model predicts that as much as half of the char content 
of the raw coal can be l e f t i n the aftermath of the combustion 
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Figure 2. Illustration of ill-conditioned boundary value problem. Key: , 
numerical solutions obtained by integrating forward; , physically real solution 

(solution which satisfies boundary conditions.) 
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Figure 3. Steady-state temperature profiles as a function of water influx ratio. 
Gasification at air injection rate of 1631 Mcf/day @ 75 psia with Tinj, 90°F; T^, 

50°F; and Ac, 625 f. See Refs. 1 or3 for physical properties data. 
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Figure 4. Residual char and combustion front temperature as functions of water 
influx ratio. 
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front at high water i n f l u x r a t i o s . This appears to be the f i r s t 
UCG modeling e f f o r t to predict leftover char. Most previous work
ers have assumed a char content of zero at the combustion i n t e r 
face. For the conditions covered here this assumption i s reason
able only at water inf l u x r a t i o s less than about 0.2. I t i s 
noteworthy that a recent study of the Hanna No. 2 s i t e revealed a 
substantial quantity of char intermixed with rubble i n the post-
burn cavity (6). 

The prediction of leftover char at high water i n f l u x r a t i o s has 
a straightforward physical interpretation. The rate of combustion 
depends upon both oxygen concentration and temperature; and while 
the oxygen concentration i s always greatest at η = 0, the temper
ature maximum i s somewhat removed from the o r i g i n . (Although not 
apparent i n Figure 3, a sharp temperature peak i s revealed i n these 
calculations when the distanc
Since the rate i s an exponentia
bustion rate i s greatest near the temperature maximum. The re
action i s e f f e c t i v e l y quenched at η = 0 due to the water i n f l u x 
even though the oxygen concentration i s greatest at this point. 

The effect of water i n f l u x on product gas heating value and 
production rate i s i l l u s t r a t e d i n Figure 5. These computed results 
are q u a l i t a t i v e l y consistent with experimental results from the 
Hanna tests. The optimum water i n f l u x r a t i o found by Gunn, et a l . 
(_1, 2) i s not observed, but i t i s clear that such an optimum must 
exist at a smaller value of water i n f l u x r a t i o than investigated 
here. In the t o t a l absence of water only d e v o l a t i l i z a t i o n w i l l 
contribute to product gas heating value. 

From an analysis of the energy balance at very high tempera
tures i t becomes evident that a zero slope i n the thermal gradient 
i s ultimately attained as the g a s i f i c a t i o n reactions approach 
thermodynamic equilibrium (3). Under such circumstances a separa
tion of the combustion/gasification zone and the d e v o l a t i l i z a t i o n 
zone may take place. [This p o s s i b i l i t y was f i r s t suggested by 
Gunn, et a l . , (7). See Figure 1 of t h e i r paper.] Generally the 
v e l o c i t i e s of the two zones, v c and v^, w i l l be diff e r e n t as de- ^ 
termined by the char and v o l a t i l e matter contents of the coal, Wc 

and Wv respectively. When thi s occurs the two zones can be 
treated as separate steady-state problems. Only the boundary 
conditions must be modified so that the combustion/gasification 
outlet conditions are equivalent to the d e v o l a t i l i z a t i o n zone i n l e t 
conditions. 

Conclusions 

An expanded formulation of the steady-state permeation model 
has been presented. Two numerical problems - s t i f f n e s s and an i l l -
conditioned boundary value problem - are encountered i n solving 
the system equations. These problems can be circumvented by match
ing forward and reverse integrations at a point near the i n l e t 
(η = 0) but outside the combustion zone. The model predicts a 
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Figure 5. Product gas heating value and production rate as functions of water 
influx ratio. 
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complex effect of water i n f l u x on the steady-state temperature 
p r o f i l e s . Of major significance i s the prediction that unconsumed 
char may be l e f t i n the wake of the combustion front under certain 
circumstances, namely i n r e l a t i v e l y wet low temperature burns. 
This appears to be the f i r s t UCG modelling e f f o r t to predict 
residual char. 

Legend of Symbols 

C p = mean heat capacity, Btu///mole °F 
Hg = gas phase enthalpy, Btu///mole 
H s = s o l i d phase enthalpy, Btu/// 
My. = v o l a t i l e s molecular weight, /////mole 
Ν = ΣΝ ± = t o t a l flux, //mole/f2 hr 
Ni = component i flux
-R » reaction rate

void-hr (homogeneous) 
S = dT/dn = slope of temperature p r o f i l e , °F/f 
Τ = temperature, °F 
v c = vel o c i t y of combustion/gasification front, f/hr 
vd = velo c i t y of d e v o l a t i l i z a t i o n front, f/hr 
Wa = ash content of ambient coal, //ash/// coal 
Wc = char content of ambient coal, //char/// coal 
WVf - v o l a t i l e matter content of ambient coal, //v.m./// coal 
Wv = v o l a t i l e matter content of coal at maximum bed temper

ature //v.m./// coal 
χ = a x i a l length coordinate, Figure 1, f 
v i ~ ( N i + v v , i N v ) / N = S a s phase mole fr a c t i o n component i 
Yv,i " v o l a t i l e s mole f r a c t i o n component i 
Pse = ambient coal bed density (wet), ///f^ 
θ = bed porosity, f3 void/f3 bed 
α = d e v o l a t i l i z a t i o n stoichiometric c o e f f i c i e n t 
ΔΗ = enthalpy of reaction or heat of vaporization, Btu///mole 
X e = bed eff e c t i v e thermal conductivity, Btu/f hr°F 
η = a x i a l length coordinate, steady-state model, Figure 1, f 

Subscripts 

0 oxygen 
CO = carbon monoxide 
C02 carbon dioxide 
M methane 
W = water 
Ν = nitrogen 
Η hydrogen 
ν = v o l a t i l e s pseudo component 
ο value at combustion interface 
i n j = value injected 
env value at ambient conditions 
vap = vaporization of water 
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A Pore Diffusion Model of Char Gasification 
with Simultaneous Sulfur Capture 
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WILLIAM BARTOK and HOWARD FREUND 
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A model is presented for char gasification with 
simultaneous captur
as CaS. This mode  encompasse  physicochemica
rate processes in the boundary layer, in the porous 
char, and around the mineral matter. A description 
of the widening of the pores and the eventual col
lapse of the char structure is included. The model
ing equations are solved analytically for two lim
iting cases. The results demonstrate that pore dif
fusion effects make it possible to capture sulfur as 
CaS in the pores of the char even when CaS formation 
is not feasible at bulk gas conditions. The model 
predictions show good agreement with experimentally 
determined sulfur capture levels and reaction times 
necessary to complete gasification. 

A major complication related to high temperature coal g a s i f i 
cation or combustion i s the emission of sulfur compounds due to 
the release of coal bound sulfur during the process* Since con
ventional sulfur removal by flue gas scrubbing i s expensive, many 
attempts have been made to capture the sulfur compounds released 
by injecting / sulfur sorbents such as limestone into the combustion 
system. This procedure, where CaC0~ i s converted to CaSO^, shows 
great promise for f l u i d bed combustion but has not been shown yet 
to be pr a c t i c a l i n pulverized coal combustion. A potentially 
attractive alternative to the current practices of gas cleaning 
would be the retention of sulfur in the ash minerals. Many coals 
naturally contain substantial amounts of calcium and others can be 
impregnated with calcium. However, in conventional coal burning 
this calcium retains only small amounts of sulfur (~ 10%) i n the 
ash as CaSO^ [1]· On the other hand, thermodynamic analyses show 
that, under s u f f i c i e n t l y fuel r i c h conditions, i t should be pos
s i b l e to trap sulfur as CaS [2;3]. In fact, recent drop tube 
experiments with single coal particles have demonstrated that high 
levels (~ 90%) of retention can be achieved [1]. Experiments have 
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further shown that s i g n i f i c a n t sulfur capture may occur even at 
high temperatures where CaS i s not thermodynamically stable r e l a 
tive to the bulk gas composition. This phenomenon underlines the 
need for understanding the role of the reactions and transport 
processes involved i n the sulfur capture. Therefore, a model of 
the simultaneous sulfur capture and g a s i f i c a t i o n system has been 
formulated which allows i d e n t i f i c a t i o n of the controlling physi-
cochemical processes as well as interpretation of experimental 
re s u l t s . In particular, the model predictions demonstrate that 
because of pore diffusion limitations CaS formation can occur 
within the char p a r t i c l e even though CaS would be readily oxidized 
to CaO i n the bulk atmosphere surrounding the char p a r t i c l e . 

The Model 

Coal g a s i f i c a t i o n
rapid pyrolysis followed by r e l a t i v e l y slower heterogeneous reac
tions between the gaseous reactants and the remaining char. 
During the pyrolysis the coal bound calcium i s converted to CaO 
c r y s t a l l i t e s which then can react with released sulfur compounds 
to form CaS during the lat e r stages of g a s i f i c a t i o n . To model the 
simultaneous char g a s i f i c a t i o n and sulfur capture we make use of 
an idealized picture, Figure 1, of a porous char p a r t i c l e with CaO 
c r y s t a l l i t e s uniformly dispersed on the i n t e r i o r char surface. We 
further consider fuel r i c h conditions, where CaS formation i s 
thermodynamically stable. We can then assume that after the i n i 
t i a l pyrolysis stage the species in the bulk gas are: H^, Ĥ O, 
H^S, CO, CO^, and COS. The homogeneous reactions between these 
components occur over time scales (milliseconds) [4] which are 
much less than those associated with the heterogeneous char reac
tions (seconds). Thus, the homogeneous reactions can be assumed 
to be equilibrated and the overall s h i f t e q u i l i b r i a are: 

CO + H20 C0 2 + H 2 and CO + H2S COS + H 2 

The heterogeneous reactions involve the following chemical 
and physical rate processes: 

a) Mass transfer across the boundary layer surrounding the 
char p a r t i c l e 

b) d i f f u s i o n in the pore structure of the char 
c) oxidation of char by H20 and C0 2 at the internal pore sur

face according to the reactions: 
H 20 + C • CO + H 2 (1) 
C0 2 + C • 2C0 (2) 

d) reactions of H»S and COS with CaO c r y s t a l l i t e s dispersed 
i n the char matrix to form CaS according to: 

H 2S + CaO CaS + H20 (3) 
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C + H2O 
C + CO2 

CaO Crystallite 

CaO + HaS 
C a O + C O S 

Exterior Atmosphere 

H t O 

C O a 

C O 

H a 

S - S p e c l e t 

Interior Atmospheres 

C O 

H a 

S - S p e c t e s 

T r a c e H t O , C O a 

Figure 1. Gas-solid reactions in a porous char particle containing CaO/CaS 
crystallites. 
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COS + CaO CaS + C0 2 (4) 
e) the possible re-oxidation of CaS to CaO by CO^ or H20 
f) heat conduction within the char p a r t i c l e 
g) heat transfer between the p a r t i c l e and the surrounding gas 

stream 
The gas-solid reactions may be considered f i r s t order i n the 

gaseous reactant and following Amundson et a l * [5,6] we use the 
following rate expressions for H 2 and C0 2 g a s i f i c a t i o n 

H o0: r * k . C„ Λ , k , » 3.7 10 5 af exp(-29790/T)m/s (5) ζ c i «20 c l ς ο 
C 0 2 : Γ * kc2 C C 0 2 · kc2 = 3 · 7 1 0 f o exp(-29790/T)m/s (6) 

Here f i s a char r e a c t i v i t y factor equal to one unless otherwise 
stated, while a represent
t y p i c a l value would be
of the reactions involving the CaO and CaS c r y s t a l l i t e s . Rates of 
CaS formation in calcined dolomite and limestone have been meas
ured [8,9], but they are l i k e l y to be much slower than those 
possible on the c r y s t a l l i t e s . Therefore, we use: 

rCaS = kf3 CCaO CH 2S + kf4 C
C aO CCOS' k f l * e f l « P ( - 1 2 5 0 0 / T ) . 1-3.4 (7) 

where k Q ^ and k Q ^ are treated as parameters and the activation 
energy i s based on dolomite experiments. Even less information i s 
available on the reverse reactions so f i r s t order kinetics are 
assumed and the rate constants are considered to be parameters. 
The lack of ki n e t i c data means that l o c a l d i f f u s i o n effects i n the 
CaS/CaO c r y s t a l l i t e phase cannot be evaluated and consequently 
the l o c a l c r y s t a l l i t e reactions are assumed to be k i n e t i c a l l y con
t r o l l e d . 

Modeling Equations 

By making use of the physical structure and chemical rate 
expressions described above i t i s possible to formulate mass and 
energy balances for the g a s i f i c a t i o n of a single porous char par
t i c l e . The mass balances for the diffusing species take the form: 

V 0 - V-(D e lV X l) + k .S x 0 c l c 2 (8) 

H 20: 0 - V.(D e 2Vx 2) - k -S x 0 c l c 2 + kf3 CCaO ( 1 " X ) X 3 " kr3 CCaO X X2 (9) 

H 2S: 0 » V.(D e 3Vx 3) - k C° Kf3^Ca0 <1-χ)χ 3 + k r 3 C ° a 0 X x 2 (10) 

CO: 0 - V - < W + k .S x 0 c l c 2 + 2 k c 2 S c X 5 ( Π ) 

C0 2: 0 » V.(D e 5Vx 5) - k 0S x_ c2 c 5 + kf4 CSaO < 1 _ x ) x 6 " kr4 CSaO x x5 (12) 
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COS: 0 = V.(D e 67x 6) - k f 4 C ° a Q (1-χ)χ 6 + k ^ C J ^ , (13) 

where x^, x 2, x^, x^, x^ and x^ are the mole fractions of H 2, H 20, 
H2S, CO, C0 2, and COS, respectively. The boundary conditions are: 

3r 
3x 

r . r* * kgi(xib-V (14> 
while the equation for the CaO conversion, χ, becomes: 

& - (1-X)(k f 3x 3 + k f 4 x 6 ) - X ( k r 3 x 2 + k r 4 x 5 ) , x(t-0) = χ ο (15) 

The s p e c i f i c char surfac
eff e c t i v e d i f f u s i v i t i e s
have to be determined from a model of the pore structure evolution. 
Various models can be used for that purpose [10-12]· We chose to 
use Gavalas's random c a p i l l a r y model [12,13] to describe the wid
ening of the pores and the eventual collapse of the char structure. 
This model provides exact expressions for S c, ε, and D e£ i n terms 
of a l o c a l carbon conversion, q ( r , t ) , which represents the length 
the pore surface has retreated at time t due to char g a s i f i c a t i o n , 
i . e . the pore radius at the ra d i a l coordinate r and time t * the 
i n i t i a l pore radius + q ( r , t ) . The conservation equation for this 
l o c a l carbon conversion takes the form: 

M 
ÎÎ * f C t < kcl*2 + kc2*5> · «*-°> " ° ( 1 6> 

(17) 

Condition (17a) states that the pa r t i c l e size i s constant 
during an i n i t i a l time i n t e r v a l , [0,t ]. At t* the surface poros
i t y reaches a c r i t i c a l value ε*, close to unity, where the pores 
collapse and the char surface starts receding with the velocity 
given by eqn. (17b). 

The energy balance for the char p a r t i c l e i s : 

r * 
0 - / { ( - A H 1 ) C t k c l S c x 2 + ( - A H 2 ) C t k c 2 S c x 5 + ( - A H 3 ) C t C ° a 0 ( k f 3 ( l - x ) x 3 

-^ 3χχ 2)+(-ΔΗ 4)0 ε0^ 0(^ 4(1-χ)χ 6-^ 4χχ 5)}Γ 2«ΐΓ 

-h r * 2 ( T - T v ) - o e r * 2 ( T 4 - T 4 ) (18) x D m 

where Τ i s a mean temperature which depends on the nature of the 
pa r t i c l e surroundings. As i s often the case i n practice, the char 
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pa r t i c l e has been assumed isothermal. Furthermore the accumula
tion terms %(ex±)/at and 3(pC pT)/3t have been omitted i n the mass 
balances (8)-(13) and i n the energy balance (18) since the rate of 
disappearance of char i s at least three orders of magnitude less 
than the rate of d i f f u s i o n and heat conduction into the p a r t i c l e . 

The mass balances, eqns. (8)-(13) for the dif f u s i n g species 
and the energy balance (18) form a complex coupled boundary value 
problem are similar to those associated with models for multicom-
ponent heterogeneous c a t a l y s i s . However, this system i s further 
complicated by changes in the s o l i d phases. In particular, the 
d i f f e r e n t i a l equations (16) and (17), that describe the pore 
enlargement and subsequent p a r t i c l e shrinkage, makes the solution 
of the f u l l model d i f f i c u l t by being interlaced with the conser
vation equations. The model equations could undoubtedly be solved 
by some suitable numerica
for the present investigatio
assumptions which enable us to study the sulfur capture for two 
important l i m i t cases. The f i r s t case i s the i n i t i a l stage of 
g a s i f i c a t i o n , where the pore structure i s largely unchanged, while 
the second case covers the complete burnout of a char p a r t i c l e in 
the diffusion controlled regime. 

Sulfur Capture During the I n i t i a l Stages of Char Gasification 

In order to investigate whether pore diffusion effects can 
create a s u f f i c i e n t l y reducing atmosphere inside the char that CaS 
formation becomes thermodynamically favoured, we assume that the 
CaO and CaS reactions (3-4) equilibrate rapidly. Furthermore, we 
consider the early stages of g a s i f i c a t i o n where there are only 
s l i g h t changes in the pore structure ( i . e . q~0). In this prelimi
nary analysis the COS concentration may be neglected without s i g 
n i f i c a n t changes in the predicted y i e l d since the COS concentra
tion i s t y p i c a l l y less than 10% of the H 2 S concentration. Under 
those conditions the mass balances (8)-(15) have the following 
analytic solutions 

+

 Y 2 t ï *2b 8 ΐ " Μ 3 Φ ; ι ζ ) 

(19) 
1 A l b γ χ

 V A2b Λ2' ' A2 " ξ β Ι ι Λ ^ φ ^ ) ' '•'cl y c l ' 2 

+ Ίΐ, , , *5b * * * < * ο 2 » 
χ4 " x4b γ 4

 c x 2 b ~ V + γ 4
 U 5 b ~ V ' χ5 ~ ξ β1ιΛ(3φ 2 ) 

and 
Χ 

χ - Ι - ) " 1 (20) 
Κ χ 
eq 3b 

External diffusion resistances have not been included as they are 
i n s i g n i f i c a n t , for the small particles (50 ym) of interest in this 
study. The right hand side of the energy balance (18) can be 
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integrated a n a l y t i c a l l y so that the char p a r t i c l e temperature can 
be calculated by Newton-Raphson i t e r a t i o n from the resulting non
linear algebraic equation. As one would expect based on reactions 
( 1 ) and ( 3 ) , the equilibrium relation shows that the conversion of 
CaO inside the char i s maximized when the H2O g a s i f i c a t i o n rate i s 
d i f f u s i o n controlled. In that case H2O reacts rapidly with the 
char before i t can reoxidize the CaS formed back to CaO. The 
behaviour i s i l l u s t r a t e d in Figure 2 under typ i c a l g a s i f i c a t i o n 
conditions for an I l l i n o i s #6 coal. The conversion of CaO, χ, and 
the mole fraction of ^ 0 , x 2,are shown as functions of the r a d i a l 
position i n the char p a r t i c l e for 3 different values of φ ^. 

At large values of the Thiele modulus, φ ^ , the Ĥ O îs con
sumed in a narrow outer s h e l l of the p a r t i c l e , and since the reac
tion between CaO and Ĥ S ( 3 ) i s assumed to equilibrate, this means 
that CaO i s completely converte
p a r t i c l e . At lower value
char and prevents CaS from forming. In fact, when the di f f u s i o n 
resistance is small, φ ^ Β 1 . 0 , hardly any CaO i s converted to CaS. 

Sulfur Capture During Complete Burnout 

The above equilibrium analysis demonstrates that the char 
allows the formation of CaS and protects i t from being oxidized by 
H2O and CO2 i f the g a s i f i c a t i o n reactions are diffusion limited. 
However, as g a s i f i c a t i o n proceeds the pores in the char widen and 
eventually collapse exposing CaS to the prevailing levels of H2O 
and CO2 i n the surrounding gas. Thus, to investigate whether a 
net sulfur capture can occur during complete g a s i f i c a t i o n we con
sider f i n i t e rates in the CaO/CaS reactions ( 3 - 4 ) and use the 
modeling equations ( 8 - 1 7 ) to determine the average CaO conversion, 
χ, as a function of g a s i f i c a t i o n time. The CaO c r y s t a l l i t e s tend 
to c l i n g to the char so they w i l l accumulate atjthe exterior sur
face as the g a s i f i c a t i o n proceeds. Therefore, χ i s defined as: 

X(t) - 7 l n t (t) ( | i ) 3 + χ (t) ( l - ( f * > 3 ) ( 2 1 ) 

— 0 0 

where X i n t Is the average conversion inside the char p a r t i c l e at 
time t, and X e x t the average conversion of the c r y s t a l l i t e s which 

\JQ
 S x § X e x t d t R Sx £ d t I * X e x t ^ \[ ' * V <22> 

Since a char p a r t i c l e t y p i c a l l y contains < 2% Ca (w/w), while the 
char surface i s > 200 nr/g, the Thiele moduli for the calcium 
reactions are l i k e l y to be much smaller than those associated with 
char g a s i f i c a t i o n even when the turnover numbers for the reactions 
are of the same order of magnitude. Thus, we w i l l assume that the 
sulfur reactions are k i n e t i c a l l y controlled while the g a s i f i c a t i o n 
i s d i f f usion limited. In that case HnS and COS concentrations 
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RADIAL POSITION 

Figure 2. Equilibrium CaO conversion ( ) and mole fraction HtO ( ) as 
functions of the radial position in char particle for A, <f>eî = 20; B, <f>c$ = 5; and 

C, φα = i . 
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inside the pellet are the same as those in the bulk gas while I^O 
and (Χ>2 concentrations are zero except i n a narrow s h e l l next to 
the char surface. Then eqn. (17) can be integrated to: 

^int A i n t 

b " cb 

1-(1-X 0)e 
-at 

^ext 
In order to evaluate χ 

X i n t ) e 

-bt 
C t ( k f 3 x 3 b + kHx6b^ (23) 

a + C t ( k r 3 x 2 b + kr4 x5b> ( 2 4 ) 

the g a s i f i c a t i o n f r o n t ? x t T h i s velocity i s constant and can be 
found by extending the quadrature technique used by Gavalas for 
char oxidation [13J. Then the velocity, v, is given by: 

i t i s necessary to find the velocity of 

M C wc t 
r- γ x + γ x 

2 2b 5 5b 

k 

•f 
e(q) - ε. 

dq (25) 

c l ~g5 J 
where J represents the effects of the changing pore structure. By 
using the relati o n : r - r Q = vt, as well as the formulae for X^ n t 

and X e x t f w ^ can evaluate equation (21) and find an exact expres
sion for χ as a function of time. The result i s : 

X « ζ 3(1 " ( l - X 0 ) e ~ a T ) + J (1-ξ 3) 

+ 3(1 - % i [ ( l - ç V b T ) - 2 i (Ι-ξ."*) ( l - e - b T ) ] 
b b b b 

- 3(1-χ ο) [ ( l - ? V < * + b > T ) ( l - ? e ^ + b > T ) 

+ J " L ( l V ^ , ] 
(a+b) Z 

(26) 

with ξ - r / r 0 and θ « v / r 0 . Figure 3 i l l u s t r a t e s the change in 
the average CaO conversion during the complete g a s i f i c a t i o n of a 
char par t i c l e for different values of , and « C 2 * T* i e e x a n l P l e * s 

based on parameter values corresponding to ga s i f i c a t i o n of an 
I l l i n o i s #6 coal and i t has been assumed that 10% CaS i s formed i n 
the pyrolysis stage, i . e . χ » 0.1. Again as i n the equilibrium 
case, we see that CaS can indeed form within the char p a r t i c l e 
even though i t would not be stable i n the ambient gas. I n i t i a l l y , 
the CaO conversion increases as the diff u s i o n resistance in the 
char causes H2O and CO2 to react with the char before they can 
oxidize the CaS. However, as the ga s i f i c a t i o n front moves inward, 
the conversion goes through a maximum since the protective char 
s h e l l shrinks allowing increasing amounts of CaS to become oxi
dized back to CaO. There i s a net gain in CaO conversion during 
g a s i f i c a t i o n . The size of this gain depends on the relative mag-
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Figure 3. Average CaO conversion during char burnout for A, JCÎ = 25.0 and «C« 
= 0.025; B, & = 5.0 and J& = 0.005; and C, JCi = 5.0 and JC* = 0.05. Key: 
· , Experimentally obtained CaO conversions with Illinois #6 coal at 140°C (14). 
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nitudes of the rate constants for the CaO/CaS reactions. The 
model prediction, Figure 3B, shows good agreement with the experi
mentally determined CaO conversions. 

Concluding Remarks 

The model and the results presented here i l l u s t r a t e the phys-
icochemical processes involved i n char g a s i f i c a t i o n with simulta
neous sulfur capture. In particular, they demonstrate that d i f f u 
sion limitations in the g a s i f i c a t i o n reactions enable the conver
sion of CaO to CaS within the char even though CaS formation i s 
not feasible at bulk gas conditions. Furthermore, this f i r s t ver
sion of the model correctly predicts the trends observed experi
mentally. Future e f f o r t i n this area w i l l focus on quantitative 
comparisons of model prediction
designed g a s i f i c a t i o n experiments

Legend of Symbols 

c t 

CCaO 

»e 
e 

\ 
h 
χ 

ΔΗ 

V k j 
A -

q 

r 
S 

t o t a l gas phase 
concentration 
i n i t i a l concentration 
of CaO 
effective d i f f u s i v i t y 
emissivity of char 
activation energy 
heat transfer c o e f f i c i e n t 
enthalpy of reaction j 

Τ temperature 
ν front velocity 
x^ mole fraction of species 

γ ra t i o of d i f f u s i v i t i e s 
ε porosity 
ζ dimensionless r a d i a l 

coordinate, r/r 
ο 

ρ density of porous char 
ρ density of carbon 

conversion of CaO 

rate constants see 
eqns. (5-7) 

r e l a t i v e rate of CaO conver- 4>ci Thiele modulus 
sion to carbon g a s i f i c a t i o n 
r e l a t i v e rate of CaS oxida
t i o n to carbon g a s i f i c a t i o n 
length pore surface has 
retreated 
r a d i a l coordinate 
s p e c i f i c internal surface 
of char 
time 

k 4S c i co 
D50 

Subscripts: 
b bulk 
ο i n i t i a l 

Superscripts: 
* conditions where pore 

walls merge 
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Nitric Oxide Reduction by Hydrogen and Carbon 
Monoxide over Char Surface 
Fundamental Kinetics for Nitric Oxide Emission Control 
from Fluidized-Bed Combustor of Coal 

TAKEHIKO FURUSAWA, MIKIO TSUNODA and DAIZO KUNII 

University of Tokyo, Department of Chemical Engineering, Bunkyo-Ku, Tokyo, 113 Japan 

The rate o
gen and carbon monoxide over a char surface was 
measured and compared with the rate of noncatalytic 
"NO" reduction by char which has been previously 
reported to have a significant effect on "NO" emis
sion control in a fluidized bed combustor of coal. 
In the presence of hydrogen and carbon monoxide, 
the surface catalyzed reduction of "NO" controlled 
the overall "NO" destruction. Thus the presence 
of hydrogen and carbon monoxide decreased the com-
sumption of carbon to nearly zero. The rate was 
significantly enhanced by hydrogen over the tempera
ture range employed for the fluidized bed combustor. 
The ratio of formed ammonia to consumed "NO" is de
creased with an increased temperature. 

The control of n i t r i c oxide emission from a f l u i d i z e d bed 
coal combustor has been extensively investigated and i t was found 
that the l e v e l of n i t r i c oxide emission was determined by the 
rel a t i v e contribution of n i t r i c oxide formation and reduction pro
cesses. (1_,2) There i s a great need for quantitative information 
concerning the rate of these processes.(2) 

The noncatalytic reduction of n i t r i c oxide by i n s i t u formed 
char i s considered one of the s i g n i f i c a n t reactions which control 
n i t r i c oxide emission and a detailed k i n e t i c study was carried 
out. C2,_3,4) The present authors demonstrated that t h i s reaction 
proceeded even under an excess a i r condition and that the rate i s 
enhanced by the coexisting oxygen up to 750°C.(5,6) Besides the 
noncatalytic reaction, carbon monoxide may have a s i g n i f i c a n t ef
fect on n i t r i c oxide reduction by char.(7) Roberts et al.(8) r e 
ported that the gas phase reactions i n the n i t r i c oxide reduction 
play a minor role and that the absence of a major gas phase re
action of NO and coal nitrogen into N2 requires the p a r t i c i p a t i o n 
of a surface which catalyzes reactions. Char i s considered to 
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provide such surfaces. The objective of the present study i s to 
investigate the effe c t of char surface on "NO" reduction by hydro
gen and carbon monoxide and to evaluate the r e l a t i v e importance 
of "NO" reduction by hydrogen and carbon monoxide and noncatalytic 
reduction by char. 

Experimental Apparatus and Procedure 

Three different carbon p a r t i c l e s were used i n these experi
ments; char which was produced by the carbonization of non-coking 
Taiheiyo coal at 800°C, activated carbon produced from petroleum 
residuals, and graphite of high purity. The ultimate analysis of 
these carbons are given i n Table I. 

Table I Char and activate

Ultimate Analysis [dry%] 
C H N S 0 Ash 

Char* 75.0 1.6 0.7 0.2 0.9 21.6 
Activated 

Carbon** 97.2 1.4 0.1 0.1 1.1 0.1 
Physical properties 
Materials Dp [microns] Pb [g/cm3] 
Char* 500 ^ 700 0.67 
Activated Carbon** 450 0.60 

*Char: produced from Taiheiyo coal; pyrolysis temperature: 800eC 
**Activated Carbon: "Kureha beads" produced from petroleum 

residuals 

Before use, the carbon p a r t i c l e s were dried i n a i r u n t i l con
stant weight was attained. The samples were immediately weighed 
to an accuracy of 1 mg and then mixed with quarz sand of a similar 
s i z e . The preliminary experiments confirmed that "NO" reduction 
by hydrogen and carbon monoxide was not catalyzed by quartz sand. 
The resulting mixtures were packed into a 20 mm I.D. quartz glass 
reactor tube, whose o v e r a l l length i s 1000 mm, to a predetermined 
height of 30 mm so that a s u f f i c i e n t conversion l e v e l could be 
attained over the temperature range employed by t h i s experiment. 
Details of a similar experiment can be found elsewhere. (4) 

The reactor tube was brought to the required temperature 
under an atmosphere of argon. A mixture of n i t r i c oxide and car
bon monoxide or hydrogen, diluted by argon was then introduced 
into the reacting part of the quartz tube. The gaseous reaction 
products were intermittently withdrawn from the reactor and ana
lyzed by a chemiluminescent NOx analyzer and a gaschromatograph. 
Ammonia was measured by detector tube method. The scope of the 
experiment i s shown i n Table I I . 
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Table II Scope of experiment 
Carbonaceous Material: Char 
Gaseous reducing agent 

Reaction temperature (°C) 
Residence time (millisecond) 
NO concentration i n 
inert gas (PPM) 
Ratio of C0/H2 to NO 
at the i n l e t 

530^900 
0.96^180 
1940^2000 

Carbonaceous Material* 

0.0 
Activated Carbon 

Gaseous reducing agent 
Reaction temperature (°C
Residence time (millisecond
NO concentration i n 
inert gas (PPM) 
Ratio of CO/H2 to NO 
at the i n l e t 

295 

0.0 

CO 
500^900 
1.27^243 
1650^2480 
113M.17 
4.45^5.71 
91.6^98.9 

CO 

1290^1330 
113M.17 
5.88^6.06 
97.4^98.2 

H2 

580^900 
1.64*116 
1340*2500 
113*116 
3.60*7.67 
94.4*96.0 

H 2 

1480*2360 
104*107 
4.81*7.28 
91.6*95.4 

Experimental Results and Discussion 

Experimental Conditions. The reaction rate constant was 
determined by varying the flow rate of the Ar-N0-C0 mixed gas 
entering the reactor tube and measuring the decrease i n the con
centration of n i t r i c oxide leaving the tube. Our previous 
experiment concerning n i t r i c oxide reduction by char p a r t i c l e s 
whose size i s shown i n Table I indicated the f i l m resistance can 
be ignored. The effect of heat produced by the reaction may also 
be neglected since the concentration of n i t r i c oxide was extremely 
low. Thus the temperature could be assumed uniform throughout the 
bed. The concentration of n i t r i c oxide employed for the experi
ment was less than 3000 ppm. Therefore the holdup of carbon 
p a r t i c l e s could be assumed to have been constant during the time 
i n t e r v a l required for the experiment. During the experiments, the 
ca t a l y t i c effects of the char surface was found to reduce the con
sumption of char to nearly zero. As the height of the fixed bed 
used i n the present part of the experiment was about 50 times 
larger than the diameter of the p a r t i c l e s , the flow within the bed 
may be assumed to be a plugflow. 

Effect of Carbon Monoxide on N i t r i c Oxide Reduction by Char. 
The effects of carbon monoxide on n i t r i c oxide reduction by char 
was analyzed by changing the gas flow rate of the reactant and the 
rat i o of concentration of carbon monoxide to n i t r i c oxide at the 
i n l e t of the reactor. This r a t i o defined as α was chosen to be 
three extreme cases: α - 4*7.16, α = 47.3*48.8, and α = 91.6*98.9. 
The i n i t i a l series of experiments were carried out for α = 4*7.6 
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to investigate the material balances of the reaction. Typical 
res u l t s are shown i n Table III (a). 

Table III Typical material balance and product composition 

(a) N0-C0-Char reaction systems 
Temperature Residence [N0]in- [C0]in- [N2]out [C02]out 

[°C] time [N0]out [C0]out 
[millisecond] [PPM] [PPM] [PPM] [PPM] 

3.80 980 1010 520 1077 
5.67 1390 1520 742 1647 
7.A3 1770 1720 836 2101 

11.21 2150 2410 1017 2822 
(b) N0-H2-Char reaction
Temperature Residence [NO]in- [H 2 ] i n - [N 2]out [C0 2]out [NH 3]out 

[°C] time [NO]out [H 2]out 
[millisecond] [PPM] [PPM] [PPM] [PPM] [PPM] 

800 2.73 680 660 377 190 
3.90 1030 700 439 230 
5.28 1280 1020 565 25 280 
5.31 1380 1290 610 23 320 
6.86 1460 1380 697 46 360 

This indicates that the amount of carbon dioxide formed by t h i s 
experiment coincided with the amounts of both carbon monoxide and 
n i t r i c oxide consumed. Thus the use of carbon monoxide reduced 
the consumption of carbon to approximately zero and the char pro
vided c a t a l y t i c surfaces for n i t r i c oxide reduction by carbon 
monoxide as: 

NO + CO + C0 2 + V2N2 (1) 
In order to evaluate the r e l a t i v e importance of the above 

surface catalysed "NO" reduction and the noncatalytic "NO" reduc
tion by char, which was previously known as a f i r s t order reaction 
with respect to "NO", 

2N0 + C •* C0 2 + N 2 (2) 
the rate was evaluated by assuming that the surface catalysed 
reaction was also f i r s t order with respect to n i t r i c oxide concen
t r a t i o n . The reaction rate of the f i r s t order reaction i n a one 
dimensional i n t e g r a l flow reactor can be obtained as: 

Jin ( C N 0 ) o u t / ( C N 0 ) i n - £n(l-X) - -k0 (3) 
where θ i s e f f e c t i v e residence time of the reactant within the 
layer of carbonaceous materials. Figure 1 indicates that £n(l-X) 
i s l i n e a r l y dependent on Θ. Thus the reaction i n the presence of 
carbon monoxide could also be analyzed as a f i r s t order reaction 
with respect to n i t r i c oxide. The results obtained together with 
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Figure 1. Integral analysis of reaction data, char-CO-NO system. Key: · , 
700°C, 4.3 CO/NO ratio; Δ, 800°C, 6.2 CO/NO ratio; and • , 900°C, 6.0 

CO/NO ratio. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



352 CHEMICAL REACTION ENGINEERING 

the previous results for NO-char noncatalytic reactions are shown 
i n Figure 2. Any s i g n i f i c a n t effect of carbon monoxide on the 
rate of n i t r i c oxide reduction could not be observed for 
α = 4*7.16 while the s i g n i f i c a n t l y enhanced rate of "NO" reduction 
was observed for α • 91.6*98.9 and α - 47.3*48.8. However, the 
effect of carbon monoxide on the "NO" reduction rate was reduced 
over the higher temperature range employed for f l u i d i z e d bed com
bustion of coal. 

Effect of Hydrogen on N i t r i c Oxide Reduction by Char. The 
f i r s t series of experiments were carried out to investigate the 
material balances which r e f l e c t the reaction mechanism. 

The t y p i c a l composition of the reaction products for char 
are shown i n Table III (b). The amount of n i t r i c oxide decomposed 
coincided well with the
amount of carbon dioxid
This indicates that the reaction was also carried out c a t a l y t i -
c a l l y over char surface since the c a t a l y t i c effect of quarz sand 
used for d i l u t i n g char p a r t i c l e s was not observed. The addition 
of hydrogen reduced the consumption of carbon to almost zero. The 
products were nitrogen and ammonia. 

The r a t i o of the formed ammonia to the consumed n i t r i c oxide 
was measured by changing the residence time and maintaining the 
reaction temperature constant. This r a t i o was constant at each 
temperature and was decreased by the increased temperature. This 
i s shown i n Figure 3(a) and 3(b). This indicated that the n i t r i c 
oxide was primarily reduced to both ammonia and nitrogen and that 
the secondary decomposition of ammonia could be assumed to be 
ne g l i g i b l e . 

In the second series of experiments, rates were measured by 
varying the flow rate of the Ar-N0-H2 mixture while keeping the 
r a t i o of hydrogen to n i t r i c oxide approximately constant. As 
shown i n Figure 4, the -£n(l-X) i s also l i n e a r l y dependent on the 
residence time of the reactant. The arrhenius plot obtained i s 
also shown i n Figure 2. The rate of "NO" reduction for α=3.7*7.7 
i s not even s l i g h t l y increased by the presence of hydrogen, the 
activation energy appeared to be the same as that for the noncata
l y t i c "NO" reduction by char. 

The rate was also measured by increasing the r a t i o of hydro
gen to n i t r i c oxide to α = 91.6*95.4. A d r a s t i c a l l y enhanced 
rate was observed as shown i n Figure 2. The activation energy of 
the increased rate coincided with that obtained for the Char-CO-NO 
system. The rate was so s i g n i f i c a n t l y enhanced for α = 91.6*95.4 
that the rate over a higher temperature range, which i s of prac
t i c a l importance i n a f l u i d i z e d bed combustor, could not be 
measured by the present experimental system. If the rate could be 
extrapolated, the rate should be much higher than the rate of the 

NO + H 2 H 20 + VzN2 

N0 + 5/2H2 + NH3 + H 20 
(4) 
(5) 
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Figure 2. Rate of NO reduction by char and catalytic NO reduction by hydrogen 
and CO over char surface. The a denotes the ratio of CO/Ht concentration to 

NO at inlet. 
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0 1000 2000 
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Figure 3a. Nitric oxide consumed by catalytic reduction by hydrogen is propor
tional to NHS formed. Key: • , 700°C, 7.5 HJNO ratio; Δ, 750°C, 5.2 Ht/NO 
ratio; O, 800°C, 7.0 Ht/NO ratio; A, 850°C, 7.3 HtNO; and · , 900°C, 7.6 

HJNO ratio. 
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Figure 3b. Temperature dependence of NHS formation. Key: · , char; Δ, acti
vated carbon. 
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NO-Char reaction system. Therefore an excess i n hydrogen i s 
expected to play an important role i n NOx reduction i f the f l u i d i 
zed bed combustor i s operated under staged a i r f i r i n g . 

Discussions. Activated carbon was used to investigate the 
effect of carbon monoxide and hydrogen on "NO" reduction. The 
results are shown i n Figure 5. For α = 3.60*8.06 no s i g n i f i c a n t 
enhancement was observed. The material balance of the activated 
carbon-CO-NO system indicated that a non-catalytic reaction pre
dominated "NO" reduction by the activated carbon. However, i n the 
case of the activated carbon-H2-N0 system, the c a t a l y t i c reaction 
predominated the rate. A product d i s t r i b u t i o n similar to the 
char-H2-N0 system was obtained. For α = 91.6*98.9, an accelerated 
rate was also observed. The activation energy of the activated 
carbon-CO-NO system coincide
an excess carbon monoxid
CO-NO systems. Therefore the increased rate could not be a t t r i b 
uted to the impurity of the char derived from coal. The data ob
tained for activated carbon are compared with the data for char i n 
Table IV. As was shown i n Figure 2, the enhancement of the rate 
was reduced with the increased temperature. However a continuous
l y increasing rate was observed i n the case of the carbon-H2-N0 
system. A detailed investigation i s expected i n the future. 

Table IV Activation energy and mechanism 
of "NO" reduction 

Activation Energy [kcal/mol] and mechanism 
Gaseous reducing agent 

Carbonaceous CO H 2 

material none a* - 91.6*98.9 a* = 91.6*96.0 
Char 57.2 23.9** 21.6** 
Activated 
carbon 44.0 23.3 22.2 
Graphite 25.0** 

* a denotes the r a t i o of concentration of gaseous reducing 
agent to "NO" concentration at the i n l e t of the reactor 

** "NO" i s reduced by c a t a l y t i c reactions 
*** for α = 4*7 "NO" i s reduced by noncatalytic reaction 

Concluding Remarks 

The reduction of n i t r i c oxide by char i n the presence of 
hydrogen or carbon monoxide was carried out over a temperature 
range of 500*900°C. The reaction could be analyzed by assuming 
f i r s t order with respect to n i t r i c oxide. The predominant mecha
nisms are the c a t a l y t i c reduction of n i t r i c oxide by hydrogen or 
carbon monoxide over char surface. The rate obtained under α = 4*7 
was approximately equal to the rate of noncatalytic reduction of 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



356 CHEMICAL REACTION ENGINEERING 
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Figure 4. Integral analysis of reaction data, char-Ht-NO system. Key: -0-, 
630°C, 3.8 Hg/NO ratio;-U- 700°C, 4.9 Ht/NO ratio;-A- 750°C, 5.2 Ht/NO 
ratio; - · - , 800°C, 4.5 Ht/NO ratio;—£>,- 700°Ct 7.5 HJNO ratio; -Ο-, 

800°C, 7.0 Ht/NO ratio. 
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Figure 5. Rate of NO reduction by activated C and catalytic NO reduction by 
hydrogen and CO over activated C surface. 
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n i t r i c oxide by char. The r a t i o of produced ammonia to the con
sumed n i t r i c oxide decreased with an increased temperature. Under 
an excess hydrogen and carbon monoxide atmosphere, the rate of 
"NO" reduction was s i g n i f i c a n t l y increased. The rate enhanced by 
an excess carbon monoxide appear to approach the rate of noncata
l y t i c reduction by char with the increased temperature. However, 
the rate was d r a s t i c a l l y accelerated by an excess i n hydrogen 
which might play an important role i n NOx emission control of a 
f l u i d i z e d bed combustor operated by staged a i r f i r i n g . The same 
phenomena were observed i n the case of activated carbon. Thus 
these results are not r e s t r i c t e d to the type of carbon employed by 
this investigation. 

Legend of Symbols 

k : f i r s t order reactio  [se ] 
X : extent of the reaction 
θ : residence time of reactant within the layer of carbonaceous 

materials [sec] 

Acknowledgments 

T.F. wishes to express his thanks to Grant-in-Aid for Energy 
Research (No 56045030) of the Ministry of Education, Science and 
Culture. 

Literature Cited 

1. Beér, J.M.; Sarofim, A.F.; Chan, L.; Sprouce, A. Proc. 5th 
Int. Conference on Fluidized Bed Combustion, 1977, p.577. 

2. Furusawa, T.; Honda, T.; Takano, J . ; Kunii, D. F l u i d i z a t i o n 
Proc. 2nd Eng. Found. Conf: Cambridge University Press, 1978. 

3. Beér, J.M.; Sarofim, A.F.; Lee, Y.Y. Proc. 6th Int. Conference 
on Fluidized Bed Combustion, 1980, p.942. 

4. Furusawa, T.; Kunii, K.; Yamada, N.; Oguma, A. Int. Chem. Eng. 
1980, 20, p.239-244. 

5. Kunii, D.; Wu, K.T.; Furusawa, T. Chem. Eng. S c i . 1980, 35, 
p.170-177. 

6. Kunii, D.; Furusawa, T.; Wu, K.T., Ed. J.R. Grace and 
J.M. Matsen; " F l u i d i z a t i o n " ; Plenum Publishing Corp: New York, 
1980; p.175. 

7. Beér, J.M.; Sarofim, A.F. Private Communication. 
8. Cowley, L.T.; Roberts, P.T. Paper submitted for presentation 

at the Fluidized Combustion Conference, 28-30th Jan., 1981, 
held at the Energy Research Insitute, Univ. of Cape Town, 
South A f r i c a . 

RECEIVED May 11, 1982. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



30 
Transient Simulation of Moving-Bed Coal 
Gasifiers 
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A model fo  transien  simulatio f radial 
and axial compositio
pressurized dry ash and slagging moving bed gasi
fiers is described. The model is based on mass 
and energy balances, thermodynamics, and kinetic 
and transport rate processes. Particle and gas 
temperatures are taken to be equal. Computation 
is done using orthogonal collocation in the radial 
variable and exponential collocation in time, with 
numerical integration in the axial direction. 
The transient response to feed rate changes is 
found to be approximately first order, but dependent 
on the direction of the change. Strategies for 
changes in operating level have been studied. 

The proposed use of coal g a s i f i c a t i o n reactors i n e l e c t r i c 
power systems w i l l require that the gasif1er respond to both large 
and small transients, including turndown to, and startup from, 
a hot banked state. We describe here a model for transient 
simulation of r a d i a l and a x i a l composition and temperature pro
f i l e s i n a pressurized moving bed g a s i f i e r l i k e the dry ash 
Lurgi reactor or the BGC/Lurgi slagger. The countercurrent 
system i s shown schematically i n Figure 1. The model i s based 
on fundamental thermodynamic, k i n e t i c , and transport properties, 
and hence i t can be used to determine e f f i c i e n t operating and 
control p o l i c i e s for load following, startup and shutdown, and 
changes i n feed physical and chemical properties. 
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Figure 1. Schematic of a counter-current moving bed coal gasifier. 
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The model development has been described i n d e t a i l elsewhere 
QL» .?)· Solid and gas are assumed to be at the same temperature, 
and the following chemical reactions are assumed to occur: 

AC + 0 2 + 2 (λ - 1)C0 + (2 - X)C0 2 (1) 

C + H 20 Î CO + H 2 (2) 

C + C0 2 î 2C0 (3) 

C + 2H 2 t CH 4 (4) 

CO + H 20 t C0 2 + H

Radial dispersion of mass and heat i s included. A x i a l disper
sion of mass i s always ne g l i g i b l e , but a x i a l heat dispersion must 
be included at low throughputs. The mass balance for each gaseous 
species i s of the form 

i from one through s i x represents steam, oxygen, hydrogen, 
carbon monoxide, carbon dioxide, and methane, respectively; 
j from one through four represents reactions one through four, 
respectively. The mass balance for fixed carbon i s written 
i n terms of fr a c t i o n of unreacted fixed carbon, 

Ρ- + Σ α,, R 4 = (1 - ε) & (7) 
j=l 

F c 3Ϊ T ' u 7 j *J " V i " w 3t 

F£ i s the molar feed flux of fixed carbon, and subscript 7 
refers to fixed carbon. F i n a l l y , the energy balance leads 
to the following equation for the temperature d i s t r i b u t i o n , 
with p a r t i c l e and gas temperatures taken to be equal: 

dz 

Tec -g vg 
3T 

[ερ c + (1 - ε)p c ] 
g V g S V S d t 

(8) 
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Boundary conditions are as follows: 
3C 

« 0 at r=0 and r o ; i-1,2, 6 (9a) 

C - C. at ζ = 0 ; 1-1,2, 6 (9b) i i o 

w = 1 at ζ = L (9c) 

k a f « (Η - Η ) (T-T, ) at z=0 (10a) 
9Z g S D 

k a f = 0 at z=L (10b) 3z 

k r Ρ - 0 at r=0 (10c) Br 

k r f = -h (T-T ) at r=r (lOd) 3r w o 
r i s the radius of the inner wall. Equations (10a) 
and (10b) are not rigorously correct when there i s r a d i a l 
dispersion, but they d i f f e r n e g l i g i b l y from the one-term 
approximation to the exact boundary conditions developed 
by Young and Finlayson (3)· A x i a l dispersion of heat i s 
important only at throughputs less than ten percent of 
f u l l load; the appropriate equations at higher through
puts are obtained by setting k to zero i n Equations 
(8) and (10). a 

The wall cooling has a major effect when there are 
large changes i n reactor throughput. When turning down 
a g a s i f i e r , the temperature of the bed w i l l be lowered 
due to heat loss to the environment, and the thermal boun
dary layer w i l l penetrate inwards to the central core. 
The increased residence time provides time for excess steam 
to react with carbon. These effects contribute to lowering 
the maximum temperature i n a dry ash g a s i f i e r l i k e the Lurgi, 
and the combustion zone moves upwards. 01) 

Orthogonal collocation on two f i n i t e elements i s used 
i n the r a d i a l direction, as i n the steady-state model (1), 
with Jacobi and shifted Legendre polynomials as the approx
imating functions on the inner and outer elements, respec
t i v e l y . Exponential collocation i s used i n the i n f i n i t e time 
domain (4, 5). The approximating functions i n time have 
the form 
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y(z,r,t) = y(z,r,~) + e* 
N+l 

- t Σ 
d. ( z , r ) t i-1 (11) i-1 " i 

The collocation points are the roots of 

(12) 

where Ι Λ i s the Laguerre polynomial 

L n = e t t " P " 4 { e " ' t P ^ > 
(13) 

This approximating scheme requires that the process be stable 
and approach a new stead
state p r o f i l e s are required
steady state model. 

The approximating scheme converts the system of p a r t i a l 
d i f f e r e n t i a l equations to a set of ordinary d i f f e r e n t i a l 
equations i n the a x i a l s p a t i a l coordinate. The detailed 
equations are contained i n Yu et a l . (2). The advantage of 
reduction i n this manner i s that the transient location of the 
combustion zone does not have to be known a p r i o r i , but can be 
found i n the course of the integrations. Gear integration, 
which i s designed f or s t i f f systems, i s used to solve the two 
point boundary value problem i n the a x i a l d i r e c t i o n . 

There are three parameters i n exponential collocation: 
ρ; N; and a characteristic time, At. Different values of ρ 
have been used, and no difference has been observed; ρ = 0 
was used i n the simulations that follow. The number of c o l 
location points (N + 1) i s equivalent to the reciprocal 
of the step size i n f i n i t e difference methods; the more points 
used, the greater i s the accuracy, but the more time consuming 
the solution. The s e n s i t i v i t y of the solution to Ν and At 
i s shown i n Figure 2, which shows the movement of the combus
tion zone i n an adiabatic dry ash g a s i f i e r when the throughput 
i s reduced to 80% of f u l l load at constant feed r a t i o s . 
Four collocation points appear to give reasonable accuracy, 
and were used i n the simulations that follow, with two c o l l o 
cation points i n the r a d i a l d i r e c t i o n . The boundary condition 
on fixed carbon (w • 1) at ζ • L was s a t i s f i e d to within 
0.003; this error corresponds to an average uncertainty of 
0.02 i n the normalized location z/L of the maximum temperature. 

The base case for a l l calculations shown here i s a 
3.7 m diameter dry ash air-blown Lurgi reactor with a 3.0 m 
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high reaction zone, gasifying I l l i n o i s No. 6 coal at 25 atm 
with a steam-to-oxygen r a t i o of 6.7, a fixed carbon-to-oxygen 

2 
r a t i o of 2.80, and an oxygen flu x of 0.155 kg/m sec (6). 
The transients resulting from turning the feed fluxes down 
proportionally from f u l l load to 80, 50, and 30% throughput 
were studied without considering a x i a l thermal dispersion. 
Temperature and fixed carbon p r o f i l e s i n the central core 
( r / r Q • 0.49) and the boundary layer ( r / r Q - 0.93) are shown 
i n Figures 3 and 4, respectively, for turndown to 30%. The 
f i n a l steady state i s reached i n about 40 hours. The f r a c 
t i o n a l approach to the new steady state i n the central core 
i s plotted on semi-logarithmic coordinates i n Figure 5. 
A straight l i n e on such a plot indicates a f i r s t - o r d e r res
ponse. This i s a p a r t i c u l a r l
results, since difference
taken. The r e l a t i v e error i s largest for turndown to 80%. 
Within the accuracy used to s a t i s f y the boundary condition 
at ζ = L, the three curves cannot be distinguished from the 
result for turndown to 50%. The apparent f i r s t - o r d e r time 
constant (time to reach a value of e ^) ranges from approxi
mately s i x to nine hours, depending on the amount of turndown. 
The pseudo-steady-state analysis for small transients used 
by Yoon et a l . (7)» which i s based on the speed of the thermal 
wave, also gives an apparent f i r s t - o r d e r response, but the 
computed time constant i s two to three hours. 

It has been shown (1) that the carbon-to-oxygen r a t i o 
must be increased when the reactor i s turned down i n order 
to keep the combustion zone from moving up i n the bed. 
The movement of the combustion zone with time i s shown i n 
Figure 6 for a number of feed r a t i o programs with turndown 
to 50% throughput. A sudden increase of the fixed carbon-
to-oxygen r a t i o to the new steady-state value w i l l lower the 
combustion zone a l i t t l e i n i t i a l l y , and then raise i t to the 
f i n a l steady state. Compared with other programs, a sudden 
increase of the feed flux r a t i o of 0/0^ i s an eff e c t i v e way 
to turn down a g a s i f i e r . 

The f r a c t i o n a l approach to steady state following an 
increase i n the throughput from 30, 50, and 80% to f u l l load 
i s shown i n Figure 7. There i s a single time constant of 
about three hours. The transient time for startup i s shorter 
than for turndown because a sudden increase of the flux 
increases the flame velocity. 
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Figure 3. Temperature profiles at r/r0 = 0.49 for turndown from full to 30% 
load. Key: 1,0 h; 2,9.4 h; 3,33.1 h; and 4,77.6 h. 
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Figure 4. Temperature profiles at r/r0 = 0.93 for turndown from full to 30% 
load. Key: 1,0 h; 2,9.4 h; 3,33.1 h; and 4,77.6 h. 
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TIME, hr 

Figure 5. Fractional approach to the new steady-state in central core (r/r0 = 0.49) 
for turndown from full to various partial loads. Key: O, turndown to 80%; • , 

turndown to 50%; and Δ, turndown to 30%. 
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Figure 6. Movement of the combustion zone with time for a number of feed ratio 
programs with turndown to 50% load. 
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Figure 7. Fractional approach to the new steady-state at r/r0 = 0.49 for turning 
up the gasifier to full load from various initial loads. Key to initial output: O, 

80%; Q 50%; and Δ, 30%. 
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When the throughput i s turned down to below 10% of f u l l 
load, a x i a l dispersion i s important and i s included i n the 
energy equation. Figure 8 shows the t r a n s i t i o n to a 1% through
put, simulating the approach to a banked condition, with the 
fixed carbon-to-oxygen feed r a t i o changed to 3.5 at time 
zero. The time constants with a x i a l dispersion are similar 
to the other turndown calculations. 

In the slagging g a s i f i e r , the low steam-to-oxygen feed 
r a t i o and the high temperature burner gas keep the combustion 
zone low, and turning down the throughput does not change the 
location of the combustion zone. The major change occurs i n 
the boundary layer, where the greater r e l a t i v e importance 
of heat loss to the wall decreases the conversion and hence 
the thermal e f f i c i e n c y  Unlik  th  dr h g a s i f i e r  th
transient time i s not controlle
wave, and the transien y
computed time to reach a new steady state following turndown 
to 30% throughput i s f i v e hours, and i t i s one-half hour 
following turnup from 30% to f u l l load. The major transient 
i s the heat transfer between the bed and the water jacket. 
At the higher flow rate, the thermal boundary layer i s thinner 
and the convection term i s more important, and hence retards 
the transient. 

0 2 4 6 8 10 
AXIAL DISTANCE ABOVE GRATE, ft 

Figure 8. Temperature profiles for turndown to 10% (F.C./Ot = 3.5) from full 
load (F.C./Ot = 2.8); 1,0 h; 2,9.4 h; 3,33.1 h; and 4, 77.6 h. 
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Symbols 

molar concentration of species i 
heat capacity of gas (g), s o l i d (s) 
s p a t i a l c o e f f i c i e n t of approximating function 
d i f f u s i v i t y 
molar feed flux of fixed carbon 
wall heat transfer c o e f f i c i e n t 
convective heat capacity flux of gas(g), s o l i d ( s ) 
enthalpy of reaction j 
a x i a l (a)
height of reaction zone 
Laguerre polynomial 
r a d i a l coordinate 
reactor inner radius 
apparent rate of reaction j 
time 

ch a r a c t e r i s t i c time i n exponential collocation 
temperature 
blasrt (b), wall (w) temperature 
gas s u p e r f i c i a l v e l o c i t y 
f r a c t i o n of unreacted fixed carbon 
a x i a l coordinate 

stoichiometric c o e f f i c i e n t of species i i n reaction j 
void f r a c t i o n of bed 
s e l e c t i v i t y parameter for oxidation reaction 
density of s o l i d (s), gas (g) 
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31 
Simultaneous Mass Transfer of Hydrogen Sulfide 
and Carbon Dioxide with Complex Chemical 
Reaction in an Aqueous Diisopropanolamine 
Solution 
P. M . M . BLAUWHOFF 1 and W. P. M . V A N SWAAIJ 
Twente University of Technology, P.O. Box 217, 7500 A E Enschede, 
The Netherlands 

The simultaneous
aqueous 2.0 M diisopropanolamin  (DIPA)
is studied both experimentally and theoretically. 
The absorption phenomena observed, depend largely 
on the extent of depletion of the amine in the 
mass transfer zone and can be classified into 
three regimes: 1 negligible interaction, 2 medium 
interaction and 3 extreme interaction between H2S 
and CO2 absorption. In the latter regime, desorption 
of one of the gaseous components is observed al
though, based on its overall driving force, ab
sorption would be expected. 

We studied these phenomena experimentally 
in a wetted wall column and two stirred cell 
reactors and evaluated the results with both a 
penetration and a film model description of simul
taneous mass transfer accompanied by complex 
liquid-phase reactions [5,6]. The experimental 
results agree well with the calculations and the 
existence of the third regime with its desorption 
against overall driving force is demonstrated in 
practice (forced desorption or negative enhance
ment factor). 

The removal of the acid components H 2 S and CO2 from gases by means 
of alkanolamine solutions i s a well-established process. The des
c r i p t i o n of the H 2 S and CO2 mass transfer fluxes i n this process, 
however, i s very complicated due to reversible and, moreover, 
interactive liquid-phase reactions; hence the relevant penetration 
model based equations cannot be solved a n a l y t i c a l l y [63. Recently 
we, therefore, developed a numerical technique i n order to calcu
late H2S and CO2 mass transfer rates from the model equations [6 ] . 

1 Current address: Koninklijke/Shell Laboratorium Amsterdam, P.O. Box 3003, 1003 AA 
Amsterdam, The Netherlands. 
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In this investigation we carried out experiments with simul
taneous absorption of H 2 S and CO2 into aqueous 2.0 M diisopropanol
amine (DIPA) solutions at 25 °C. The results are evaluated by 
means of our mathematical mass transfer model both i n penetration 
and f i l m theory form. The l a t t e r version has been derived from 
the penetration theory mass transfer model [5]. 

The experiments may be divided into three regimes: 1st with 
negligible interaction between the H 2 S and CO2 mass transfer rates, 
realized at r e l a t i v e l y low gas-phase concentrations, 2nd with 
medium interaction and 3r(* with extreme interaction, resulting i n 
desorption of one of the gaseous components against i t s o v e r a l l 
driving force. 

Under conditions prevailing i n i n d u s t r i a l and laboratory 
absorbers operating at steady state, only the f i r s t two regimes 
can be attained. The thi r d regime can probably be realized only 
under transient operatin

Theory 

The liquid-phase reactions. The reaction between HoS and 
aqueous alkanolamines i s instantaneous and reversible [7J: 

H2S + R2NH R 2 N H 2 + HS" (1) 
CHS"] [R2NH+] 

\ S " CH2S] fR2NH] ( 2 ) 

Everywhere i n the l i q u i d , equilibrium (1) i s established due to i t s 
instantaneous nature. 
For CO2 we consider only the reversible reaction with primary and 
secondary alkanolamines as shown i n the overall reaction equation 
[7]: 

C0 2 + 2 R2NH R2NC00~ + R 2NH 2 (3) 
with 

[R2NC00"] I^NH*] 
K c o , = ~ Γ"" 5- ( 4 ) 

2 CC0 2] [R 2NH] 2 

Reaction (3) proceeds at a f i n i t e o v e r a l l rate, expressed by [8]: 

(5) k 2 

. [R-NCOO-] [R,NH*] 
CC0 o] [R.NH] - 1 2 2 2 

J2J ^ 2 a a j Κ " Π Γ Ν Η Τ 
VAJ2 ^ 

In fact the reaction scheme i s considerably more complicated than 
suggested by equation (3) [9] and consequently more complicated 
rate equations are proposed i n l i t e r a t u r e [3,9]. For the purpose 
of this work, however, equation (5) was found to be s u f f i c i e n t l y 
accurate. Other CO2 converting reactions, as well as the hydrolysis 
of the carbamate ion, are slow compared to reaction (3) and hence 
are not incorporated i n the model. 
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The mass transfer model. In our previous work [6] the mass 
transfer model equations and their mathematical treatment have 
been described extensively. The relevant d i f f e r e n t i a l equations, 
describing the process of liquid-phase d i f f u s i o n and simultaneous 
reactions of the species according to the penetration theory, are 
summarized i n table 1. Recently we derived from this penetration 
theory description a f i l m model version, which i s incorporated i n 
the evaluation of the experimental r e s u l t s . Details on the f i l m 
model version are given elsewhere [5]. 
The process of mass transfer and simultaneous reactions i s graphi
c a l l y represented i n figure 1· In an absorption s i t u a t i o n H 2 S and 
CO2 diffuse from the bulk of the gas-phase to the interface and are 
i n dynamic equilibrium with their respective liquid-phase concen
trations. From the interface, H 2 S and CO2 diffuse towards the 
li q u i d bulk and both reac
according to overall reaction
transport rates to the net conversion rates of the species involved 
both i n reaction ( 1 ) and (3) ( R 2 N H and R 2 N H 2 ) , determine the 
extent of depletion of R 2 N H and surplus of R2̂ H5 a n Q 4 hence deter
mine the interaction between the reactions ( 1 ) and ( 3 ) . The de
pletion of R 2 N H and the surplus of R 2 N H 2 a t t n e interface can be 
estimated using an approach similar to e.g. Ramachandran and 
Sharma [ 1 0 ] . 

A substantial amine conversion by H 2 S and CO2» combined with a 
r e l a t i v e l y high absorption mole flux of one of the gaseous com
ponents, e.g. H 2 S , gives r i s e to an interesting feature induced 
by the interaction of the liquid-phase reactions. Due to the 
r e l a t i v e l y high amine conversion rate i n the penetration zone and 
the consequent depletion of amine, the competitive C02~amine 
reaction i s reversed and l o c a l l y produces amine and free C O 2 . This 
l o c a l CO2 concentration can exceed i t s i n t e r f a c i a l concentration 
and leads to d i f f u s i o n of part of the CO2 towards the gas phase 
(see figure 2). The net result w i l l be desorption of C 0 2 , although 
based on i t s overall driving force, absorption would have been 
expected. 
Consequently the enhancement factor of CO2 yields negative values. 
Previously we defined this phenomenon as forced desorption or 
negative enhancement factor [2,6]. No experimental evidence of 
this phenomenon has been available u n t i l now. 

In general the rate of mass transfer of e.g. H 2 S may be expressed by: 

ο CH 2S]? 

~ Γ » * « î l ( 6) 
[ H 2 S ] g -

H2S 1 1 
= k, 

kSH 2S m H 2
S ' k l H 2 s ' f H 2 S 

o vH 2S [ H 2 S ] g 
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Table 1. 
Penetration theory equations f o r the mass t r a n s f e r 
model (boundary conditions as usual i n penetration 
theory [6 ] ) . 

the carbon dioxide r e a c t i o n balance: 

3[C0 2] 3 2 [ C 0 9 ] 
= D C 0 2 " k 2 C C 0 2 3 C R 2 N H : I 

k 2 [R 2NC00"][R 2NH 2
+] 

+ [R^NH] 

the t o t a l carbon dioxide balance: 

3[C0~] 3[R 0NC00~] 3 2[CO-] 
£ - + ± s Π — 

3t 3t C0 2 2 
^ χ 

Ô 2[R 2NCOO"] 
+ DR2NCOO ~2 

t o t a l sulphur balance: 
2 

3 C H 2 S ] , -9[HS~] _ _ 3 C H 2 S ] . _ 3 2[HS~] 
a t a t = D H 2 S 3 χ 2 + D H S " 3 χ 2 

t o t a l amine balance 

3[R 2NH] 3[R 2NH 2
+] 3[R2NCOO~] 3 2[R 2NH] 

3t + a t + 3t = DR 2NH ^ 2 

3 2[R 2NH 2
+] 3 2[R 2NCOO _] 

+ D R 2 N H 2 + + D r 2 N C 0 ° 3 ^ 

the a c i d balance: 

3[H 2S] 3[C0 2] 3[R 2NH 2
+] 3 2[H 2S] 

at + a t + a t = D H 2 S + 

3 2 [ C 0 2 ] 3 2CR 2NH 2
+] 

+ ° C 0 2 + ° R 2 N H 2 + 
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where: 
CH 2S3Î 

[H 2S]^ 
(7) 

and: 
k . ! (8) 

For CO2 an expression analoguous to equation (6) can be derived. 
The values of the enhancement factors i n (6) and i t s CO2 analogon, 
ff l 2 g and fc(>2 r e s P e c t i v e l y , are obtained from our mass transfer 
model and account for the interaction between H 2 S - and C02-amine 
reactions. 
If the amine depletion i
absorption situation i s negligible, the mass transfer fluxes 
are independent of each other and the respective enhancement 
factors may be obtained ea s i l y from a n a l y t i c a l solutions of single 
gas mass transfer models. 

S e l e c t i v i t y . In many cases i t i s desired to remove H 2 S 
s e l e c t i v e l y from a gas stream, rejecting CO2 to the highest 
possible extent. I t i s , therefore, useful to introduce the selec
t i v i t y factor S, being a yardstick for the process s e l e c t i v i t y 
independent of mass transfer driving forces [8]: 

C C 0 2 3 1 
JH 9S C C 0 2 ] g " ^SCÔT" 

2 — (9) 
[H 2S]? ' J C 0 

2 ° J G M E 2

S 

[H 0S]£ -
2 

which yields after substitution of equation (6) and i t s C 0 2 

analogon: 
_ ! _ + ι 
k ê C 0 9

 m C 0 o
k l C 0 o

f C 0 o

 kovH S S . — p i 2 2 2 = 2_ ( 1 0 ) 

_ 1 — + * K o v c o 

KSH 2S mH 2S KlH 2S 3 :H 2S Z 

and represents the r a t i o of the over a l l mass transfer c o e f f i c i e n t s . 
Our absorption experiments i n the regime with negligible i n t e r 
action are en t i r e l y gas-phase limited with respect to H 2 S , as was 
checked using the ana l y t i c a l mass transfer expression of Secor and 
Beutler [ 1 1 ] . The CO2 absorption i s i n the pseudo-first order 
regime and hence the s e l e c t i v i t y factor can be simplifi e d to: 
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s - V , S 8 , S 5
 (11) 

k g C 0 2 m C 0 2 ^ 2 ^ ° \ θ 2 ^ ^ 2 ^ % ^ 

Plotting of S versus kgj^s s n o u ^ ^ y i e l d a linear dependency with 

slope l/mco 2 /k 2[R 2NH]°D C 0 2 and y-axis intercept 1. 

Experimental procedures and r e s u l t s . 

Negligible and medium interaction regimes. Experiments were 
carried out with an aqueous 2.0 M DIPA solution at 25 °C i n a 
s t i r r e d - c e l l reactor (see réf. [1]) and a 0.010 m diameter wetted 
wall column (used only i  negl i g i b l  interactio  regime  r e f
[4,5]). Gas and l i q u i d
mass transfer rates wer  gas-phas  analyse  excep
for C0 2 i n the wetted wall column where due to low C0 2 gas-phase 
conversion, a liquid-phase analysis had to be used [5]. In the 
negligible interaction regime some 27 experiments were carried 
out i n both reactors. The s e l e c t i v i t y factors were calculated from 
the measured H2S and C0 2 mole fluxes and are plotted versus kgjj^s 

i n figure 3. The dependency i s linear, as predicted by equation 
(11). The pseudo-first order C02-DIPA reaction rate constant c a l 
culated from the slope i s : k 2 D I P A β 1200 s ~ l , which i s s l i g h t l y 
higher than found i n our separate kin e t i c s study [3,5] (800 s " 1 ) . 
Two series of experiments were carried out i n the medium i n t e r 
action regime at a constant entrance gas flow rate, containing 
50% of H2S or C0 2 and varying concentrations of the other component 
(0, 20, 30, 40 and 50%). Measured and calculated (penetration and 
f i l m theory) mole fluxes are shown i n figure 4 a,b as a function 
of the varied concentrations. The D I P A flux i s obtained from a 
flux balance equation (JoiPA β JH 2S + 2 Jc0 2)· F r o m figure 4a i t 
obvious that J D I P A remains constant with increasing C0 2 concen
tra t i o n , implying that the maximum enhancement given by complete 
DIPA d i f f u s i o n l i m i t a t i o n i s realized. The measured H2S mole-
fluxes f a l l between f i l m and penetration theory calculations while 
C0 2 agrees more with the f i l m theory. For each experimental run, 
measured and calculated s e l e c t i v i t y factors are shown i n figure 
5 a,b. The values measured are rather scattered due to experimental 
inaccuracies but the f i l m theory calculation seems to y i e l d the 
minimum values of the s e l e c t i v i t y factors and hence should be 
preferred for (conservative) absorber design. 

Extreme interaction regime. The experimental set-up i s given 
i n figure 6. The s t i r r e d - c e l l reactor was operated batchwise 
with respect to the l i q u i d and semi-batchwise with respect to the 
gas-phase which was also circulated by means of a p e r i s t a l t i c pump 
over an infrared spectrophotometer for C0 2 detection. 
The experiments started with e q u i l i b r a t i o n of ~ 720 ml 0.35 mole 
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Figure 5. Selectivity factor S as a function of kgHta In the negligible interaction 
regime. Key: O, stirred cell reactor; +, wetted wall column, cocurrent; and X, 

wetted wall column (countercurrent). 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



386 CHEMICAL REACTION ENGINEERING 

Ο JH2S 
• JDIPA 

calculated JH£JDIf^penetration th.) 
— calculated JH2S,JDIFA(film th.) 

Ίξ β ΐξ 2u" 
[C02lg (moles/ft3) -

Ο Jc02'2x) 
• JDIPA 

calculated JQ)2 » -OlPA (penetration th.) 

— calculated JC02.JDIPA (Mm th.) 

ι » 1 I 1 1 
5 1 0 1 5 20 

lH2S]g (moles/m3) ·» 

Figure 4. Measured and calculated mole fluxes as a function of gas-phase concen
tration in the medium interaction regime in a stirred cell reactor at 40 rpm. 
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Figure 5. Measured and calculated selectivity factors as a function of gas-phase 
concentration in a stirred cell reactor at 40 rpm. Key: O, measurements; , 

penetration theory; and , film theory. 
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Figure 7. A typical example of measured concentration curves during extreme 
interaction experiments. Key: · , [HtS]g; and O, [COg]g. 
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CC>2/mole DIPA containing 2.0 M solution at 25 °C. Equ i l i b r a t i o n 
was checked by the IR-spectrophotometer and after t h i s , H 2 S was 
introduced into the system at a constant flow rate. The H 2 S gas-
phase concentration was obtained from the combination of the 
pressure readings ( H 2 S + C O 2 ) and the IR-extinction ( C O 2 ) . 
D i r e c t l y on admittance of H2S, CO2 desorbed from the solution into 
the gas-phase and thus immediately resulted i n a positive overall 
(absorption) driving force, but desorption continued. After some 
20-30 minutes the H 2 S flow was stopped to enable re-equilibration. 
It was observed that CO2 was again absorbed into the solution to 
almost the i n i t i a l equilibrium (see figure 7 for a typical example). 
This unambiguously proves that the recorded concentration curves 
i n the gas-phase are due to reaction processes i n the penetration 
zone and have nothing to do with bulk equilibrium which would not 
have lead to re-absorptio
H 2 S was negligible (0.0
bulk equilibrium. 
Two experimental runs were performed. The H 2 S - and CO2 mole fluxes 
were obtained from the measured concentration curves by numerical 
d i f f e r e n t i a t i o n and are plotted i n figure 8a,b together with 
penetration and f i l m model calculations. It i s evident that forced 
desorption can be realized under p r a c t i c a l conditions and can be 
predicted by the model. In general, measured H 2 S mole fluxes are 
between the values predicted by the models, whereas the CO2 forced 
desorption flux i s larger than calculated by the models. The CO2 
absorption flux, on the other hand, can correctly be calculated 
by the models. This probably implies that the rate of the reverse 
reaction, incorporated i n equation (5), i s underestimated. More
over, i t should be kept i n mind that especially the results of the 
calculations i n the forced desorption range are very sensitive to 
in d i r e c t l y obtained parameters (diffusion, equilibrium constants 
and mass transfer coefficients) and the numerical d i f f e r e n t i a t i o n 
technique applied. 

Conclusions 

The phenomena during simultaneous absorption of H 2 S and CO2 are 
c l a s s i f i e d into three-regimes with di f f e r e n t extents of i n t e r 
action. In the f i r s t regime (negligible interaction), the mole 
fluxes may be described by simple single gas an a l y t i c a l mass 
transfer expressions and an expression for the s e l e c t i v i t y factor 
at complete H 2 S gas-phase l i m i t a t i o n i s derived. In the medium 
interaction regime, the mole fluxes measured f a l l between pene
tra t i o n and f i l m theory calculations. In the extreme interaction 
regime, forced desorption i s obtained both experimentally and 
theoret i c a l l y . The measured mole fluxes agree f a i r l y well with 
the calculations, however with the exception of the CO2 desorption 
flux which i s larger than calculated. This l a t t e r observation may 
be attributed to an incomplete description of the reverse reaction 
rate. 
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Figure 8a. Measured and calculated mole fluxes during extreme interaction ex
periments. Key: · , JHt8; O, JCOft; , penetration theory; and , film theory. 
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Figure 8b. Measured and calculated mole fluxes during extreme interaction ex
periments. Key is the same as in Figure 8a. 
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Legend of Symbols 

f 
k 2 

kl,kg 

enhancement factor 
reaction rate constant (eqn.(5)) 
liquid/gas-phase mass transfer c o e f f i c i e n t 
reaction rate 
dimensionless penetration depth at t e T , 

mVmole s 
m/s 

mole/m^ s r 
Ζ 

1/8 
ο 

defined by : Ζ = x/J vDco2
 π τ 

bulk 
liquid/gas 
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Hydrodynamics and Mass Transfer in Pulsing 
Trickle-Bed Columns 

J. R. B L O K 1 and A. A. H. DRINKENBURG 

Rijksuniversiteit Groningen, Department of Chemical Engineering, 
Nijenborgh 16, 9747 A G Groningen, The Netherlands 

In concurrent downward-flo  trickl  bed f 1 mete
in height and wit
and 20 cm, filled with different types of packing 
material, gas-continuous as well as pulsing flow 
was realized. Residence time distribution measure
ments gave information about the liquid holdup, its 
two composing parts: the dynamic and stagnant holdup 
and the mass transfer rate between the two. 
Pulse characteristics were provided by electrical 
conductivity measurements, viz. frequency, holdup 
in- and outside the pulses, pulse velocity and 
pulse height. 
Mass transfer between gas and liquid was measured 
with a carbonate/bi-carbonate buffer solution flow
ing through the bed while absorbing carbon dioxide 
from the air flow. All data together lead to a cor
relation for the mass transfer rate, that fits the 
data within twenty per cent. 

One of the main advantages of a concurrently operated packed c o l 
umn i s the high throughput rate of gas and l i q u i d . The disadvan
tage, that only one theoretical mass transfer stage can be at
tained i s generally overcome by the large absorbing capacity of 
the l i q u i d phase, be i t chemically or physically. Several rate 
determining steps can be distinghuised i n the mass transfer pro
cess (1). 
The hydrodynamics control the mass transfer rate from gas to l i q 
uid and the same from l i q u i d to the s o l i d , often c a t a l y t i c , par
t i c l e s . In concurrently operated columns not only the gas-conti
nuous flow regime i s used for operation as with countercurrent 
flow, but also the pulsing flow regime and the dispersed bubble 
flow regime (2). Many chemical reactors perform at the border be-

1 Current address: Shell Nederland Chemie b.v., Vondelingenweg 601, 3194 AJ Rotter-
dam-Hoogvliet, The Netherlands. 
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tween gas-continuous and pulsing flow, often just within pulsing 
flow. Reason i s the enlarged mass transfer rate i n this situation 
coupled to the intensive r a d i a l mixing of the l i q u i d that increases 
the heat transfer rate while decreasing the extent of a x i a l mix
ing. 
Relations of the rate of mass transfer between gas and l i q u i d and 
the influence of the stagnant and dynamic holdup were not re
searched intensively, u n t i l the present work, although papers on 
the general subject have been presented (3-6) . Lately an interesting 
paper about mass transfer from l i q u i d to s o l i d i n pulsing flow 
was presented by Luss and co-workers (7). 
One of the main drawbacks i n the published data with the partly 
exception of (7) i s the absence of information regarding the hy-
drodynamic properties of the system, information that could con
nect these phenomena wit
our laboratory we have studie
ferent types of packing, ranging from Raschig rings to catalyst 
p e l l e t s and polypropylene mattings. Some of the results we pre
sent i n this paper, r e s t r i c t e d to Raschig rings, although other 
types of packing confirm the behaviour. 

Transition from gas-continuous to pulsing flow 

Pulsing flow i s found when, starting from the gas-continuous flow 
regime, gas and l i q u i d flow rates are increased. Generally one 
observes an increase of the l i q u i d holdup i n the gas-continuous 
flow regime when the l i q u i d flow rate i s increased at constant 
gas rate. However, at a certain point pulses develop i n the bed 
and thereafter the holdup increases only f a i n t l y . Figure 1 pre
sents some results for 2.5 mm Raschig rings i n a column of 1 meter 
length and 10 cm diameter, for the air/water system. The results 
were obtained by residence time d i s t r i b u t i o n measurements. 

Pulsing sets i n at the point indicated by an arrow. I t ap
pears from many more experiments, that the t r a n s i t i o n i s found 
for a constant value of the r e a l l i q u i d v e l o c i t y for each type of 
packing and each system. 
Figure 2 shows that the l i q u i d holdup obeys an exponential r e l a 
tion: 

For the t r a n s i t i o n point we then fi n d a constant Froude number: 

I = 4.48 * 10~ 2 * (S/u ) 0.265 (1) 

N. - 0.08 to 0.09 (2) 

Since v ^ = u i t / g *"**β e x P r e s s i o n can be rewritten, with the aid 
of equation (1), as 

( u l t ) / ( e d p) « constant (u g t/s) 
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Figure 1. Relative liquid holdup versus real liquid velocity. Key: · , ug = 1.3 
m/s; Δ, ug = 0.81 m/s; V , ug = 0.61 m/s; • , ug = 0.41 m/s; X, ug = 0.20 

m/s; and O, ug = 0.10 m/s. 

Figure 2. Relative liquid holdup versus S/ug in the pulsing flow regime. System is 
air-water. Key: ·, 2.5 χ 2.5; and Χ,4χ4 Raschig rings. 
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the constant being 0·042 i n case Ν =0.09. 
Figure 3 shows the experimental values, including a number of data 
on a dif f e r e n t packing geometry as presented by Si c a r d i , Gerhard 
and Hofmann (8). 

Pulse frequency and holdup 

For l i q u i d flow rates, higher than the tr a n s i t i o n point, the f r e 
quency of the pulses increases l i n e a r l y with the re a l l i q u i d ve
l o c i t y , figure 4. 
Ultimately at high frequencies the pulses overlap and we arrive 
i n the dispersed bubble flow regime. Thus we consider the pulses 
to be zones of the bed already i n the dispersed bubble flow, 
spaced by moving compartments that are s t i l l i n the gas-continuous 
flow regime. This concep
transfer and mixing phenomena
tions (9) where i t appears that above the t r a n s i t i o n point the 
pressure drop can be correlated l i n e a r l y with the pulse frequency. 
Pulses are to be considered as porous to the gas flow as i s shown 
when we plot the pulse v e l o c i t y versus the r e a l gas flow rate, 
figure 5. 

Above a s u p e r f i c i a l gas ve l o c i t y of approx. 1 m/s the pulse 
ve l o c i t y becomes more or less constant, therefore gas must be 
pushed through the pulses from top to bottom. Indeed, the l i q u i d 
holdup i n the pulse, although high, i s not f i l l i n g up a l l the 
voids, l u c k i l y leaving the p o s s i b i l i t y of a high mass transfer 
rate i n the pulse i t s e l f . Figure 6 shows the l i q u i d holdup inside 
and outside the pulse (the base holdup) as measured with the elec
t r i c a l conductivity c e l l s . β i s the average holdup calculated from 
the residence time d i s t r i b u t i o n . 

Mass transfer between stagnant and dynamic holdup 

Residence time d i s t r i b u t i o n measurements, together with a theore
t i c a l model, provide a method to calculate the rate of mass trans
fer between the l i q u i d flowing through the column, the dynamic 
holdup, and the stagnant pockets of l i q u i d i n between the p a r t i 
c l e s . We have chosen the cross flow model (10). I t has to be noted 
that the model starts from the assumption that the flow pattern 
has a steady-state character, which i s i n c o n f l i c t with r e a l i t y . 
Nevertheless, average values of the number of mass transfer units 
can be calculated as well as the part of the l i q u i d being i n the 
stagnant situation. 
The following equations then hold: 

Ν = k SH 
U L 

(3) 
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10 

10 

column-
Packing diameter 

• RR 4 mm. 0.2 m 
X RR 4 mm. 0.1 m 
+ RR 4 mm. 0.05 m 
0 RR 2.5 mm. 0.1 m 
φ RR 2.5 mm. 0.05 m 

• RR 10 mm. 0.3 m 
f CC 12 mm. 0.3 m 
• CC 6 mm. 0.15 m 
• CC 5 mm. 0.08 m 

CC= Ceram. Cyl. 

Fr = .O90 
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Figure 3. Correlation for the transition from gas-continuous to pulsing flow. All 
systems are air-water. Left of the line is gas-continuous flow (S). 
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Figure 4. Pulse frequency versus real liquid velocity. Raschig rings 2.5 mm. Key 
to uL:Ot 0.025 m/s;^f 0.021 m/s;jer, 0.018 m/s;-&, 0.014 m/s; and <j>, 0.011 

m/s. Uncircled: col diam. 5 cm; circled: col. diam. 1 cm. 
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Figure 5. Pulse velocity vs. real gas velocity. 
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2 M01 M 3 
S d 3 M 2
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Figure 7 presents results for N, figure 8 for β as a function of 
the t o t a l holdup. 

From figure 8 i t can be seen that the stagnant part of the 
holdup decreases very rapidly with the t o t a l holdup, as can be 
expected, but also with increasing pulse frequency. From the v a l 
ues of Ν the corresponding mass transfer c o e f f i c i e n t i s found and 
appears to be constant i n the pulsing flow regime. A l l this leads 
to the idea that the pulses refresh parts of the l i q u i d that i s 
stagnant i n between the pulses, but i s activated i n the pulse, es
p e c i a l l y by i t s highly turbulent front

Mass transfer from gas  l i q u i  pulsing  regim

The value of k^a, a being the gas-liquid contact area per unit v o l 
ume, k^, the corresponding l i q u i d side mass transfer c o e f f i c i e n t , 
i s considerably higher i n the pulsing than i n the gas-continuous 
flow regime. I t has been t r i e d i n the past, and p a r t i a l l y success-
f u l l , to correlate the mass transfer data to the energy d i s s i p a 
tion rate i n the bed. We made the premise, that pulses are parts 
of the bed already i n the dispersed bubble flow regime and there
fore must accredit for an increase i n the transfer rate propor
ti o n a l to their presence i n the bed. 
The actual value of k L a was measured by absorption of carbondiox-
ide from a i r into a buffer solution of potassium-carbonate and b i 
carbonate. Care was taken that the mass transfer c o e f f i c i e n t i t 
self was not enhanced by the chemical reaction, although the com
position of the buffers used guaranteed a substantial driving 
force for mass transfer over the whole length of the column. L i t 
erature about the subject i s abundant and here referred to (11, 12, 
J3). 
The carbondioxide content of the a i r was measured at the entrance 
and exit of the bed by an interferometer. 

From figure 9 i t becomes clear that indeed the mass transfer 
rate increases quite l i n e a r l y with the pulse frequency. This sup
ports the idea that the value of k L a indeed can be s p l i t up into 
parts produced by the gas-continuous zones and the pulsing zones 
i n the bed. 
Taking the active pulse height as 0.05 m and the pulse v e l o c i t y 
as 1 m/s, we derive for the mass transfer c o e f f i c i e n t i n the gas-
continuous zone, k , a value of 10 ** m/s and i n the pulse proper, 
k , a value of 6 * 10 m/s. These values compare very well with 
those given i n l i t e r a t u r e (_5, 6) for both gas-continuous and d i s 
persed bubble flow regimes. An estimate of k^ can also be made by 
means of the penetration theory, taking the respective l i q u i d i n 
and outside the pulse as the basic for the calculation of the con-
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Figure 7. Number of transfer units versus real liquid velocity. Raschig rings 
4 mm. Key to column diameter: ·, 20 cm; ψ, 10 cm; and A, 5 cm. 
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Figure 8. Static holdup versus total holdup for various pulse frequencies. Raschig 
rings 4 mm. Key: Ο, 0 Hz; · , 2 Hz; +, 1 Hz; X, 3 Hz; Δ, 4 Hz; A, 5 Hz; and 

V, >6Hz. 
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Figure 9. The relation between kL and the pulse frequency. 
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ο 4 mm RR 5 c m c o l u m n φ 
κ 4 mm R R 10 " 
• 2.5 m m R R 5 " " " 
• 2.5mm R R 10 " 
A 6 m m R R 8 " " " (GJQnetto) 
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10 0.1 
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Figure 10. Final correlation for kLa. 
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tact time between gas and l i q u i d while flowing over one p a r t i c l e . 
Then we fin d the values as presented i n the table: 

Table I: l i q u i d side mass transfer c o e f f i c i e n t calculated with 
the penetration theory 

2.5 mm rings 4 mm rings 
-4 -4 k_ 1.7 * m m/s 1.5 * 10 m/s Lc , , 

k T 8.1 * m m/s 6.4 * 10 m/s 
Lp 

Taking a l l measurements together, i t can be shown that: 
a .-4 „ Λ-1.2 = 5 * 1 0 * S * £ (5) 
L 

and, since the l i q u i d holdup i s known, 
,0.4 ^-2.2 0.58 

11 
S 

Figure 10 then presents the correlation and the experimental data. 
A confidence l i m i t of 20% encloses a l l data. 

a = 0.46 S ε U A U l (6) 

Conclusion 

It i s shown, that the performance of a pulsing packed column can 
be s p l i t up into i t s two component parts, the pulses and the zones 
i n between pulses. The pulses can be described as parts of the bed 
already i n the dispersed bubble flow regime; the zones-in between 
the pulses as parts of the bed s t i l l i n the gas-continuous regime. 
The pulse frequency i s l i n e a r l y dependent upon the re a l l i q u i d ve
l o c i t y . The properties of the pulse, l i k e holdup, v e l o c i t y and 
height are quite independent upon a l l the parameters except gas 
flow rate. 
Combination of the empirically found correlations for these pulse 
properties i n a model i n which the parts of the bed i n the gas-
continuous resp. dispersed bubble flow are weighted, leads to a 
correlation of the mass transfer rate with predictive value. 
The use of a pulsing t r i c k l e bed seems very important i n those 
cases where side reactions may take place i n the stagnant holdup. 
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Legend of Symbols 

a s p e c i f i c area gas-liquid contact 
d p a r t i c l e diameter 
f p pulse frequency 
g accelaration due to gravity 
H heigth of the bed 
k mass transfer c o e f f i c i e n t 
M moment 
Ν number of transfer units 
S s p e c i f i c area packing 
u s u p e r f i c i a l v e l o c i t y 
ν r e a l v e l o c i t y 
3 holdup 
ε porosity 

Subscripts 

01, 2, 3 moment-order 
c gas-continuous 
d dynamic 
g gas 
1 l i q u i d 
ρ pulse 
s stagnant 
t t r a n s i t i o n 
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33 
The Percolation Theory: 
A Powerful Tool for a Novel Approach to the 
Design of Trickle-Bed Reactors and Columns 

M . D. CRINE and G. A. L'HOMME 

Université de Liège, Laboratoire de Génie Chimique, rue A. Stévart, 2, 
4000 Liege, Belgium 

We propose a ne  descriptio f fluid flo  hydrody
namics in trickle-be
discontinuous nature of the packing. Interest is confi
ned to laminar trickle-flow. However the proposed me
thodology could be easily extended to other flow regi
mes. The packed bed is represented by an array of random
ly connected transport cells. These cells, defined at 
the particle scale, represent the pores connecting two 
neighbour contact points between particles. The liquid 
flow through the cells is mathematically described using 
the percolation theory concepts. Coupling this bed 
scale description to a pore flow model at the particle 
scale, allows us to derive theoretical expressions for 
some hydrodynamic processes, e.g. : the particle irriga
tion rate, the dynamic liquid holdup and the apparent 
reaction rate in the absence of external transfer limi
tations. 

A trickle-bed reactor i s one i n which gas and l i q u i d flow 
cocurrently downward through a fixed bed of catalyst p a r t i c l e s . 
In many cases, this type of reactor provides the best way of car
rying out a reaction between gaseous and l i q u i d reactants i n con
tact with a s o l i d catalyst or an inert packing. That i s the rea
son why these reactors are widely used i n chemical and petrochemi
cal industries as well as i n biotechnology and waste water treat
ment. Reviews of a l l the applications have been published recent-
i y (1,2). 

The design and the scale-up of trickle-bed reactors are s t i l l 
rather d i f f i c u l t problems despite of the high research a c t i v i t y 
i n this area for many years. As a matter of fact an accurate mo
del l i n g of these reactors should b a s i c a l l y involve the knowledge 
of the f l u i d flow hydrodynamics as well as of the various heat 
and mass transport resistances between the three phases. The 
various attempts i n modelling these processes and i n predicting 
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the performance of the reactor may be c l a s s i f i e d into three cate
gories. 

In the f i r s t one,the apparent reaction rate i s empirically r e l a 
ted to the operating conditions on the basis of experimental obs
ervations. The models suggested by Henry et a l . (3) and by Mears 
(4) belong to this category. The apparent reaction rate i s assu
med to be proportional to the l i q u i d holdup i n the f i r s t model 
and to the catalyst i r r i g a t i o n rate i n the second one. These hy-
drodynamic quantities are estimated using empirical correlations 
based on experiments. 
Actually, both models lead to the following r e l a t i o n between the 
apparent reaction rate <r a> and the l i q u i d s u p e r f i c i a l v e l o c i t y 
<L>. 

<r^> ν <L>P (1) 
The variables under < >
Henry et a l . and Mears suggeste
However, Parakos et a l . (5), using Eq.1 to correlate results of 
hydrotreating processes, showed this exponent to vary with the 
temperature and the nature of the reactional system investigated. 
Actually the adopted oversimplifications prevent any interpreta
tion of the variations of the exponent β. 

In the second category of models, the interactions between 
the chemical reaction and the transport processes are described 
in some more d e t a i l s . The numerous elementary transport processes 
are lumped together into some effec t i v e terms, using s i m p l i f i c a 
tion rules. The Residence Time Distribution models belong to this 
category. The lumped processes are e.g., the ax i a l dispersion 
superimposed to a plug flow, the exchange with stagnant zones,... 
(6). These models imply a "continuum" representation of the 
transport processes so that the parameters related to the g a s - l i 
quid-solid interactions, are ess e n t i a l l y empirical and have to be 
determined experimentally. 

In the thi r d category of models, one may c l a s s i f y the various 
attempts i n describing theo r e t i c a l l y the f l u i d - s o l i d interactions. 
Some models for the prediction of the l i q u i d holdup are worth no
ting i n this category. Davidson et a l . (7) and Buchanan (8) trea
ted the packing as a set of planar facets on which gas and l i q u i d 
flow cocurrently. In more recent works, Reynier et a l . (9) and 
Clements (JO) represented the packing by a bundle of pores or 
c a p i l l a r i e s . In a l l these models, the l o c a l hydrodynamic descrip
tion i s extended uniformly to the whole packing i . e . , each c e l l 
(a pore or a facet) contains equal fractions of the overall gas 
and l i q u i d flows. Generally, the agreement of these models with 
experiments i s not very good and requires the introduction of some 
empirical parameters. These parameters are very sensitive to the 
physico-chemical properties of the system and have to be determi
ned experimentally as for the models belonging to the two f i r s t 
categories. 

Basically, a l l the models reported above are characterized 
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by an homogeneous representation of the f l u i d flows. The gas and 
l i q u i d flow rates - or their l o c a l volume averaged values ( i n the 
third category) - are assumed to be independent on the position 
i n the packing. Actually, the randomness of the packing causes 
these flow rates to fluctuate s p a t i a l l y , leading to flow maldis
tributions. Such a flow process - ca l l e d a percolation process -
cannot be described accurately when adopting the assumptions of 
flow homogeneity. In this paper, we w i l l show how the main con
cepts of percolation theory may lead to a phenomenological descrip
tion of the f l u i d flow hydrodynamics and, i n turn, to an accurate 
modelling of the transport processes i n a trickle-bed reactor. 

The percolation process 

F l u i d flows throug
levels each one leadin
one observes the bed as a whole (see Figure 1), i t seems reasona
ble to consider the medium as homogeneous, owing to the small scale 
at which occur the elementary transport processes. In such a case, 
the various heat and mass balances could be described at the bed 
scale by d i f f u s i o n - l i k e equations. I t i s indeed the approach a-
dopted i n many models (e.g. a x i a l and r a d i a l dispersions). How
ever, i f one looks the bed closer, e.g. at the p a r t i c l e scale as 
in the close-up of Figure 1, the process representation i s comple
tely d i f f e r e n t . The l i q u i d flow i s distributed i n different chan
nels according to the lo c a l geometrical features of the packing. 
For example, the number of channels entering and leaving the c e l l 
represented by the close-up i n Figure 1, depends on these featu
res and varies randomly from point to point. The clustering of 
these channels generates various flow structures at the bed scale 
between which the l i q u i d v e l o c i t i e s are randomly distributed. 

The flow process analyzed above may be described q u a n t i t a t i 
vely using the percolation theory. The main concepts of this the
ory have been presented by Broadbent et a l . (11), F r i s c h et a l . 
(12) and Kirkpatrick (13). For an exhaustive analysis of the the
o r e t i c a l developments concerning percolation, the reader i s refer
red to these reviews. Actually, most of the studies have been de
voted to a s t a t i c description of the structures generated by the 
percolation process. 
Some applications to the analysis of f l u i d flows through porous 
media have been reported (14, 15). 

In this paper, we w i l l consider only the dynamic aspects of 
this percolation problem, i . e . , the stochastic d i s t r i b u t i o n of 
ve l o c i t i e s between the flow structures. To analyze a percolation 
process, i t i s useful to represent the scattering medium ( i . e . 
the packed bed) by a l a t t i c e as depicted i n Figure 2. The sites 
of the l a t t i c e correspond to the contact points between the p a r t i 
cles whereas the bonds correspond to the pores connecting two n e i 
ghbour contact points. The walls of these pores are delimited by 
the external surface of the p a r t i c l e s . The percolation process is 
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Figure 2. Lattice representation of a packed bed. 
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simulated by randomly dist r i b u t i n g blocked and unblocked bonds 
within the l a t t i c e . The clustering of the unblocked bonds genera
tes the flow structures (16). The l o c a l l i q u i d flow density i s 
represented by a density of connection through the bonds. Let us 
assume that this l a t t e r one takes the discrete values 1,2,...,» 
for the bonds belonging to the flow structures (irr i g a t e d zones) 
and 0 for the other ones (non ir r i g a t e d zones). The stochastic 
density d i s t r i b u t i o n may be computed by maximizing the configura-
tional entropy of the process investigated. Further details concer
ning this procedure are reported i n another paper (17). The solu
tion i s given by 

i - 0,1,2,.... .,«> (2) 

(4) 
<*£ represents the fraction of bonds with a density of connection 
equal to i . <i> i s the averaged value of i for the whole l a t t i c e . 
The corresponding flow densities or l i q u i d s u p e r f i c i a l v e l o c i t i e s 
L£ are proportional to i , i . e . : 

L i - i Lm i - 0,1,2, ,» (5) 
and 

<L> = <i> 1^ (6) 
LJQ represents the minimum lo c a l l i q u i d s u p e r f i c i a l v e l o c i t y i n an 
isolated channel. It i s related to the dissipation of energy for 
the creation of an isolated channel. 
Actually, i t characterizes the effective wettability of. p a r t i c l e s , 
i . e . , the wettability under the actual operating conditions. 
This wettability decreases when 1^ increases. 

Modelling of the transport processes 

In the preceeding section, we have shown how f l u i d flows 
through a packed bed may be observed at various levels, leading 
to completely different interpretations. Actually, when modelling 
a transport process, i t i s always necessary to consider at least 
two observation levels : the bed scale and the p a r t i c l e scale. 
The bed scale corresponds to the whole bed or to a volume contai
ning a large number of pa r t i c l e s . That i s the lev e l at which we 
want to derive models for the investigated transport processes. 
However these processes are generally ruled by gas-liquid-solid 
interactions occurring at the p a r t i c l e scale. That i s the reason 
why i t i s necessary to model these processes at the p a r t i c l e scale. 
The change of scale or volume averaging between both levels i s 
ruled by the percolation process, i . e . , by the vel o c i t y d i s t r i b u -

ou - exp (a + bi) 
where j 

β χ ρ a - <ϊ>+Γ 
and < £ > 
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tion defined by Eq.2. I f ψ i s an extensive transport property, 
i t s averaged value <ψ> at the bed scale i s given by : 

Od 
<ψ> = Σ ψ α £ ) α. (7) 

i=0 1 

To describe the transport processes at the p a r t i c l e scale, we have 
to adopt a representation of the transport c e l l which i s associa
ted to each bond i n the l a t t i c e defined by the percolation process 
(see Figure 3). This c e l l i s assumed to be exactly the same at 
any position within the bed. The randomness of the process i s in
deed accounted for by the percolation process, i . e . by the connec
tions between the pores. 

The following developments w i l l be r e s t r i c t e d to laminar l i 
quid flow with weak gas-liquid interactions. However, this i s not 
a l i m i t a t i o n of the propose
pl i e d to any other flo
the modelling of the i r r i g a t i o n rate, the dynamic l i q u i d holdup 
and the apparent reaction rate i n the absence of external mass 
transfer limitations and i n the case of non v o l a t i l e l i q u i d reac-
tants ( i . e . approximatively the operating conditions of petroleum 
hydrotreatment). 

Modelling at the p a r t i c l e scale. The l o c a l transport c e l l i s 
represented by a straight pore with an i n c l i n a t i o n to the vertical 
characterized by angle Θ (see Figure 3). The curvatures of gas-
l i q u i d and l i q u i d - s o l i d interfaces are assumed to be neg l i g i b l e . 
The model also assumes that the laminar l i q u i d flow i s motivated 
only by gravity or by a modified gravity including the pressure 
drop effects. In this l a t t e r case, pLg i s replaced by p^g+o-ç, 
where 6L G represents the pressure drop per unit of bed lentn (18). 
This means that no s l i p and no stress occur at the gas-liquid i n 
terface. The hydrodynamic quantities may be described on the basis 
of this model. The i r r i g a t i o n rate f w - i . e . the f r a c t i o n of ex
ternal s o l i d surface covered by l i q u i d - l o c a l l y equals unity when 
the pore i s i r r i g a t e d and zero i n the absence of l i q u i d . 

f w =1 for L i Φ 0 (8a) 
=0 for L£ - 0 (8b) 

The dynamic l i q u i d holdup h^ on planar inclinated surfaces i s g i 
ven by (19) . 

h T , 3 * / 3 2/3 f \ J / 3 1/3 
h d - ( 7 ^ * S [ P L ( P L ^ L G ) ] L I . ( 9 ) . 

The angle Θ may be estimated by assuming a random d i s t r i b u t i o n of 
the actual pore in c l i n a t i o n s . In this case, 

cos Θ - - (10) 
The apparent reaction rate r a at the le v e l of one pore results 
from the exchange of mass between the l i q u i d flow and the porous 
structure of the catalyst p a r t i c l e as depicted i n the close-up of 
Figure 3. In the absence of external mass transfer limitations, 
r a equals the product of the i n t r i n s i c reaction rate r 0 and the 
p a r t i c l e effectiveness factor ηρ, the variables being expressed 
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i n terms of the l i q u i d bulk concentrations : 
r a 5 8 nP r o f o r L i ί 0 (lla) 

In the absence of l i q u i d flow (Li = 0 ), ra equals zero, because 
the l i q u i d reactants are not v o l a t i l e : 

r a - 0 for L£ = 0 ( l i b ) 

Modelling at the bed scale. The extensive quantities f w , h<i 
and r a may be averaged at the bed scale using Eq.7. The averaged 
value <f w> of the i r r i g a t i o n rate i s obtained by introducing 
Eq.2, 8a and 8b into Eq.7. 

CO 
< V = Σ «ι = 1 - % ( , 2 ) 

i=l 
The value of α i s ex p l i c i t e
obtains : 

< f w > = ^ V ( 1 3 ) 

m 

<f^> i s an increasing function of <L>, reaching asymptotically 
unity for very large values of <L>. This dependence i s depicted 
i n Figure 4 for different values of the parameter Lm which charac
terizes the wettability of the p a r t i c l e s . Clearly, <fw> decreases 
when increasing I*. The apparent log-slope of <fj^> versus <L> 
equals 1 - <f w>. That means this slope ranges between 1 for a 
very small i r r i g a t i o n rate ( l i n e a r i t y ) and 0 for a nearly complete 
i r r i g a t i o n (asymptotic value). Eq.13 i s compared i n Figure 4 
with empirical correlations obtained by M i l l s et a l . (20) (curve 1) 
and Colombo et a l . (21) (curves 2 and 3), by means of tracer ex
periments. The agreement i s remarkable. 2 
The estimated values of I * range between 0.1 and 0.3 kg/m s. It 
i s worth noting that the log-slope of the empirical correlations 
(see Figure 4) increases when the quality of i r r i g a t i o n decreases 
(from curve 1 to 3). This agrees very well with the fact that 
the apparent log-slope of Eq.13 equals 1 - <f w>« 

The averaging of the dynamic l i q u i d holdup i s achieved i n a 
similar way by introducing Eq.2 and 9 into Eq.7. 

ο 1/3 2/3 y L
 1 / 3 0 0 1/3 

<h,> . ( \ ) a [ — τ V - T - ] Σ L. 
d cosV S V p L 8 + 6 L G > i-0 1 

e ( a + b L i / I * ) ( I 4 ) 

Approximating the summation i n Eq.14 by an int e g r a l , leads to 

^ — 2/3 2/3 μτ 1 / 3 1/3 
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i n which Θ has been replaced by the value given by Eq.10. We 
can put Eq.15 i n dimensionless form 

2/3 1/3 x" 1/ 3 2/3 <hd> = 1.74 f w
Z / J Re L Ga L (a gd p) (16) 

This equation i s reproduced i n Figure 5 for dif f e r e n t values of 
The experimental system considered i n this figure consists 

of water flowing through a bed of 3 mm diam. spheres with a poro
s i t y equal to 0.35. The pressure drop i s assumed to be negligible 
( 6 L G « p T g ) . Comparison of Eq.16 with the correlation proposed 
by Speccnia et a l . (18), for the low gas-liquid interaction 
regime, 

<h d>= 3.86 ε 0 · 3 5 R e 0 ' 5 4 5 Ο ^ ' " ( a d ) 0 ' 6 5 (17) 
i s shown i n Figure 5. Th
very s a t i s f y i n g . The apparent log-slope of Eq.16 versus Re L 

equals 1 - 2/3 <f w>. By comparison with Eq.17, this yields a 
mean i r r i g a t i o n rate of about 0.7 i n the range 0.1 to 10 kg/m2s, 
i . e . , a parameter 1^ of roughly 0.3 kg/m2s. This value i s i n 
good agreement with the range found when analyzing the i r r i g a t i o n 
rate correlations (see Figure 4). 

The averaged value of apparent reaction rate <ra> i s obtained 
readily using the same procedure as for the i r r i g a t i o n rate. 

< ra> = IP ^<^Τ~ (18) m 
This r e l a t i o n i s represented i n Figure 6 for differ e n t values of 
I * and compared with the experimental range of overall e f f e c t i v e 
ness proposed by S a t t e r f i e l d (22). The ove r a l l effectiveness 
deduced by Herskowitz et a l . (23) from a study of hydrogénation 
of α-methylstyrene i s also shown i n this figure. The agreement 
i s remarkable. The estimated values of the parameter I * ranges 
between 0.1 and 0.3 kg/m2s as when analyzing the i r r i g a t i o n rate 
and l i q u i d holdup correlations. The theoretical curves depicted 
i n Figures 4 and 6 are very similar. Actually tracer and apparent 
reaction rate experiments are often used as two different techni
ques to estimate the i r r i g a t i o n rate. Here, comparisons are made 
separately i n a sake of clearness. 

Concluding remarks 

In this study, we have shown how gas-liquid flow through a 
random packing may be represented by a percolation process. The 
main concepts of percolation theory allow us to account for the 
random nature of the packing and to derive a theoretical expres
sion of the l i q u i d flow d i s t r i b u t i o n at the bed scale. This 
flow d i s t r i b u t i o n allows us to establish an averaging formula 
between the p a r t i c l e and bed scales. Using this formula, we pro
pose the bed scale modelling of some transport processes previous
l y modelled at the p a r t i c l e scale. 
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Figure 5. Dynamic liquid holdup against the liquid superficial velocity. Key: 
, Equation 16; and , Equation 17. 

0.01 
0.01 0.05 0.1 0.5 1 5 10 
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Figure 6. Apparent reaction rate against the liquid superficial velocity. Key: 
1111, Ref. 22; , Ref. 23; and , Equation 18. 
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The proposed models are functions of a hydrodynamic parameter L m 

which characterizes the ef f e c t i v e w e t t a b i l i t y of the p a r t i c l e s . 
In order to derive more detailed models, i t would be interesting 
to determine the influence of the operating conditions on the 
parameter L m . 

Legend of Symbols 

a constant defined by Eq.3. 
as s p e c i f i c surface area of the packing. 
b constant defined by Eq.4. 
dp diameter of the p a r t i c l e s . 
f w i r r i g a t i o n rate. 
g gravity. 
G a£ modified Galileo numbe
h^ dynamic l i q u i d holdup
i density of connection. 
L l i q u i d s u p e r f i c i a l v e l o c i t y . 
LJJJ l o c a l l i q u i d s u p e r f i c i a l v e l o c i t y i n an isolated channel. 
r a apparent reaction rate. 
ReL Reynolds number (<L> dp/μ^). 
r Q i n t r i n s i c reaction rate. 
01̂  f r a c t i o n of channels with a density equal to 1. 
β parameter defined i n Eq.l. 
6Ύη pressure drop per unit of bed length. 

Lvr , , 
ε bed porosity. 
ψ extensive transport quantity. 
PL l i q u i d v i s c o s i t y . 
PL l i q u i d density. 
Θ angle to v e r t i c a l of a straight pore, 
ηρ p a r t i c l e effectiveness factor. 
Subscripts 

i variable defined i n channel i . 
< > variable defined at the bed scale or over the whole l a t t i c e . 
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Trickle-Bed Reactors: 
Dynamic Tracer Tests, Reaction Studies, and 
Modeling of Reactor Performance 

A. A. EL-HISNAWI and M . P. DUDUKOVIĆ 

Washington University, Chemical Reaction Engineering Laboratory, St. Louis, MO 63130 

P. L . MILLS 
Monsanto Company, Monsanto Corporate Research, St. Louis, M O 63167 

An appropriate mode
mance for the case of a gas-phase, rate limiting 
reactant is developed. The use of the model for 
predictive calculations requires the knowledge of 
liquid-solid contacting efficiency, gas-liquid-solid 
mass transfer coefficients, rate constants and 
effectiveness factors of completely wetted catalysts, 
a l l of which are obtained by independent experiments. 
The ability of the model to account for changes in 
liquid physical properties and mass velocities and 
correctly predict reactor performance is demonstrated 
using hydrogenation of α-methylstyrene in various 
organic solvents as a test reaction. 

Trickle-bed reactors, beds packed with small porous catalyst 
p a r t i c l e s with cocurrent gas and l i q u i d downward flow, are used 
extensively i n hydrodesulfurization and hydrotreating of heavy 
petroleum fractions as well as i n hydrogénation of chemicals, 
oxidation of waste streams and i n fermentations (1, 2,, 3 ) · A l l 
processes occurrring i n trickle-beds can be divided into two 
categories with respect to the rate l i m i t i n g reactant. In one 
category, l i q u i d reactant i s nonvolatile at the operating condi
tions used and i s rate l i m i t i n g . Reaction then takes place only 
on the wetted catalyst. The second category consists of processes 
where either a gas reactant or a highly v o l a t i l e l i q u i d reactant 
i s rate l i m i t i n g . Reaction takes place on both dry and wetted 
catalyst but at di f f e r e n t rates due to diverse transport l i m i t a 
tions (4). In either case i t i s necessary to know the f r a c t i o n 
of wetted catalyst which can be less than unity i n the noninter-
acting gas-liquid regime (trickle-flow) (29 4̂  , 5 ) · I n order to 
predict trickle-bed performance, besides contacting e f f i c i e n c y , 
the knowledge of various mass transfer c o e f f i c i e n t s , gas-liquid 
e q u i l i b r i a , kinetics and catalyst effectiveness are also 
necessary. 

0097-6156/82/0196-0421$06.00/0 
© 1982 American Chemical Society 
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A number of attempts i n interpreting trickle-bed performance 
appeared i n the open l i t e r a t u r e (6-14). These studies did not 
demonstrate the predictive a b i l i t y of the proposed reactor models. 
Some used the reaction data i n trickle-beds to evaluate unknown 
model parameters i n order to match calculated and experimental 
results (7-11). Other studies l e f t certain observed phenomena 
unexplained (6-12). The objective of this paper i s to develop a 
model for a gas reactant limited reaction i n an isothermal 
trickle-bed reactor. Model parameters are evaluated by indepen
dent means and model's predictive a b i l i t y i s tested. 

Reaction Kinetics 

Reaction Order, Rate Constants and Activation Energy (Slurry 
Reactor). Hydrogentation of α-methylstyrene was selected for a 
test reaction. This reactio
number of investigator
used Pd/A&2C>3 or Pd-black catalysts i n α-methylstyrene-cumene 
mixtures. We wanted to v e r i f y the k i n e t i c s of this reaction i n 
various solvents of d i f f e r e n t physical properties (cyclohexane, 
hexane (u.v.), hexane (A.C.S), toluene, 2-propanol) and examine 
the effect of Pd concentration on the rate. The above solvents 
were to be u t i l i z e d i n trickle-bed reaction studies also to pro
vide a range of l i q u i d physical properties. 

The k i n e t i c experiments were performed i n the 2.6 l i t e r semi-
batch, s t i r r e d s l u r r y reactor shown i n Figure 1 (with the 
catalyst basket No. 10 removed). A known amount of solvent as 
well as the known mass of f i n e l y crushed(d p = 0.005 cm) activated 
catalyst (0.5% Pd and 2.5% Pd on Α ^ Ο β ) were charged into the 
reactor. Hydrogen was bubbled through the s l u r r y and at the 
beginning of each run a known amount of α-methylstyrene (ams) was 
injected so that the i n i t i a l concentration was between 1x10"* 
(gmol/cm^) and 6xl0~^(mol/cm^). The catalyst loading was between 
1 and 2 ( g / l i t ) and the temperature range between 10°C and 35°C 
was covered. I t was shown that s t i r r i n g rate and hydrogen flow 
rate had no e f f e c t on the reaction rate. The tests done to assure 
that i n t r i n s i c k i n e t i c rate was measured and other experimental 
details are described by El-Hisnawi (18). 

The reaction i s found to be zeroth order with respect to 
α-methylstyrene and approximately f i r s t order with respect to 
hydrogen i n a l l solvents as shown i n Table I. Reaction dependence 
on hydrogen i n cyclohexane solvent i s shown i n Figure 2 and a 
t y p i c a l Arrhenius plot i s presented i n Figure 3. Reaction rate i s 
independent of Pd concentration (structure insensitive) i n pure 
nonpolar solvents (cyclohexane, hexane (U.V.)) but becomes struc
ture sensitive ( i . e . dependent on Pd concentration) i n solvents 
with impurities or which are more polar. The activation energy 
of 10.2 kcal/mol found i n cyclohexane agreed well with the one 
determined by Germain et a l . (6). 
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Figure 2. Reaction rate of AMS hydrogénation as a function of hydrogen partial 
pressure in cyclohexane. 
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Figure 3. Reaction rate as function of reaction temperature in cyclohexane solvent. 
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Catalyst Effectiveness Factor (Basket Reactor). The effec
tiveness factors of the catalyst p a r t i c l e s to be used i n t r i c k l e -
bed studies were determined i n a stagnant basket reactor (Figure 
1). The p a r t i c l e s were c y l i n d r i c a l extrudates (0.13x0.56 cm) 
with 0.5% Pd and 2.5% Pd distributed i n a s h e l l layer on the 
outside of the p a r t i c l e . The effectiveness factors of completely 
wetted p e l l e t s i n the basket at di f f e r e n t temperatures are pre
sented i n Figure 4. The apparent activation energy varied between 
4.5 and 5.4 (kcal/mol) c l e a r l y indicating strong pore d i f f u s i o n a l 
effects i n a l l solvents. However, there was an order of magnitude 
difference i n the effectiveness factor between hexane and cyclo
hexane solvent. 

Trickle-Bed Reactor Model Development 

Reactor model for the test reaction of α-methylstyrene hydro
génation i s developed based on the following assumptions: 1. 
Reaction occurs only i n the l i q u i d phase on the s o l i d catalyst. 
2. Reaction i s f i r s t order i n gas reactant. 3. Gas and l i q u i d 
stream are i n plug flow. 4. Reactor i s isothermal. 5. Gaseous 
reactant concentration i n the gas phase i s constant throughout the 
reactor. 6. A f r a c t i o n of the catalyst external surface ( T I C E ) I S 

covered by a flowing l i q u i d f i l m while the rest i s exposed to a 
thin stagnant l i q u i d f i l m . Assumption 2 was v e r i f i e d by already 
reported k i n e t i c studies. A water cooled reactor with low feed 
concentrations of α-methylstyrene operated between 15°C and 20°C 
s a t i s f i e s assumptions 1 and 4 due to low v o l a t i l i t y of the l i q u i d 
reactant and due to small o v e r a l l heat e f f e c t s , respectively. 
Pure hydrogen i n large excess i s used as the gas feed s a t i s f y i n g 
assumption 5. Assumption 3 i s satisfactory as shown by tracer 
studies (19, 20). Tracer studies, described i n the next section, 
also demonstrate that external contacting i s not complete at lower 
l i q u i d mass v e l o c i t i e s i n agreement with assumption 6. I t remains 
to be determined whether the catalyst surface not covered with the 
flowing l i q u i d films or r i v u l e t s i s dry or i n contact with a stag
nant l i q u i d f i l m . The d i f f e r e n t i a l equations describing the model 
(Ml) and the resulting expression for conversion are summarized i n 
Table IIA. 

A si m p l i f i e d model i s developed by assuming neg l i g i b l e 
changes of the dissolved gas reactant along the reactor. This 
model (M2) u t i l i z e s the concept of the o v e r a l l gas-flowing 
l i q u i d - s o l i d and gas-(stagnant l i q u i d ) - s o l i d mass transfer 
c o e f f i c i e n t s . The governing equations and the re s u l t i n g expres
sion for conversion are summarized i n Table IIB. 
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Figure 4c. Catalyst effectiveness factor as a function of thiele modulus (ψ) in 
cyclohexane. 
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Table I I . Model Equations 

IIA. Model Ml 

dC 
" USL Ί Γ " n k» a-e»> *W C A T C-n (Ι-ε,,ΧΙ-η^) k„ C v v B 'CE A,LS B'x~ 'CE' ν A, gLS 

dC 

\S aLS « W s * "

kgLS V S (CA,e-CA,gLS) " n kv ""V ^ C E * CA,gLS 

C a (z) 

CA,L(*> 

2 - 0 

2 » 0 

ao 

Equilibrium feed 

Non-equilibrium feed 

Cao "SI, X a 
L n k v d - e ) c A e 

( 1 - V {— Î T H - } 
k S gLS ex 

CE η k V 

*LS ''ex 
( Oca) tL . 

) + 1 

λ - 1 + ̂ LS aLS 
n k v V 0 
\S Sex 

(ka) g* 1 + 
kLS Sex 

(Tl) 

(T2) 

(T4) 

(T5) 

(T6) 

(T7) 

(T8) 

(T9) 
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Table I I . Model Equations (continued) 

I I B . Model M2 

dC 

' USL dT " n k « d-e*> cA T C-n k„ ( l - e j (ΐ-ru,) C B CE " A . L S " Λ ν B CE A,gLS (T10) 

k s a L S ( C A , e - C A , L S ) " Π k v n C E C A , L S 

k gLS V S ( C A , e - C A , g L S > " η k v C A , g L S 

( T l l ) 

(T12) 

C a (z) 
ζ « 0 αο (T13) 

X " e B L X„ - 7Γ—^ — (η k C A ) 
α C ao U SL V A ' e 

'CE CE 

1 + 
( B i ) t (Bi) 

D J 

(T14) 
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The equipment used i n tracer studies i s presented i n Figure 
5 while det a i l s are given elsewhere (20). I t has already been 
shown that contacting e f f i c i e n c y determined by equation (2) i s i n 
good agreement with the values inferred from reaction studies 
(22, 23). In this study the data base was further expanded using 
the additional f i v e hydrocarbon solvents. 

The existing data for dynamic saturation (dynamic holdup 
divided by bed porosity) i n the tr i c k l e - f l o w regime (18, 20, 21, 
24, 25) can be correlated by the following equation: 

- ο ΛΟΙ η 0.344 n -0.197 / 0v ω β = 2.021 Re^ Ga^ (3) 

The average error for the 105 data points i s -7.1% with a 
standard deviation of th
for external contacting
(11, 18, 20, 21) can be correlated by: 

ι t i l t> 0.146 „ -0.071 „v n C E = 1.617 Re L Ga L (4) 

Evaluation of Liquid-Solid Contacting E f f i c i e n c y 

Tracer methods proposed by Schwartz et a l . (19) and Colombo 
et a l . (21) were used to determine t o t a l and external catalyst 
contacting e f f i c i e n c y . These techniques have been described 
elsewhere (22). Total contacting e f f i c i e n c y , ï)ç9 defined as the 
frac t i o n of t o t a l (external and internal) catalyst area contacted 
by l i q u i d can be obtained by: 

(difference i n f i r s t moment for 
(K } (u - } adsorbing and nonadsorbing tracer 

β A app l a lna TF m impulse response i n trickle-flow) 
( K A ) L F " ( u

l a ~ μ ι Μ ^ ρ (difference i n f i r s t moment of 
the above two tracers i n l i q u i d 
f i l l e d column at same l i q u i d 
flow-rate) (1) 

and i t has been shown to be unity i n the hydrocarbon systems used 
(20, 22). External contacting e f f i c i e n c y , n C E , defined as the 
frac t i o n of external catalyst area i n contact with flowing l i q u i d 
i s obtained as: 

_r eo'app m (apparent effe c t i v e d i f f u s i v i t y i n trickle-flow) 
η 0 Ε Λ (D ) T T , (effective d i f f u s i v i t y i n l i q u i d f i l l e d column) 

M eo LF ^2) 

where the d i f f u s i v i t i e s are extracted from the variance of the 
impulse response. Tracer studies also give information on 
dynamic holdup (22). 
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with an average error of -2.5% and standard deviation of the 
error of 8.7%. Both dynamic saturation and l i q u i d - s o l i d contacting 
e f f i c i e n c y are found to correlate well with l i q u i d mass v e l o c i t y , 
not to correlate with Reynolds number alone, to increase with 
increased l i q u i d v e l o c i t y and to decrease with increased p a r t i c l e 
diameter. Surface tension forces do not seem to play a role i n 
t r i c k l e - f l o w regime but become important i n the high gas-liquid 
interaction (pulsing) regime. Equations (3) and (4) establish a 
relationship between contacting e f f i c i e n c y and dynamic saturation: 

Discussion of Reaction Studies i n a Trickle-Bed Reactor 

Reaction studies wer
Figure 5. Both 0.5% Pd and 2.5% Pd catalysts were used i n 
cyclohexane and A.C.S. grade hexane solvents. 

In Figure 6 experimental results for conversion as a function 
of l i q u i d s u p e r f i c i a l v e l o c i t y are compared to the predictions of 
model Ml for the 0.5% Pd catalyst and cyclohexane solvent. Equa
tion (4) i s used to predict contacting e f f i c i e n c y . The c o r r e l a 
t i o n of Dwivedi and Upadhyay (26) i s used to evaluate flowing 
l i q u i d to s o l i d mass transfer c o e f f i c i e n t , k^s, and the c o r r e l a 
t i o n of Goto and Smith (24) i s used to determine the gas-liquid 
volumetric mass transfer c o e f f i c i e n t , (ka)g£. The Biot number on 
the i n a c t i v e l y wetted surface, B i D - kgLS Vp/De

 sex, of 7 i s based 
on the assumed stagnant l i q u i d f i l m mean thxckness of 0.01 cm. 
Figure 6 (curve 1) i l l u s t r a t e s that the available mass transfer 
correlations are inadequate i n predicting the observed experi
mental r e s u l t s . This i s to be expected since these correlations 
are based on data obtained i n absence of reaction. I t i s known 
that transport c o e f f i c i e n t s are enhanced by the presence of 
reaction and this has been shown i n trickle-beds also (27). This 
necessitates introduction of two enhancement factors: E\ for the 
flowing l i q u i d - s o l i d mass transfer c o e f f i c i e n t , k^s, and E2 for 
the volumetric gas-liquid mass transfer c o e f f i c i e n t , (ka) gjt. 
Comparison of experimental and predicted conversion when the 
transport c o e f f i c i e n t s as calculated from the correlations are 
multiplied by various assumed values of t h e i r respective enhance
ment factors i s also shown i n Figure 6. Agreement with data 
seems only achievable when both Εχ and E2 are larger than unity. 
The best f i t (minimizing the sum of the squares of the deviations) 
of the data i s obtained with Εχ - 2.5, E2 - 5.7 and Bin =5.2 
(dashed l i n e i n Figure 6). 

The s i m p l i f i e d lumped parameter model (M2) can also be used 
to match the data of Figure 6. This suggests the following 
correlations for the o v e r a l l mass transfer c o e f f i c i e n t s i n 
presence of reaction. 

"CE = 1 , 0 2 

0.244 (5) 
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Ug L (cm/sec) 

Figure 6. Predicted and experimental reactor conversions as a function of liquid 
superficial velocity. [Model Ml]—BiD = 5.2. Key: A, experimental results. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



34. EL-HiSNAWi ET AL. Trickle-Bed Reactors 435 

23.0 S c L
0 , 4 1^ 1.3 (6) 

(7) 

Model predictions are now tested against experimental 
results for cyclohexane solvent and 2.5% Pd catalyst, hexane 
(A.C.S. grade) solvent and 0.5% Pd and 2.5% Pd catalyst. The 
results are presented i n Figures 7-9. The predictions of model 
Ml are based on unchanged enhancement factors for the l i q u i d -
s o l i d and gas-solid mass transfer c o e f f i c i e n t s of « 2.5 and 
E 2 = 5.7, respectively
well i n the same solven
l y s t (Figure 7). However, the simpler model (M2) predicts 
reactor performance better i n a di f f e r e n t solvent (hexane) on 
both catalysts (Figures 8-9). This suggests that transport 
co e f f i c i e n t s k s and kgLg obtained from equations (6) and (7) and 
used i n model M2 are less affected by change i n reaction rates 
than the enhancement factors Εχ and E 2 which are used with model 

The assumption that the f r a c t i o n (1-TICE) °f external catalyst 
surface i s dry, as used by some other investigators (11), results 
i n a very large Bip which cannot explain or even match the 
observed experimental r e s u l t s . Dryout of a catalyst surface 
appears possible only when much larger temperature gradients are 
present. On the other hand the assumption of TlcE = 1 everywhere 
leads to u n r e a l i s t i c dependence of mass transfer c o e f f i c i e n t s on 
l i q u i d v e l o c i t y . Matching the data with a single parameter model 
(an o v e r a l l mass transfer c o e f f i c i e n t ) results i n too high an 
effect of v e l o c i t y on such a parameter and i n the loss of model 
predictive a b i l i t y for d i f f e r e n t solvents. 

Conclusions 

Dynamic tracer tests can be used to determine dynamic holdup 
and catalyst contacting which i n tri c k l e - f l o w regime can be 
correlated with Reynolds and G a l l i l e o number. A simple reactor 
model for gas l i m i t i n g reactant when matched to experimental 
results for one solvent and one catalyst a c t i v i t y predicts 
reactor performance well for d i f f e r e n t catalyst a c t i v i t i e s and i n 
other solvents over a wide range of l i q u i d v e l o c i t i e s . 

Ml. 
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Figure 9. Reactor conversion as junction of liquid superficial velocity (hexane 
solvent). BiD = 8.6. Key is the same as in Figure 8. 
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Legend of Symbols 
a - i n t e r f a c i a l area (see subscripts for meaning) 
B i D - Biot number on inactively wetted or dry catalyst 

<kgLS Vp/De S e x) 
5 i ^ - Biot number on actively wetted catalyst 

( kLS vp/°e sex o r k s Vp/ De S ex) 
C A " S A S reactant concentration i n l i q u i d 
C a - l i q u i d reactant concentration 

- d i f f u s i v i t y of gaseous reactant i n the l i q u i d phase 
D E - effective d i f f u s i v i t y of gaseous reactant i n the catalyst 

p e l l e t 
dp - effec t i v e mean p a r t i c l e diameter (6 Vp/S e x) 
GaL - G a l l i l e o number (d p 3 g P L 2 / U L 2 ) 

% - dynamic l i q u i d holdu
Hgg - s t a t i c external l i q u i

- adsorption equilibriu
k v - rate constant per unit catalyst volume 
k i - mass transfer c o e f f i c i e n t ( i single or multiple subscript) 
L - t o t a l reactor length 
Re^ - Reynolds number (dp ug L Ρχ/μΐ.) 
S C L - Schmidt number ( U I / P L D A ) 

S e x - external area of catalyst p a r t i c l e 
ugL - l i q u i d s u p e r f i c i a l velocity 
Vp - p a r t i c l e volume 
V s - volume of the active catalyst layer 
X(X - l i q u i d reactant conversion 
ζ - a x i a l coordinate 
ε Β - bed porosity 
η - catalyst effectiveness factor (completely wetted pellet) 
T)Q - t o t a l contacting e f f i c i e n c y 
^CE " external contacting e f f i c i e n c y 
λ - parameter (eq. T9) 
μ - f i r s t mement of the impulse response 
y L - l i q u i d v i s c o s i t y 
PL - l i q u i d density 
φ - p e l l e t modulus (V p/S e x) A V / D E 

φ 3 - active s h e l l modulus ( V s / S e x A V / D E 

cop - dynamic saturation (%/eg) 
A - gas reactant A 
a - adsorbing tracer 
app - apparent value 
e - at gas-liquid equilibrium 
g£ - gas-liquid 
gLS - l i q u i d - i n a c t i v e l y wetted s o l i d 
L - l i q u i d 
LF - l i q u i d f i l l e d 
LS - l i q u i d actively wetted s o l i d 
na - nonadsorbing tracer 
ο - l i q u i d feed conditions 
s - overall (gas-active l i q u i d - s o l i d ) 
TF - two phase flow 
α - l i q u i d reactant (a-methylstyrene) 
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35 
Exothermic Gas Absorption with Complex 
Reaction: Sulfonation and Discoloration in the 
Absorption of Sulfur Trioxide in Dodecylbenzene 

R. MANN, P. KNYSH, and J. C. A L L A N 

University of Manchester Institute of Science and Technology, Department of 
Chemical Engineering, Manchester, M60 1QD England 

Experimental measurements of absorption fluxes and 
colour developmen
between sulphur trioxid
carried out in a stirred ce l l absorber. A model with 
two parallel reaction paths representing 
sulphonation and discolouration has been applied to 
analyse the exothermic absorption accompanying 
conversions up to 70%. The results show that the 
two reactions have similar activation energies and 
that temperature increases greater than 100°C occur 
at the interface during absorption. The absorption 
enhancement factor exhibits a maximum value as l iquid 
phase conversion proceeds. 

Gas-liquid reactors present a number of interesting problems 
i n reactor analysis and design which arise from the coupling of mass 
transfer and chemical reaction processes. Thus, the d i f f i c u l t y of 
resolving the re l a t i v e contributions of filmwise and bulkwise 
reaction remains unsolved for a l l but the simplest k i n e t i c s . Such 
d i f f i c u l t i e s are compounded when thermal effects and s i g n i f i c a n t 
heat release accompany the absorption and reaction. 

Whilst early work indicated that for carbon dioxide absorption 
heat release could not be expected to be si g n i f i c a n t O ) , Van de 
Vusse had already remarked i n 1966 (2) that the absorption of 
chlorine into a hydrocarbon could produce flames at the interface. 
Around that time the heat effects accompanying ammonia absorption 
were estimated to give increases of around 15°C across the mass 
transfer f i l m (3)> and subsequently further treatments quantified 
temperatures up to 40°C (4,5,6). 

Systems involving the absorption of S0~ into organic l i q u i d s 
involve surface temperatures up to 100°C higher than the bulk (7) 
and Beenackers has experimentally observed surface b o i l i n g for 
absorption of SO^ i n benzene (8). The i n d u s t r i a l sulphonation of 
high b o i l i n g l i q u i d s l i k e l i n e a r a l k y l benzenes can i n theory give 
r i s e to very high temperatures since evaporative cooling does not 
occur before thermal degradation temperatures are reached. 

0097-6156/82/0196-0441$06.00/0 
© 1982 American Chemical Society 
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Discolouration of l i q u i d product i n the manufacture of detergent 
sulphonates from l i q u i d s l i k e dodecylbenzene i s a problem 
associated with the severity of sulphonation conditions. High 
productivity of reactors tends to be limited by the formation of 
colouring agents which may moreover be malodourous. A lack of 
rigour i n interpreting mass transfer e f f e c t s i n gas-liquid 
sulphonation with SO- has resulted i n an ad-hoc variety of reactor 
types ranging from sparged reactors (9)· through f a l l i n g f i l m 
reactors (1£) with scraped surface reactors (JO and spray reactors 
i n between. A l i q u i d - l i q u i d reactor using SO- dissolved i n l i q u i d 
SOg has even been proposed (^2) to by-pass problems of gas-liquid 
systems. Precise quantitative design of e f f i c i e n t d i r e c t 
sulphonation reactors which minimise discolouration and permit high 
productivity at high SO- concentrations, requires knowledge of the 
basic reaction kinetics* d th  heat d  transfe
occurring at the interface
transfer display complexitie  analogou
isothermal catalyst p e l l e t s and m u l t i p l i c i t i e s are predicted to 
occur across the transfer films (13)* 

Laminar Jet Experiments 
A f u l l set of dodecylbenzene laminar jet experiments at 

carefu l l y controlled SO^ concentrations from 3$ to 30% have been 
undertaken. The theory of absorption with pseudo f i r s t order 
reaction, incorporating the influence of interface temperature 
increase on s o l u b i l i t y driving force reduction, and using the 
si m p l i f i c a t i o n that the heat transfer f i l m i s much thicker than the 
mass transfer f i l m as shown i n F i g . 1, has been used to produce the 
estimates of int e r f a c i a l temperature shown i n F i g . 2. At the 
highest 30$ SO- composition, the interface temperature at the base 
of the 14mm diameter j e t i s estimated to be 114 C above the datum of 
25°C. The k i n e t i c parameters f or £he rate of reaction of SO- have 
been estimated to be A = 1.24 X 10 9 and Ε = 24,700 cal/mole" 1 : 5( 14). 
For these k i n e t i c parameters the h a l f - l i f e of SO- during absorption 
varies greatly with j e t length as shown i n Fig. ? for 30$ SO-. The 
value of the Hatta number at the base of the laminar jet increases 
from 1.78 for 3$ SO- to 479 for 30$ SO-, placing the reaction i n the 
fast regime. ^ ^ 
St i r r e d C e l l Experiments 

A gas-liquid s t i r r e d c e l l reactor with a well defined plane 
interface permits a study of the heat and mass transfer e f f e c t s 
throughout the entire range of dodecylbenzene conversion up to 
100$. Experiments have been carried out using a 900ml charge of 
l i q u i d dodecylbenzene (Dobane JN alkylate) with continuous feed of 
SO- diluted with nitrogen. Samples of the bulk l i q u i d phase were 
pe r i o d i c a l l y withdrawn and analysed for sulphonic acid and for 
degree of discolouration by measuring the absorbance at a 
wavelength of 420 nm. 

The conversion-time behaviour for variation i n gas phase 
composition at a fixed o v e r a l l gas flowrate and s t i r r e r speed i s 
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0.1 0.2 0.3 

gas phase mol f r a c t i o n of SO 

Figure 2. Interface temperature rise at the jet surface. 
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Figure 3. Reaction half-life of SO* at jet surface. 
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shown i n F i g . 4(a). I t i s clear that gas phase composition affects 
the absorption rate. F i g . 4(b) shows the effe c t of varying the 
s t i r r e r speed from 100 to 500 rpm and i n t h i s case no s i g n i f i c a n t 
eff e c t can be detected. On the other hand, F i g . 4(c) indicates that 
the gas flowrate at a fixed composition influences the flux and 
hence the conversion achieved i n a given time. Whilst t h i s might be 
taken to indicate gas-phase controlled mass transfer, care i s 
necessary i n drawing such a conclusion because heat release a f f e c t s 
s o l u b i l i t y (hence driving force) i n a complicated way and also 
changes chemical enhancement for a f i n i t e activation energy. At 
any rate, i t i s necessary to accurately assess i n t e r f a c i a l 
temperatures i n these experiments because of the p o s s i b i l i t y that 
these could a f f e c t the discolouration reactions. 

F i g . 5 shows how the discolouration developed i n these semi-
batch experiments i s correlated against conversion  At low 
conversion levels up t
conditions do not affec
Beyond 50$, there i s some evidence that under severe conditions ( i e . 
30$ SO-) the degree of discolouration i s accelerating. However for 
the purposes of i n i t i a l assessment, the by-product colour can be 
represented by a p a r a l l e l reaction where the sulphonation and 
discolouration reactions have similar activation energies. 
Brostrom's colour results are d i f f e r e n t , and shown i n F i g . 5 for 
comparison (15). 
Exothermic Absorption with Two P a r a l l e l Reactions 

The reaction scheme i s therefore 
product sulphonic acid 
discolouring by-product 

Within the mass transfer f i l m the reaction of SO- with 
dodecylbenzene i s described by 

2 2 
D A

d °A = -D p
d CB = ( k ^ T ) + k 2 ( T ) ) C A C B (1) 

dx 2 dx 2 

2 

06j"§ = ( Δ Η Κ 1 ^ ( Τ ) + Û H R 2 k 2 ( T ) ) C A C B (2) 

subject to the boundary conditions 
cA = c CA.(T.) cA = c A b l 

Cg* . χ = 0 and C B = C B b J X - ̂  
T» J Τ = Τ. χ = x„ 

(3) 

'b H 
The i n t e r f a c i a l and bulk boundary conditions are assumed 

quasi-stationery with respect to the timewise increase i n 
conversion of Β (dodecylbenzene) and the variation of unreacted 
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0.2 0.4 0.6 0.8 1.0 
conversion to su1 phonic acid 

Figure 5. Discoloration vs. conversion. Key is the same as in Figures 4a-c. 
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dissolved A (SO-) i n the bulk. These bulk accumulation terms are 
the net result o f the balance between Β d i f f u s i n g into the mass 
transfer f i l m , A d i f f u s i n g out of the mass transfer f i l m and the 
reaction of A and Β throughout the bulk. For A thi s gives 

• - D A ^ | x = x „ " 5 ( k 1 ( T b ) + k 2 ( T b ) ) C A b C B b (4) 

with a coupled relationship for the rate behaviour of Cg. . The 
diffusion/reaction equations (1) and (2) are thus embedded within a 
pair of f i r s t order ordinary d i f f e r e n t i a l equations which govern 
the degree of conversion of Β achieved i n a given time. The 
d i f f i c u l t y of computation was resolved by using a linear 
approximation for the p r o f i l e of Β through the mass transfer f i l m 
(this i s equivalent to th  Va  Krevele d Hoftijze  approximatio
(16)). Such a linear approximatio
and slow reaction and involve y  percen
the intermediate regimes. The i n t e r f a c i a l concentration of Β i s 
thus obtained from 

» . ^A d C
A | x „ (5) 

CB " CBb + d x i x=0 ^ 
Furthermore, as i n the previously developed theory (7), 

because the thermal d i f f u s i v i t y i s so much greater than the mass 
d i f f u s i v i t i e s Equation (2) simp l i f i e s to 

c t ^ | = 0 (6) 
dx^ 

so that the temperature p r o f i l e i s linear from T* at x=0 to T. at 
x=x„ and the fil m reaction takes place at the interface temperature T»7 

In t h i s way, the diffusion/reaction equations are reduced to 
t r i a l and error algebraic relationships which are solved at each 
integration step. The progress of conversion can therefore be 
predicted for a particular semi-batch experiment, and also the 
inter f a c i a l conditions of A,Β and Τ are known along with the 
associated influence of the film/bulk reaction upon the ov e r a l l 
s t i r r e d c e l l reactor behaviour. It i s important to formulate the 
di f f u s i o n reaction equations incorporating depletion of Β i n the 
fi l m , because although the reaction i s close to pseudo f i r s t order 
i n i t i a l l y , as Β i s consumed as conversion proceeds, consumption of 
Β i n the fi l m becomes s i g n i f i c a n t . 

The correct physico-chemical parameters to be used i n 
simulations of the s t i r r e d c e l l reactor presents some d i f f i c u l t y 
since some parameters are susceptible to uncertainty. In 
particular, the influence of v i s c o s i t y changes as conversion 
proceeds has a simultaneous e f f e c t upon the di f f u s i o n c o e f f i c i e n t s 
and the mixing intensity generated by the l i q u i d phase s t i r r e r . The 
simulations presented i n F i g . 4(a) to 4(c) use the relationship 

JJLL = 2.72 X 10"6exp(2980/T + 0 Χ β ) 
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with 0 = 2.0. This i s a somewhat lower v i s c o s i t y dependence than 
that used by Brostrom (J5), but i t provides f o r fluxes and 
conversion time behaviour i n a close correspondence with the 
experimental results* The v i s c o s i t y changes through a batch are 
severe with increasing from 0.56cp i n i t i a l l y to 90cp at 100$ 
conversion. The vi s c o s i t y affects D. through the- Wilke-Chane 
correlation (17K I n i t i a l values are ΚΓ =0h655 X 10 mol cm s 
and k =1.4 X 10" q mol cm 2 s , with km N 0 # 5 and k «t G 0 # 5 being 
used to extrapolate to dif f e r e n t s t i r r i n g speeds and Tgas flowrates. 
The k i n e t i c parameters used are exactly those determined from the 
laminar jet measurements. 

D i f f i c u l t i e s also arise i n respect of simulating 
discolouration because the ide n t i t y and quantity of the 
discolouring bodies are not known. The development of 
discolouration as measure
assuming that discolouratio
conversion range, with an absorbance of 1.77 at 100$ conversion. 
This l e v e l of absorbance i s then taken to correspond to a molar 
impurity of 1$ 0 8 ) . Discolouration can then be closely predicted 
with regard to time (and of course conversion). Hence 
E 1 =E 2=24,5000 cal mol" 1 and A2=A- X 10 , with AHR1= à H R 2. 

The importance of incorporating a rigorous treatment of the 
fil m heat and mass transfer processes i s that i n t e r f a c i a l 
conditions are determined whilst conversion and colour development 
are being predicted. F i g . 6(a) shows the predicted variation of 
interface temperature T* with time for conditions corresponding to 
Jjlg. 4(a)(variation i n gas composition at N=400 rpm and G=2.3 mol s" 
). Substantial interface temperatures appear to accompany the 

absorption. For 9.8$ S0 ? the i n i t i a l temperature i s 120°C above the 
bulk of 60°C. T* then r a i l s as complete conversion i s approached. 
Even for 2.7$ SO- the i n i t i a l temperature increase i s 25 C. A 
similar effect i s observed i n F i g . 6(b) with the highest T* 
occurring for the lowest s t i r r e r speed of 100 rpm. Absorption i n 
the s t i r r e d c e l l i s evidently quite exothermic. 

The exothermic absorption gives r i s e to complex behaviour of 
the Enhancement Factor. As F i g . 7 shows, for y_ = 4.9$· G=2.3 mol 
s" and N=400 rpm, the flux and T* f a l l continuously with time, but 
the Enhancement Factor passes through a maximum value of 27 after 50 
minutes. This results from interference of s o l u b i l i t y decrease 
with rate constant increase, where Ε i s defined by 

ρ . C»(T») >/M1 

" C * ( V tanhjM 1 

F i n a l l y , F i g . 8 indicates the s e n s i t i v i t y with respect to 
variation i n activation energy for the by-product reaction. I f the 
two p a r a l l e l reactions did have differences of the order of + 10 
kcal mol" , then variation of gas phase composition (at fixed Ν and 
G) as per F i g . 4(a), would give a wide spread of absorbance 
behaviour, caused by differences i n i n t e r f a c i a l temperature. 
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200 *· 

170 

Y A b - 0.098 

140 

110 À 

80 
Ô 20 40 

time minutes 

Figure 6a. Interface temperature predictions as yAb varies, when N = 400 rpm. 

100 rpm 

120 

time minutes 

Figure 6b. Interface temperature predictions as N varies, when y AI, = 0.049. 
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Legend of Symbols 
pre-exponent 
s t i r r e d c e l l s p e c i f i c surface area 

A^ pre-exponential factor of i t h reaction 

Cj concentration of component I 
Dj d i f f u s i v i t y of component I 
Ε absorption enhancement factor 
Ê ^ activation energy of i t h reaction 
G gas molar flow rate 
k reaction rate constant 
k x l i q u i d phase mass transfer c o e f f i c i e n t 
k gas phase mass transfe
M Hatta number at interface temperature 
Ν s t i r r e r speed Subscripts 
Τ temperature A sulphur trioxide 
χ position i n transfer f i l m Β dodecylbenzene 
XJJ thickness of mass transfer f i l m b bulk value 
^ thickness of mass transfer f i l m Superscript 
O t thermal d i f f u s i v i t y * interface value 
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36 
Analysis of Chemical and Physical Processes 
During Devolatilization of a Single, Large 
Particle of Wood 

R. WAI CHUN CHAN and BARBARA B. KRIEGER 

University of Washington, Department of Chemical Engineering, Seattle, WA 98195 

The detailed product distribution (tar,gases,char,and 
components in each
flux pyrolysis of a
experimentally investigated. Previous mathematical 
models of wood pyrolysis were extended and predictions 
of density and temperature profiles were in agreement 
with experimental data. The rate of heat transfer and 
particle length are shown to alter the reaction 
product distribution with a larger tar fraction 
occuring for realistically large particles. 

A desire for optimal energy recovery within the forest 
products industry has caused interest in stoker-boiler simulation 
Q ) . I f the v o l a t i l e s from a single p a r t i c l e can be accurately 
predicted and optimized, combustor design can be improved. 
Although processing small particles might be desirable, size 
reduction of fibrous wood particles is d i f f i c u l t and expensive. 
Knowledge of the effects of p a r t i c l e size, wood anisotropy, 
moisture content, and species type on v o l a t i l e s release can aid in 
better fuel mixture preparation and process design for chemicals 
production. Owing to the relative uniformity of composition 
^15^21^10 ^' * a c k °* mineral matter (less than 0.5% ash), and 
regular but anisotropic physical structure, wood represents an 
interesting model for study of other so l i d fuels such as o i l shale 
and coal. These w i l l also be devolatilized in thermally large 
pa r t i c l e s in such applications as underground g a s i f i c a t i o n , or 
small scale commercial combustion. 

Models of wood pyrolysis and combustion have been developed 
to aid in f i r e safety and have treated various physical and 
chemical phenomena (3-9). Several studies have determined 
v o l a t i l e s composition from rapid pyrolysis of small particle s 
(10-13). However, few studies have combined modeling of heat 
transfer effects and detailed experimental results(8). To our 
knowledge, no study has measured v o l a t i l e s composition as a 
function of time from d e v o l a t i l i z i n g large particles of wood. 

0097-6156/82/0196-0459$06.00/0 
© 1982 American Chemical Society 
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Brief Description of Mathematical Model 

The properties of vood(7,14) were used to analyze time scales of 
physical and chemical processes during wood pyrolysis as done in 
Russel, et al (_15) for coal. Even at combustion level heat 
fluxes, intraparticle heat transfer is one to two orders of 
magnitude slower than mass transfer (volatiles outflow) or 
chemical reaction. A mathematical model reflecting these facts is 
briefly presented here and detailed elsewhere(16). It predicts 
volatiles release rate and composition as a function of particle 
physical properties, and simulates the experiments described 
herein in order to determine adequate kinetic models for 
individual product formation rates. 

A one dimensional model is presented for heat transfer and 
reaction in a cylindrica
time-varying radiation
carrier gas and radiative loss at both faces are also treated. 
Within the pellet, heat is transfered by conduction and absorbed 
by reaction. The volatiles from chemical reaction are assumed to 
be in thermal equilibrium with the solid, and cool i t during 
volatiles outflow. They are assumed to flow toward the heated 
face only which has been experimentally verified08) to be a valid 
approximation. This analysis extends previous models(6,7) by 
including additional effects, more extensive treatment of variable 
properties, and different boundary conditions. Volatiles release 
rate is computed as the instantaneous value of the change in 
density integrated over the pellet length and currently ignores 
the mass transfer resistance within the wood. This approach was 
taken fi r s t since wood is highly porous and the chemical model is 
simple. Kinetic parameters for weight loss rate(2) were used. 
For a more complex mechanism, best f i t , experimental, product 
formation rate parameters for devolatilizing small particles of 
cellulose(ll) and non-stoichiometric parameters times the rate 
coefficients for wood(26) were both used. The experiments 
described below indicate which product species require 
series-parallel mechanisms. The heat of reaction for wood is not 
well known (6,17) and depends on the extent of secondary reactions 
within the wood (19) (also dependent on particle size). In this 
model, i t is treated as a parameter. 

The energy and mass balances and rate of reaction equations 
are given in Table 1 together with boundary conditions, 
nomenclature, and values of the physical properties. Thermal 
conductivity and thermal diffusivity are assumed to be linear 
functions of the density (verified by Wong^20) and McClean(14)). 
The porosity and heat capacity C are linear functions of their 
i n i t i a l and final values using the ?atio, eta, as follows: 

Ρ ~P 
η = · S = ne Q + (l-n) e c ; q ? s = nCpQ + (l-n) C p c -

The variation in gas remaining in the solid is neglected since it 
is small compared to the amount of volatiles outflow . The 
equations are solved in dimensionless form by codes (21) using the 
method of finite differences. 
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B r i e f Description of Experiments 

A schematic diagram of the experimental apparatus i s shown in F i g . 
1. A high intensity^xenon arc lamp provides a constant external 
heat flux (4-12 cal/cm /s) to one face of a carefu l l y positioned 
wood p e l l e t . The reduction i n net radiation a r r i v i n g at the 
surface during high rates of v o l a t i l e s outflow i s quantified i n 
Chan(22) and Kashiwagi(23). The evolving gases are swept by 
helium c a r r i e r gas through a glass reactor designed to prevent tar 
condensation on the window facing the lamp. Tracer studies on 
this reactor showed a residence time d i s t r i b u t i o n (RTD) 
characterized by a Peclet number of 3-5. 

V o l a t i l e products evolving from the pellet are quenched by 
helium and a dry ice-acetone trap. Uncondensed gases are sampled 
above the trap as a functio f tim  b  programmabl
chromatographic (GC) samplin
machine. The time and spatia y  pelle
i s measured by an X-ray technique described by Lee, et a l . After 
the experiment is completed, the gas samples are sequentially 
analyzed by GC, tar samples and reactor washings are analyzed by 
GC/MS according to a sli g h t modification of the procedure 
described in Ref. 24. Char and unreacted portions are weighed 
and analyzed. Small pellets have total mass less than 0.5 g 
requiring careful experimental techniques. 

The 1. cm diameter pellets are carefully lathed from a slab 
of lodgepole pine wood with uniform grain direction, dried, 
thermocouples (chromel-alumel, 0.005 i n . diam.) are placed at 
three depths, and the wood i s inserted in the reactor. The heated 
face temperature i s measured approximately by an. infra-red 
pyrometer which was calibrated with thermocouples at the surface. 
A s l i g h t positive pressure is applied to the unheated face. Since 
the runs are lengthy and complex interactions are present, the 
experiments are performed according to a Box-Behnken design(25) i n 
which the factors studied are: external heat flux; p a r t i c l e 
density, length, grain direction (for wood); composition (wood, 
cel l u l o s e , l i g n i n , c o a l , shale). Preliminary model runs indicated 
suitable levels for these factors and only the main effects of 
pa r t i c l e length on some compositions w i l l be reported here (22). 
One advantage of a Box-Behnken design is hidden replication; thus 
the data for each pa r t i c l e length roughly corresponds to the 
average of 4 runs(22). 

Results and Discussion 

The a b i l i t y to predict v o l a t i l e s release rate and composition is 
of interest for furnace simulations (1)· F i g . 2 presents 
calculated v o l a t i l e s flux as a function of time in dimensional 
form for three pellet lengths using the experimentally determined 
time-dependent surface flux of 3-4 cal/cm"/s and a single reaction 
to describe weight loss. This figure is to be compared to the 
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experimental data i n Figs, 3 and 4. Two d i s t i n c t peaks of 
v o l a t i l e s release are observed, with the l a t e r peak displaced to 
longer reaction times and reduced i n amplitude as p e l l e t length i s 
increased. Model calculations and other studies(6) show the 
height and time of the second maximum i s governed by the char 
conductivity assumed when a single f i r s t order reaction i s used. 
The second maxima in F i g . 2 are somewhat reduced owing to the 
time-dependent net radiation resulting from our inclusion of 
v o l a t i l e s absorption. In addition, our model uses an 
experimentally determined continuous function of density for the 
char conductivity. When the experimental RTD i s used to adjust 
the v o l a t i l e s release rate predicted by the model, there is only a 
s l i g h t delay in the curves appearing i n F i g . 2. 

F i g . 3 presents the experimental CO y i e l d versus time for 
the same 3 pel l e t lengths  peak  als  fo  CH^ d Ĥ O 
(22). The gas species y i e l
similar to those for CO  experimenta
d i s t i n c t in the experiment than in model predictions owing to the 
requisite time between 2 successive GC samples. F i g . 4 shows 
product d i s t r i b u t i o n as a function of time resulting from 
d e v o l a t i l i z a t i o n of the 1.5 cm p e l l e t (the larger pellet gives 
greater s e n s i t i v i t y concentration measurements). Water-free tar 
i s the major product and i t s production increases with p a r t i c l e 
s i z e . 

The discrepancy between model (Fig. 2) and experiment (Fig. 
3) as to when the maximum rate of v o l a t i l e s release occurs is 
intri g u i n g . For purposes of predicting i g n i t i o n behavior of wood, 
others (3-8) have focused on prediction of the i n i t i a l v o l a t i l e s 
release. Data presented here indicate l a t e r v o l a t i l e s release is 
larger, quite'delayed, and of different composition especially as 
p a r t i c l e size is increased. Calculations using various Arrhenius 
parameters for a single reaction indicate the amplitude of the 
f i r s t maximum is always greater than the second, suggesting that 
the magnitude of the d e v o l a t i l i z a t i o n rate c o e f f i c i e n t i s not 
responsible for the discrepancy. Judging from the chemical 
structure of cellulose (a carbohydrate) and l i g n i n (phenyl propane 
polymer), the ethylene and acetylene are unlikely to be primary 
reaction products. The shape of their experimental 
çoncentration-time curves indicate their composition probably 
cannot be predicted unless more complex kinetics are included. 

In order to assess whether secondary reactions to form CO 
could be responsible for the experimental CO versus time curve 
shape, a se r i e s - p a r a l l e l k i n e t i c mechanism was added to the model. 
Tar and gas are produced in the i n i t i a l weight loss reaction, but 
the tar also reacts to form gas. The rate coefficients used are 
similar to hydrocarbon cracking reactions. F i g . 5 presents the 
model predictions for a single pellet length. It is observed that 
the second v o l a t i l e s ' maximum is enhanced. For other pellet 
lengths, the time of the second peak follows the same trends as in 
the experiments. While the physical model might be improved by 
the inclusion of f i n i t e rates of mass transfer, the porosity is 
quite large and Lee, et al have v e r i f i e d v o l a t i l e s outflow is 
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rapid. The model of Kansa, et al treated forced convection of 
v o l a t i l e s (no experiments were conducted), and they concluded 
simple kinetics were not adequate to predict weight loss rate. 

I t i s a principal conclusion that i n large wood chip 
pyrolysis, experimental product d i s t r i b u t i o n versus time behavior 
cannot be predicted with simple f i r s t order kinetics for any 
components. This deficiency i s pronounced as pa r t i c l e size 
increases and the proposed secondary reactions (of tar) add to the 
primary products. I t i s speculative but interesting to suppose 
that cracking reactions occur in the char which i s consistent with 
the greater and delayed appearance of unsaturated hydrocarbon 
peaks for experiments on longer p e l l e t s . 

While the experimental data here and i n Chan (22) are 
inherently useful, they also provide the basis for successfully 
determining a simple kineti
v o l a t i l e s production rate
s o l i d fuels. 
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Characterization of Nonisobaric Diffusion Due to 
Nonequimolar Fluxes in Catalyst Particles 

C. M C G R E A V Y and M . ASAEDA 1 

University of Leeds, Department of Chemical Engineering, Leeds LS2 9JT, England 

Unsteady state diffusion in monodisperse porous solids 
using a Wicke-Kallenbac
equimolal diffusio
gradients which require a non-isobaric model to 
interpret the data. The values obtained from this 
analysis are then suitable for use in predicting 
effectiveness factors. There is evidence that adsorp
tion of the non-tracer component can have a considerable 
influence on the diffusional flux of the tracer and 
hence on the estimation of the effective diffusion 
coefficient. For the simple porous structures used 
in these tests, it is shown that a consistent defini
tion of the effective diffusion coefficient can be 
obtained which applies to both the steady and unsteady 
state and so can be used as a basis of examining the 
more complex bimodal pore size distributions found in 
many catalysts. 

There has been considerable preoccupation with devising 
experimental techniques for measuring d i f f u s i o n c o e f f i c i e n t s i n 
porous media so that they can be used i n predicting effectiveness 
factors for heterogeneous c a t a l y t i c reactors. Using a parameter 
such as the d i f f u s i o n c o e f f i c i e n t presumes that t h i s w i l l enable 
the concentration p r o f i l e s and fluxes to be determined, so that 
estimates of reaction rates subject to d i f f u s i o n a l limitations can 
be predicted. Thus, not only should i t be necessary to obtain an 
eff e c t i v e d i f f u s i o n c o e f f i c i e n t from the experimental observations 
using a suitable mathematical model, but this should also be an 
appropriate parameter to use i n other circumstances, e.g. when a 
reaction i s occurring, although i t has been suggested that this 
does not always prove to be the case (l-j>). 

In porous media, i n addition to the i n t r i n s i c properties of 
the d i f f u s i n g species, the structure of the s o l i d has an important 
influence on the transport mechanisms. Any description of the pro-
cesses taking place should account for these features and the 

1 Current address: Hiroshima University, Hiroshima, Japan. 
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influence they have on the various transport mechanisms. One of 
the important char a c t e r i s t i c s i s that, unlike bulk d i f f u s i o n , 
equimolar counter-diffusion may not occur even when external i s o -
baric conditions are maintained. An important example i s when 
chemical reactions occur. Fa i l u r e to preserve equimolar counter 
d i f f u s i o n induces a t o t a l pressure gradient which, i n addition to 
the concentration gradients affects the fluxes (6). It i s there
fore necessary to know when these effects should be taken into 
account and how they are related to the st r u c t u r a l characteristics 
of the porous s o l i d . 

Both steady state and unsteady state methods have been deve
loped for measuring e f f e c t i v e d i f f u s i o n c o e f f i c i e n t s i n porous 
solids but they do not necessarily give consistent values. The 
unsteady state chromatographic method (8-12) requires analysis of 
a comparatively comple
several parameters to b
disadvantage that i t only gives average values for a packed bed 
and cannot be used for ir r e g u l a r p e l l e t s . The other commonly used 
methods, based on the Wicke-Kallenbach c e l l give values for a 
single p e l l e t and can be tested under both steady state and un
steady state conditions. Although o r i g i n a l l y designed for steady 
state studies (13), a dynamic method has been developed which i s 
simple to use (14-18). Recent observations of the transient 
response i n a modified c e l l (7) have indicated that, inside the 
p e l l e t s , s i g n i f i c a n t pressure gradients can develop. Since t h i s 
can be expected to affect the d i f f u s i o n fluxes, the d e f i n i t i o n of 
appropriate d i f f u s i o n parameters which can be equally well applied 
to reacting systems should be explored. There i s therefore a need 
to examine the basis on which the observations from d i f f u s i o n cells 
are analyzed i n order to obtain d i f f u s i o n parameters, i n particular 
where the transport mechanisms are influenced by non-isobaric con
ditions. This insight can be used as a basis for establishing the 
most appropriate measurement procedures, so that they can be re
lated to conditions where simultaneous reactions and d i f f u s i o n 
occurs. I t w i l l be shown that some care i s needed i n using data 
obtained from a Wicke-Kallenbach c e l l , especially i n the unsteady 
state and where adsorption can occur. It i s limited to a system 
having a monodisperse pore siz e d i s t r i b u t i o n so that the structural 
characteristics are well defined and can be unambiguously compared 
with steady state measurements. 

Model of Diffusion i n a Porous S o l i d 

In the Wicke-Kallenbach c e l l , d i f f u s i o n occurs i n one dimension 
through the porous s o l i d as a result of a concentration, Co, at 
one of the two faces (z=0) of the s o l i d the other, at distance 
(x=L), being maintained at a value approaching zero, while keeping 
the t o t a l pressure at each face constant. For a two component 
mixture of A and Β the steady state f l u x of A i s given by: 
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- 1 . P_ 3χ - p
A e

P g χ 
JA " 1 - α Α χ Α , RT 3z A " RT 3 z A ( 1 ) 

AB A 1 + D D ABe KA 

where D. = (2) 
Α β 1 " aAB XA + 1 

D D ABe KA 
which si m p l i f i e s to the form D 4 = — r when x A « 1 (3) 

Ae 1 + 1 A 
DABe °KA 

Most studies have assumed equatio  (3) t  apply  that equatio
(1) takes the form of Fick'
d i f f u s i o n D^ taking accoun
For the stealy state operation of the Wicke-Kallenbach c e l l , t h i s 
can often be a reasonable assumption. Smith et &1 (18) have also 
used this description of the transport processes to analyze the 
situat i o n when a pulse of the trace component i s applied at z=0 
and the concentration i s monitored at z=L. For s u f f i c i e n t l y high 
flow rates of the c a r r i e r gas, the f i r s t moment of the response 
curve to a pulse input i s : 

y° - ^ 
μ1 6D 

2 

Ae 
where t i s the width of the pulse. When adsorption of the tracer 
occurs, the expression for the f i r s t moment becomes complex and i t 
i s also necessary to make use of the second moment i n order to 
estimate both the adsorption constant and the d i f f u s i o n coefficient 
Unfortunately, i n the unsteady state, equation © i s not s t r i c t l y a 
v a l i d approximation and the non-trace component should also be 
taken into consideration because α β Α 4= α ^ , so 4= Dfi . The con
sequence of this i s that the fluxes w i l l not, i n general balance 
so as to keep the pressure constant, and therefore the equations 
need to allow for additional contributions to the fluxes a r i s i n g 
from pressure gradients.As already noted, such pressure variations 
have, i n fact been observed experimentally (7). For a binary mix
ture the appropriate flux equations, assuming any absorption i s at 
loc a l equilibrium, are (7,20) 

ε 
RT 3t 3t 

3J, i = A, Β 
3z 

where 
JA = 

°KA LKA 
RT 3z 

(4) 

<5) 
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P DABe . 1_ dx 

°KA . DABe R T 3 Z < 6 > 

XA + 

*A + 

D XB + D~ ABe KB 

( DKA / R T> *B 
D D KA ABe 

1 + D + Β Ρ /x A + D. ABe ο ! A j 
D D υ I D KA KA MmV KB 

KA XB + DABe 13P 

ABe KB 
with the adsorption equilibrium being given by 

i RT n, - f * P 4 + n ± o ; i=A, Β: ψ Ξ α, β (7) 

For a pulse i n the trac
ditions apply: 

Ρ *A = XAL 
X. = X. A AO 
XA = XAL 
Ρ Po 

and for a step change: 

XA = XAL ; P 

XA = XA0 ; 

Ρ = Po 

Po at 0< ζ < L for t < 0 
at ζ = 0 for 0 < t ^ t 

ρ 
at ζ = 0 for t < t ρ (8) 
at ζ = 0, L for a l l t. 

Po at 0 <: ζ < L for t < 0 
at ζ = 0 for 0 < t (9) 
at ζ = 0, L for a l l t. 

These equations can be solved numerically and w i l l only be iden
t i c a l to the isobaric case when Μ*Α = M^. 

Experimental Equipment 

Basically, the equipment i s a standard Wicke-Kallenbach c e l l , 
except that provision i s made for introducing a pulse of the trace 
component on one face of the porous sample, i . e . z=0. However the 
design does have to take into consideration the need to c a l i b r a t e 
the detection unit for lags i n the system.This does not seem to 
have been carried out i n other work reported which used t h i s tech
nique. Failure to make t h i s correction can lead to s i g n i f i c a n t 
errors i n the values of the d i f f u s i o n c o e f f i c i e n t which are ex
tracted from the experimental data e.g. see F i g . l . 

The porous samples used i n t h i s study were plugs made up from 
fine glass powder of a few microns i n diameter so as to give a non 
adsorptive, simply-structured medium. They were formed by compres
sing the powder with a small amount of moisture i n a brass cylinder 
and leaving f o r several days at room temperature, after which they 
were dried under mild conditions. F i n a l drying and desorption i s 
carried out i n a vacuum dessicator. The appropriate physical 
properties of a porous sample are given i n Table 1. 
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Figure 1. Response to He-pulse of width 1 s showing the correction needed to 
account for lags associated with detector. Key: , observed; , observed 

(corrected); and , theoretical (nonisobaric). 
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TABLE I Physical Properties of the Porous Sample 
of Glass Powder 

Length = 2.0 cm; Cross sectional area = 0.126 cm 
Porosity = 0.425 D = 0.635 cm /sec. 

= 0.177 cm / s e c ; Β = 37.9 χ 10 (sec). ο 
Flow permeabilities for a range of applied pressure differences 
were measured i n a separate apparatus using a procedure described 
i n d e t a i l elsewhere (5). 

He Pulses i n Nitrogen Figure 1. i l l u s t r a t e s a t y p i c a l res
ponse curve (continuous line) obtained for a 1 second pulse of He 
i n a nitrogen c a r r i e r ga
the e f f e c t i v e d i f f u s i o
compare this with steady state data, i t i s necessary to make use of 
equation (3). 

Values of the terms on the RHS of equation (3) are obtained 
from steady state d i f f u s i o n experiments and the flow permeability 
apparatus. The data are summarized i n Fig.2, which shows that 
they are compatible, since they converge to common values for each 
of the gases at low pressures. The corresponding tortuosity factor 
of 1.7 i s also well defined. Using these data 

2 2 D„ a - 0.177 cm /sec. D__T = 0.635 cm /sec. n e — K H e 
2 2 which gives D__ = 0.138 cm /sec. nee 

The agreement of the e f f e c t i v e d i f f u s i o n c o e f f i c i e n t from the 
steady state and transient measurements i s very good. Values ob
tained uging pulse times of 3 and 5 seconds are 0.123 cm /sec. and 
0.127 cm /sec. respectively. 

To compare these with the non-isobaric model, the flow perme
a b i l i t y constant B q i s required. The permeability tests give an 
average value of 3.79 χ 10 sec. Using this gives predicted res
ponse curve which i s i n good agreement with the observed values, 
as can be seen i n Fig.3 which also includes the concentration pro
f i l e s i n the s o l i d and dimensionless fluxes at z=L. Except for the 
f i r s t two seconds, the isobaric and non-isobaric predictions are 
the same. The difference i n the f i r s t 2 seconds i s due to the r e l a 
t i v e l y high concentration of He i n the s o l i d so that the t o t a l 
pressure gradient makes a s i g n i f i c a n t contribution to the ov e r a l l 
flux. The resulting trough i n pressure after about 1 second i s be
cause the He diffuses out faster than the Ν can replace i t . In 
this case, the small differences i n the predictions of the concen
tr a t i o n p r o f i l e s means that the estimated values for d i f f u s i o n 
c o e f f i c i e n t are almost i d e n t i c a l . 

Results 
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Figure 3. Flow and diffusional permeabilities of He and Nt in sample. Key: O, 
observed points; Δ, diffusion experiment; and , predicted. 
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I t i s i n t he n o n - p u l s e component (N ) , w h i c h i n i t i a l l y d e v e 
l o p s a peak f l u x w h i c h becomes n e g a t i v e b e f o r e f i n a l l y a p p r o a c h i n g 
z e r o , t h a t t h e e f f e c t o f t h e p r e s s u r e g r a d i e n t i s s e e n . A p o s i t i v e 
f l u x i n N 2 w o u l d n o t be p r e d i c t e d by t h e i s o b a r i c e q u a t i o n s , s i n c e 
i t must be e q u a l and o p p o s i t e t o t h e p o s i t i v e He f l u x . The e x p l a 
n a t i o n i s apparen t by e x a m i n i n g t h e t o t a l p r e s s u r e g r a d i e n t , where 
i t c a n be seen t h a t b u l k m o t i o n o f t h e f l u i d c a n r e s u l t i n a ne t 
p o s i t i v e f l u x o f N g . S i m i l a r r e s u l t s a r e o b t a i n e d w i t h longer pu l s e s , 
and f o r t h e s e ca se s t h e d i f f e r e n c e s between i s o b a r i c and n o n 
i s o b a r i c d i f f u s i v i t y becomes l a r g e r . 

D i f f u s i o n i n H e l i u m The r e s u l t s above sugges t t h a t t h e N g 

f l u x e s a r e s t r o n g l y . a f f e c t e d by t h e r a p i d m o b i l i t y o f He , so i t 
can be e x p e c t e d t h a t f u r t h e r i n s i g h t w i l l be g a i n e d by e x a m i n i n g 
t h e b e h a v i o u r w i t h n i t r o g e n as a t r a c e r , u s i n g He as a c a r r i e r g a s . 
F i g . 4 shows t h i s t o be
change from He t o N 2 a
He f l o w a f t e r 15 s e c o n d s . I t can be seen t h a t a peak i n t h e f l u x 
o f Ν o c c u r s a t z=L a f t e r r e s t o r i n g t h e He f l o w , w h i c h exceeds t h e 
s t eady s t a t e v a l u e . T h i s does not o c c u r i f He i s used as a t r a c e r 
and w o u l d no t a r i s e under i s o b a r i c c o n d i t i o n s . C o n s e q u e n t l y , i t i s 
n e c e s s a r y t o a n a l y s e t he r e sponses c a r e f u l l y t a k i n g no te o f t h e 
t r a c e component e f f e c t i v e d i f f u s i v i t i e s so t h a t n o n - i s o b a r i c 
e f f e c t s can be p r o p e r l y accoun t ed f o r . The p r e d i c t e d r e sponses 
(b roken l i n e i n F i g . 4 ) c an t h e n be seen t o d e s c r i b e t h e o b s e r 
v a t i o n s v e r y s a t i s f a c t o r i l y . 

The i n f l u e n c e o f t h e t o t a l p r e s s u r e g r a d i e n t c an be seen i n 
F i g . 6 . Thus , f o l l o w i n g t h e e s t a b l i s h m e n t o f t h e s t e a d y s t a t e 

( a f t e r about 15 s e c o n d s ) , when t h e He f l o w i s r e s t o r e d a t z=0 a 
p o s i t i v e peak d e v e l o p s w h i c h super imposes an a d d i t i o n a l f l u x on 
t h e m i x t u r e o f He and Ng t h r o u g h t h e s o l i d . S i n c e t h e c o n c e n t r a 
t i o n o f Ν i s c o m p a r a t i v e l y h i g h t h i s causes a s i g n i f i c a n t a d d i 
t i o n a l N 2

2 f l u x i n t h e p o s i t i v e d i r e c t i o n . 
C a r e i s needed i n a p p l y i n g t h e N 2 p u l s e t e c h n i q u e . F o r a 

p u l s e o f 1 second t h e n o n - i s o b a r i c a n a l y s i s g i v e s a r e a s o n a b l y 
good p r e d i c t i o n , as shown i n F i g . 6 . Longer p u l s e s , however , cause 
t h e r e sponse c u r v e s t o be d i s t o r t e d because o f t h e t endency t o 
d e v e l o p m u l t i p l e p e a k s , so t h a t use o f t h i s e x p e r i m e n t a l p r o 
cedure i s no t so s t r a i g h t f o r w a r d . 

D i s c u s s i o n 

F o r m o n o - d i s p e r s e p o r e s i z e d i s t r i b u t i o n s a c o m b i n a t i o n o f s t e a d y 
s t a t e d i f f u s i o n and f l o w p e r m e a b i l i t y measurements c a n be used t o 
c h a r a c t e r i z e t h e s t r u c t u r a l pa ramete rs w h i c h e n a b l e c o n s i s t e n t 
v a l u e s f o r t o r t u o s i t y t o be d e f i n e d . These r e s u l t s c a n be used t o 
p r e d i c t t h e dynamic r e sponse o f a W i c k e - K a l l e n b a c h c e l l t o s h o r t 
p u l s e s o f a t r a c e r gas h a v i n g a c o m p a r a t i v e l y h i g h d i f f u s i v i t y 
and e n a b l e a r e a s o n a b l e e s t i m a t e o f t h e e f f e c t i v e d i f f u s i o n 
c o e f f i c i e n t t o be o b t a i n e d . 

T h u s , a t low c o n c e n t r a t i o n s o f t h e t r a c e r , t h e moment method 
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/ \ \ F l u x of N 2 
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o. 5H 

/ F l u x of He 

- 1 . 0 

10 
Time t (sec) 

Figure 6. Puise response with N2 tracer for pulse width of 1 s. Key: 
observed (corrected); , calculated (nonisobaric). 
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f o r d e t e r m i n i n g t h e d i f f u s i o n c o e f f i c i e n t f o r t h e t r a c e r , assuming 
t r a n s p o r t under i s o b a r i c c o n d i t i o n s , i s adequa te . However , t h i s i s 
not t r u e i n g e n e r a l and c a n r e s u l t i n i n c o r r e c t p r e d i c t i o n s f o r 
f l u x e s o f t h e o t h e r component when n o n - e q u i m o l a l f l u x e s o c c u r . 
T h i s i s because o f t h e e f f e c t o f t h e t o t a l p r e s s u r e g r a d i e n t w h i c h 
d e v e l o p s w h i c h must be accoun t ed f o r i n t h e d i f f u s i o n m o d e l . 
C l e a r l y , a l t h o u g h t h i s may n o t p l a y an i m p o r t a n t r o l e i n c a r e f u l l y 
d e s i g n e d e x p e r i m e n t s f o r d e t e r m i n i n g d i f f u s i o n c o e f f i c i e n t s u s i n g 
t h i s t e c h n i q u e , i t has a c o n s i d e r a b l e b e a r i n g on t h e use o f s u c h 
i n f o r m a t i o n where n o n - e q u i m o l a l f l u x e s c an a r i s e , as w i t h c h e m i c a l 
r e a c t i o n (6). 

More i m p o r t a n t l y , t h e r e s p o n s e c u r v e s a r e n o t i c e a b l y a f f e c t e d 
where one o r b o t h o f t h e components i s a d s o r b a b l e , even a t l o w 
t r a c e r c o n c e n t r a t i o n s . The i n t e r p r e t a t i o n o f d a t a i s t h e n much 
more complex and r e q u i r e
F i g s 7 and 8 show how a d s o r p t i o
o b s e r v e d f o r He ( t h e t r a c e r ) , d e s p i t e t h e f a c t t h a t i t i s t h e n o n -
a d s o r b a b l e component. The r o l e p l a y e d by t h e i n d u c e d p r e s s u r e 
g r a d i e n t , i n a s s o c i a t i o n w i t h t h e c o n c e n t r a t i o n p r o f i l e s , c a n be 
c l e a r l y s e e n . I t i s n o t a b l e t h a t t h e g r e a t e s t s e n s i t i v i t y i s e x 
h i b i t e d f o r s m a l l v a l u e s o f t h e a d s o r p t i o n c o e f f i c i e n t , w h i c h i s 
o f t e n t h e case w i t h many common porous s o l i d s u sed as c a t a l y s t 
s u p p o r t s . T h i s s u g g e s t s t h a t r o u t i n e d e t e r m i n a t i o n o f e f f e c t i v e 
d i f f u s i o n c o e f f i c i e n t s w i l l r e q u i r e c o n s i d e r a b l e c h e c k s f o r c o n 
s i s t e n c y and emphas izes t h e need f o r u s i n g t h e W i c k e - K a l l e n b a c h 
c e l l i n c o n j u n c t i o n w i t h p e r m e a b i l i t y measurements . 

C o n c l u s i o n 

Ca re i s needed i n a p p l y i n g t h e uns t eady s t a t e p u l s e t e c h n i q u e t o 
a W i c k e - K a l l e n b a c h c e l l i n o r d e r t o o b t a i n v a l u e s f o r e f f e c t i v e 
d i f f u s i o n c o e f f i c i e n t s . F o r s u f f i c i e n t l y s m a l l c o n c e n t r a t i o n s , 
where t h e t r a c e component i s o f h i g h e r d i f f u s i v i t y t h a n t h e 
c a r r i e r , t h e commonly used i s o b a r i c model i s adequate f o r d e f i n i n g 
t h e t r a n s p o r t pa rame te r s i f s u f f i c i e n t l y s h o r t p u l s e s a r e u s e d . 
However , where a d s o r p t i o n o f e i t h e r c a r r i e r o r t r a c e component 
o c c u r s o r where t h e t r a c e i s o f l o w e r d i f f u s i v i t y , t h e n t h e i n 
duced t o t a l p r e s s u r e g r a d i e n t s cause t h e f l u x e s t o show u n u s u a l 
b e h a v i o u r and may r e q u i r e a n a l y s i s by a n o n - i s o b a r i c m o d e l . 

The use o f t h e e f f e c t i v e d i f f u s i o n c o e f f i c i e n t s i n s i t u a t i o n s 
where a p r e s s u r e g r a d i e n t a r i s e s from n o n - e q u i m o l a l f l u x e s , s u c h 
as when c h e m i c a l r e a c t i o n s o c c u r , s h o u l d t h e n be b a s e d on t h e non
i s o b a r i c e q u a t i o n s . A l t h o u g h t h i s means t h a t t he models t o be used 
a r e more complex , t h e pa ramete r s w i l l be c o n s i s t e n t . Where t h e pore 
s i z e d i s t r i b u t i o n i s no t m o n o d i s p e r s e , t h e a d d i t i o n a l s t r u c t u r a l 
pa ramete r s w h i c h i n f l u e n c e t h e e f f e c t i v e d i f f u s i o n c o e f f i c i e n t 
w i l l make t h e p r o b l e m even more complex and r e q u i r e s f u r t h e r s t u d y . 
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Figure 7. Numerical results for intermediate concentrations (pure He-pulse of 
0.15 s). 
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1 Or 

Dimensionless sample length (-) 

Figure 8. Total pressure and concentration distributions for adsorptive nonpulse 
component. The adsorption coefficient is β. Key: , β = 0; , β = 5; and 

, β = 10. 
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Legend o f Symbols 

Β = c h a r a c t e r i s t i c c o n s t a n t o f gaseous f l o w 
D A R 9 D i 9 ΏΚΑ = e f f e c t i v e » apparen t e f f e c t i v e ( E q u . 3 ) and 

ABe i e K i e f f e c t i v e Knudsen d i f f u s i v i t i e s r e s p e c t i v e l y . 
= f l u x o f component i 

L = sample l e n g t h 
M i = m o l e c u l a r w e i g h t o f component i 

= a d s o r p t i o n amount p e r u n i t volume o f po rous sample 
Ρ = t o t a l p r e s s u r e 

= p a r t i a l p r e s s u r e o f component i 
P q = p r e s s u r e a t t h e sample s u r f a c e s 
R = gas c o n s t a n t 
Τ = a b s o l u t e t e m p e r a t u r e 
t = t i m e 
t = p u l s e w i d t h 
x ° = mol f r a c t i o n o
χ , x = mol f r a c t i o n s at z=0 and a t L , r e s p e c t i v e l y 
_0 L . 
Ζ = d i s t a n c e 
α = c o n s t a n t i n , a d s o r p t i o n i s o t h e r m f o r component A 
aid = 1 - < W 
β = c o n s t a n t i n a d s o r p t i o n i s o t h e r m f o r component Β 
ε = t o t a l p o r o s i t y 
μ = v i s c o s i t y o f gaseous m i x t u r e , m 
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Coke Deposition on a Commercial Nickel Oxide 
Catalyst During the Steam Reforming of Methane 

STEVE PALOUMBIS 1 and EUGENE E . PETERSEN 

University of California, Department of Chemical Engineering, Berkeley, CA 94720 

The steam reforming of methane cycle 
suffers from the problem of coke deposition on 
the catalyst bed. The primary objective of this 
project was to study the stability of a com
mercial nickel oxide catalyst for the steam 
reforming of methane. The theoretical minimum 
ratios of steam to methane that are required to 
avoid deposition of coke on the catalyst at 
various temperatures were calculated, based on 
equilibrium considerations. Coking experiments 
were conducted in a tubular reactor at at
mospheric pressure in the range of 740-915°C. 
The quantities of coke deposited on the catalyst 
were determined by oxidation of coke to CO2, and 
adsorption on Ascarite. The experimental 
minimum ratios were obtained graphically from 
these data. The quantities of coke obtained 
experimentally were less than the theoretical 
values, whereas the experimental minimum steam 
to methane ratios were higher than the 
theoretical. A simple model of the Voorhies 
type described the coking data reasonably 
well. In the course of the coking runs the 
catalyst did not deactivate to a great extent, 
the conversion decreasing by not more than 15 
percent. 
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Steam reforming of hydrocarbons has become the most 
widely used process for producing hydrogen. One of the 
chief problems i n the process i s the deposition of coke on 
the catalyst. To control coke deposition, high steam to 
hydrocarbon r a t i o s , n, are used. However, excess steam must 
be recycled and i t i s desirable to minimize the magnitude of 
the recycle stream for economy. Most of the research on 
this reaction has focused mainly on k i n e t i c and mechanistic 
considerations of the steam-methane reaction at high values 
of η to avoid carbon deposition 0^4)· Therefore, the 
primary objective of this studyis to determine experi
mentally the minimum value of η for the coke-free operation 
at various temperatures for a commercial catalyst. 

Reaction Equations 

The steam-methane system i s known to contain CH^, H 2, 
CO, C0 2 and Η«0 i n the reaction mixture, hence, we need two 
independent chemical reactions to describe the system 
completely. If i n addition carbon i s deposited, then we 
need an additional reaction. 

Of the many possible reactions i n the steam reforming 
of methane, a consideration of the free energies leaves the 
following three reactions at temperatures i n excess of 
600°C. 

Kcal 
I. (Steam Reforming) CH 4 + H20 CO + 3H2, Δ Η 2 9 8 - 49.3 

I I . (Water-Gas Shift) CO + H 20 3=U C0 2 + H 2, Δ Η 2 9 8 = -10 
Kcal 

I I I . (CO disproportionation) 2C0 ^Tt C + C0 2, Δ Η 2 9 8 - -41.2 g m Q l 

If we v i s u a l i z e Reaction I to proceed i n two stages with 
intermediate formation and removal of carbon as shown below. 

IV. CH 4 — C + 2H 2, Δ Η 2 9 8 - 17.9 
Kcal 

V. C + H 20 = CO + H 2, Δ Η 2 9 8 - 31.4 ^ 

then i n order that no carbon may appear i n the equilibrium 
mixture i t i s necessary that 

<«ii ,> 2 /<W > Kiv *2 ^ n4 

<aH )<*C0>/<aH„0> < «V ( 1 > 

where a^ are the a c t i v i t i e s of the various species and K I V 

and Ky are the equilibrium constants for Chemical Reactions IV 
and V respectively. Thus, when the steam/methane r a t i o , n, 
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i n the feed i s s u f f i c i e n t l y high so that carbon cannot be 
present at equilibrium, the equilibrium composition can be 
calculated from consideration of only Chemical Reactions I 
and I I . Accordingly, the a c t i v i t i e s of each of the species 
can be calculated i f the equilibrium constants, K-j- and K^j, 
and value of η are known provided the a c t i v i t y r a t i o 
i n e q u a l i t i e s given i n Equation 1 are met. If the 
inequalities of Equation 1 are not met, coke deposition i s 
possible. Values of the η at which the equalities of 
Equation 1 are met represent the minimum steam/methane 
r a t i o , îUj^, a t w n * c n n o carbon deposition w i l l take place 
at equilibrium. Figure 1 displays n m ^ n versus temperature, 
T. Extending the analysis to include Chemical Reaction III 
permits the calculation of the equilibrium coke laydown as a 
function of η and Τ show
used l a t e r to compare wit
obtained experimentally. 

Experimental 

The apparatus consists essentially of a steam 
generator, an Inconel reactor, a condenser-separator and a 
chromatograph. Details are presented (5). A brief 
description of the apparatus function w i l l be given here. 

The apparatus was designed to measure CO, H 2, and CH^ 
i n the effluent stream. The effluent stream was dried, and 
passed through 1/8 diameter by 6-foot column packed with 
80/100 mesh Spherocarb packing. The peaks emerged i n order 
H 2, CO, CH^ and C0 2 and nicely separated. 

To determine the amount of coke deposited on the 
catalyst, the flow of methane and steam through the reactor 
was interrupted and the reactor purged with nitrogen. Then a 
steam-On mixture oxidized the coke deposits forming CO and 
C0 2. After drying the reactor effluent with Dryerite, the 
dry gaseous mixture passed through a U-tube containing 
Hopcalite which oxidizes carbon monoxide to carbon dioxide 
at ambient temperature. 

F i n a l l y , the gas stream containing only C0 2 and H 2 was 
adsorbed on Ascarite and weighed. 

In each run we measured f i v e compounds where a minimum 
of three i s required. Accordingly, we were able to 
ascertain accurate material balances. 

The catalyst used was Katalco 23-1 Primary Reforming 
Catalyst, a commercial nickel reforming catalyst supported 
on alumina. Its chemical composition was reported as 10-14% 
NiO, 0.2% S i 0 2 balance Al^O^. It was supplied as hollow 
cylinders of size 5%-in O.D., 5/16-in 1.0. and 3/8-in long, 
and had an apparent bulk density of 66±5 l b / f t . The rings 
were crushed and sieved to obtain the 24/32 mesh cut used i n 
a l l of the experiments. 
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Figure 1. Minimum thermodynamic 
steam-methane ratio vs. temperature. 
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Results 

The experimental results are presented i n Figure 3· In 
this figure the amount of coke deposited on the catalyst has 
been plotted versus the volume of methane (at STP) fed into 
the reactor. Both absolute amounts of coke on a 5 g charge 
of catalyst, and percent coke by weight are reported. Since 
the feed flow rate of methane was maintained constant at 
0.31 l i t e r s (STP)/min, the abscissa also represents time. 
Each point on Figure 3 represents an experimental run of 
approximately 12-15 hours duration including the reduction 
and subsequent oxidation of the catalyst. 

Figure 3 supports several qualitative observations. 
For a parti c u l a r temperature and steam r a t i o  the amount of 
coke deposited on the catalys
and the rate of depositio
process time. 

The coke deposition curve appears to reach a "plateau" 
or that the coke deposition rate i s extremely slow at long 
process times. Decreasing η at any temperature l e v e l leads 
to higher levels of coke on the catalyst. 

These observations permit one to determine a "kinetic 
minimum" value of η by plo t t i n g the "plateau" value of the 
deposited coke versus η at constant temperature as shown on 
Figure 4. The points are well-represented by linear curves 
analogous to those shown on Figure 2. The linear 
extrapolation to zero coke production gives the k i n e t i c 
minimum n, n m ^ n , plotted on Figure 5. Figure 5 then i s the 
desired plot that gives the k i n e t i c boundary of the coke-
free region at various operating temperatures for the steam 
reforming reaction of methane corresponding to the similar 
thermodynamic boundary shown i n Figure 1. 

Discussion 

The thermodynamic analysis predicted that the minimum 
steam r a t i o should decrease with increasing temperature 
above 650°C and gradually l e v e l off at round 900°C. 
Similarly, the experimentally established coke boundary 
curve exhibits very much the same behavior, however, the 
experimental values of the minimum ra t i o are considerably 
higher than the theoretical ones at a l l temperatures. 

The reason why the minimum steam r a t i o goes down with 
temperature i s not known with certainty. One p o s s i b i l i t y i s 
that the competing reactions of carbon production and 
consumption have such kinetics that the rate of coke 
consumption increases faster with temperature than the rate 
of coke generation, which suggests that the carbon-steam 
reaction has a higher activation energy than the methane 
cracking and carbon monoxide disproportionatlon reaction. 
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Figure 3. Experimental coke on catalyst vs. methane fed. Parameter is steam-
methane ratio. 
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Figure 4. Experimental coke deposition vs. steam-methane ratio. Key: Q 740°C; 
V , 780°C; 0,815°C; Δ, 885°C;and O, 9 i 5 ° C . 
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Figure 5. Experimental minimum steam methane ratio vs. temperature. 
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This proposed explanation i s , of course, consistent with the 
observation that the amount of coke laydown measured 
experimentally decreases with increasing temperature. 

However, Figure 4 also shows that for a given n, the 
amount of deposited coke goes through a minimum with 
increasing tempeature. The shape of the carbon deposition 
curves of Figure 3 shows that the rate of coking f a l l s off 
rapidly with time, a frequent observation with coking 
behavior. However, i t was also observed that the catalyst 
does not deactivate to a great extent even at the highest 
coke le v e l s . These observations suggest that most of the 
coke deposits on the support sit e s and not on the active 
metal. As the amount of deposited carbon on the catalyst 
increases, the support s i t e s available for more deposition 
w i l l decrease. Thus, a
sort of support saturatio

It i s also of interest to observe that the coke laydown 
observed experimentally i s more than an order of magnitude, 
less than would be predicted from equilibrium 
calculations. That i s , the amount of coke on the catalyst 
per l i t e r of methane on Figure 4 at a given temperature and 
steam methane r a t i o i s about 5% of that shown on Figure 2 
formed under equilibrium conditions suggesting that coke 
formation i s rate limited. 

The carbon deposition curves are well-represented by 
Voorhies (6) type coking curves, i . e . , curves given by the 
equation 

C « AF n (2) c 
where F « l i t e r s of methane passed through reactor (STP) and 
where η and In A represent the slope and intercept, 
respectively, of a plot of log C c versus In F. The data of 
Figure 3 give good Voorhies plots where η i s approximately 
1/3 and suggests a carbon formation equation of the form 

dC A3 c A 
dF S

 Q r 2 (3) 

The constant A depends upon η and T. 
F i n a l l y , i t should be mentioned that some thermal 

cracking on the ceramic packing material was observed at 
temperatures above 850°C. Whenever such an effect was 
detected, an attempt was made to correct for i t i n the 
coking data. A t y p i c a l value for an experimental run at 
810°C for 160 minutes was 35 mg coke on 5 gram of reforming 
catalyst, or about 0.7 percent by weight. 

The observation that no massive coking occurred when 
only alumina was charged into the reactor even at low steam 
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ratios seems to suggest that massive carbon formation 
requires (under normal reforming conditions and i n the 
absence of an acid catalyst) the presence of both the high 
surface area support and the nickel catalyst. However, the 
fact that there was some coking on the alumina bed leads us 
to conclude that coking may take place by reaction on the 
ni c k e l surface, by cracking on the support material, and 
homogeneously i n the gas phase (thermal p y r o l y s i s ) , the 
cracking being more pronounced at elevated temperatures. 
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39 
Physical Aspects in Organic Liquid-Phase 
Oxidations 

T. SRIDHAR 

State University of New York, Department of Chemical Engineering, Buffalo, NY 14214 

Ο. E . POTTER 
Monash University, Department of Chemical Engineering, Clayton, Australia 

The liquid phase oxidation of cyclohexane involves 
both physical an
The selectivity o  depend
chemical kinetics and the rate of mass transfer. 
Mass transfer data in reactors operating at 
elevated pressures and temperatures have received 
l i tt le attention. This paper brings together 
equations for predicting mass transfer rates for 
oxygen in cyclohexane. New data on mass transfer 
coefficients in cyclohexane are presented. 
The dependence of mass transfer coefficient on 
diffusivity is in agreement with surface renewal 
model prediction. 

The oxidation of hydrocarbons i s a process of great 
importance i n the petroleum industry. The p a r t i a l oxidation of 
hydrocarbons has long been recognized as a process of great 
potential value for producing oxygenated products. The conversion 
of o-xylene to phthalic anhydride, benzene to maleic anhydride, 
cumene to phenol and acetone and the direct c a t a l y t i c oxidation of 
ethylene to ethylene oxide are among those commercially important 
processes u t i l i z i n g a i r oxidation (Faith et a l . , 1). Most of 
these oxidations are carried out between 1-3 MN/π? pressure and at 
temperatures between 353-523 K. Hydrocarbons oxidize more readily 
i n the l i q u i d phase, at lower temperatures than i n the gas phase. 

Amongst hydrocarbon oxidations, the l i q u i d phase oxidation of 
cyclohexane i s of immediate interest. I t i s a t y p i c a l example of 
this class of reactions and has considerable i n d u s t r i a l 
importance, especially i n the nylon industry. The oxidation of 
cyclohexane produces cyclohexanol, cyclohexanone and adipic acid, 
the raw materials for the manufacture of nylon 6 and nylon 6,6. 
Problems normally encountered i n this reaction are those of 
s e l e c t i v i t y . Single stage conversion has to be kept low to avoid 
over-oxidation and the production of large quantities of unwanted 
by-products. 
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Cyclohexane Oxidation—Previous Studies 

The l i q u i d phase oxidation of cyclohexane involves both 
physical and chemical mechanisms. Upon entering the l i q u i d , 
oxygen diffuses towards the bulk of the l i q u i d . Reaction takes 
place simultaneously with d i f f u s i o n . I t i s possible that the 
r e l a t i v e speed of reaction and d i f f u s i o n can affect the course of 
reaction and the f i n a l produce d i s t r i b u t i o n . It i s obvious, how
ever, that the reaction must be fast before such an effect i s 
appreciable. 

The oxidation of cyclohexane i s carried out under pressures 
of 0.5 to 1 MN/m2 in-order to maintain l i q u i d conditions i n the 
reactor. The normal b o i l i n g point of cyclohexane i s 353 Κ and 
the reaction does not occur at temperatures below approximately 
373 K. 

If the minor product
reduces to a simple form shown below: 

cyclohexane 
Ψ 

cyclohexyl hydroperoxide cyclohexanol 
* I 

cyclohexanone « ' 
organic acids 

Such a form i s more amenable to analysis. Spielman (2) used 
the data of Ciborowski (3) and assumed the concentration of 
oxygen i n the system remained constant and also that the high 
temperature and presence of a cobalt naphthenate catalyst caused 
the hydroperoxide to decompose extremely rapidly so that i t does 
not appear i n the k i n e t i c scheme. He then calculated the pseudo 
f i r s t order rate constants of t h i s scheme. Assuming the bulk 
phase was not saturated with oxygen, these rate constants must be 
a function of the available i n t e r f a c i a l area. 

Studies on cyclohexane oxidation at Monash University were 
started i n the year 1965 (see Wild, 4). I n i t i a l reaction 
studies indicated that the reaction rate was high. Wild (4·) 
presented a theoretical analysis of the reaction by i d e a l i z i n g i t 
as a consecutive reaction. I t was found that d i f f u s i o n l i m i t a t i o n 
reduces s e l e c t i v i t y towards the intermediate product. S e l e c t i v i t y 
could be enhanced by minimizing the contact time between the gas 
and the l i q u i d , and also decreasing the p a r t i a l pressure of the 
reactive gas. For systems not under d i f f u s i o n control, these two 
factors w i l l not have any eff e c t on the reaction course. 

Ohta and Tezuka (5) studied the reaction i n the pressure 
range 0.8 - 2.4 MN/m2 and temperatures of 423 K. They found that 
the oxygen adsorption rate was proportional to the p a r t i a l 
pressure of oxygen and increased rapidly with increase i n tempera
ture. The rate of oxidation was not affected by the presence of 
cobalt and manganese s a l t s , but the length of the induction period 
was a function of these catalysts. 
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The most comprehensive set of data available for cyclohexane 
oxidation appears to be that of Steeman et a l . (6), who 
tabulated data collected from a continuous p i l o t plant during 27 
runs at varying a i r feed rates at a temperature of 428 Κ and a 
pressure of 0.85 MN/m2. Cobalt octoate (0.5 - 2.5 ppm) was used 
as a catalyst. A degree of backmixing was required to sustain the 
reaction. Below 403 K, the reaction came almost to a s t a n d s t i l l ; 
above 443 K, a large quantity of unwanted by-products were 
produced. At 428 K, a very rapid reaction was observed, almost 
a l l of. the oxygen being removed from the a i r bubbles passing 
through the l i q u i d . The method of a i r dispersion played an 
important ro l e i n the determination of product d i s t r i b u t i o n . 
For the same a i r feed rate, the smaller the bubble size i n the 
reaction, the greater the quantity of highly oxidized by-products 
formed. This decrease i
explained i n terms of th
l i q u i d interface. The above authors also reported that increased 
pressures also reduced the e f f i c i e n c y of the reaction. 

Alagy et a l . (7) investigated the oxidation of cyclohexane 
with a view to obtain useful design c r i t e r i a . To study the 
influence of mass transfer on the reaction, these authors use the 
experimental data of Burguieu (8) who investigated the 
oxidation of cyclododecane. The authors assume that the oxidation 
of cyclododecane takes place at a rate very similar to 
cyclohexane. The advantage of cyclododecane i s that i t s vapor 
pressure i s low and hence the l i q u i d phase reaction can be 
conducted at atmospheric pressure. Using a simple f i r s t order 
analysis and the experimental absorption rates from the 
cyclododecane experiments, these authors calculate the ra t i o of 
the rate of reaction i n the l i q u i d f i l m to the rate of d i f f u s i o n . 
This parameter i s shown to be less than 1. The reaction i s there
fore assumed to take place i n the bulk l i q u i d with an intervention 
of mass transfer to prevent the l i q u i d from being saturated with 
the dissolved gas. I t must be emphasized that these conclusions 
are only v a l i d for the par t i c u l a r operating parameters. 
Any change i n any of the parameters which leads to an increase i n 
absorption rate could very well s h i f t the location of reaction. 
An average value of the f i r s t order reaction rate constant was 
reported as 0.05 sec""1. This rate constant i s a function of the 
i n t e r f a c i a l area. Since the d e t a i l s of how the i n t e r f a c i a l area 
i s measured are not given, i t i s hard to evaluate the accuracy of 
this constant. Fundamentally, t h i s rate constant has l i t t l e 
significance (except for scale up purposes), since i t i s not a 
true k i n e t i c constant. Using data obtained from cyclododecane and 
extrapolating conclusions regarding location of reaction to 
cyclohexane i s at the best very approximate. There i s s u f f i c i e n t 
evidence to prove that their r e l a t i v e r e a c t i v i t i e s are di f f e r e n t . 
Tanaka (9) states that cyclohexane i s 20 times more reactive 
than cyclododecane. I f this were the case, the conclusions of 
Alagy et a l . (7) are open to serious c r i t i c i s m . 
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Mass Transfer Effects 

The location of reaction i s very important, because t h i s , i n 
essence, decides whether reaction or mass transfer determines the 
f i n a l product d i s t r i b u t i o n . A qualitative picture of the entire 
process can be visualized by looking at the concentration p r o f i l e s 
i n the l i q u i d f i l m . I f the reaction proceeds i n the bulk l i q u i d , 
the oxygen concentration i s not very steep. In such a regime, 
which i s controlled by the k i n e t i c s of reaction, mass transfer has 
very l i t t l e e f f e c t on the product d i s t r i b u t i o n . The product 
d i s t r i b u t i o n and hence s e l e c t i v i t y i s determined only by the 
r e l a t i v e reaction rates. The s e l e c t i v i t y can be changed only by 
changing the reaction temperature or by using catalysts to 
suppress or increase the rate of a p a r t i c u l a r reaction i n the 
reaction scheme. If th
reaction occurs almost e n t i r e l
concentration f a l l s to zero within the l i q u i d f i l m . In the bulk 
of the l i q u i d , no reaction occurs. In such a regime, the rate of 
which i s controlled by the rate of mass transfer, there i s an 
accumulation of products i n the l i q u i d f i l m which are d i f f u s i n g , 
r e l a t i v e l y slowly, towards the bulk l i q u i d . This then leads to 
t h e i r over oxidation and consequently a reduction i n reaction 
s e l e c t i v i t y . Changing the contacting pattern, etc. can strongly 
influence the s e l e c t i v i t y . The t r a n s i t i o n of the reaction from 
the d i f f u s i o n regime into the k i n e t i c regime must be accompanied 
by a t r a n s i t i o n from reaction i n the f i l m to reaction i n the bulk 
l i q u i d . 

Although the reaction i s of obvious economic importance, very 
l i t t l e has been published about the inter-relationships between 
mass transfer and chemical reaction. The great bulk of the 
l i t e r a t u r e available (mainly i n patents) describes product 
d i s t r i b u t i o n obtained by subjecting a i r and cyclohexane to a wide 
variety of pressure, temperature, catalyst and reaction time 
conditions. Measurements of the chemical rate constants are rare. 
Most available k i n e t i c data seem to be, at least to some extent, 
obscured by mass transfer e f f e c t s . 

Interpretation of available data i s frustrated by lack of 
knowledge of certain fundamental quantities such as i n t e r f a c i a l 
area, mass transfer c o e f f i c i e n t s , s o l u b i l i t y data, d i f f u s i o n 
c o e f f i c i e n t s , bubble sizes, etc.. Existing equations for almost 
a l l of these variables have been developed on the basis of 
experiments conducted at atmospheric pressure and around room 
temperature. Use of such predictive equations at the reacting 
conditions involves large extrapolation, and the combined errors 
would make the analysis of k i n e t i c data very suspect. In spite of 
t h i s , most work reported i n the l i t e r a t u r e does use such 
correlations. 

In recent years, the authors have investigated the e f f e c t of 
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pressure and temperature on the dispersion characteristic i n 
s t i r r e d vessels. Studies on d i f f u s i o n c o e f f i c i e n t and s o l u b i l i t y 
of oxygen and nitrogen i n cyclohexane were also reported. These 
are summarized i n Table 1. The rest of this paper i s devoted to 
mass transfer c o e f f i c i e n t s . 

Mass Transfer Coefficients 

The instantaneous volumetric rate of mass transfer of a 
gaseous species, from dispersed bubbles to the l i q u i d phase, 
i s described by: 

*1 " V(A* - Ao) (1) 

where k^a i s the volumetri
transfer capability of  par t i c u l a  desig
generally characterized by k L a for a given gas-liquid system. 
Scale-up i s usually based on correlations of various kinds to 
predict k^a for a par t i c u l a r geometry. Commonly k^a has been 
assumed to be dependent on the gas s u p e r f i c i a l v e l o c i t y and 
agitation power input, according to: 

V 
y2 (2) 

Riet (10) discusses the l i t e r a t u r e and shows that, i n general, 
the above form of equation adequately describes mass transfer 
c o e f f i c i e n t . 

Of the various methods used to determine k La, the chemical 
method, based i n i t i a l l y on the sulphite oxidation (Cooper et a l . , 
11) and l a t e r extended to other reactions (Sharma and 
Danckwerts, 12), has been widely used. 

Another common method of measuring k L a i s through physical 
absorption measurements. Calderbank (13) gives a good 
description of this method. Essentially, a step change i n the 
i n l e t gas concentration i s followed by regular sampling of the 
l i q u i d phase to determine the fr a c t i o n a l saturation. This method 
i s useful only for small values of k La, so that the time required 
for saturating the l i q u i d phase i s large. For large values of 
k^a, a continuous flow of l i q u i d i s used, and the steady state 
absorption rate i s measured by measuring the i n l e t and outlet 
concentrations. Reith (14) discusses the problems associated 
with this method. The l i q u i d i n the reactor i s very near 
saturation value, and therefore the dissolved gas concentrations 
need to be measured with a very high accuracy to prevent large 
errors i n k^a. 

A method of measuring k^a which has gained wide acceptance 
i n recent years i s the dynamic method using fast dissolved oxygen 
probes. The rate of change of oxygen tension i n a semibatch 
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Table I 

Summary of Equations 

Diffusion c o e f f i c i e n t (Sridhar & Potter, 36) ; 

D = 0 088 -2 RT l l + A * Z J 
AB ° - 0 8 8 2/3 uV Ν ο ψ 

,2/3 

S o l u b i l i t y of nitrogen

log \ = 1.2844 log Τ - 6.2924 
W2 

S o l u b i l i t y of oxygen i n cyclohexane (Wild, et a l . , 37): 

log X n = 0.366 log Τ - 3.8385 
υ2 

In t e r f a c i a l area (Sridhar & Potter, 38); 

a - 1.44 (VV) 0.4 0.2 

0.6 
V ' 
j l 
TT 

0.5 

"D r 

0.16 

Gas hold-up (Sridhar & Potter, 27): 

H = 
HV 0.5 

+ 0.000216 (V!) 
0.4 0.2 

0.6 

f \ 
V 

0.5 
Κ ρ -£ τ ÎSl 
Ρ Ρ 

J S( > 8-

0.16 

Bubble diameter (Sridhar & Potter, 27): 

k0.16 

Β Β Μ β 4 ' 1 5 

0.6 

[ M 

0.4 0.2 
Ρ 

ρ Ιδ. a 
κ ρ 
τ ι s. 

Η 0 , 5 + 0.0009 

Mass transfer c o e f f i c i e n t of oxygen i n cyclohexane: 
6.52 D, 0.5 
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s t i r r e d tank, wherein the flowing gas i s subjected to a step 
change i n oxygen concentration, i s followed using these dissolved 
oxygen probes. The general method has been described by many 
investigators (Robinson and Wilke, 15 ; Heineken, 16). 
To correct for the time lag i n the electrode membrane, these 
investigators solved Fick's law for oxygen transport through the 
membrane. The k^a values are extracted from experimental data 
using a non-linear least squares f i t t i n g of the experimental 
response to the t h e o r e t i c a l response. However, a l l these studies 
have neglected the e f f e c t of gas dynamics i n t h e i r t heoretical 
models. Dunn and Einsele (17) give a comprehensive treatment of 
the l i m i t a t i o n s of the various models used. These investigators 
prove that the errors r e s u l t i n g from neglecting gas dynamics can 
be as large as 60%. In general, i t does seem that most available 
methods of measuring k-^a
The problem of devisin
measuring k^a remains to be overcome. 

The volumetric mass transfer c o e f f i c i e n t k-a has been used 
by most investigators to characterize mass transfer c a p a b i l i t y of 
s t i r r e d tank reactors. I t would seem preferable to be able to 
predict k^a from separate correlations for i t s constituent 
parameters k L and a, since t h e i r values are predominantly 
dependent on d i f f e r e n t physical properties of the system. 
In previous studies, k L has been shown both t h e o r e t i c a l l y 
(Danckwerts, JL8) and experimentally (Calderbank and Moo-Young, 
19) to be dependent primarily on l i q u i d phase d i f f u s i v i t y and 
v i s c o s i t y . On the other hand, i n t e r f a c i a l area i s primarily 
dependent upon i n t e r f a c i a l tension for pure l i q u i d s (Calderbank, 
20) . Direct measurement of k L i s not possible but, given 
separate evaluations of k^a and a, k^ can be obtained. Such a 
procedure was f i r s t adopted by Calderbank (13) using extensive 
physical absorption measurements. He showed that agitation 
intensity and bubble size had no e f f e c t on the mass transfer 
c o e f f i c i e n t , k L, but large bubbles with mobile interfaces have 
greater mass transfer c o e f f i c i e n t s than small r i g i d bubbles. 
This behavior has been confirmed by Robinson and Wilke (21) and 
Linek et a l . (22). However, Yoshida and Miura (23) show that 
k L increases s l i g h t l y with agitator speed. Valentin (24) 
summarizing the available evidence, concludes that a three-fold 
increase i n power input w i l l increase k L by 25%; hence, for a l l 
p r a c t i c a l purposes, k L i s largely independent of power input. 
Robinson and Wilke (21) devised a new method involving 
concurrent chemical absorption of carbon dioxide and desorption of 
oxygen for evaluating k L a and a simultaneously. This method 
then ensures that k L a and a are evaluated under consistent 
hydrodynamic conditions. These investigators report that k^ 
decreases with power input. Some c r i t i c i s m s of t h i s work have 
been raised by Prasher (25). The i n t e r f a c i a l area values 
obtained by Robinson and Wilke (21) are l i k e l y to be i n error 
since the chemical method was used (Sridhar and Potter, 26). 
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Their k L a values were obtained using the dynamic method. 
Since they neglected gas dynamics, the c r i t i c i s m of Dunn and 
Einsele (17) i s v a l i d , and an approximate estimate of the errors 
can be calculated as being as high as 60% i n k^a, mainly due to 
the high hold-up used by these investigators. 

In this work, the dynamic method i s used to measure k^a 
values. The mathematical model i s exactly similar to that used 
by Robinson and Wilke (15). However, due to the low gas hold-up 
employed i n t h i s work, negligible error results from neglecting 
gas dynamics (Dunn and Einsele, J L T ) . A detailed description of 
the theoretical work i s not given, as i t i s available elsewhere 
(Robinson and Wilke, 15). 

Experimental Techniques 

A s t i r r e d tank reacto
The apparatus has been described by Sridhar and Potter (27) and 
Sridhar (28). The gas stream was monitored by a series of 
rotameters. A step change i n gas concentration was achieved by 
using a three-way manually operated valve connected to a i r and 
nitrogen cylinders. A l l the experiments were carried out under 
semibatch conditions, with a continuous gas flow into batch 
l i q u i d . The rate of change of dissolved oxygen was measured using 
a polarographic electrode. The probe exhibited a 90% response 
time of about 5 sees when used with a 1 χ 10~5m te f l o n membrane. 
The electrode was connected to a high speed (0.01 m/s) chart 
recorder. 

The probe response i n the case of oxygen absorption i s given 
by Heineken (29): 

E(t) C [1 + <Kt)] (3) 

where: 

*<t) 2Σ(-1) ηβχρ -

(4 ) 

and, 
Γ = (5) 

1 + 

The value of D J J / L 2 for the membrane i s obtained by c a l i b r a t i n g 
the electrode. This involves immersing the electrode alternately 
i n a i r saturated and nitrogen saturated water. Details are given 
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by Heineken (29). Evaluation of k L a from the experimental 
probe response involves f i t t i n g equation (3) to the experimental 
response while minimizing k^a and Γ. 

Results and Discussion 

Figure 1 shows a plot of k^a against s t i r r e r speed. 
The linear relationship has been confirmed by many investigators 
(Mehta and Sharma, 30 ; Heineken, 29). The v a l i d i t y of 
equation (2) i s shown i n Figure 2. The slope of the lin e s i s 0.4, 
which i s i n agreement with the results of Claderbank (13). 

The k^a results were combined with the i n t e r f a c i a l area 
values to y i e l d k L values. The values of bubble diameter were 
calculated using the methods outlined by Sridhar and Potter 
(27). The results ar
against bubble diameter
essentially constant. Calderbank and Moo-Young (19) proposed 
the following correlation: 

1,3 

"SCj - ™ p" For large bubble: k ^ N g J 3 ^ 2 - 0.42 (6) 

1/3 

For small bubble: k ^ N ^ j 2 ' 3 - 0.31 ^ (7) 
Temperature affects the d i f f u s i o n c o e f f i c i e n t of oxygen. 

Hence, the value of k^ increases with temperature. Various 
models of mass transfer between gas and turbulent l i q u i d predict 
a different degree of dependence of the mass transfer c o e f f i c i e n t 
on molecular d i f f u s i v i t y . In general, the following relationship 
i s v a l i d : 

1^ - I ^ D * (8) 

?! i s a function of hydrodynamic parameters of the model, 
unfortunately, these parameters which describe the effect of 
hydrodynamics do not correspond to any physical quantity nor can 
they be independently evaluated. For some models, the value of 
w i s a constant. For example, the penetration and surface 
renewal models (Danckwerts, 31) predict w « 0.5, while for the 
boundary layer model w - 2/3. The film-penetration model, on 
the other hand, predicts that w varies between 0.5 and 1 (Toor 
and* Marchello, 32). Knowledge of the effect of d i f f u s i v i t y on 
k^ i s needed i n evaluating the various mass transfer models. 
Calderbank (13) reported a value of 0.5; Linek et a l . (22) 
used oxygen, helium and argon. The reported d i f f u s i o n 
coefficients f o r helium and similar gases vary widely. Since i n 
the present work three different temperatures have been used, the 
value of w can be determined much more accurately. Figure 4 
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« « 1 1 1 I 

10 15 20 25 
STIRRER SPEED 

Figure 1. Effect of stirrer speed on mass transfer coefficient at gas velocities of 
0.807 χ 10* m/s (Φ); 0.36 X 10~2 m/s and 0.1 χ ΙΟ2 m/s (Ο). 
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-L 
5 10 20 

POWER INPUT , W xlO 

Figure 2. Correlation for mass transfer coefficients (Equation 2) temperatures 323 
K (M); 313 Κ (A); and 293 Κ (Φ). 
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BUBBLE DIAMETER , m xlO4 

Figure 3. Effect of bubble diameter on mass transfer coefficient. Data from Ref. 
19. 
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X 

DIFFUSION COEFFICIENT , m2/s x i o 9 

Figure 4. Effect of diffusion coefficient on mass transfer coefficient. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



512 CHEMICAL REACTION ENGINEERING 

shows a plot of k L versus DQ^. The d i f f u s i o n c o e f f i c i e n t of 
oxygen i n cyclohexane has been measured by Sridhar and Potter 
(33). The slope of the l i n e i n Figure 4 i s 0.5, which agrees 
well with the above-mentioned investigators. Hence, k L for the 
transfer of oxygen into cyclohexane can be determined as: 

1^ * 6.52 DJJ"5 (9) 

While i t i s desirable to obtain mass transfer c o e f f i c i e n t s at 
higher temperatures, experimental problems become enormous. 
The dissolved oxygen probe used i n the low temperature work i s 
useful only up to 333 K. Above this temperature, excessive 
electrolyte vaporization occurs. Considerable e f f o r t was made to 
develop a high temperature e l e c t r o l y t e  This involved using 
glycerol as a solvent instea
hydroxide were dissolve
oxygen probes using these electrolytes functioned reasonably well 
at low temperatures. At higher temperatures, the probe was found 
to be extremely sluggish. This i s presumably due to a decrease 
i n d i e l e c t r i c constant of the c e l l at higher temperatures. 
Another effect noticed at high temperature was some kind of 
poisoning of the cathode surface. These probes had to be cleaned 
and polished before they were operative again. This precluded a 
detailed experimental program designed to investigate temperature 
and pressure effects of k^a. Alternate methods of measuring 
dissolved gases at high temperature and pressure are being 
investigated. 

The effect of pressure on k^ has received very l i t t l e 
attention as only two investigations are available (Yoshida and 
Arakawa, 34 ; Teramoto et a l . , 35). These two papers 
contradict each other. However, an examination of both these 
papers reveals that pressure has l i t t l e e f f e c t up to 1 MN/m2 at 
reasonable s t i r r e r speeds. Hence, i t can be concluded that 
pressure effects on k^ are of minor importance to this work. 

Conclusions 

A correlation of ky has been derived i n t h i s work. It i s 
found that this correlation agrees well with available l i t e r a t u r e 
evidence. S t i r r e r speed and power input have l i t t l e e f f e c t on 

Mass transfer c o e f f i c i e n t s i n l i q u i d cyclohexane can be 
predicted using available correlations. In spite of the many 
methods available for measuring k^a i n s t i r r e d vessels, the 
o v e r a l l accuracy of the methods leaves a l o t to be desired. 
The other equations cited i n Table (I) now permit a r a t i o n a l 
analysis of l i q u i d phase oxidations. Preliminary analysis of 
published results indicates that the chemical reaction enhances 
absorption by about 50%; t h i s would indicate some mass transfer 
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influence on s e l e c t i v i t y . Further work on the reaction i s now i n 
progress at Monash university and w i l l be presented at the 
conference. 

Legend of Symbols 

A* - I n t e r f a c i a l gas concentration 
A 
0 - Bulk gas concentration 

c g - Constant 

- Diffusion c o e f f i c i e n t of oxygen i n membrane 

E(t) - Probe response following step change 

H l - Henry's Law c o e f f i c i e n
k L a - Mass transfer c o e f f i c i e n
L - Membrane thickness 

- Power input 
p T - Total pressure 

<*1 - Instantaneous absorption rate 

Qi - molar gas flow rate 

v g - s u p e r f i c i a l gas v e l o c i t y 
V - Liquid volume 
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40 
Structural Variations as a Tool to Analyze the 
Mechanism of Noncatalytic Solid-Gas Reactions 

SEVIL ULKUTAN, TIMUR DOGU, and GULSEN DOGU 

Middle East Technical University, Department of Chemical Engineering, 
Ankara, Turkey 

It is show
noncatalytic reactions can be understood better 
by following the variations in pore structure of 
the solid during the reaction. By the investi
gation of the pore structures of the limestone 
particles at different extents of calcination, 
it has been shown that the mechanism of this 
particular system can be successfully repres
ented by a two stage zone reaction model below 
1000°C. It has also been observed that the 
mechanism changes from zone reaction to 
unreacted core model at higher temperatures. 

A gas-solid reaction usually involves heat and mass transfer 
processes and chemical k i n e t i c s . One important factor which 
complicates the analysis of these processes i s the variations i n 
the pore structure of the s o l i d during the reaction. Increase 
or decrease of porosity during the reaction and variations i n 
pore sizes would effect the d i f f u s i o n resistance and also change 
the active surface area. These facts indicate that the r e a l 
mechanism of gas-solid noncatalytic reactions can be understood 
better by following the variations i n pore structure during the 
reaction. 

Number of models have been proposed for gas-solid noncatal
y t i c reactions i n the l i t e r a t u r e . Most of the workers have 
limited their models by neglecting the structural changes as the 
reaction proceeds. Microscopic consideration of pore size change 
has been considered by Petersen (1), White and Carberry (2), 
Schechter and Gidley ( 3 ) , Szekelly and Evans ( 4 ) , Ramachandran 
and Smith (5, 6) , Dogii ( 7 ) , and Orbey et a l . (8). 
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Although number of models proposed i n recent years consider 
the structural variations, there are very few works trying to 
predict the actual mechanism of such reactions from experimental 
pore structure data. The major aim of t h i s work i s the under
standing of the mechanism of gas-solid noncatalytic reactions and 
prediction of the best model, using the experimental pore size 
d i s t r i b u t i o n data and v a r i a t i o n of pore structure during the 
reaction. 

Calcination of limestone has been chosen as a model reaction 
and pore size distribut i o ns of the limestone p a r t i c l e s are det
ermined at different extents of c a l c i n a t i o n at d i f f e r e n t 
temperatures. Although the calcination reactions have been 
investigated for ages there are s t i l l questions about the actual 
mechanism of such reactions. The l i t e r a t u r e does not involve the 
structural variations. 

The mechanism of man
actions can be describe
homogeneous reactions models. Ishida and Wen (9) formulated such 
a model using the zone reaction concept of Ausman and Watson (10). 
In this model the reaction i s not r e s t r i c t e d to the surface of 
the core as i n the unreacted core model but occurs homogeneously 
within a retreating core of reactant. Wen and Ishida (11) 
combined the grain concept with the zone reaction model and 
analyzed the reaction of SO2 with CaO p a r t i c l e s . In the study 
conducted by Mantri, Gokarn and Doraiswamy (12) the concept of 
f i n i t e reaction zone model was further developed. 

In this work i t i s shown from the variations of pore struc
ture that a zone reaction model similar to the one suggested by 
Ishida and Wen (9) can explain the mechanism of calcination 
reaction studied. 

Experimental 

The limestone p a r t i c l e s of about one cm equivalent diameter 
are calcined i n a tubular furnace. These p a r t i c l e s contain 99.5% 
CaC03 and have an i n i t i a l porosity of 0.09. Hot N 2 gas flows 
over the p a r t i c l e s during the calcination and the gas flow rate 
i s adjusted such that the f i l m mass transfer limitations are 
n e g l i g i b l e (13). Conversion-time data i s determined gravi-
m e t r i c a l l y . The pore size d i s t r i b u t i o n s of samples at d i f f e r e n t 
conversions are determined by a mercury intrusion porsimeter and 
also investigated with an electron microscope. In order to ob
t a i n samples with certain degree of conversion, calcines are 
suddenly cooled and the reaction i s stopped i n a system through 
which cold Ν 2 gas i s flowing through. Calcination reactions are 
repeated at 8 different temperatures i n the range 700 °C-1040 °C. 
The variations i n the pore structure during the calcination are 
examined and used to analyze the reaction mechanism. 

Variations i n Pore Structure During Calcination. Typical 
cumulative pore volume d i s t r i b u t i o n data obtained for d i f f e r e n t 
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degrees of conversion of CaCÛ3 to CaO at 860 °C are shown i n 
Figure 1. During the f i r s t stages of the reaction, only the 
macropore volume i s found to increase and the pore siz e d i s t r i 
butions of samples at small conversion have a monodisperse 
character. After a certain degree of conversion (which i s found 
to be around 0.15 i n this system) micropores begin to form, and 
the bidisperse pore size d i s t r i b u t i o n of the samples i s developed. 
This bidisperse character of the samples can be seen i n Figure 2. 
Investigation of the calcines with a Scanning Electron Microscope 
also showed this bidisperse pore structure (13). As can be seen 
from Figure 2 the pores with r a d i i greater than 0.5 microns can 
be considered as macropores. 

The o r i g i n a l limestone used has a beige color. If the cross 
section of a sample with small conversions i s examined the color 
seen throughout the ston
of these samples give monodisperse
versions the cross sections of the samples have two layers. The 
outer layer i s white while the inner core i s gray. The pore siz e 
distributions of these samples show bidisperse character. 
Separate investigations of pore structures of gray (core) and 
white (shell) sections have shown that the s h e l l contains both 
macro and micropores while there are only macropores i n the inner 
core. These observations suggest that the mechanism of the c a l 
cination of this p a r t i c u l a r limestone can be examined i n two 
stages. In the f i r s t stage, reaction starts at every i n t e r i o r 
point of the stone. The time at which the formation of micro
pores starts i s considered as the end of the f i r s t stage. With 
the assumption that s h e l l section i s completely calcined (the 
j u s t i f i c a t i o n of this assumption i s given later) and the pore 
size d i s t r i b u t i o n obtained at complete conversion i s the charac
t e r i s t i c d i s t r i b u t i o n of the ash layer the following r e l a t i o n 
can be written to predict the dimensionless radius (ζιη) of the 
inner core from the pore size d i s t r i b u t i o n curves: 

ε + 

'm " ε 

X > , V 2 - V 1 
2 x=l -

1/3 

ξ - { 1 -Ε } (1) 
"f 

Some of the values of t o t a l porosity (ε), cumulative pore 
volumes of macropores ( V ^ and micropores (V*2) at diff e r e n t 
degrees of calcination at 860 °C are given i n Table IA. Calc u l 
ated values of ζ ι η using Equation 1 are reported i n Table IB. 

As can be seen from Table IB average radius of micropores i s 
esse n t i a l l y the same at dif f e r e n t values of f r a c t i o n a l conversion 
of CaC03. The surface area of micropores (predicted from the 
pore size d i s t r i b u t i o n curves) increase with degree of calcination 
as expected. The surface area of micropores divided by the v o l -
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ume of the s h e l l section, (last column i n Table IB), i s also 
independent of degree of calcination and e s s e n t i a l l y same as the 
value obtained at complete conversion. These observations 
together with the experimental finding showing that micropores 
are present only i n the s h e l l section indicate that the complete 
conversion assumption for the s h e l l section i s j u s t i f i a b l e . 
These information from the pore structure data show that a simple 
two-stage zone reaction model can be successfully used to des
cribe the mechanism of the calcination of this p a r t i c u l a r 
limestone and i t i s not necessary to consider much more complex 
models such as three-zone and p a r t i c l e - p e l l e t models. 

Table IA Structural Variations During 
Calcination of Limestone at 860 °C 

Fractional 
Conversion 
of CaC0 3 

0.25 
0.59 
0.82 
1.00 

Cumulativ
Macropor
V r ml/g 

0.0800 
0.0919 
0.0959 
0.1000 

Micropore Volume 
V 2, ml/g 

0.0407 
0.1339 
0.1866 
0.2825 

ε 

0.235 
0.377 
0.419 
0.520 

Table IB Structural Variations During 
Calcination of Limestone at 860 °C 

Fractional Average Micropore S 
Conversion £ m Micropore Surface Area ν (1 - £ -
of CaC0 3 Radius, um Sg, cm2/g p^ τη 

0.25 0.926 0.0258 3.2 χ ΙΟ 4 3.01 χ ΙΟ 5 

0.59 0.748 0.0266 10.1 χ ΙΟ 4 2.89 χ ΙΟ 5 

0.82 0.653 0.0272 13.7 χ ΙΟ 4 2.83 χ 1θ5 
1.00 0 0.0267 21.4 χ ΙΟ 4 2.91 χ ΙΟ 5 

) 

Zone Reaction Model 

Experimental findings show that calcination reaction starts 
at every i n t e r i o r point of the reactant and af t e r a certain time 
the reactant s o l i d near the external surface i s completely ex
hausted forming a bidisperse in e r t product layer. The period of 
reaction pr i o r to the formation of the ash layer i s designated as 
the f i r s t stage and the period following the formation of the ash 
layer as the second stage. 

During the calcination, the gaseous product CO2 diffuses out 
through the pores. The rate of CO2 evolution depends upon whether 
d i f f u s i o n or surface reaction i s the contr o l l i n g mechanism. Since 
calcination reaction i s reversible concentration p r o f i l e of CO2 
within the pores would strongly effect the apparent rate of 
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decomposition. During the f i r s t stage of the reaction and i n the 
reaction zone during the second stage the pore d i f f u s i o n of C0 2 

i s controlled by Equation 2. In writing this equation the re
action i s considered to be zeroth order i n the forward dir e c t i o n 
and f i r s t order with respect to 00 2 concentration i n the reverse 
direction. 

0 = -±r _L d_ 2 d± 
r2 άξ u άζ> + 1 (2) 

where 

k 1/2 

eA 

On the other hand, material balance for the concentration of the 
s o l i d reactant (C s) can be written as, 

dc s 

e 
(4) 

Simultaneous solution of these equations with the assumption of 
negligible f i l m mass transfer resistance y i e l d the following 
relations for f r a c t i o n a l conversion at the end of f i r s t stage 
(Xj) and the duration of f i r s t stage ( T J ) : 

11 ν 
C„ 

T l = k - l C A 

φ coth (φ ) (5) 

(6) 

For the second stage, Equation 2 (which holds for 0 < ξ < ξ ) and 
the d i f f u s i o n equation for the outer layer m 

0 = \ J- (ξ 2 d £ ) f r < ζ < l e Q (7) 

are solved simultaneously considering ω - φ and (άω/άξ) = 
( DeA / D J A ^ (άΨ/άξ> a t ζ = Cm- Following relations are then ob
tained between the dimensionless inner core radius (£ m = r m/R) 
and the f r a c t i o n a l conversion (χ), reaction time ( t ) , and also 
for the time required to complete the reaction ( T J I ) 
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3 3 ?m 
χ = ι - ς + -2- φ ξ coth (φ ξ ) - 1 (8) 

t -
k - l C A 

eA 
1 + (-§*· - 1) In 

DeA 

sinh (φνζη) 
? m sinh (φν) (9) 

D Φ 2° A 9 

+ -ψ (1 - ξ ) (φ ξ coth (φ ε ) - 1) + (1 - ε Γ ( ΐ + 2ξ ) 
_ χ m ν m ν m , m m 
eA eA 

II k -CA -1 Ae 
1 - ν eA + (1 - "eA ·) l n 

eA "eA 
sinh (Φ γ) 

(10) 

Results 

Using the ξ values evaluated from pore size d i s t r i b u t i o n 
curves (Equation 1) corresponding to diff e r e n t degrees of con
version and the conversion-time data, the values of e f f e c t i v e 
d i f f u s i v i t i e s of C0 2 i n the core and s h e l l sections ( D ^ and 
DeA respectively) are determined from Equations 8 and 9 b y a 
multiple regression analysis as 0.08 cm2/s and 0.12 cm /s 
respectively at 860 °C. 

The value of the forward decomposition rate constant, 
k-̂  = k _ i C eq, i s evaluated from the experimentally determined 
values of φ ν by the regression analysis and the equilibrium 
dissociation pressures of C0 2 reported by H i l l and Winter (14) 
(the equilibrium dissociation pressure of C0 2 i s 439 mm Hg at 
860 °C). Its value i s found as k 1 = 5.3 χ 10~ 5 moles/cm 3«s. 
The i n i t i a l estimates of the parameters φ ν and k - i are determined 
from the f i r s t stage data using Equations 5 and 6. Using the data 
obtained at different temperatures, the activation energy of de
composition i s determined as 44 kcal/mole. This value i s i n good 
agreement with the values reported i n l i t e r a t u r e (15, 16). 

In Equation 8 the f i r s t two terms (x = 1 - ξ^) give the 
conversion for the unreacted core model. The remaining terms i n 
this equation give the conversion i n the inner core for the two 
stage model. The data at 1000 °C and 1040 °C showed that f r a c 
t i o n a l conversions of the samples are approximately the same as 
the values predicted by the f i r s t two terms of Equation 8. This 
shows that at high temperatures unreacted core model becomes the 
controlling mechanism due to the increased concentration of C0 2 

i n the pores and d i f f u s i o n l i m i t a t i o n s . Experiments carried out 
at different temperatures also showed that the r a t i o of macropore 
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volume to micropore volume increase with temperature (from 0.35 at 
810 °C to 0.53 at 1040 °C for completely calcined samples) due to 
sintering of individual grains. On the other hand, the t o t a l 
porosity of the calcined p a r t i c l e s show e s s e n t i a l l y no dependence 
on temperature for this p a r t i c u l a r limestone. The va r i a t i o n of 
to t a l porosity with f r a c t i o n a l conversion of CaCÛ3 show (Figure 3) 
excellent agreement with the following equation which i s derived 
neglecting the possible changes i n the size of the p a r t i c l e during 
calcination. 

ε = ε + (1 - εο> 1 - CaO 
CaCO, 

(ID 

In conclusion, i t i s shown that the mechanism of a non
c a t a l y t i c gas-solid reactio
observing the variation

Legend of Symbols 

CAe equilibrium concentration of the product gas 
DeA e f f e c t i v e d i f f u s i v i t y i n the core section 
D*A e f f e c t i v e d i f f u s i v i t y i n the s h e l l section 

f i r s t order reverse rate constant 
cumulative macropore volume, ml/g 

V 2 cumulative micropore volume, ml/g 

Vp s p e c i f i c volume of samples, ml/g 
VCa0' molar volumes of CaO and CaC03 
VCaC0 3 

ε porosity at a certain degree of conversion 
ε^ porosity at complete conversion 
ψ dimensionless concentration of CO2 at the f i r s t stage 

and i n the core section at the second stage, O^/^e 
ω dimensionless concentration of C0 2 at the second 

stage, i n the s h e l l section 
ξ dimensionless r a d i a l coordinate 

dimensionless radius of the core 
duration of f i r s t stage 
time required for complete conversion 
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CONVERSION 

Figure 3. Variation of total porosity with fractional conversion of CaCOs to CaO 
at different calcination temperatures. 
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41 
Heat Transfer in Packed Reactor Tubes Suitable 
for Selective Oxidation 

T. WELLAUER and D. L . CRESSWELL 

Technisch-Chemisches Labor, E.T.H. Zentrum, CH-8092 Zurich, Switzerland 

E . J. NEWSON 
Schweiz. Aluminium A G , CH-8212 Neuhausen am Rheinfall, Switzerland 

Extensive experimenta
transfer coefficients over packed reactor tubes suit
able for selective oxidation are presented. The scope 
of the experiments covers the effects of tube dia
meter, coolant temperature, air mass velocity, 
packing size, shape and thermal conductivity. Various 
predictive models of heat transfer in packed beds are 
tested with the data. The best results (to within ±10%) 
are obtained from a recently developed two-phase con
tinuum model, incorporating combined conduction, con
vection and radiation, the latter being found to be 
significant under commercial operating conditions. 

Selective hydrocarbon oxidation reactions are characterised 
by both high activation energies and heats of reaction. I f the 
desired p a r t i a l oxidation products are to be safeguarded and the 
catalyst i n t e g r i t y ensured i t i s essential that close temperature 
control be maintained. In spite of the obvious attractions of the 
f l u i d bed for t h i s purpose, mechanical considerations normally 
dictate that a multi-tubular fixed-bed reactor, comprising small 
diameter tubes between 2-4 cms. diameter y be used. 

Heat transfer studies on fixed beds have almost invariably 
been made on tubes of large diameter by measuring r a d i a l tempera
ture p r o f i l e s (1). The correlations so obtained involve large 
extrapolations of tube diameter and are of questionable v a l i d i t y 
i n the design of many i n d u s t r i a l reactors, involving the use of 
narrow tubes. In such beds i t i s only possible to measure an axial 
temperature p r o f i l e , usually that along the central axis (2), from 
which an overall heat transfer c o e f f i c i e n t (U) can be determined. 
The overall heat transfer c o e f f i c i e n t (U) can be then used i n one-
-dimensional reactor models to obtain a preliminary impression of 
longitudinal product and temperature d i s t r i b u t i o n s . 

0097-6156/82/0196-0527$06.00/0 
© 1982 American Chemical Society 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



528 CHEMICAL REACTION ENGINEERING 

The ranges of experimental variables covered (Table I) span 
those of several hydrocarbon oxidation reactions, among which are 
o-xylene, benzene and η-butane. Only minor extrapolations are re
quired i n ethylene oxidation, and these are safely realised by the 
model developed i n the second part of this paper. 

Experimental 

A schematic diagram of the experimental equipment i s shown in 
Fig. 1. Heat transfer measurements were made i n vertically-mounted 
steel tubes of 21 mm and 28 mm I.D. and 4 metres length, which had 
been constructed as part of an experimental reactor p i l o t plant. 
The tubes were contained within a molten s a l t bath, equipped with 
s t i r r e r and internal hea
thermally insulated fro
of the same I.D. as the reactor tube. A 2 mm steel hypodermic tube 
was inserted along the central axis of the reactor tube and calm
ing section, p r i o r to packing, and located centrally by a number 
of spacers, which were removed before the experiments were 
started. The tube contained a s l i d i n g thermocouple, the position 
of which could be accurately measured. The reactor tube was f i r s t 
f i l l e d with about 2.5 metres of inert packing followed by about 
1.5 m. of the packing under test, to provide a continuous length 
of packed bed extending to the top of the calming section. A small 
section of the reactor tube, contained between the calming section 
and the top cover of the s a l t bath, was wrapped with e l e c t r i c a l 
heating tape and maintained near to salt-bath temperature. " S t i l l -
- a i r " experiments were conducted to examine the maximum errors i n 
temperature readings due to a x i a l conduction along the thermo
couple guide tube. These were estimated to be about 2°C. A i r was 
passed downwards through the bed at a known rate and, when steady-
state conditions were reached, bed and salt-bath longitudinal 
temperatures were recorded. The l a t t e r were always found to be 
uniform. Further sets of readings were taken at a number of 
different flow rates. 

Some measured a x i a l temperature p r o f i l e s are displayed i n 
Fig. 2 at various a i r flow rates. The data are plotted as In θ vs. 
bed depth z, where 0=Tg-T(z), and ζ i s the a x i a l distance measured 
from the top of the reactor tube (Fig. 1). At bed depths between 
20 and 30 cms. r a d i a l temperature and v e l o c i t y p r o f i l e s become 
f u l l y developed and a l l the plots become linear. The overall heat 
transfer c o e f f i c i e n t (U) can then be obtained simply from the 
slope of the l i n e s , since 

ι -4U 
S l ° p e " d~GC~ ( D t Ρ 
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A*R μ — T h e r m o c o u p l e 

21 -28 mm 

Figure 1. Schematic diagram of experimental apparatus. 
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•à—ch—cb—ώ—cfe—ds—ÔJ 
ζ (m) 

F/gwre 2. Measured axial temperature profiles at various air flow rates. Key: • , 
10 NL/min; 0,20 NL/min; Δ, 40 NL/min; and · , 78 NL/min. 
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Empirical Data Correlation 

For easy use of the data i n preliminary design studies, the 
equation l n U = k 1 + k 2 l n G (2) 

was f i t t e d to each set of data and the results drawn up i n Tablell. 
Examination of this table permits quick interpolation between 
neighbouring sets of data for other systems of interest. For more 
detailed studies, or i f extrapolation of some of the variables i s 
necessary, the mechanistic model proposed l a t e r should be used. 

Table I I ; Regression of the Function lnU=k 1+k 2lnG 
(U i s given i n W/m2K; G i s given i n gms/cm?sec) 

Material Code Tube Bed k i k 2 

/ e û û m i i T x Diameter (see Table I) ( m m ) Voidage k i S.E.(%) S.E.(%) 

ALC 182; sphere 28 0.50 5.563 13.0 0.457 5.4 
ALC 188; ring 28 0.58 5.738 3.3 0.494 1.4 
ALC 189; cylinder 28 0.45 5.712 5.6 0.379 2.3 
ALC 190; cylinder 28 0.56 5.606 3.8 0.466 1.5 
457 AF; saddle 28 0.58 6.034 7.2 0.612 2.9 
458 AF; h a l f - r i n g 28 0.55 5.838 2.0 0.454 0.8 
459 AF; ring 28 0.67 5.609 4.7 0.360 1.9 
460 AF; sphere 28 0.50 5.770 5.9 0.445 2.4 
145 AM; sphere 28 0.51 5.517 5.9 0.359 2.4 
146 AM; sphere 28 0.49 5.456 4.4 0.349 1.8 
SiC sphere 28 0.51 5.536 1.7 0.327 0.7 

ALC 188 
(bed repacked) 28 0.56 5.680 10.8 0.485 4.4 

460 AF 
(bed repacked) 28 0.50 5.781 6.3 0.455 2.6 

ALC 189; cylinder 21 0.56 5.990 2.3 0.522 1.3 
458 AF; h a l f - r i n g 21 0.65 6.004 3.5 0.531 1.9 
145 AM; sphere 21 0.56 5.829 2.0 0.508 1.0 
146 AM; sphere 21 0.53 5.866 9.0 0.487 4.9 

Eqn. (2) was found to accurately represent individual sets of 
data, giving estimates of kj and k 2 having normalised standard 
errors (σ^/Ε) less than 10%. The reprodu c i b i l i t y of the data was 
checked by changing the s a l t baths, the reactor tubes and by re
peated packings of the tube. A comparison of U values obtained over 
two diff e r e n t s a l t bath reactors and two differ e n t tubes, packed 
independently, i s given i n Table I I I . 
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Table III; Catalyst Support 146 AM; dt=21 mm; T S=320°C. 
Reproducibility of Experimental Data 

Mass Velocity 
G(kg/m2sec.) 

Reactor 1 
Tube 1 
U^W/n^K) 

Reactor 2 
Tube 2 

U 2 (W/m2K) 

0.62, 0.65 95 98.5 
1.25, 1.31 119 123.5 
2.49, 2.61 157.5 175 

Effects of the Variables 
Apart from the importan

i n Table I I , the p a r t i c l
i c l e shape were also found to be important. The s a l t bath tempera
ture gave an eff e c t on U which could not be explained by the 
induced changes i n the conductivity and v i s c o s i t y of a i r alone. 
P a r t i c l e conductivity and tube diameter, within t h e i r range of 
variation, have only marginal effects on the ov e r a l l heat transfer 
c o e f f i c i e n t . 

P a r t i c l e Diameter (dp) 
The interesting relationship between U and p a r t i c l e diameter 

(dp) i s gleaned from the data on the low conductivity spheres 
(ALC182, 460AF, 145AM, 146AM), covering the range 3.5 - 7.7 mms. 
The data shown i n F i g . 3 indicate a complex ef f e c t of p a r t i c l e d i a 
meter on the underlying heat transfer processes. Of p r a c t i c a l 
interest i s the maximum i n U found at intermediate p a r t i c l e sizes 
(y6 mm). The s o l i d curves are predictions of the heat transfer 
model given i n the second part of this paper. The model i s able to 
predict this complex behaviour quite well. 

P a r t i c l e Shape 
In discussing p a r t i c l e shape effects i t seems sensible to 

compare ove r a l l heat transfer c o e f f i c i e n t s for different shapes 
re l a t i v e to a common base, i . e . with regard to pressure drop/extern
a l surface area for non-porous supports or pressure drop/solid 
volume for porous supports. Thus, F i g . 4 i s constructed from the 
heat transfer correlations i n Table II, together with pressure drop 
data collected over the packings at NTP i n a 24 mm diameter tube. 
It i s clear that s t r i k i n g differences i n performance between 
differe n t packing shapes of the same material and nominally similar 
size can occur. 
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Figure 3. Effect of sphere diameter on overall heat transfer coefficient. Top curve, 
G = 2.73 kg/m2 s; bottom curve, G = 1.40 kg/m2 s. 
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AP/A s ( ba r /m 2 exte rna l surface) 

Figure 4. Heat transfer/pressure drop relations for various packing shapes. Key: 
, 459 AF ring; , 458 AF half-ring; , 460 AF sphere; and — , 

457 AF saddle. 
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Thin-walled rings and half-rings are much superior to the 
sphere which, i n turn, i s preferred to the saddle, unless the 
pressure drop becomes rather large. The most s t r i k i n g differences 
occur i n the pressure drop for a given value of the o v e r a l l heat 
transfer c o e f f i c i e n t - factors of between 2-4 are involved. These 
results suggest that p a r t i c l e shape i s an important variable for 
optimisation i n process development work. 

Salt Bath Temperature (Ts) 

Salt-bath temperatures covering the range 220°C-420°C were 
studied for 21 mm. and 28 mm. diameter tubes. Measurements were 
also made on a second 21 mm tube contained within a diffe r e n t salt 
bath. Salt c i r c u l a t i o n rates were such that the outside f i l m heat 
transfer c o e f f i c i e n t betwee
was estimated to be an orde
ov e r a l l heat transfer c o e f f i c i e n t s . Measurements on the two 21 mm 
tubes at 320°C showed good agreement, as would be expected when 
heat transfer on the "gas-side" i s l i m i t i n g (Fig. 5). The measured 
heat transfer c o e f f i c i e n t s were found to increase l i n e a r l y with 
salt-bath temperature at a rate between 0.14 and 0.33 W/m2~°C per 
°C increase i n s a l t temperature, the slope increasing with mass 
veloc i t y . This trend was reasonably well predicted by the heat 
transfer model given i n the next section ( s o l i d curves i n Fig. 5). 
On removing the radiation contribution from the model ( i e . setting 
tiR-0) the dotted curve i n Fig. 5 was obtained for the 21 mm tube. 
This curve l i e s below the observed values, p a r t i c u l a r l y at the 
highest temperature of 420°C. It i s concluded that radiation 
becomes s i g n i f i c a n t above 400°C, even when the mass velo c i t y 
through the tube, and thus the convection, i s r e l a t i v e l y large. 

P a r t i c l e Thermal Conductivity (k p) 
and Tube Diameter (dt) 

P a r t i c l e thermal conductivity and tube diameter have only 
marginal effects on the ov e r a l l heat transfer c o e f f i c i e n t within 
th e i r ranges of variation (k p:l-7.5 W/mK; dt:21-28 mm). This i s 
apparent i n F i g . 5 i n the case of tube diameter. 

Prediction of Heat Transfer Parameters 
Mechanistic equations describing the apparent r a d i a l thermal 

conductivity ( k r , e f f ) and the wall heat transfer c o e f f i c i e n t 
( nw,eff) of packed beds under non-reactive conditions are presented 
in Table IV. Given the two separate r a d i a l heat transfer r e s i s t 
ances -that of the "central core" and of the "wall-region 1- the over
a l l r a d i a l resistance can be obtained for use i n one-dimensional 
continuum reactor models. The equations are based on the two-phase 
continuum model of heat transfer (3). 
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Figure 5. Effect of salt bath temperature on overall heat transfer coefficient. Key: 
, without radiation; O, 0,21 dt(mm); and · , 28 dt(mm). 
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The overall heat transfer c o e f f i c i e n t U i n Eqn. (3) i s based 
on the measured temperature difference between the central axis of 
the bed and the coolant. I t i s derived by asymptotic matching of 
thermal fluxes between the one-dimensional (U) and two-dimensional 
( kr,eff> nw,eff) continuum models of heat transfer. Existing 
correlations are employed to describe the underlying heat trans
fer processes with the exception of Eqn. (7), which i s a new 
result for the apparent s o l i d phase conductivity (kr,s)> including 
the effect of the tube wall. Its derivation i s based on an ana
l y s i s of stagnant bed conductivity data (8, 9), accounting for 
"central-core" and wall thermal resistances. 

Table IV; Mechanistic Model Equations 

1. Overall heat transfe
Coefficient (U); ^ ' ^ t h e s m a l l e s t r o o t o f : 

, , x
 hw,eff<it _ , ν 

cuVa) = - = £ — - J 0 ( a ) 
Z K r , e f f 

4 
2. Effe c t i v e r a d i a l thermal k r , s ^ + ΒΓΓ̂  

conductivity (k r, eff ) : ( 3 ) * r , e f f s k r , f + — " « — <4> 
; α + Φ 

f " 2 k r > f ' NS " k r , s . d p < V / A ) 

3. Apparent wall heat transfer B i - = Bi 
coe f f i c i e n t ( h w > e f f ) · Ç3»4.) 

(5) 
d t \l/2 -0.26 

Components of k r > e £ f 

GCP dp ̂  v j 
4. Apparent f l u i d conductivity k r f = —τ • η~\ r^T (6) 

( k r , f ) : ( l ) ' B[I+19.4(SE^J 
Β =8.6 (spheres) 

= 6.5 (other shapes) 

5. Apparent s o l i d k_ _ = k r _ 11+2.66 ( - ^ - ) 2 ) (7) 
conductivity ( k r > s ) Γ ' ' » V d t J I 

3A / 1_ hR dp,(«)\ 
1 V d> ke / J 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



41. W E L L A U E R E T A L . Packed Reactor Tubes 539 

TABLE IV (cont'd.) 
h R = 2.72X10-7 ( ^ ) T 3 - ? - : (5) 

c . n 9 ή ... 0.072(1-VA)2 2_ 
ε<ϋ.Ζ0 Φ-Φ 2- [i n{A-0.925(A-l)}-0.075(l-VA)] 3A 

V3(1~VA) 2 2 
ε>0.476 Φ=Φχ= [in{A-0.577(A-l)}-0.423(l-VA)] " 3Ϊ 

0.26<ε<0.476; φ = φ 2 + S É L C ^ ± m . ^ 

A 5 5 kp/kg 

6. Interphase heat transfe
c o e f f i c i e n t (h): (7)

Comparison of Model Predictions 

Eqns. (3) - (9) enable the ef f e c t i v e r a d i a l thermal conductiv
i t y ( k r ^ e f f ) , the apparent wall heat transfer c o e f f i c i e n t ( h w > e f f ) 
and the overall heat transfer c o e f f i c i e n t (U) to be predicted i n 
terms of the physical properties μ, kg and Cp of a i r , together 
with measurable parameters such as ε, G, d t, kp, d p ( A ), d p > ( v ) , 
d P » ( v i A > » e a n d T> t n e mean bed temperature. The predicted and ob
served values of U are compared i n Figure 6. The averaged normal
ised standard error 

V2 

and the maximum error over the 60 runs, covering 15 packing/tube 
combinations, are given i n Table V. Also given i n Table V are 
similar s t a t i s t i c s for other models which have appeared i n the re
cent heat transfer l i t e r a t u r e and which are claimed to be wide 
ranging. The one-phase model predictions are obtained by replacing 
Eqn. (4) with 

k r , e f f s k r , f + k r , s < 1 0 ) 

TABLE V; Comparison of Model Predictions (in %) 
Mean_Error Max^_Error 

Heterogeneous Model Eqns. (3) - (9) 6.8 -14 
One-phase Model Eqns. (3), (5)-(10) 18.0 -42 
Specchia and co-workers (1) 51.5 
Kulkarni and Doraiswamy (5) 51.0 
Schliinder and co-workers (10, 11) 41.0 
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Previous one-phase continuum heat transfer models (1), (5), (10), 
(11), which are a l l based upon "large diameter tube" heat transfer 
data, f a i l to extrapolate to narrow diameter tubes. These equations 
systematically underpredict the overall heat transfer c o e f f i c i e n t 
by 40 - 50%, on average. When allowance i s made i n the one-phase 
model for the effect of tube diameter on the apparent s o l i d con
ductivity ( k r ^ s ) , Eqn. (7), the mean error i s reduced to 18%. 
However, the best predictions by far (to within 6.8% mean error) 
are obtained from the heterogeneous model equations. 

Legend of Symbols 

Cp s p e c i f i c heat of a i r J/kg.K 
dp sphere diamete
dp f ( A ) diameter of equa
d P i ( N O diameter of equal volume sphere (excluding m 

hollow spaces i n the packing, e.g. the hole 
i n a Raschig ring i s neglected i n computing 

d P , ( V ) 

d p > ( v / A ) diameter of sphere of equal s o l i d m 
volume/surface area 

d t tube inside diameter m 
e p a r t i c l e emissivity 
G s u p e r f i c i a l mass velocity kg/m2sec. 
h f l u i d to packing heat transfer c o e f f i c i e n t W/m2K 
nR apparent radiation heat transfer c o e f f i c i e n t W/m2K 
nw*f wall to f l u i d heat transfer c o e f f i c i e n t W/m2K 
nw,eff apparent wall heat transfer c o e f f i c i e n t W/m2K 
J 0 zero-order Bessel function of the rea l kind 
kg molecular thermal conductivity of a i r W/mK 
kp thermal conductivity of catalyst support W/mK 
k r e£f effective r a d i a l conductivity of packed bed W/mK 
k r > f e f f e c t i v e r a d i a l conductivity of f l u i d W/mK 
k r > s e f f e c t i v e r a d i a l conductivity of s o l i d 

within "central core" 
As 1 

k r^ g mean effec t i v e r a d i a l conductivity of W/mK 
so l i d within the tube cross-section 

Re A,Re v Reynolds number based upon d p > ( A ) 3 d p, ( V ), 
respectively: (Gd p > ( A )/y), (Gdp, ( v )/y) 

T(z),T g a x i a l bed temperature at position ζ, K 

s a l t bath temperature 
U overall heat transfer c o e f f i c i e n t 

(based on axi a l temperature) 
ζ distance along reactor tube m 
ε mean i n t e r - p a r t i c l e bed porosity 
θ temperature difference, T§-T(z) Κ 
y v i s c o s i t y of a i r kg/msec 

W/mK 

W/m2K 
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Note: Packed bed heat transfer parameters based upon unit t o t a l 
cross-sectional area normal to di r e c t i o n of heat transfer 
( s o l i d + void). 
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A New Chemical Method for the Study of Local 
Micromixing Conditions in Industrial Stirred 
Tanks 
J. P. BARTHOLE, R. DAVID, and J. VILLERMAUX 

Laboratoire des Sciences du Génie Chimique CNRS-ENSIC, 
1 rue Grandville, 54042 Nancy, France 

A new consecutive-competin  reaction  i
posed in order t
cromixing in stirred reactors. The method consists 
in locally injecting a small amount of acid into the 
reactor containing a Barium-EDTA complex in basic 
medium in the presence of sulfate ions. Barium sul
fate precipitates only in regions where the acid con
centration is in transient excess before being neu
tralized. The amount of precipitate depends on the 
micromixing intensity at the injection point and 
constitutes a segregation index. Experimental re
sults obtained in a 0.145 m3 industrial stirred tank 
are presented. An interpretation is proposed on the 
basis of the internal circulation pattern and of the 
distribution of turbulence intensity in the tank. 
The method, which makes use of simple and cheap che
micals, is amenable to a quantitative exploitation 
for the determination of micromixing times. 

Micromixing phenomena are the processes whereby different che
mical species which are supposed to mix and react are coming into 
contact at the molecular scale. The result of imperfect micromixing 
i s l o c a l unhomogeneity of the reacting mixture and this causes d i f 
ferences i n the conversion and y i e l d of chemical reactions, espe
c i a l l y when portions of the f l u i d having reacted at differ e n t i n s 
tants are mixed together. Fast reactions, combustions, p r e c i p i t a 
tions, polymerizations may p a r t i c u l a r l y be affected by these phe
nomena. 

Experimentally, many authors (see (J_-6)) have t r i e d to ana
lyze micromixing phenomena using as an indicator the extent or 
y i e l d of model reactions whose kinet i c s were known a p r i o r i . Howe
ver to our knowledge, i f one excepts the work of Bourne et a l . (J_), 
the chemical method has not yet been systematically used to inves
tigate the l o c a l state of micromixing at differ e n t points i n a 

0097-6156/82/0196-0545$06.00/0 
© 1982 American Chemical Society 
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s t i r r e d tank representative of i n d u s t r i a l reactors. This i s proba
bly due to the fact that, to this day, no simple test reaction, 
using cheap, non hazardous and common chemicals was available. The 
aim of this paper i s to describe such a reaction, which can e a s i l y 
been implemented at the p i l o t or i n d u s t r i a l scale. The work repor
ted below i s part of a broader study where both hydrodynamic cha
r a c t e r i s t i c s ( l o c a l average v e l o c i t i e s , v e l o c i t y fluctuations, 
energy dissipation) and concentration microgradients were c a r e f u l 
l y determined within an i n d u s t r i a l s t i r r e d tank. One of the goals 
of this study was to understand how l o c a l micromixing i n t e n s i t i e s 
were related to turbulence parameters. 

Experimental set-up 
3 

A 0.145 m tank (Figur
Rhone-Poulenc Co. S t i r r i n
6-blades turbine, 275 mm diameter. The dissipated power Ρ per unit 
mass of f l u i d was c a r e f u l l y measured as : 

The tank was provided with 4 baffle s placed at 90° intervals. A 
par t i c u l a r point of the tank could be located by i t s three c y l i n 
d r i c a l coordinates X, Y, 3 (see d e f i n i t i o n i n the nomenclature). 
For the study reported here, the tank was operated batchwise. The 
experimental f l u i d was water at ambiant temperature. 

Reaction system 

The idea was to use a system of fast consecutive-competing 
reactions, the y i e l d of which may be very sensitive to micromixing, 
as pointed out by Bourne et a l . (JO. However, instead of the so
phisticated reactions used by these authors, we designed the f o l 
lowing system : 

The tank i n i t i a l l y contains a Barium-EDTA complex i n basic me
dium (A). EDTA, also written Y H 4 below, denotes ethylenediaminote-
traacetic acid, which i s known to complex metallic ions. Even i n 
the presence of sulfate ions (U), the barium-EDTA complex i s stable 
i n basic medium. The i n j e c t i o n of H + ions neutralizes the medium, 
dissociates the complex and causes barium sulfate (S) to p r e c i p i 
tate. The reaction scheme may be written as a system of two conse
cutive competing reactions : 

Ρ = 5 N 3 D5/V 

A + Β 

nU + R + 2 nB 

-> R + W 
k 2 

-> nS + nT 

[2] 

[3] 

where 
2+ 4-A = (Ba* , Y* ) n OH Β = Η 
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Figure 1. Tank geometry. Key: a, 10 mm; b, 55 mm; c, 50 mm; D, 275 mm; 
and l, 66 mm. 
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R = ( B a 2 + , Y 4 " ) n ; W = H 20 

U = S 0 4
2 " ; S = BaS0 4 ; Τ = Y 4~ , 2H + 

The f i r s t reaction [ 2 ] i s a mere neutralization and can be consi
dered as instantaneous (ki = 1.3 χ 10 8 m^.mole"1.s"1 (7)) with res
pect to the second one [3J which i s limited by the k i n e t i c s of 
precipitation. The rate of this reaction was c a r e f u l l y determined 
(8) and can be expressed as 

r • k2 CR C U ( C o ) 2 / 3 M 
- 2 -5/3 5 - 1 with k 2 = 1.86 χ 10 η mole ' m s 

(the η-factor results fro
(Ba2+Y*~) ). 

n' 
C Q i s the concentration of available s i t e s for the c r y s t a l l i z a t i o n 
of barium sulfate. This i s equal to the sum of the i n i t i a l concen
trati o n of already precipitated sulfate i n the medium (Cg Q) and of 
the potentially precipitable sulfate, equal to the concentration 
of that of the two reactants (Ba^ + or SO^-) i n stoichiometric de
fect. It was checked that the addition of EDTA did not change the 
rate of reaction. 

P r i n c i p l e of the measurement 

In most experiments, the i n i t i a l concentrations i n the tank 
were 

C A = (0H~) = 10 moles . m"3 

Ao ο 
CT7 = (SO,2") = 5 - 1 5 moles . m"3 

Uo 4 ο 
(Ba 2 +) = 2 moles . m"3 (n « 0.2) ο 
(Y 4") = (EDTA) = 2 moles . n f 3 

ο ο 
3 

At a specified point i n the tank, 100 cm of hydrochloric 
acid 1.2N(C B o = 0.83 moles . nT^ after complete mixing i n the tank 
in the absence of reaction) were injected by means of a cylinder 
obturated at i t s lower end by an e l a s t i c membrane which becomes 
inf l a t e d and bursts out when submitted to the pressure of the l i 
quid pushed by a piston. The acid was thus injected without any 
preferential direction. This l o c a l l y released acid Β triggers reac
tions [ 2 ] and |l3] . If the l o c a l micromixing state i s perfect, the 
acid is* t o t a l l y and instantaneously neutralized, as i t i s i n s t o i 
chiometric defect with respect to A. The f i r s t reaction being very 
fast as compared to the second one, the precipitate S does not ap
pear. Conversely, i f mixing of the acid i s not instantaneously 
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achieved up to the molecular scale, small acid clumps persist for 
a few instants i n the tank where they may be carried away by the 
internal c i r c u l a t i o n flow. Upon penetration into these clumps, A 
i s i r r e v e r s i b l y converted to R and next to S. When neutralization 
i s achieved (because of the global excess of A), a certain amount 
of S i s remaining i n the tank i n the form of very small insoluble 
crystals which would require hours to s e t t l e down. It suffices 
then to wait for a few seconds after i n j e c t i o n i n order to obtain 
a uniform d i s t r i b u t i o n of the precipitate within the whole tank. 
A sample of the suspension can then be taken and t i t r a t e d separa
tely with a double beam spectrophotometer, the reference being the 
i n i t i a l solution. The o p t i c a l density of the solution at λ = 650 
nm i s actually proportional to the amount of S produced i n the ex
periment. This was checked by a gravimetric t i t r a t i o n of the pre
c i p i t a t e which served a
experience was repeate
Figures 2 and 3. The amount of precipitate i s simply additive from 
one experiment to the next. These amounts (Cg = 10~3 to 10~2 moles. 
m~3 per experiment) are very small as compared to the concentra
tion of reactants. C Q can thence be i d e n t i f i e d to ( B a ^ + ) 0 and i t 
i s not necessary to readjust the reactant concentration as long as 
the number of sucessive injections does not exceed about ten. It 
can be noticed from [ 4 ] that p r e c i p i t a t i o n i s f a c i l i t a t e d by the 
presence of pre-existing precipitate. 

From the measured value Cg and according to the overall s t o i -
chiometry of the reaction 

A + (2n + 1)B + nU - » nS + W + nT [5] 

a segregation index Xg may be defined i n a similar way to Bourne 
et a l (V) as 

X s = (2n + l ) C s / ( n 0 β ο) [β] 

As explained above, Xg = 0 for perfect micromixing. In a t o t a l l y 
segregated medium, and i f the consumption time of Β i s very large, 
Xg tends to be equal to 1. 

Example of experimental results 

Typical Xg values for Ν = 1.35 s" 1 are shown on Figure 2 i n 
the plane Y = 400 mm located just above the turbine, and on Figure 
3 i n the plane of the turbine at 3 = 30°. By comparison with the 
map of average v e l o c i t i e s i n the tank given by Barthole et a l . (9) 
and by Nagata (10) i t comes out that the lowest values for Xg are 
observed up-stream and close to the turbine whereas the highest 
one are obtained behind the baffle s and i n the turbine discharge 
stream. If the volume and the concentration of the injected acid 
are varied, C f i o being kept constant, Xg remains unchanged. If the 
s t i r r i n g v e l o c i t y Ν i s changed, Xg at any point i s found to vary 
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Figure 2. Distribution of segregation index X8 in Y = 400 mm plane. CUo is 5 
moles/m3 and X8 is expressed in %. 

Figure 3. Distribution of segregation index X8 in β = 30° plane. CUo is 5 moles/ 
m3 and Xs is expressed in %. 
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as N"*1. This i s shown on Figure 4 at point X = 180 mm, Y = 410 
mm, 3 = 30°. At this same point, Xg was measured after substitu
ting a Mixel TT propeller (diameter 360 mm) to the turbine. The 
results are shown on Figure 4 for the same value of Ν and of the 
dissipated power P. Smaller segregation indices Xg, but the same 
variation i n N~* were found with the propeller. However, this ob
servation should not be generalized to the whole tank volume as 
the effects of the s t i r r e r subtitution were only measured at this 
single point. 

Interpretation and discussion 

Figure 5 gives the values of the longitudinal v e l o c i t y 
fluctuations u f = (u^)l/2 i n the plane 3 - 30°. u i s independent 
of Ν (9). It can be notice
uniform over the whole tan
and of i t s discharge where u i s s i g n i f i c a n t l y higher. These ob
servations together with π Ν 0 those reported above suggest the 
following interpretation. After i n j e c t i o n at one point i n the tank, 
micromixing effects depend on the r a t i o t^/tQ of two characteris
t i c times, namely the reaction time t ^ (here tR = γρτ 
= 2.4 to 7.2 s) and the internal c i r c u l a t i o n k (C Q) 
time t c (defined for instance from Nagata (11) and (12; as 
t c = 2.1/N, here t c = 1.55 s at Ν - 1.35 s"^T. If t R / t c i s small 
(very fast reactions), the effect of micromixing on the reaction 
y i e l d i s solely determined by the mixing conditions prevailing 
around the i n j e c t i o n point : this i s r e a l l y a l o c a l measurement of 
micromixing e f f i c i e n c y . Conversely, i f t^/tç i s large (slow reac
tions), the f l u i d i s recirculated several times before the end of 
the reaction so that the chemical method no longer gives a l o c a l 
information but an "integrated" information over several c i r c u l a 
tion loops. In this case, the micromixing "capacity" of the reac
tor i s i d e n t i c a l to that of i t s most turbulent zone, generally the 
s t i r r e r region. 

If tR and tQ are i n the same order of magnitude, as i n the ex
periments reported here, Xg depends on a l l the micromixing states 
encountered between i n j e c t i o n and t o t a l using up of the acid, 
which occurs most of the time when the segregated clumps reach the 
s t i r r e r region. This s i t u a t i o n i s somewhat similar to the competi
tion between reaction/micromixing/dilution encountered i n continu
ous s t i r r e d reactors (6), the space time being replaced here by 
the c i r c u l a t i o n time. 

A quantitative interpretation of the results i s now i n pro
gress, relying on a phenomenological model of the IEM family (6) : 
the injected Β aggregate i s supposed to follow a r e c i r c u l a t i o n 
stream and to pass through two different zones : the s t i r r e r re
gion, where the exchange rate with the environment i s high, and 
the rest of the reactor, where this rate i s smaller. The map of 
average v e l o c i t i e s (9) allows the c i r c u l a t i o n paths from the i n j e c 
tion point to be determined with a reasonable approximation. From 
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AU%) 

Figure 4. Segregation index Xs vs. stirring speed Ν for different stirrers (CUo, 5 
moles/m'3). Key: X, 180 mm; Y, 410 mm; β, 30°; Φ, turbine; and X, propeller. 
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the observed yields (experimental Xg values) i t i s possible to es
timate the transfer rates i n the s t i r r e r region, and along the 
path between the i n j e c t i o n point and the s t i r r e r region. The f i r s t 
r esults, expressed as characteristic micromixing times t m are 
quite plausible and account for the N"1 dependence of X g. 

Conclusion 

Our goal was to design a simple method for measuring l o c a l 
states of micromixing at various points i n a s t i r r e d tank. This 
goal was reached with the reaction of p r e c i p i t a t i o n of BaSO^ by H + 

i n the presence of EDTA. The reaction revealed i t s e l f sensitive 
(the amount of precipitate varies i n a 20-fold range according to 
the i n j e c t i o n point) and easy to implement. Taking into account 
the low concentrations used
nable ; the chemicals ar
results i n batch operations can e a s i l y be extended to the same 
tank operating i n the continuous mode, as the energetic input of 
the feedstreams i s small as compared to that of the s t i r r e r . 

An i n d u s t r i a l application i s now being considered i n our La
boratory. 

On a fundamental viewpoint, after achievement of the quanti
tative modelling, a whole set of data w i l l be available for the 
f i r s t time on l o c a l mixing and hydrodynamic conditions and t h e i r 
consequence on the course of a chemical reaction controlled by mi
cromixing. This w i l l constitute a s i g n i f i c a n t progress i n the un
derstanding and the prevision of such phenomena. 

Legend of symbols 
-3 

C concentration moles.m 
D diameter of s t i r r e r mm 
kj reaction rate constant m̂  . mole"^ . s~* 
k 2 reaction rate constant m̂  . mole~5/3 . s" 1 

η i n i t i a l r a t i o of OH"" and B a + + concentrations 
Ν s t i r r i n g speed s" 1 

Ρ power dissipated per unit mass m̂  . s"^ 
r reaction rate mole . m""3 . s~* 
t c c i r c u l a t i o n time s 
tn reaction time s 
u fluctuating component of l o c a l v e l o c i t y m . s"^ 
V volume of the tank nr* 
X r a d i a l coordinate (from the s t i r r e r ) mm 
Xg segregation index 
Y axi a l coordinate (from the bottom of the tank) mm 
3 Angular coordinate counted i n the opposite direc 

tion to the s t i r r e r rotation (3 = 0° at the baffle) 
subscript ο denotes i n i t i a l conditions (with the assumption of pre-
mixed reactants) 
superscripts denotes time average value 
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43 
Considerations of Macromixing and Micromixing 
in Semi-Batch Stirred Bioreactors 

R. K. BAJPAI* and M . REUSS 

Technische Universität and Institut für Gärungsgewerbe und Biotechnologie, 
Seestrasse 13, D-1000 Berlin-65, Federal Republic of Germany 

Simulations have been carried out to investigate 
the interactions of micro  and macromixing in stirred 
fermentors operate
the extremes of segregatio
two-environment model. Results suggest that the 
reactors with internal or external recycle, those with 
circulation time distribution (CTD) corresponding to 
a large number (N) of continuous stirred tank reactors 
in series, subject themselves to a more reliable 
scale-up. Particularly for highly viscous non-Newtonian 
fermentation broths, such reactors are shown to be 
better than those typified by smaller N. 

Mixing i n r e a c t o r s i s c h a r a c t e r i z e d by two components, 
macromixing and micromixing. While macromixing i s e a s i l y 
measured and i t s importance i n the design and o p e r a t i o n of r e 
a c t o r s i s undoubtably recognized, micromixing presents even these 
days a r a t h e r a b s t r a c t s i t u a t i o n . Although the b a s i c concepts o f 
micromixing were developed and worked out more than two decades 
ago, i t s t i l l r epresents a very s p e c i a l i z e d domain. P a r t i c u l a r l y , 
i t s s i g n i f i c a n c e f o r scale-up o f r e a c t o r s remains to be f u l l y 
v i s u a l i z e d . The present work i s an attempt to i n v e s t i g a t e the 
i n t e r a c t i o n s between micro- and macromixings i n s t i r r e d r e a c t o r s 
i n v o l v i n g biochemical r e a c t i o n s and t h e i r i m p l i c a t i o n s with 
regards to the scale-up of these r e a c t o r s . 

Importance o f mixing i n flow r e a c t o r s having biochemical 
r e a c t i o n s has been s t u d i e d i n the past (1.-4). The r e s u l t s o f 
these s t u d i e s , are however, not a p p l i c a b l e to fermentation 
systems operated i n batch or semi-batch manner and very few p u b l i 
c a t i o n s have addressed themselves to such systems {2). On the 
other hand, fermentations are most commonly c a r r i e d out i n batch 
or semi-batch systems i n which the r o l e of mixing towards per
formances a t d i f f e r e n t s c a l e s of operations i s not well under
stood. P o s s i b l e reasons f o r t h i s l a c k o f i n t e r e s t have been a 
presumption of p e r f e c t mixing i n non-flowing r e a c t o r s and the 

1 Current address: University of Missouri, Department of Chemical Engineering, Columbia, 
MO 65211. 
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d i f f i c u l t i e s o f measurement even of macromixing i n such systems. 
Recent advances by Bryant and others (!5, 6) i n measurements o f 
c i r c u l a t i o n time d i s t r i b u t i o n s , CTD, taking advantage o f the r e 
c i r c u l a t i n g nature of f l u i d flow i n s t i r r e d v e s s e l s , permit a 
coupling of mixing and r e a c t i o n k i n e t i c s i n these systems. In 
some of our p u b l i c a t i o n s (7_, 8, 9 ) , we have presented a scheme 
f o r such a coupling i n which a case of complete segregation (no 
micromixing) i n the r e c i r c u l a t i n g flows has been considered. In 
the present paper, the treatment has been extended to compare the 
i n f l u e n c e of the l i m i t s of micromixing ( i . e . maximum mixedness 
and complete segregation) corresponding to d i f f e r e n t CTDs upon 
the observed gross k i n e t i c s . 
Two Environment R e c i r c u l a t i o n Model 

Consider a s t i r r e
Due to the movement of
pushed away from i t and the d i s p l a c e d volume i s r e p l a c e d by 
l i q u i d from other parts o f the s t i r r e d v e s s e l . As a r e s u l t o f 
continued a g i t a t i o n , a s i t u a t i o n i s created i n which l i q u i d i s 
c o n t i n u o u sl y r e c i r c u l a t e d from the i m p e l l e r to the bulk, only to 
r e t u r n back to i t a f t e r some time. Since up to 70% of energy 
introduced i n t o the l i q u i d by the a g i t a t o r i s d i s s i p a t e d i n the 
c l o s e v i c i n i t y o f i m p e l l e r (10, 11), the system can be d i v i d e d 
i n t o two compartments: one c o n s i s t i n g o f the immediate sur
roundings of the i m p e l l e r , known as the i m p e l l e r r e g i o n , and the 
other c o n s i s t i n g of the r e s t of l i q u i d volume i n the v e s s e l , 
known as macromixer. Due to the very high energy d i s s i p a t i o n 
r a t e in the i m p e l l e r r e g i o n , f l u i d passing through i t can be 
considered to be completely micromixed. Th i s region i s , t h e r e 
f o r e , known as micromixer a l s o . Such a two environment model was 
f i r s t proposed by Manning et^ a/L (12) f o r s t i r r e d chemical r e 
a c t o r s . The volume o f micromixer i s assumed to be n e g l i g i b l e as 
compared to that of macromixer. 

F l u i d r e c i r c u l a t i n g through the macromixer has i n a c t u a l 
p r a c t i c e a d i s t r i b u t i o n of c i r c u l a t i o n times (CTD) which can be 
measured d i r e c t l y by using the methods proposed by Bryant and 
Sadeghzadeh (5) and by Mukataka e t a l . (6) or i n d i r e c t l y by the 
method used by Khang and Levenspiel~TjL3J· As only a small p a r t 
of the introduced energy i s d i s s i p a t e d i n the macromixer, the 
extent of segregation between d i f f e r e n t f l u i d elements moving 
through i t i s u n c e r t a i n . Corresponding to each CTD, t h i s may 
take values c o n s t r a i n e d by the extremes of complete segregation 
and maximum mixedness. The two environment model with i t s ex
treme cases has been s c h e m a t i c a l l y presented i n Figure 1 f o r the 
case of oxygen supply to viscous non-Newtonian fermentation 
broths. 

The case o f maximum mixedness corresponding to a given CTD 
has been simulated using a s t i r r e d - t a n k s - i n - s e r i e s c o n f i g u r a t i o n , 
each tank o f which has a zero degree of segregation. Volumes of 
a l l the tanks have been assumed to be equal. To be exact, such a 
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representat ion corresponds only to the case of 'sequential mix-
edness' because molecular d i f f u s i o n i s not p o s s i b l e between any 

two maximally-mixed s t i r r e d t a n k s , where as i n case of 'maximum 
mixedness' molecules having same l i f e expectat ion from any part 
of the e n t i r e system should be able to mix wi th each other 
i n f i n i t e l y f a s t . However, due to r e c y c l i n g nature of systems 
under c o n s i d e r a t i o n here, i t i s most convenient to use such a 
c o n f i g u r a t i o n to represent the second extreme of mixedness. 

The case of complete segregation corresponding to any given 
CTD has been simulated using a d i s c r e t e s i m u l a t i o n procedure 
suggested by Bajpai and Reuss (7) . In t h i s c a s e , the f l u i d 
volume in the macromixer i s d i v i d e d i n t o a number of l i q u i d e l e 
ments of d i f f e r e n t ages, each of which c o n t r i b u t e s to the r e c i r c u 
l a t i n g stream according to the CTD. A l l these elements in the 
macromixer remain completely segregated from each other . The 
methodology of s i m u l a t i o
c a t i o n (7) . For very f a s t k i n e t i c s l i k e that of oxygen uptake by 
microorganisms, a quasi-steady s t a t e may be assumed. This 
assumption r e s u l t s i n a s i g n i f i c a n t ease of computations and has 
been discussed by Reuss and Bajpai (8) . 

Resul ts 
Simulat ions were c a r r i e d out f o r the case of simultaneous 

d i f f u s i o n and uptake of oxygen i n a v iscous fermentation b r o t h . 
I t i s assumed that oxygen t r a n s f e r takes place only i n the 
v i c i n i t y of the i m p e l l e r , hence only i n the micromixer. A man
date f o r such a handling of oxygen-uptake k i n e t i c s has been 
presented by Bajpai and Reuss (8) and by Reuss et a]_. (9) . 
Average oxygen uptake rate i n a hypothet ical clump of m i c r o b i a l 
mass i n which d i f f u s i o n and simultaneous consumption of oxygen 
takes place i s given by 

% = ( -r) = η Qfl 

max 

C 0 2
+ K M 

(1) 

where η i s the e f f e c t i v e n e s s f a c t o r . For the case of M i c h a e l i s -
Menten type of k i n e t i c s and s p h e r i c a l geometry, a pseudoana-
l y t i c a l s o l u t i o n was proposed by Atkinson and Rahman (14) of the 
f o l l o w i n g type f o r η : 

tanh φ Ψ 
η = 1 ( - 1 ) f o r Ψ<1 

φ tanh Ψ 
1 tanh φ 1 (2) 

= ( - 1 ) f o r Ψ>1 
Ψ φ tanh Ψ 
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where φ i s 'Thiele modulus' and Ψ i s a 'general modulus' r e l a t e d 
to T h i e l e modulus and other operating parameters as 

The assumptions behind such a representat ion of oxygen uptake 
k i n e t i c s i n a v iscous fermentation broth and t h e i r explanations 
are given by Reuss et al_. (9). 

In Figures 2 and 3 are presented the r e s u l t s of s i m u l a t i o n s 
of the oxygen k i n e t i c s f o r two d i f f e r e n t mean c i r c u l a t i o n t imes. 
Here in, the mean oxygen uptake rates i n the macromixers are 
p l o t t e d as f u n c t i o n s of
t i o n s . The parameter i n each f i g u r e i s the number of s t i r r e d -
v e s s e l s - i n - s e r i e s which c o n t r i b u t e to the c i r c u l a t i o n time 
d i s t r i b u t i o n . For the case of plug f low ( i . e . N= °°), the two 
cases of complete segregation and maximum mixedness are the same. 
For a l l other values of N, the performance of a maximum mixed 
r e a c t o r improves and that of a completely segregated r e a c t o r de
t e r i o r a t e s as the value of Ν decreases. For a given mean c i r c u 
l a t i o n t ime, τ , the d i f f e r e n c e between the two extremes of 
segregation decreases as Ν i n c r e a s e s . This i n f l u e n c e of the 
extent of segregation i s a strong f u n c t i o n of the mean c i r c u 
l a t i o n time - i t being stronger with l a r g e r c i r c u l a t i o n t imes. 

S i m i l a r trends of the i n f l u e n c e of l i m i t s of segregation were 
observed f o r another m i c r o b i a l system too - that of growth of 
bakers' yeast upon glucose i n v o l v i n g appearance of glucose e f f e c t . 

Discussion and Conclusions 
Let us see i f the trends observed by these s imulat ions are 

j u s t i f i e d i n the l i g h t of our current knowledge of chemical 
r e a c t o r s . The wel l known l i m i t cases of zero and f i r s t order 
k i n e t i c s i n a CSTR and a PFR suggest that 

1) i n case of a f i r s t order r e a c t i o n , f o r the same average 
c o n c e n t r a t i o n , the o v e r a l l r e a c t i o n rate i s same f o r PFR as wel l 
as f o r CSTR extreme cases. In other words 

Ψ = — 

* % + *"J % / K m " 1 π ( 1 + % / Κ μ ) 

(3) 

av av (CSTR) no segregation (CSTR) complete segr. 

av 
k C 

av 
(4) 

2) i n case of a zero order r e a c t i o n , the o v e r a l l r e a c t i o n 
r a t e f o r the same average d i s s o l v e d oxygen concentrat ion shows 
the f o l l o w i n g behavior 
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Figure 2. Predicted gross oxygen uptake kinetics for different reactor circulation 
time distributions corresponding to a mean circulation time (τ) of 10 s. 
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av > (-r) av > 
(CSTR) no segregation PFR 

av (CSTR) complete segr. (5) 
These r e s u l t s are obtained by averaging the concentrations and 
r e a c t i o n r a t e values over a l l the elements of the corresponding 
r e a c t o r s . For zero order k i n e t i c s , such an a n a l y s i s leads to 
Figure 4 wherein r e s u l t s are presented f o r a PFR and a completely 
segregated CSTR. .The case of completely mixed CSTR i s t r i v i a l (a 
h o r i z o n t a l l i n e a t the maximum r a t e up to C >0). 

av 
A comparison of t h i

Figures 2 and 3 points
the behavior i s dominated by zero order r e a c t i o n r a t e . T h i s i s 
understandable too, c o n s i d e r i n g the very low values o f (=1.28 
y m o l e s / l i t e r ) used i n our s i m u l a t i o n s . P o s s i b l y f o r any reason
able value of d i s s o l v e d oxygen c o n c e n t r a t i o n , esp. i n case o f 
segregated cases, a zero order k i n e t i c s p r e v a i l s and the high 
oxygen requirements r e s u l t i n a very short d u r a t i o n of f i r s t 
order k i n e t i c s before the uptake r a t e drops to i n s i g n i f i c a n t 
values. For the case of maximum mixedness, however, both the 
zero and the f i r s t order k i n e t i c s c o n t r o l . 

A l a r g e number of i n d u s t r i a l l y important fermentations 
i n v o l v e molds which have a h i g h l y viscous non-Newtonian c h a r a c t e r . 
These broths are very l i k e l y to show a segregated behavior during 
r e c i r c u l a t i o n s . Hence, based upon the r e s u l t s o f sim u l a t i o n s 
presented above, i t can be concluded t h a t the r e a c t o r s f o r such 
fermentations should be designed so as to have a CTD c o r r e 
sponding as c l o s e l y as p o s s i b l e to tha t of a PFR. Moreover, the 
r e s u l t s of Figures 2 and 3 show that the u n c e r t a i n t i e s of mix
edness ( a l t e r n a t i v e l y those of the extent of segregation) are f a r 
more important f o r lower values o f Ν than f o r the l a r g e r ones. 
Since measurement and c o n t r o l of degree o f segregation i s a 
d i f f i c u l t t a s k , scale-up o f s t i r r e d b i o r e a c t o r s having CTD c o r 
responding to l a r g e Ν can be c a r r i e d out with higher confidence 
( i n as much as only the e f f e c t of changed τ i s to be accounted 
f o r , not that o f the unknown changes i n degree o f segregation i n 
regions away from i m p e l l e r ) than those with small N. This s i t u 
a t i o n i s true r e g a r d l e s s of the v i s c i o u s nature o f broths. A l s o 
the e s t i m a t i o n of mean c i r c u l a t i o n time, τ, i s c a r r i e d out 
r e l a t i v e l y more e a s i l y and p r e c i s e l y than those o f N. For the 
purpose of design of new b i o r e a c t o r s , i t , t h e r e f o r e , appears 
t h a t r e a c t o r s with narrow CTD l i k e the pressure r e c y c l e r e a c t o r 
o f ICI (15) o f f e r advantages with regards to r e l i a b i l i t y o f 
scale-up, and a l s o i n c u r o p e r a t i o n a l b e n e f i t s f o r some systems 
(e.g. h i g h l y v i s c o u s non-Newtonian b r o t h s ) . 
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Figure 4. Predicted observed kinetics for a zero order reaction in continuous 
stirred tank ( ) and plug flow configurations ( ; for two different mean 

residence times. 
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Legend of Symbols 
C a w average c o n c e n t r a t i o n i n the macromixer 

α ν 
C n d i s s o l v e d oxygen c o n c e n t r a t i o n i n the bulk o f broth 

u 2 
k r e a c t i o n r a t e constant f o r a zero order k i n e t i c s 
IC. Michael i s Menten constant f o r uptake of d i s s o l v e d 

oxygen 
Ν number of CSTRs i n s e r i e s f o r a given CTD 
q n average volumetric oxygen uptake r a t e 

u 2 
Q n s p e c i f i c oxygen uptake r a t e 

u 2 
max 

Q n maximum s p e c i f i
u 2 

(-r) r e a c t i o n r a t e 
( " r ) a w average r e a c t i o n r a t e i n the macromixer av 
X biomass c o n c e n t r a t i o n 
η e f f e c t i v e n e s s f a c t o r 
Ψ general modulus 
Φ T h i e l e modulus 
τ average c i r c u l a t i o n time 
CSTR continuous s t i r r e d tank r e a c t o r 
CTD c i r c u l a t i o n time d i s t r i b u t i o n 
PFR plug flow r e a c t o r 
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44 
Mixing, Diffusion, and Chemical Reaction in a 
Single Screw Extruder 

R. C H E L L A and J. M . OTTINO 

University of Massachusetts, Chemical Engineering Department, Amherst, M A 01003 

The factors influencin  th  performanc f  singl
screw extruder a
simultaneous interactions betwee  mechanica  mixing, 
molecular diffusion, and chemical reaction are de
scribed in terms of a lamellar mixing model. The 
effect of mixing is incorporated through the con-
vective term in the Lagrangian mass conservation 
equations for the chemical species; the velocity 
being related locally to the specific rate of defor
mation of material elements convected by the macro
scopic flow. 
Results indicate that mixing can significantly modi
fy conversion and product distributions and that 
models assuming homogeneous feed conditions can in
troduce significant error. 

The modeling of reactive mixing i n single screw extruders 
has both p r a c t i c a l and theoretical significance. From a prac
t i c a l standpoint such a study could provide guidance regarding 
favorable operating conditions, at present largely determined 
empirically. From a theoretical standpoint this system provides 
a rigorous test for a reactor design model. The importance of 
reactant segregation effects i n the high v i s c o s i t y , low mass d i f 
f u s i v i t y systems t y p i c a l i n polymerization applications (1) neces
sita t e s a model that can account for the complex interactions be
tween molecular d i f f u s i o n , chemical reaction ,and the complicated 
flow f i e l d of the extruder. C l a s s i c a l reactor design methods 
(e.g.,(2)) are, i n general, inadequate because of the simplified 
treatment of the f l u i d mechanics. Some experimental (3) and 
simplified theoretical (4·) studies have been done but the pro
cess i s s t i l l not very well understood. The lamellar model ap
proach (5) used here allows for a detailed consideration of the 
underlying mechanisms influencing the reaction path. Since 
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averages are introduced only l a t e i n the analysis, there i s con
siderable f l e x i b i l i t y i n r e f i n i n g the model to r e f l e c t the degree 
of sophistication required. Several s p e c i f i c aspects of the prob
lem are of interest: 

(i) I d e n t i f i c a t i o n of relevant variables that affect con
versions and product d i s t r i b u t i o n s . This would give an indica
tion of the minimum experimental information required to charac
t e r i z e a reacting system i n the extruder, and the degree of so
ph i s t i c a t i o n required for alternate modeling descriptions. 

( i i ) Correlation of conversion and product di s t r i b u t i o n s to 
operating conditions i n the extruder, for some simple reaction 
schemes. 

Physical and Mathematical Model 

A schematic diagra
gular channel model (6) i s shown i n Figure 1. F l u i d i s conveyed 
forward along the channel as a result of the drag flow induced by 
the a x i a l component of the r e l a t i v e motion between the barrel and 
the screw, while a pressure flow builds up i n the reverse direc
tion due to the resistance offered by the die at the outlet. The 
resultant of the a x i a l flows largely determines the extruder 
throughput, but i t i s the transverse flow, generated by the 
transverse component of barrel rotation, that i s primarily respon
s i b l e for mixing. An element of f l u i d traces a h e l i c a l path as 
i t undergoes deformation i n i t s passage through the channel. 

When two f l u i d s with n e g l i g i b l e i n t e r f a c i a l tension and simi
l a r densities and v i s c o s i t i e s are mechanically mixed, a lamellar 
structure results. This i s shown schematically for the extruder 
flow f i e l d i n Figure 2. Reduction i n the average scale of segre
gation (characterized by the s t r i a t i o n thickness, s, or the 
intermaterial area density, a v) i n the a x i a l d i r e c t i o n results 
i n greatly enhanced d i f f u s i o n a l rates due to increased interma-
t e r i a l area and reduced d i f f u s i o n a l distances. At any channel 
cross-section there w i l l be a d i s t r i b u t i o n of s values corre
sponding to the diff e r e n t déformâtional h i s t o r i e s of the f l u i d 
elements, Sg, i n each of which the instantaneous flow f i e l d i s 
homogeneous. Given th e i r i n i t i a l location and orientation the 
déformâtional h i s t o r i e s of the S x elements can be calculated 
using the tools of continuum mechanics (7). 

If concentration gradients are assumed ne g l i g i b l e except i n 
the direction normal to the material interface,the mass conserva
tion equation for species i i n a frame T, attached to the lamel
lae, that translates and rotates with the flow i s : 

3 C i 3C-i 9 c-î 
9 Τ + α χ 3 x - = D i — ! + V i = A, B, ... (1) 

dX 
where α i s a function that characterizes the l o c a l flow. Fixing 
of the domain and elimination of the convective term i s achieved 
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by transforming to the variables τ,ξ (8): 

3C 2 d \ 

3ξ 2 
η R±* , i = Α, Β, ... (2) 

The transformed equation underscores the cooperative action be
tween d i f f u s i o n and mechanical mixing i n reducing concentration 
gradients. The mean exit concentration i s obtained by integrating 
<C.> over the residence time d i s t r i b u t i o n of the Sx elements, 
E(t) (5). 

Four cha r a c t e r i s t i c times are involved: those of reaction, 
t R , d i f f u s i o n , t^, mixing (l o c a l motion), t ^ , and macromixing 
(gross flow patterns), t". The r e l a t i v e ratios of these charac
t e r i s t i c times (Daj, D a n > P e ) determine the reactor perfor
mance. t c i s a chara c t e r i s t i
t D for "fast reactions

Mixing with Diffusion and Reaction. The interaction between 
dif f u s i o n , reaction fand mechanical mixing i s i l l u s t r a t e d for two 
prototype reaction schemes: 

(i) Single Bimolecular: Α + Β > products 
ko k 3 ( i i ) S e r i e s - P a r a l l e l : Α + Β — — > R; R + Β — — > S 

(i) i s the simplest reaction scheme that can exhibit reactant 
segregation effects. For single reactions, however, the only 
effect of reactant segregation i s to reduce conversions, whereas 
for multiple reactions both conversions and s e l e c t i v i t y can be 
modified. 

The i n i t i a l conditions for Eq. 2 correspond to complete 
i n i t i a l segregation of the reactants A and B. Boundary con
ditions are set by symmetry considerations. 

For the case of equal d i f f u s i v i t i e s , stoichiometric reactant 
ra t i o s , and equal volume fractions of A and Β streams i n the 
feed, inspection of the relevant model equations indicates that: 

(conversion, s e l e c t i v i t y ) = f(e,Da , Da , deformational 
γ 

history of S x) (3) 

The deformational history of the Sy element i s coupled to 
the chemical reaction and mass transfer "problem through the ri 
term i n Eq. 2. From a physical standpoint, η i s the r e l a t i v e 
stretch undergone by a material interface i n i t s passage through 
the extruder (see Figure 3). 

Mechanical Mixing. Determination of η(τ) and <Ĉ > for 
the entire population of S Y i s impractical. For most p r a c t i c a l 
applications i t should be s u f f i c i e n t to characterize the cross-
sectional η d i s t r i b u t i o n i n terms of i t s mean and variance. 
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Figure 1. Schematic diagram of extruder geometry. 

Figure 2. Schematic diagram of mixing in single screw extruder. 

Figure 3. Pictorial representation of mechanical mixing model. 
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The a x i a l variation of these quantities can be determined by the 
following procedure (cf. Figure 3): 

(i) A number ( s u f f i c i e n t l y large to ensure no influence of 
this variable on the averaged η pr o f i l e s ) of i n f i n i t e s i m a l ma
t e r i a l planes with specified location (X) and orientation 
{M(X)} are i d e n t i f i e d i n the feed planeT 

( i i ) The deformational history of each of the material planes 
i s calculated by application of the lamellar model equations (7), 
i n conjunction with a mathematical description of the extruder 
flow f i e l d . 

( i i i ) F i n a l l y , desired averages of the η d i s t r i b u t i o n are 
determined at several a x i a l locations. 

The extruder flow model suggested by Carley et a l  (9) i s 
chosen, by virtue of i t
perimentally determine
and power requirements, to i l l u s t r a t e the methodology of t h i s 
approach. 

The v e l o c i t y p r o f i l e , v a l i d i n the region " f a r away" from 
the f l i g h t s i s : 

v- = x 9(2 - 3x 9) 
1 2 2 (4) 

v 3 = x 2 [ 1 " 3 φ ( 1 " x 2 ) ] 

Use of thi s p r o f i l e necessitates assumptions regarding the 
change i n orientation and deformation occurring at the f l i g h t s . 
For large aspect ratios these may reasonably be assumed small. 

The area stretch undergone by a material plane while t r a v e l 
l i n g i n the horizontal plane from one f l i g h t to the other, i s 
given by 

η = [1 + {Μ 2-ζ[2Μ 1(1-3χ 2) + M 3 cot0(l-3<f) + 6χ 2φ) ] }2-K*\2 (5) 
where 
ξ = Κ/|χ 2(2 - 3χ 2)I ; Κ ΞW/H, aspect r a t i o (6) 
Also, by inspectional analysis, 

« η » = f(K, L/H, z, θ, φ, {MOT)}) (7) 
« η » i s found to be r e l a t i v e l y insensitive to Κ . The v a r i a 
tion of « η » with φ, θ and z i s shown i n Figure 4, for 
ty p i c a l extruder dimensions. Deviation from the l i n e a r depen
dence of « η » on z, predicted by e a r l i e r theoretical studies 
(£,10), i s seen to be s i g n i f i c a n t for large φ. The mixing a-
chieved i s also found to be strongly dependent on the i n i t i a l 
orientation of the interface: the stretching of a v e r t i c a l i n 
terface (Μ = (1^0,0)) being much larger than that of a horizon
t a l interface (M - (0,1,0)). 
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Figure 4b. Variation of final mixedness with helix angle and φ. Conditions: K, 15; 
andL/H, 50. 
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Results and Discussion 

The computed residence time d i s t r i b u t i o n of the S x elements 
i s closely approximated by a delta d i s t r i b u t i o n , and ~ that i s 
what i s assumed here. Further, the reactant mole r a t i o i n the 
S y elements i s taken to be the same as i n the over a l l feed. 
~ I n i t i a l l y , consideration i s limited to the case where the η 

dis t r i b u t i o n can be completely characterized by i t s mean, « η » . 
Modification of conversions and product distributions for some 
ty p i c a l operating conditions and parameter values are shown i n 
Figure 5. Also shown i n thi s figure, for comparison, are the 
corresponding curves for a shear flow mixer-reactor that achieves 
the same ov e r a l l mixing (average stretch). Results indicate: 

(i) Faster production of a v , e.g. obtained by increasing 
or decreasing Θ, result

reaction ( i ) and favore
reaction ( i i ) . 

( i i ) Considerable error can be introduced by assuming homo
geneous i n i t i a l conditions ( c r i t e r i a have been developed (8) 
to indicate when mixing effects are si g n i f i c a n t — roughly, 
mixing effects may be important for Pe < 1.0 or Dâ-^ 1) · 

( i i i ) For small φ, the f i n a l conversions and product d i s t r i 
butions (which are the only basis for comparison i n t h i s case) 
are reasonably close for an extruder and shear flow mixer-reactor 
having the same Pe. This affords a considerable s i m p l i f i c a t i o n , 
since for the l a t t e r : 

η(ζ) - [1 + ( G z ) 2 ] % (8) 
2 

where G(= - 1) should be accessible to experimental measure
ment. 

Assuming the functional form given by Eq. 8 for η, normal
ized distributions for G can be determined at several a x i a l 
locations. These distributions can be roughly approximated by 
a two parameter normal d i s t r i b u t i o n with the mean and variance 
only weakly dependent on z, i f φ i s not very large (< 0.3). 
The effect on reaction of a d i s t r i b u t i o n i n η among the Sy 
elements i s most ea s i l y shown for the case of extremely rapid, 
stoichiometric, single, bimolecular reactions, for which an 
ana l y t i c a l solution ^s available (11). The conversion of A i n 
terms of the mean, G, and variance, o^, of the G d i s t r i 
bution i s : 

X. = 1 8 * 1 

exit π n=l,3,... n (1 + — t n σ ζ ) 
— 2 

exp {-t*n 2z[l + ( G z \ ~ ]} 
(3+2t*n ζ o G) 

(9) 
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05-

0.4-

Figure 5a. Modification of product distribution of series parallel reaction due to 
mixing. Conditions: c, 0.1; Dan, 10s; Dah 102; and β, 0.5. Key: , extruder 

(K, 15; L/H, 50; Θ, 15); and , equivalent shear flow mixer. 

10, 

0.8h 

2 

Figure 5b. Modification of conversion in single biomolecular reaction due to mix
ing. Conditions: DaIIt 105; DaIt 102; and β, 1. Key: as in Figure 5a. 
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The effect of the variance on predicted conversions i s shown i n 
Figure 6 for some ty p i c a l values; broadening of the η d i s t r i 
bution i s seen to decrease exit conversions. This can be under-

Conclusions 

We have presented here a n o n - t r i v i a l case study of a chemical 
reactor where f l u i d mechanics, d i f f u s i o n , and chemical reaction 
are treated at the same l e v e l of complexity. The results i n d i 
cate that conversions and product distributions can be s i g n i f i 
cantly modified by mixing effects, for operating conditions of 
interest; considerable error can be introduced by assuming homo
geneous i n i t i a l conditions. 

This study serves t
l a r model approach an
Extension to other mixer-reactors with complicated flow patterns, 
e.g., s t a t i c mixers or twin screw extruders i s possible with very 
l i t t l e conceptual modification. 

Legend of Symbols 

C. = c 4 / c T nondimensionalized concentration of 

stood i n terms of i s o l a t i o n of reactants (5). 

species i 
t 7 t R ; D a i l = 

Η channel depth 
a x i a l screw length 
set of i n i t i a l orientations of S i n 
feed plane 

L 
i M ( X ) } 

reaction rate of species i 
nondimensionalized reaction rate of 
species i 
mean residence time 

t * - A/t D 

CD ~ S o / D K characteristic d i f f u s i o n time 

char a c t e r i s t i c reaction time 

char a c t e r i s t i c mixing time 

y dimensionless v e l o c i t y vector 

continued on page 577 
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Figure 6. Effects of distribution in stretch among microflow elements on conver
sions for a single bimolecular reaction. Conditions: Dan, 1010; DaIt 102; and ψ, 
5 X 10s. Key: (G/t, σ0): curve 1, (15,0); curve 2, (10,0); curve 3, (10,25); and 

curve 4, (10,100). 
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Legend of Symbols — continued 

χ dimensionless position vector 
X i n i t i a l location vector of S 
X _ 1 - (C A/C A ) conversion of A A A AQ 
ζ dimensionless a x i a l distance 
α = -d£n s/dt stretching function 
3^ = Cj /C^ i n i t i a l reactant stoichiometric mole r a t i o 

ο ο 
Δ̂ ^ = V±/®K d i f f u s i v i t y r a t i o 

ε = ^ 2 ^ 3 i n t r i n s i c s e l e c t i v i t y 
θ channe
ξ dimensionless distance i n s dir e c t i o n 
τ = t / t dimensionless time 
φ negative r a t i o of pressure to drag flow i n channel 

< > S x averaged value 
« » cross-section averaged value 

Subscripts 

i species-i, i s A,B,C... 
ο i n i t i a l value 
f f i n a l value 
I,J,K,... specified species, 

A d m o w l e d g m e n t s 

The authors would l i k e to acknowledge the donors of the 
Petroleum Research Fund, administered by the ACS, and the National 
Science Foundation (CPE-8117732) for p a r t i a l support of t h i s 
research. 

Literature Cited 

1. Nauman, B. J . Macro. Sci., 1974, C1O, 75. 
2. Levenspiel, O. "Chemical Reaction Engineering", Wiley, 

New York, 1962; p.581. 
3. Siadat, B.; Lundberg, R.D.; Lenz, R. W. Poly. Eng. Sci. , 

1980, 20, 530. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



578 CHEMICAL REACTION ENGINEERING 

4. Lindt, J . T., Ed.; Proc. Conf. on Reactive Processing of 
Polymers, Oct. 1980, Pittsburgh. 

5. Ottino, J . M. Chem. Eng. Sci., 1980, 35, 1377. 
6. Mckelvey; J . M. "Polymer Processing", Wiley, New York,p.409. 
7. Ottino, J . M.; Ranz, W. E.; Macosko, C. W. AIChEJ, 1981, 27, 

565. 
8. Chella, R.; Ottino, J . M. to be submitted to Chem. Eng. Sci., 

1982. 
9. Carley, J . F.; Mallouk, R.S.; Mckelvey, J.M. Ind. Eng. Chem., 

45, 974. 
10. Pinto, G.; Tadmor, Z. Poly. Eng. Sci., 1970, 10, 279. 
11. Toor, H. L. AIChEJ,1962, 8, 70. 

Received April 27, 1982. 

In Chemical Reaction Engineering—Boston; Wei, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



45 
Mathematical Model of Low Density Polyethylene 
Tubular Reactor 
G. DONATI, L. MARINI, G. MARZIANO, 
C. MAZZAFERRI, and M. SPAMPINATO 

Istituto Guido Donegani S.p.A., Research Center, Novara, Italy 

E. LANGIANNI 
Montepolimeri S.p.A., Research Center, Ferrara, Italy 

A mathematical model  developed  abl  t  predict 
monomer conversio
trial tubular reactors for the production of low-den
sity polyethylene, in different operating conditions. 
The usual limitations (isothermal wall, radicals qua
si-steady state, constant pressure) found in the lit
erature for similar models were released, and the im
portance of correctly evaluating the propagation and 
termination rate constants, kp and kt, was shown. 
The model parameters were determined through fluid
-dynamic experiments in a mock-up, and from the anal
ysis of data obtained on an industrial reactor. 

Nearly a l l low density polyethylene (LDPE) i s produced at 
high pressure either i n s t i r r e d autoclaves or i n tubular reac
tors. The high pressure polyethylene tubular reactor (Figure 1) 
i s characterized by a very high length to diameter r a t i o , that 
ranges from 1000 to 15000. Heat i s transferred from or to the 
reactor by means of an o i l jacket that surrounds i t . This jack
et i s subdivided into several zones, as the o i l temperature must 
vary along the reactor due to the different heat requirements of 
the process: i n a f i r s t part (heating zone) the cold feed must 
be heated to the reaction starting temperature, while i n the sub
sequent zones the o i l has the duty of removing the reaction heat. 
Thus the reactor can be imagined as divided into as many zones 
as are the o i l input points. In order to prevent the build-up of 
polymer deposits on the colder reactor walls - that i n severe 
instances can lead to plugging or, i n less severe ones, to a 
greater production of cross-linked (gel) polymer of lower q u a l i 
ty - the flow rate i n the tube i s kept as high as possible, and, 
in most of the reactors presently i n operation, flow pulses are 
imposed to the reaction mixture. These pulses, the frequency of 
which i s once every 2 to 10 seconds, are believed to accomplish 
a regular tearing away of the accumulated polymer both by means 
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+ Polymer 

Figure 1. High pressure polyethylene tubular reactor. 
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of the p e r i o d i c a l l y increased v e l o c i t y of the reaction mixture 
(that can be 2 to 5 times the average value) and due to an ex
pansion of the ethylene dissolved i n the polymer as the pressure 
i s reduced. The tube sizes i n use today range from 1 to 2 inches 
internal diameter and from 500 to 1000 metres length, with pres
sure drops between 100 and 700 atm. Reactor temperatures are com
prised i n the 100-300°C i n t e r v a l : temperatures higher than 300°C 
are not used, primarily because decomposition of ethylene can 
occur above this value. 

The polymerization reaction i s known to be of the r a d i c a l 
type, since i t i s i n i t i a t e d by suitable compounds (" i n i t i a t o r s " ) 
that, either by reaction with the monomer or by seIf-decomposi
tion, give o r i g i n to primary radicals: i n the past, oxygen was 
used almost exclusively (1), while the modern trend i s to use 
organic i n i t i a t o r s suc
As the temperature at whic
takes place depends on the i n i t i a t o r i t s e l f , a successful opera
tion of the reactor requires a proper choice of the i n i t i a t o r : 
i n many cases, suitable mixtures of diffe r e n t i n i t i a t o r s are 
also used. The reactor performances are often enhanced by a 
proper use of multiple feed streams of cold ethylene and/or i n i -
t i a t o r ( s ) . 

In the l i t e r a t u r e many studies on LDPE tubular reactors are 
found (2-6).All these studies present models of the tubular reac
tor, able to predict the influence, on monomer conversion and 
temperature p r o f i l e s , of selected variables such as i n i t i a t o r 
concentration and jacket temperature. With the exception of the 
models of Mullikin, that i s an analog computer model of an i d e a l 
ized plug-flow reactor, and of Schoenemann and Thies, for which 
i n s u f f i c i e n t details are given, a l l the other models developed 
so far appear to have some limitations either i n the basic hy
potheses or i n the f i e l d s of application. 

A l l authors, for instance, consider the jacket o i l at con
stant temperature. This assumption, equivalent to that of i n f i 
n i t e o i l flow rate, makes i t impossible to correctly compute the 
overall heat transfer c o e f f i c i e n t and the thermal driving force. 
Since heat exchange plays an important role i n the conduction of 
i n d u s t r i a l reactors, where more than one t h i r d of the polymeriza
tion heat i s removed through the external cooling o i l (only very 
low conversion reactors can be assumed adiabatic, as claimed by 
Chen et a l . ) , this l i m i t a t i o n cannot be accepted. 

A second point regards the assumption, either e x p l i c i t l y or 
i m p l i c i t l y made by a l l authors, of radicals pseudo-steady state 
along the reactor. This assumption, that i s adequate as long as 
the i n i t i a t o r i s not completely decomposed (by the way, this i s 
the case i n the operating conditions considered by Agrawal and 
Han), does not allow to describe most i n d u s t r i a l reactors, where 
there i s experimental evidence that some polymerization takes 
place also a f t e r the temperature peak, i n a zone where the i n i 
t i a t o r i s completely decomposed. It's worthy to point out that 
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even when the radicals pseudo-steady state assumption i s not ex
p l i c i t l y made, p r a c t i c a l l y equivalent results can follow from an 
unappropriate choice of the values of the chain propagation and 
termination constants (k and k f c): this i s actually the case with 
the model of Chen et a l . P 

None of the models previously mentioned, then, takes into 
account the pressure variation along the reactor. This variation 
i s not negligible, i n view of the high v e l o c i t i e s usually impos
ed to the reaction mixture; moreover, pressure i s known to play 
a very important role on the polymerization rate (4,7)· T l l u s a t 

least a f i r s t order estimate of the pressure p r o f i l e along the 
reactor seems to be necessary. 

F i n a l l y , a proper investigation about the ef f e c t , on a x i a l 
mixing, pressure drop and heat transfer c o e f f i c i e n t , of the end 
pulsing valve i s missing

In this paper a compute
i s presented, i n which the previously discussed limitations are 
avoided. 

Fluiddynamic study 

Due to the lack of published data on the special flow f i e l d 
generated i n the LDPE tubular reactor by the end pulsing valve, 
the development of the mathematical model was preceded by a f l u 
iddynamic study, with the aim of evidencing the influence, i f 
any, of the pulsed motion on the a x i a l mixing, the heat transfer 
c o e f f i c i e n t and the pressure drop i n the reactor. 

A f u l l scale mock-up was b u i l t , consisting of a 6 m length, 
32 mm internal diameter stainless s t e e l tube, fed by a r e c i r c u l a t 
ing pump. 

Since ethylene at process conditions i s a very l i g h t l y com
pressible gas with a density of 500 kg/m , water was used as a 
model f l u i d : the effect of v i s c o s i t y , then, was studied by adding 
to i t small amounts of carbossymethylcellulose. Because of the 
incompressibility of water, the flow pulses inside the model were 
obtained by feeding a constant water flow to both the model and a 
p a r a l l e l c i r c u i t at p e r i o d i c a l l y varying proportions, through the 
use of a suitable valve. 

Thus an approximately sinusoidal flow inside the mock-up 
could be obtained, with period i n the 2 to 10 sec range and ampli
tude comprised between .2 and .5 times the average value. This 
average value, then, could be varied from 10 to 40 m^/h. 

The experimental results were rather surprising. It appear
ed that no s i g n i f i c a n t difference existed between the average 
values of mixing e f f i c i e n c y , heat transfer c o e f f i c i e n t and pres
sure drop obtained i n a pulsed flow and those obtained i n a con
stant flow of the same mean rate, probably because of the very 
low pulsation frequency, which i s superimposed to a turbulent 
motion characterized by frequences three orders of magnitude 
higher. Thus, as f a r as only average values are concerned, the 
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pulsed motion inside the LDPE tubular reactor can be simulated 
by a constant flow of the same average rate. 

The significance of these results w i l l be discussed thor
oughly i n a subsequent paper. 

Kinetic assumptions 

Many k i n e t i c studies on the high pressure ethylene polyme
r i z a t i o n are found i n the l i t e r a t u r e (8-11). A l l authors agree 
on the following main reaction steps: 

k 0 
i n i t i a t i o n by oxygen O2+M • R- (1) 

k j 
i n i t i a t i o n by peroxid
propagation R
termination R +R » Ρ (4) 

n m 
Since we are interested i n the computation of monomer con

version and temperature p r o f i l e s , a l l radicals of whatever chain 
length may be considered as a unique species, the concentration 
of which i s thus given by: 

With this position, balances may be extended to only four 
chemical species: oxygen C^, i n i t i a t o r I, monomer M and radicals 
A q . The rates of appearance of these species are e a s i l y derived 
from the k i n e t i c expressions (1) to (4). As an example, the rate 
of r a d i c a l appearance i s given by: 

R A q - 2f k x [ I ] + k Q [ M ] [ 0 2 ] - k t [ A q ] 2 (5) 

The rate of polymer production, then, i s equal to the rate 
of monomer consumption. The reaction rate constants are assumed 
to follow a modified Arrhenius law: 

r Ε- AV(p-p o) -ι 
k = A exp L J 
In this study the values l i s t e d i n Table I for the para

meters A, E, AV and ρ were used. 
As to the values of k and k , i t ' s well known (9,10) that 

from p i l o t experiments on i vessel reactor these rate constants 
cannot be separately evaluated: only the value of the parameter 
k /\/k^ can be obtained. For this reason, while most authors 
a^ree on the value of the above parameter, they strongly disagree 
on the separate values of the two rate constants. In a tubular 
reactor, however, the conversion can be shown to depend also from 
the rat i o k /k t > i f the radicals quasi-steady state assumption i s 
released. TSUS, i n a f i r s t approximation, both constants can be 
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evaluated from the analysis of the performances of an i n d u s t r i a l 
tubular reactor. This was done i n the present work, and led to 
the values reported i n Table I. 

TABLE I - Rate constants used i n the computation 

\ P o 
(1/mol.s) (cal/mol) (cal/mol-atm) (atm) 

k i 1.000·10 1 5 31334. 0. 0. 

k o 1.608-10ll 30670. 0.6 1. 
k 
ρ 

3.100-104 6164. 0.6 1. 

k t 4.000·10 4 750 0 0

Mathematical model 

Each zone of the tubular reactor i s simulated as a sequence 
of N v perfectly mixed elementary volumes, as shown i n Figure 2. 
Each volume can receive a feed side-stream, and exchanges heat 
with a corresponding volume i n the o i l jacket. For volume i and 
chemical species j (either i n i t i a t o r , oxygen, radicals or monomer) 
the mass balance i s written as: 

F F Q f p f + Q i - i ^ - i Q?C. .+Q. nC. . -( 1 1 1 1 1 1)C. ,+R. .V.=0 (9) 
x i j , i H i - 1 j , i - l P i j , i j , i ι 

where superscript F designates the feed side-stream, i f present, 
and R. . i s the production rate of species j i n the elementary 
volume*itself, as defined by the above k i n e t i c equations. I f T Q ^ 
indicates the jacket o i l temperature corresponding to volume i , ' 
U the overall heat transfer coefficient and S the exchange area, 
the enthalpy balance for the reaction mixture i s : 

J F , Q f ^ c F i T ^ . _ i , i _ l C p i _ 1 T i _ 1 - ( Q i , i + Q i _ 1 p i _ 1 ) c p i T i + 

+ X,r. .41LV.+US(T .-T.)=0 k k , i κ ι ο,ι ι 
(10) 

F i n a l l y , the thermal balance for the jacket o i l reads: 

Q FP F(c« . ,T . - c n .T .)-US(T .-T.)=0 (11) 
x o r o v ^ o , i + l o,i+l Po,i ο,ί' ο,ι ι' 
As i t can be seen, allowance i s made for variations i n the 

physical properties of the reaction mixture and the jacket o i l . 
For some properties i n the reaction mixture, as well as the 

k i n e t i c constants, depend on pressure, this too i s to be comput
ed, using the c l a s s i c a l equation: 

P i - P i - 1 - 4 f ÏÏ <>i ( ui / 28> ( 1 2 > 
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The global heat transfer c o e f f i c i e n t i s given by: 

U D-h 2k h 1 o w m 
in which k i s the wall conductivity, D and D^ are the inner and 
outer reaclfor diameters, and h and h are the heat transfer coef
f i c i e n t s i n the jacket and i n 2he reactor, computed through the 
c l a s s i c a l Nusselt equation: 

Nu=.028(Re) e 8(Pr)* 4 (14) 

as the flow i s turbulent a l l over the reactor. 
For each elementary volume, then, four equations l i k e (9) 

plus the three equations (10),(11) and (12) are written. The reac
tor zones can be separatel
nonlinear algebraic equation
This i s performed with the aid of a general program for the so
luti o n of large, sparse matrix, nonlinear equations systems, a l 
ready employed (12) for the simulation of the LDPE vessel reac
tor. More details on the program are given elsewhere (13). 

Results 

The previously discussed model was applied to simulate an 
in d u s t r i a l reactor, divided into 15 zones; for each zone, ten 
elementary volumes were considered i n the computation. The re
sults are reported i n Figure 3, where the corresponding experi
mental data are also shown: a f a i r l y good agreement between com
puted and measured temperatures i n the reactor i s apparent. The 
conversion p r o f i l e , whose f i n a l value i s very close to the t o t a l 
monomer conversion i n the i n d u s t r i a l reactor, appears to be quite 
different from those previously reported i n the l i t e r a t u r e : the 
reaction proceeds very quickly after the mixture has reached a 
certain " s t a r t i n g temperature", but the temperature peak i s rath
er smooth and after i t the conversion i s s t i l l increasing. This 
behaviour i s explained by the computed p r o f i l e s of oxygen, or
ganic peroxide and radicals concentrations, reported i n the same 
Figure 3: the organic i n i t i a t o r decomposition starts at the end 
of the fourth zone, and i s p r a c t i c a l l y complete when the temper
ature reaches 180-200°C; only at this point oxygen begins to re
act very quickly, giving o r i g i n to the well known temperature 
peak. The radicals concentration, that increases u n t i l the tem
perature peak i s reached, begins to decrease, s t i l l allowing a 
further s i g n i f i c a n t polymerization i n the l a s t part of the reac
tor. This result, from a computational point of view, depends on 
the choice of the k i n e t i c parameters k and kfc: i n Figure 4a are 
presented the temperature and conversion p r o f i l e s computed, for 
the same operating conditions of Figure 3, with values of k and 
k such that the ra t i o k //k~ i s the same but the ra t i o k /fe t i s 
100 times lower. While nB si g n i f i c a n t v a r i a t i o n can be noled i n 
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Figure 2. Schematization of a section of the tubular reactor for computation. 

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 

Section number 

Figure 3. Results of computation. Key: ° ° °, experimental values of reactor 
temperature; , computed reactor temperature; , computed conversion 
profile; - · -, computed initiator concentration; , computed oxygen concentra

tion; and , computed radicals concentration. 
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1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 
S e c t i o n n u m b e r 

Figure 4. Effect of variations of model parameters and operating condi
tions. Key: a, Temperature and conversion profiles obtained with a 100 fold reduced 
value of ratio kp/kt (unchanged value of the ratio kv/yjkt); b, Effect of +20% ( ) 

or —2Οψο (· · -) variation of oil flow rate in startup sections. 
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1 2 3 4 5 6 7 β 9 10 11 12 13 U 15 
S e c t i o n n u m b e r 

Figure 4c and 4d. Effect of variations of model parameters and operating condi
tions, c, Effect of +20% ( ) or —20% ( · · -) variation of feed oxygen con
centration, d, Temperature and conversion profiles for a split-feed condition. 
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the f i r s t part of the reactor, the p r o f i l e s after the temperature 
peak appear to be quite different. 

The model was then employed to evaluate the ef f e c t , on the 
reactor behaviour, of small variations of the operating condi
tions. As an example i n Figure 4bthe effe c t of a ^20% variation 
i n the o i l flow rate i n the start-up (3 r <* and 4 t n) sections i s 
presented, while Figure 4c shows the effect of a +20% variation 
i n the feed oxygen concentration. In a l l cases the computed pro
f i l e s appear to be consistent with theoretical expectations and 
i n d u s t r i a l experience. 

As previously discussed, one p o s s i b i l i t y of increasing the 
reactor performance resides i n the use of multiple feeds. In F i g 
ure 4dan example i s presented of a " s p l i t - f e e d " condition; the 
same amount of monomer and i n i t i a t o r s considered i n the example 
of Figure 3 was suppose
part i n a reactor zone
shown by the computed temperature and conversion p r o f i l e s , a small 
increase i n the monomer conversion can be obtained. 

Conclusions 

The above results show that the model, as presently develop
ed, can be already used with good confidence for the study of i n 
d u s t r i a l LDPE reactors, including the prediction of more favour
able operating conditions. 

A further development should be directed towards the study 
of the e f f e c t of impurities present i n the feed monomer and the 
prediction of polymer quality, through a suitable complication of 
the k i n e t i c scheme, i n order to include the role of chain modi
f i e r s . It must be pointed out, however, that while the modifica
tions of the model are r e l a t i v e l y simple, a great amount of ex
perimental work i s needed to get a satisfactory description of 
the polymer characteristics, i n terms of molecular weight d i s t r i 
bution, chain branching and so on, and to correlate these proper
t i e s to the polymer quality. 

Legend of symbols 

Where not specified i n the text, the rotation conforms to "No
menclature and Symbols i n Chemical Reaction Engineering" recommen
ded by WPCRE of EFChE, Chem. Eng. Sc. 1980, 35(9), 2064. 
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46 
The Effect of Mixing on Steady-State and 
Stability Characteristics of Low Density 
Polyethylene Vessel Reactors 
C. GEORGAKIS and L . MARINI 1 

Massachusetts Institute of Technology, Department of Chemical Engineering, 
Cambridge, MA 02139 

The effect of mixin  th  stead  stat d stabil
ity characteristic
reactors is examined by the use of two reactor models. 
The completely mixed model succeeds in representing part 
of the experimental data and predicts that at industrial 
conditions the reactor is open-loop unstable. Initiator 
productivity decreases are accounted quite accurately only 
by the second reactor model which details the mixing con
ditions at the initiator feed point. Independent estimates 
of the model parameters result in an excellent match with 
experimental data for several initiator types. Imperfect 
mixing is shown to have a tendency to stabilize the reactor. 

The polymerization of ethylene to y i e l d low density polyethy
lene (LDPE) i s performed i n vessel reactors at high pressures 
(1000 τ 2500 kg/cm2) and i n the temperature range between 150 and 
300°C. Two main features characterize these type of reactors: a) 
the very high power input per unit volume required to maintain 
good mixing conditions i n the reaction zone; and b) the absence 
of appreciable heat exchange, so that the reactor can be consid
ered p r a c t i c a l l y adiabatic. 

The synthesis zone i s generally fed with fresh ethylene and 
i n i t i a t o r , such as AZO-compounds or organic peroxides. The i n i 
t i a t o r decomposes and generates free ra d i c a l s which start the 
•polymerization reaction. Interest on the eff e c t the operating 
conditions and the i n i t i a t o r e f f i c i e n c y have on this high pressure 
ethylene polymerization process has c l e a r l y grown i n recent years 
(1.-4). On one hand, this i s due to the fact that i n i t i a t o r costs 
are an important f r a c t i o n of the variable costs, making the study 
between i n i t i a t o r consumption and process conditions of strong 
economic importance. On the other hand, the reactor temperature 
i s controlled through changes i n the i n i t i a t o r feed, which has 
direct influence on the dynamic behavior of the reactor. 

1 Permanent affiliation: Istituto Donegani, Montedison, Novara, Italy. 
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A recent paper published by van der Molen (2) presents sever
a l sets of experimental data r e l a t i n g i n i t i a t o r consumption and 
polymerization conditions. I t c l e a r l y shows that, i n a given re
actor, the i n i t i a t o r consumption per unit polymer produced i s not 
a monotonie function of the reaction temperature, but i t shows a 
minimum. These data also show that this minimum depends on the 
i n i t i a t o r type and on process conditions such as mixing, pressure 
and input flow-rate. Another phenomenon of interest which also 
depends on i n i t i a t o r c haracteristics i s the l i g h t off temperature, 
below which the polymerization reaction extinguishes. The exper
imental data (2) c l e a r l y demonstrate that this temperature also 
depends on i n i t i a t o r type, and the operating conditions. 

In a previous work C5), i t was shown that the ef f e c t of mixing 
on reactor performances i s very important. In p a r t i c u l a r , i t was 
discussed that: a) th  mixin  insid  th  reacto  b  charact
erized by a r e c i r c u l a t i n
reaction zone, and tha  imperfectly  require
a higher i n i t i a t o r consumption per polymer produced than a per
f e c t l y mixed one operating at the same conditions. 

In the present communication i t w i l l be shown that most of 
these phenomena can be accounted fo r , quite accurately, by a sim
ple "imperfectly mixed" reactor model. In order to stress the 
influence of mixing, two models have been developed. The f i r s t 
one simulates the vessel LDPE reactor as an i d e a l CSTR, while the 
second model accounts for mixing l i m i t a t i o n s . 

The Perfectly Mixed Model 

The perfectly mixed CSTR model neglects any concentration or 
temperature gradient i n the reactor region close to the feed point 
(Figure l a ) . This assumption can be j u s t i f i e d by the very high 
power input per unit volume (20 τ 100 kw/m3). With respect to the 
reaction k i n e t i c s i t has been demonstrated (6) that ethylene poly
merization i s a r a d i c a l reaction which takes place i n a homogen
eous phase, and follows three fundamental steps: i n i t i a t i o n , 
propagation and termination. We w i l l assume that for a monomer 
conversion less than 15% the p r i n c i p a l physical properties of 
ethylene do not change from input to output. We can then derive 
the mass and enthalpy balances as follows: 

for i n i t i a t o r : V = QI^QI-KjIV (1) 

for r a d i c a l s : V = -QX + 2fIK ; [V-K TX 2V (2) 

for monomer: V ̂  - QMQ-QM-KpMXV (3) 

enthalpy balance: pC p V | | = pCpQ(TQ-T)+(-AH)KpMXV (4) 

where Ι,λ,Μ indicate, respectively, the bulk concentration of 
i n i t i a t o r , radicals and monomer, and Τ i s the polymerization temp
erature. At steady state, the terms on the l e f t hand side are 
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Q',I.,T..M. 
1 

Ο,Ι.Λ,Μ. 

CSTR 

Ο,Ι,Τ,Μ,λ 

Qr 

(a) (b) 

Figure i . Schematic presentation of the two reactor models: a, perfectly mixed 
model, and b, imperfectly mixed model. 
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equal to zero, and a system of non-linear algebraic equations i s 
obtained. This can e a s i l y be solved by setting the reaction temp
erature T, and calculating: the monomer conversion: 

χ = 1-M/M = (T-T )pC /(-ΔΗ)Μ (5) ο o p ο 
the radicals concentration: 

λ = (Μ -M)/K Μτ (6) ο ρ 
the i n i t i a t o r concentration: 

I = λ(1+Κ Τλτ)/2ίΚ Ιτ (7) 
where τ = V/Q i s the residence time, and the reaction constants 
Κ^,Κ and K T are evaluated at the temperature T. The polymer 
prodBction rate from the reactor i s defined as: 

Q p = Q Mox (8
and the i n i t i a t o r consumption, which i s required to sustain this 
production, i s computed by: 

Q-I Q = Q K l + K j T ) (9) 
The specif i c i n i t i a t o r consumption i s the number of moles of i n i t i 
ator fed per mole of converted monomer: 

QI Ι(1+Κ_τ) 
_ £ = L__ (10) 
Q Μ χ K ' Ρ ο 

The values of the ki n e t i c parameters used for a l l calculations pre
sented here are l i s t e d i n Table I. Two considerations must be 

Table I: Reaction Rate Constants: Κ = Κ exp(-(E+AV(P-P ))/RT) 

Κ 
ο 

Ε V 
[1/sec] 

[lt/mole-sec] 
[cal/mole] [cal/mole*atm] f(b) 

'tis 
u 
a 

2 9.5-10 1 5 30000. 0.1<a> 0.87 

: 
in
it
io
 

3 1.3-10 1 6 30116. 0.1<*> 0.96 

: 
in
it
io
 

9 2.0·ΙΟ 1 5 30260. 0.15 ( a ) 0.77 
M 
Ο 10 5.8-10 1 5 31200. 0.15 ( a ) 0.58 

M 
12 2.5-10 1 4 30000. 0.15 ( a ) 0.98 

1.25-108 7420. -0.5 — 

Κ Τ 
9 

5-10* 1000. 0. -
p

0 Is equal to 1 atm for Kj and equal to 1301 atm for 
(a) estimated from (2) and (3); (b) from (2) 
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c l e a r l y pointed out: a) as well known (6), only the overall poly
merization rate Κ /v̂ K̂  can be derived from experimental data. The 
values of the two^parameters Κ and K̂ , are derived from (5), and 
are i n good agreement with mosl of currently used data 07,8). 
P a r t i c u l a r l y , the termination rate i s assumed to be very fast 
and l i g h t l y dependent on temperature, b) The rate constants for 
the d i f f e r e n t i n i t i a t o r s were derived from experimental values 
presented by Akzo-Chemie. They might be l i g h t l y d ifferent from 
other data presented i n l i t e r a t u r e (3), but a good agreement i s 
always found when the performance of each i n i t i a t o r i s based on 
their h a l f - l i f e times, evaluated at the temperature range of i n 
d u s t r i a l i n t e r e s t . In Figure 2 we show the predicted dependence 
of the i n i t i a t o r feed rate on polymerization temperature for the 
case of the perfectly mixed model(curve 1). I t i s noted that for 
a given i n i t i a t o r feed
states that the model predicts
(T=T ) and another one i n the region of i n d u s t r i a l interest. In 
this region the model predicts a continuous decrease of i n i t i a t o r 
consumption with increasing temperature. The experimental data 
(j.) show that this i s true only i n the l e f t part of the operating 
region, at low reaction temperatures. At high reaction temper
atures the experimental data show that the i n i t i a t o r consumption 
increases with temperature, and the perfectly mixed model f a i l s tc 
predict this phenomenon. 

Local s t a b i l i t y analysis of the steady state i s performed by 
li n e a r i z i n g equations (1) to (4) around the steady state. If we 
define the deviation variables as follows 

*1 - I ~ I
S 5 χ2 = λ-λ β ; x 3 = M - Mg ; X l + = T-T g 

the system of equations obtained i s : 
d X l E I 

x _ = (-1-K I T)X 1 - K I T I s ^ x, 
s 

dx 2 Ε Ε 
τ _ = ( - l ^ T X ^ + Z f K ^ + U f K j T ^ ^ - Κ Ττλ2 ^ Κ 

s s 
d*3 E 

x _ = (-l-K pX sT)x3-K pTM sx 2-K pTM sX s ^ *k 

= κ Τ Μ Λ "Ρ , + 1=Μ1 κ τ λ Χ 3 + ΙζΔίΟ κ τ Μ 

dt ν pC ρ s s RT^ 4 pC ρ s d pC p s z 

V s Ρ Ρ 

the c o e f f i c i e n t matrix of which provides the system eigenvalues. 
The results of these calculations are shown i n Curve 1 of Figure 
3, where the algebraic largest eigenvalue i s plotted versus poly
merization temperature. One cl e a r l y notes that, i n the region of 
i n d u s t r i a l interest, the steady state i s characterized by a r e a l 
positive eigenvalue. This implies that the reactor i s open-loop 
unstable. 
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100. 200. 300. 
Polymerization Temperature (°c) 

Figure 2. Model predictions of required initiator feed as a function of polymeri
zation temperature for perfect (curve 1) and imperfect (curve 2) mixing assump
tion. Key: Q, 70 Kg/h; Q, = Qtt Q/2; V, 1 It; Vt = Vt, 0.015 It; Qr, 250 Kg/h; 

T0, 70°C; and P, 1570 atm (initiator #10). 

100. 200. 
Polymerization Temperature (ec) 

Figure 3. Model prediction for dominant eigenvalue dependence on polymeriza
tion temperature for perfect (curve 1) and imperfect (curve 2) mixing assumptions. 

Model parameters as in Figure 2. 
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The Imperfectly Mixed Model 

The performance of the model developed i n the previous sec
tion shows that, i n spite of i t s large power input, the LDPE ves
s e l reactor cannot be considered as perfectly mixed. To support 
t h i s , i t i s s u f f i c i e n t to consider the i n i t i a t o r balance (Eq. 1), 
which, at steady state, can be written as: 

At high temperatures, where the i n i t i a t o r e f f i c i e n c y i s experiment
a l l y found to decrease, the reaction term at the denominator be
comes very high: (Κ Ι*τ)>>1. This implies that the mean i n i t i a t o r 
concentration inside the reactor i s much smaller than at the feed. 
Consequently, the i n i t i a t o
the feed point than i
ature i s high enough for the i n i t i a t o r decomposition time near the 
feed point to become of the same order of magnitude with the mix
ing time, then i t i s necessary to model the mixing characteristics 
i n more d e t a i l . 

This can be obtained by the model shown i n Figure l b , where 
the entire vessel reactor i s divided into three CSTRfs i n series. 
The f i r s t two CSTR's (Vi and V 2 ) , which account for a very small 
fraction, of the t o t a l volume (^3%), are used to model the condi
tions at the i n i t i a t o r i n j e c t i o n point, while the third CSTR (V3) 
accounts for the largest part of the reaction zone. The action of 
the impeller i n the vessel reactor gives o r i g i n to a certain re
c i r c u l a t i n g flow rate (Q ) between the three volumes. Reasonable 
values for t h i s parameter can be readily estimated. Cold ethylene 
and i n i t i a t o r flow i s generally fed into the vessel reactor through 
a small pipe, not too close to the reactor wall and not too far 
from the impeller (Figure 4a). This situation can be modelled as 
a j e t (9) which spreads co-currently or counter-currently with the 
flow f i e l d inside the reactor (Figure 4b). Since the input d i 
ameter ( d Q i n Figure 4b) i s usually not too small, one can argue 
that the output v e l o c i t y ν i s of the same order of magnitude with 
the f l u i d v e l o c i t y ν insiâe the reactor. In this s i t u a t i o n (9) 
the j e t spreads with a constant angle 3 = 7 * 10°, and the mixing 
between the two streams i s p r i n c i p a l l y due to the turbulence of 
the flow f i e l d i n the reactor. Taking into account the very high 
l e v e l of power dissipation, i t seems reasonable to assume that the 
j e t maintains a certain i d e n t i t y only i n a small region near the 
inj e c t i o n point, after which i t becomes i d e n t i c a l with the react
ing medium. Moving away from the i n j e c t i o n point, we find a con
tinuous increase of the j e t area and a continuous entrainment of 
f l u i d into the j e t region. Because this region cannot be consid
ered perfectly mixed, the simplest and most approximate means for 
i t s modelling i s by the use of two CSTR's of equal volume (Vi=V2) 

I 
I 
ο (11) l+K τ 
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i n series. The t o t a l r e c i r c u l a t i n g flow rate i s equally divided 
into these two volumes, as shown i n Figure l b . To calculate the 
model parameters, we assume that L/d Q - 4 to 8, and calculate 

di = d + 2L tan 3 (12) ο 

V T = i l ( i 3 ) 

Vi = V 2 = V T/2 

The c i r c u l a t i o n flow rate which enters into this volume and i s 
mixed with the incoming flow depends on the f l u i d v e l o c i t y ν . 
This can be estimated as: 

27rrn ( Λ  ν 
v e = -60" ( 1 4

where η the impeller r o t a t i o n a l speed and r the r a d i a l distance of 
the i n j e c t i o n point from the reactor axis. With respect to the 
control volume we can write the following momentum balance 

i a M - J d o 2 V + f (dl - d 2 ) v e * 
Since di >>dn and ν < ν , we obtain: ι υ ο — e 

Vi = V 
1 e 

so that the t o t a l flow recirculated into the volume V T i s , i n 
f i r s t approximation: 

2Qr = J ( d j 2 - d 0
2 ) v e (15) 

It must be pointed out that, i n a large range of operating condi
tions, the r e c i r c u l a t i n g flow rate does not depend on the input 
flow rate. Two d i f f e r e n t external feeds are used to model d i f f e r 
ent operating conditions: the f i r s t one (Q 1) represents the cold 
feed of ethylene and i n i t i a t o r . The second one (Q 2) represents 
either the incoming flow from another reaction zone when we model 
a multiple zone reactor, or the feed at the top of the f i r s t stage 
used to cool the motor. In both cases, the second feed, Q2, does 
not contain an appreciable amount of i n i t i a t o r , and i t w i l l be 
considered as entering the perfectly mixed zone ( V3 ) . 

The mathematical equations for this imperfectly mixed model 
consist of 12 d i f f e r e n t i a l equations similar to equations ( l ) - ( 4 ) , 
four for each of the three CSTR 1s. At steady state, they reduce 
to 12 non-linear algebraic equations which are solved numerically 
i n order to calculate the dependence of i n i t i a t o r consumption on 
polymerization temperature. An o v e r a l l balance reveals that the 
monomer conversion and polymer production rate are s t i l l given by 
equations (5) and (8), while the i n i t i a t o r consumption i s affected 
by the temperature and radicals d i s t r i b u t i o n i n the three CSTR 1s, 
so that equations (7) and (9) become much more complex. 
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Results and Conclusions 

With reference to a 1 It reactor, the values of the f l u i d 
mechanical model parameters (Vi,V 2 and Q^) used i n a l l ca l c u l a 
tions were computed assuming: d = 5 (mm), L = 35 (mm), r = 12 
(mm), η = 1500 (rpm), and β = 8°? As shown i n Figure 2 (curve 2), 
the three CSTR1s model predicts i d e n t i c a l i n i t i a t o r consumption 
rates with the perfectly mixed model, as far as the reaction temp
erature i s s u f f i c i e n t l y low. The parti c u l a r i n i t i a t o r chosen for 
this example i s Di-octanoylperoxide (#10), and i t s decomposition 
rate constants are given i n Table I. One can e a s i l y v e r i f y that, 
i n the region where the imperfectly mixed model begins to d i f f e r 
from the simple CSTR (at Τ = 170°C), the reaction term a£ denomi
nator i n equation (11) becomes s u f f i c i e n t l y large (Κ̂ ,'τ = 40). 
This term increases ver
high activation energy o
temperatures, the dependence of i n i t i a t o r consumption with poly
merization temperature i s completely changed, and we find an i n 
crease i n i n i t i a t o r feed with increasing temperature. This i s 
j u s t i f i e d since the peroxide i s almost completely decomposed near 
the i n j e c t i o n point (volumes Vj and V 2 ) , before reaching the other 
parts of the reactor. As a consequence, most of the radicals are 
produced and terminated i n a very small region, without having the 
p o s s i b i l i t y to contribute to the polymerization reaction (waste of 
rad i c a l s ) . With reference to the same Figure 2, i t should be 
pointed out that the reactor now exhibits three possible steady 
states for a given i n i t i a t o r feed. The results of the l o c a l s t a 
b i l i t y analysis are shown i n Figure 3 (curve 2), where again only 
the highest eigenvalue i s plotted vs. temperature. In the region 
of high temperatures we observe that the imperfectly mixed model 
i s characterized by smaller eigenvalues than the perfectly mixed 
one. In fact, the reactor becomes open-loop stable. The temper
ature at which the eigenvalue i s equal to zero corresponds to the 
point of minimum i n i t i a t o r consumption. 

In Figure 5 the predictions of the second model are compared 
against the experimental data published i n (2) and obtained i n a 
small, well s t i r r e d , vessel reactor with 1 It t o t a l volume. The 
various i n i t i a t o r s were tested under conditions representative of 
polymerization i n commercial units, that i s with 20 * 60 seconds 
residence time and an operating pressure between 1278 and 2352 
atm. For the sake of convenience we w i l l use here the same nomen
clature and dimensions as i n (2). The ki n e t i c parameters used 
were those given i n Table I. The r e l a t i v e size of the two small 
volumes and the r e c i r c u l a t i o n rates were estimated once and for 
a l l cases from equations (13) and (15). The other parameter v a l 
ues, determined independently, were not changed i n order to obtain 
a better f i t with the data. As can be seen, the imperfectly mixed 
model i s i n excellent agreement with the experimental data, and 
accurately accounts for the effect of i n i t i a t o r type (Figure 5). 
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(a) 

—fil 
η 

I 

I 

Qr 

Π 
 Î

(b) 

Figure 4. Schematic presentation of initiator injecting system (a) and its calcula
tion model (b). 

ο 
Ε 2. 
ο 
ω ο. 

CO 
0. 140. 160. 180. 200. 220. 

Polymerization Temperature (°c) 

Figure 5. Comparison of model predictions with experimental data (2) for de
pendence of specific initiator consumption on polymerization temperature for dif
ferent initiator types. Conditions: pressure, 2352 atm; other model parameters as 
in Figure 2. Key: Λ, Δ, initiator 2; B, Q initiator 3; C, X, initiator 9; Ε, V, 

initiator 10; and F, O, initiator 12. 
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Equally satisfactory results and with the same model param
eters were obtained when the operating pressure and flow rate were 
changed. 

Legend of Symbols 

C = s p e c i f i c heat νο,νχ,ν = f l u i d v e l o c i t i e s 
p (0.57 kcal/kg°C) χ - conversion 

d Q = injector diameter χχ,Χ2,Χ3,χι* • deviation variables 
Ε = activation energy 
f = i n i t i a t o r e f f i c i e n c y Greek Letters 

factor 
(-ΔΗ) = heat of polymerization 8 = j e t angle 

(21.4 kcal/mole) λ = radicals concentration 
I = i n i t i a t o r concentratio  densit  (0.524 kg/It) 
Κ^,Κ ,K = rate constant
L - length of j e t 
M = monomer concentration Subscripts 
η = rotational speed (rpm) 
Ρ = pressure (atm) 0 = input condition 
Q = flow rate (lt/sec) I = i n i t i a t i o n 
Q = re c i r c u l a t i n g flow rate Ρ = propagation 
t = time [sec] Τ = termination 
Τ = temperature [°K] S = steady state 
V = volume (It) 
AV = activation volume 
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Continuous reaction gas 
chromatography 297-306 

Continuous stirred reactor 165-177, 
559, 562, 563/ 

chaotic states 145-153 
oscillations 145,146 
parallel reactions 67-72 
periodic states 145-153 

Conversion, stirring speed effect 227/ 
Co304—See Cobalt oxide 
Cooling medium 90 
Countercurrent moving-bed 31-32 
Countercurrent moving-bed coal 

gasifier 360/ 
CRACR—See Continuous reaction 

gas chromatography 
Creeping profile 92 
Creeping zone 52 
Cross flow model 396 
Crystalline iron catalyst, product 

distribution 244/ 
Crystalline iron catalyst, reaction rates 243 
CSTR—See Continuous stirred 

reactor 
CTD—See Circulation time 

distribution 
Cumene 250 
Cumene cracking 251 

activity 253 
reaction rate 252,253,254/ 

Cycle split ratio 101,104 
Cycling frequency 98,102 
Cycling variables 104 
Cyclohexane dehydrogenation 297-306 

effluent profiles 302/ 
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Cyclohexane dehydrogenauon—(continued) 
products 301 
rate constants 303 
reaction 297-299 
reactor formation simulation ...303, 304/ 
reactor model 303 

Cyclohexane oxidation 499-513 
bubble diameter 504f, 507 
diffusion coefficient 504/ 
experimental method 506 
mass transfer coefficients ....503-506, 507 
mass transfer effects 502 
pressure requirements 500 
product distribution 502 
products 499 

Cyclohexene hydrogénation 283-294 
carbon effect 293/ 
catalyst 28
catalyst characterization 28
cyclohexene partial pressure 

effect 286/, 287/ 
kinetics 285 
partial pressure effect 286/ 
rate constant variation 287/ 
rate constant 291/, 292/ 
sulfur effect 292/ 

D 

Dautzenberg rate constant 204 
Deactivated catalyst 288 
Deactivation 249 
Deactivation function 251,252 

coefficient 255,256/ 
Devolatilized wood 459-471 
Diffusion coefficient 473, 506 
Diisopropanolamine solution, 

aqueous 337-391 
Discoloration 452,455/ 
Discoloration vs. activation energy .... 455/ 
Dispersed bubble flow regime 396, 400 
Dispersion 299, 304 
Dispersion coefficient 301 
Dispersion measurement, aluminum 

alloy reactor 298/ 
Dodecylbenzene diffusion 451 
Dodecylbenzene, sulfur trioxide 

absorption 446 
Double limit 67, 68/ 
Dynamic holdup, mass transfer 396 
Dynamic liquid holdup vs. liquid 

velocity 417/ 
Dynamic liquid holdup, averaging .... 414 
Dynamic saturation 430 
Dynamic tracer tests 434 

Ε 
EDTA—See Ethylenediaminotetra-

acetic acid 
Effective bed diffusivity 195 
Effective diffusivity, measurement .... 186 
Effectiveness factor 558 

behavior 192 
catalyst size effect 192 
reactor length effect 193/ 

Electron spectroscopy for chemical 
analysis, hydrocracking catalysts 294 

Energy balance equation 7 
Energy recovery 459 
ESCA—See Electron spectroscopy 

for chemical analysis 
Ethylene polymerization 592 

monomer conversion 594 
rate 583 
rate constant 584* 
reaction steps 583 
steady-state 595 

Ethylene 
chain growth 246/ 
hydrogénation 246/ 
polymerization 591 

Ethylenediaminotetraacetic acid 546 
Exothermic gas absorption 441-455 
Exothermic propylene oxidation, 

reaction 4f 
External contacting efficiency 430 

F 
Feed composition cycling equipment.. 100/ 
Feedstocks „ .. 123/ 
Fe2oNi6oP2o—See Iron catalyst, 

amorphous, and Amorphous 
iron catalyst (s) 

FeooZrio catalyst—See Iron catalyst, 
amorphous, and Amorphous 
Iron catalyst(s) 

Fermentation 421 
Fe/ZnO catalyst—See Iron/zinc 

oxide catalyst 
FIBSAS 9 
Film theory 443/ 
Filter gain 159 
First order heterogeneous catalytic 

reaction 122,124 
Fischer-Tropsch, activity 200 
Fischer-Tropsch, ruthenium catalyst 

kinetics 200 
Fischer-Tropsch reaction, catalyst .... 207 
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Fischer-Tropsch slurry reactor ... 225-235 
mass transfer 228-231 
product selectivity 231-235 

Fischer-Tropsch synthesis 
amorphous catalyst 237-247 
carbon monoxide effects on 

products 245 
chain growth probability 205/ 
mechanism 200 
olefin selectivity 239 
propagation reaction 200-202, 243 
rate equations 201 
reaction rate 

chain growth probability 203/ 
steady-state surface coverage 

effect 203/ 
turnover frequency 205/ 

reaction scheme 20
steady-state production 20
termination reaction 20
transient kinetics 199-211 
turnover frequency 199 

Fixed-bed ammonia synthesis reactor, 
forced composition cycling 97-107 

Fixed-bed reactor 17/, 49-59, 98,99/ 
adiabatic 89-95 

conditions 59 
creeping zone 52-55 

axial and radial measuring 
devices 18/ 

behavior simulation 16,20-25 
calculated profile comparison 25 
changes in process variables 15-27 

positioning 19/ 
uncorrected sinusoidal 19/ 

coke burning 39-46 
concentration measurements 16 
dynamic behavior 109-118 
flow distribution 49 
industrial 

dynamic behavior 115 
dynamics 112-113 
feed composition 118 
flow rate 118 
heat transfer 115 
kinetics 110-112 
steady-state behavior 113 
temperature 118 
transport parameters 118/ 

industrial scale 109-118 
inlet temperature effects 42 
measurements 16 
migration speeds 56/, 57/ 
nonadiabatic 89-95 
nonisothermal-nonadiabatic 15-27 
oscillations 95/ 
porosity and velocity distribution .49-59 

Fixed-bed reactor—(continued) 
proper control 15 
simulation behavior 23-25 
temperature measurements 16 
temperature profile 105,106/ 
tube/particle diameter ratio 55 
variational problem 50 
wall cooled 

boundary conditions 55 
multiplicity 53/ 
steady-state temperature 

profiles 55 
uniform conditions 55 

Fixed carbon 361 
Flow maldistribution 135/, 137 

transient behavior 140/, 141/ 
Flow profile 51/, 53/ 

/ 

Fluidized bed reactor 
modeling complex reaction 

systems 121-130 
scale-up problem 125 
two-phase model 122,123/ 

Fluid-solid interactions 408 
Flushing treatment 209 
Forced composition cycling 101-104 

in fixed-bed ammonia synthesis 
reactor 97-107 

industrial application 105 
Forest products, energy recovery 459 
Foulant deposition 310 

G 
Gas absorption, exothermic 441-455 
Gas chromatography, continuous 

reaction 297-306 
See also Continuous reaction gas 

chromatography 
Gas flow rates 409 
Gas-liquid interfacial area 226 
Gas-liquid reactors 441 
Gas-solid reaction in porous char 

particle 337/ 
General modulus 559 
Glass powder, porous, physical 

properties 478 
Global bifurcation diagram 70 
Global heat transfer coefficient 585 
Growth rate, true values vs. 

algorithm estimates 163/ 

H 

Heavy coal oil, hydrotreatment ...309-319 
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Heterogeneous model, one 
dimensional 191 

Heat transfer 
axial temperature diameter 531/ 
mechanistic model 538 
model comparison 539 
pressure effect 535/ 

Heat transfer coefficient 25, 191 
bath temperature effect 536 
calculation 191 
global 585 
observed 540/ 
particle effects 533 
particle thermal conductivity effect 536 
predicted 540/ 
salt bath temperature effect 537/ 
sphere diameter effect 534/ 
tube diameter effect 53
variable effect 53
wall 19

Heat transfer coefficient function 532/ 
Heat transfer experiments 529/ 
Hotspot(s) 105, 115 

formation 55,139 
in large diameter packed bed 134 

Hydrocarbon 
hydrogénation 133 
production rate 202 
weight fraction 243 

Hydrocracking activity 285 
Hydrocracking catalyst 

deactivation 283-294 
activation energy 290 

ESCA 294 
Hydrodesulfurization 421 
Hydrodynamics 393 
Hydrogen, mass transfer 228-231 
Hydrogen-gas production 181,490 
Hydrogen sulfide 
amine conversion 379 
mass transfer 337-391 

interaction regimes 384, 385/ 
models 379 
rate 379 

removal selectivity 383 
selectivity factor 384, 385/ 

Hydrogénation of ethylene 246/ 
Hydrogénation reactor 136/ 
Hydrogénation reactor, industrial— 

See Industrial hydrogénation 
reactor 

Hydrotreatment 309-319,421 
Hypersurface 67 
Hysteresis 67, 68/, 70, 74/ 

I 
Impeller region 556 
Industrial fixed-bed reactor 
dynamics 112-113, 115 
feed composition 118 

Industrial fixed-bed reactor—(continued) 
flow rate 118 
heat transfer 115 
kinetics 110-112 
steady-state behavior 113 
temperature 118 
transport parameters 118/ 

Industrial hydrogénation reactor 
dynamic instabilities 134 
flowrate reduction 137 
runaway 133-143 
steady-state effects 134 
temperature control 133 
transient behavior 138/ 

Industrial packed-bed reactor, 
design 5 

Industrial stirred reactor 547/ 

dissipate  powe
neutralization reaction 48 

Interaction regime 384, 388/ 
hydrogen sulfide 385/ 
mole fluxes 390/, 391/ 

Interfacial area 505 
Internal mass transfer 

limitations 184-189 
interstitial gas velocity effect 189/ 

Intraparticle deactivation 316 
Intrinsic-limited regions 232/ 
IR adsorption bands of carbon 

monoxide 83/ 
Iridium turnover frequency 200 
Iron catalyst 101,207 

crystalline, reaction rates 243 
synthesis 209 
transient behavior 209 
transient response 206/ 

Iron catalyst, amorphous 237-247 
activity 247 
carbon monoxide effects 241/ 
catalytic activity 240/ 
contact time effects 242/, 243 
olefin selectivity 239 
product distribution 239, 244/ 
product selectivity 245 
reaction rates 243 
surface area 239 

Iron ore reduction 29-38 
boundary condition 31, 33 
effect of solid flow rate 35 
gas flow effect 34-35, 37/ 
gas velocity effect 36/ 
mass continuity equations 32 
material balances 31 
results 34 
single pellet 30-31 
solid velocity effect 36/ 

Iron turnover frequency 200 
Iron/zinc oxide catalyst, transient 

response of synthetic gas 210/ 
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Irrigated zones 411 
Irrigation rate 414 
Irrigation rate vs. liquid velocity 415/ 
Isola 67, 68/, 74/ 
Isothermal trickle-bed reactor 421-437 

See also Trickle-bed reactor 
basket reactor 426 
hydrogen flow rate effect 422 
kinetic experiments 422 
slurry reactor 422 
stirring rate effect 422 

Κ 

Kinetic redox model 112 

L 
Lanthanum exchanged zeolite, 

preparation 25
LDPE—See Low density polyethylene 
Learning model 10 
Liapunov characteristic exponent 150/ 
Limestone calcination 515-524 

See also Calcination 
pore size distribution 518/ 
porosity 516 
structural variations 520/ 

Liquid flow rates 409 
Liquid flow velocity 417/ 
Liquid holdup 394, 399/, 408, 417/ 
Liquid holdup vs. liquid velocity 395/ 
Liquid holdup averaging 414 
Liquid-phase diffusivity 505 
Liquid-phase, oxidation, organic, 

physical aspects 499-513 
Liquid-solid interface, hydrogen 

concentration effect 231 
Liquid superficial velocity 408 
Local micromixing 545-553 

longitudinal velocity fluctuations ... 551 
measurement 548 
segregation index . : 550/ 
system 546 

Low density polyethylene 
production 579 

Low density polyethylene tubular 
reactor-—See Polyethylene 
tubular reactor 

Lumped-parameter systems 65, 73 

M 

Macromixing 555-563 
two environment model 557/ 

Magnetite catalyst 
catalytic activity 226 
inhibition 228 
intrinsic kinetics 226, 235 
mass transfer resistance 233 

Maleic anhydride synthesis 123/ 

Maleic anhydride synthesis—(continued) 
in a fluidized bed reactor, kinetics .. 127 
on benzene feedstock 124-125 
on C4-feedstock 125-129 

Maleic anhydride yields, bed 
diameter effect 130/ 

Mass balance 122 
Mass balance equation, catalytic 

propylene oxidation 5 
Mass conservation equation 568 
Mass transfer 225-235 

of carbon dioxide 337-391 
Mass transfer coefficient 

bubble diameter effect 510/ 
diffusion coefficient 511/ 
interfacial area effect 505 
liquid phase diffusivity effect 505 

cyclohexane oxidation 503-506, 507 
Mass transfer component 229 

stirrer effect 229, 230/ 
Mass transfer concentration 

profiles 382/ 
Mass transfer correlations 431 
Mass transfer holdup 396 
Mass transfer of hydrogen sulfide .337-391 
Mass transfer rate 400 
Mass transfer resistance, absence 233 
Mass transfer-limited regions 232/ 
Maximum coke content 317 
Mechanical mixing 568, 569-572 

axial variation 571,572/ 
homogeneous initial conditions 

assumption 573 
and reaction 569 

Mechanical mixing model 570/ 
Mean circulation time 562 
Methane conversion, pressure 

profiles 193/ 
Methane steam reforming 

Arrhenius dependency 185/ 
commercial catalyst 182 
conversion 183/ 
intrinsic kinetics 182-184 
rate equations 184 
reaction mechanism 182 
reaction rate constants 185/ 

tt-Methylstyrene 422 
α-Methylstyrene hydrogénation 

apparent activation energy 426 
Arrhenius plot 425/ 
intrinsic reaction rates 424/ 
liquid velocity effects 433/ 
rate dependence 425/ 

Microbial cultures 155 
Micromixing 555-563 

two environment model 557/ 
Micromixing, local 545-553 

longitudinal velocity fluctuations .... 551 
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Micromixing, local—(continued) 
measurement 548 
segregation index 550/ 
system 546 

Micromixing phenomena 545 
Micromixing in scale up 555 
Micropore 517 
Micro-reactor, stainless steel 207, 208/ 
Mixedness, axial variation 572/ 
Mixedness, helix angle variation 574/ 
Mixing with diffusion 569 
Mole fluxes 390/, 391/ 

mass transfer 386/ 
Molybdenum oxidation, electron spin 

resonance 290,292/ 
Monodisperse pore size 481 
Moving-bed behavior, paramatic 

study 3
Moving-bed coal gasifier 359-37

axial heat dispersion 361
axial mass dispersion 361 
blast gas effect 363/ 
boundary conditions 362 
carbon-to-oxygen ratio effect 365 
countercurrent 360/ 
exponential collocation 363 
model 359 
movement combustion zone 369/ 
radial mass dispersion 361 
steady-state 363, 365, 368/, 370/ 
steam-to-oxygen feed ratio effect .. 371 
time constants 371 
turndown 366/, 367/, 372/ 
wall cooling 362 

Moving-bed reactor, iron ore 
reduction 29-38 

Multiphase reactor, tubular 139 
Multiple steady-state 91 
Multiplicity features 65-75 
Multireaction systems 65-75 
Multisystem reaction, activation 

energies 69 

Ν 

Natural gas, steam reforming 181-197 
Nickel molybdenum/aluminum 

catalyst 310 
Nickel oxide 262,489-^97 
Nickel oxide catalyst 491 
Nitric oxide emission control 347 
Nitric oxide reduction 348 

by activated carbon 356/ 
activation energy 355* 
ammonia formation 352, 354/ 
catalytic residence time 350 
by char 355 

carbon monoxide effect 349-350, 351/ 
hydrogen effect 352, 354/ 
rate constant 349 

Nitric oxide reduction—(continued) 
char surface catalytic effect 349 
char surface effect 347-357 
mechanism 355/ 
products 349/ 
rate enhancement 355 

Nitric oxide-char noncatalytic 
reaction 353/ 

Nitrogen and coking compound 
poisoning, zeolite catalyst 
deactivation 249-257 

Nitrogen compound poisoning 250 
Nitrous oxide decomposition, 

active sites 217 
Nitrous oxide decomposition, 

reaction mechanism 218 
Nitrous oxide oxidation 213-223 

operating conditions 93 
Noncatalytic solid-gas 

reactions 515-524 
Nonequimolar fluxes 485 
Nonequimolar fluxes in catalyst 

particles 473-487 
adsorption constant 475 
diffusion coefficient 475 
diffusional permeabilities 480/ 
experimental method 476 
flow permeabilities 479/ 
helium pulses 478, 477/, 479/ 
nitrogen diffusion 481 
nonpulse component 481,48/ 
steady-state 474-476 

Nonirrigated zones 411 
Nonisobaric diffusion 473-487 

helium pulses 478 
Nonisothermal packed bed reactor ...90-95 
Nonuniform flow, moving reaction 

zone isotherms 56/ 
Nonuniform porosity 52 
Nonuniformity 101 

Ο 
Olefin catalytic activity 245 
Olefin chain growth 245 

reaction scheme 246/ 
Olefin hydrogénation 243 
Olefin selectivity 237 
One dimensional heterogeneous 

model 191 
Open systems 145 
Organic liquid-phase oxidation, 

physical aspects 499-513 
Orthogonal collocation 113 
Oscillations 147, 175 
Oscillatory behavior 82 

alumina paint effect 78 
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Oscillatory behavior—(continued) 
gas flow rate effects 84 
hydrocarbon impurity effect 78 
temperature effects 84 

Oxygen diffusion coefficient 512 
temperature effect 507 

Oxygen oxidized carbon monoxide, 
adsorbed oxygen 222 

Oxygen uptake 558, 562 
Oxygen uptake kinetics 558-559, 

560/, 561/ 
Oxygen, adsorbed, on silver 215, 217 

Ρ 

Packed bed 
dispersion characteristics 299
nitrogen effect 300
porosity distribution 51

Packed bed model 
nonisothermal 90-95 
steady-state 321-322 

Packed reactor tubes, heat 
transfer 527-541,530/ 

variable effect 533 
Paraffin/olefin ratio, hydrogen 

concentration effect 233, 235 
Parallel-cross-linked pore model, 

tortuosity factor 186 
Parallel fouling 309 
Parallel fouling model 316-318 

boundary conditions 317 
Parallel-path pore model, 

tortuosity factor 186 
Particle diameter 191 
Particle scale 411 
Particle scale modeling 412,413/ 
Percolation process 409 
Percolation theory 407-418 
Periodic behavior 147, 149 
Peroxides 591 
Pilot plant, schematic 110, 111/ 
Platinum 261-270 
Platinum on alumina catalyst 90 
Platinum on aluminum oxide 77-88 

surface area 80 
Platinum, ammonia conversion 

gauze pads 269/, 270 
nitric oxide production 264 
reaction rate 262, 266-270 
ribbons 266-270 
surface reaction rate 264, 267 
wires 268/, 270 

Platinum ribbon catalyst, mass 
transfer coefficient 266 

Plug flow 559, 563/ 
Plug flow performance equation 252 
Poison compound loading 256/ 
Poisoning, active sites 255 

Polyethylene tubular reactor 579-589 
behavior 589 
fluid dynamic study 582 
heat transfer 579 
initiator choice 581 
kinetics 583 
mathematical model 579-589 
model parameter variations 587/ 
operating condition variations 587/ 
pseudosteady state 581 

Polyethylene vessel reactor 591-601 
fluid velocity 598 
imperfectly mixed model 593/, 596/, 

597-599 
initiator consumption 595 
initiator feed 596/ 
initiator injecting system 600/ 

reaction zone 597 
recirculating flow rate 598 
steady-state 595 

Polymer molecular weight distribution 98 
Pore 412 
Pore diameter 316 
Pore diameter vs. catalyst coke 

content 315/ 
Pore diffusion effects 426 
Pore diffusion model 335-345 
Porosity, catalyst 316 
Porous char particle 

boundary conditions 339 
effective diffusivities 339 
energy balance 338, 339 
gas-solid reaction 337/ 
mass balance 338, 340 
porosity 339 
surface area 339 

Porous glass powder, physical 
properties 478 

Porous noncrystalline silver films— 
See Silver films catalyst 

Porous solid, diffusion model 474-476 
Porous solid, steady-state flux 474 
Presulfidation experiments 288 
Product selectivity 225-235 

feed ratio effect 233 
hydrogen concentration effect 231 
mass transfer effect 234/ 

Propagating front 92 
multiplicity 89-95 
temperature profiles 94/ 

Propylene conversion 10 
Propylene oxidation, catalytic—See 

Catalytic propylene oxidation 
Propylene oxide adsorption 174 
Propylene oxide oxidation 

ceiling temperature concept 172 
emf oscillations 168/ 
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Propylene oxide oxidation—(continued) 
feed gas composition effect 176/ 
flowrate effect 170/ 
isomerization 167 
kinetic scheme 172 
mass balance 173 
molar flowrate 167 
oscillations 167 
polymeric residue 172-173 

kinetic scheme 172 
mass balance 173 
surface coverage 172 

potentiometric results 166 
rate expression 166 
rate oscillations 168/ 
reaction kinetics 166 
reaction rate 166 
simulation 169
temperature effect 171

Propylene oxide polymer 17
Propylene, air oxidation—See 

Catalytic propylene oxidation 
Pseudohomogenous model, two-di

mensional—See Two-dimensional 
pseudohomogeneous model 

Pulse frequency 396, 400 
vs. gas velocity 398/ 
vs. liquid velocity 398/ 
mass transfer coefficient 403/ 
static holdup 402/ 

Pulse reactor system 207 
Pulse simulation, kinetic model 200-206 
Pulsing 395/ 
Pulsing flow 394 

gas-continuous flow transition 397/ 
liquid holdup 395/ 
mass transfer rate 394 
transition from gas-continuous 

flow 394 
Pulsing flow regime, mass transfer .... 400 
Pulsing packed column, performance 405 
Pulsing trickle-bed columns 393-405 
Pyridine 250,255 

Q 
Quinoline 255 

R 
Radial process-gas temperature pro

file, catalyst bed depth 194/ 
Radial thermal conductivity 539 
Rate limiting reactants 421 
Reaction rate oscillations 77-88 
Reaction rate resonance 102 
Reaction scheme derivation of cata

lytic propylene oxidation 6-7 

Reaction yield, micromixing effect .... 551 
Reaction zone, isotherms 54 
Reactor behavior, simulation 23-25 
Reactor efficiency 306 
Reactor feed 104 
Reactor performance 98 
Reactor startup 317 
Reactor temperature control 16 
Reactor tube simulation 190-195 
Reformer tube simulation 190-195 
Reforming catalyst 40 
Residence time distribution 573 
Residence time effect 146, 150/, 152/ 
Resonance, reaction rate 102 
Runaway 133-143 
Ruthenium turnover frequency 200 

Schulz-Flory model, predicted 
product distribution 246/ 

Segregated behavior 562 
Segregation 568 
Segregation index 549 

local micromixing 550/ 
vs. stirring speed 552/ 

Selectivity 98 
Selectivity factors 386/ 
Semibatch stirred bioreactor 555-563 
Sensors 156 
SEP—See solid electrolyte 

potentiometry 
Series fouling 309 
Series-parallel reactions 569, 574/ 
Silver catalyst preparation 213 
Silver catalyzed carbon monoxide 

oxidation 213-223 
Silver catalyzed oxidations 167 
Silver film catalyst 165-177 
Simultaneous diffusion 558 
Single bimolecular reactions 569, 574/ 

microflow effect 576/ 
Single screw extruder 567-576 

mixing 570/ 
problems 568 

Single site reaction mechanism, 
rate expression 251 

Sinusoidal disturbance effect 150/, 151 
Slurry reactor 423/ 
S03—See Sulfur trioxide 
Soft bifurcation 85 
Solid electrolyte potentiometry , 165 
Solid flow rate effect 35 
Solid-gas reaction, noncatalytic ...515-524 
Stagnant holdup, mass transfer 396 
Stainless steel micro-reactor 207, 208/ 
State estimation 156 
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Static holdup in pulse frequency 402/ 
Steady-state model 

boundary conditions 325 
boundary value problem 326, 327/ 
devolatilization products 325 

Steady-state permeation model 321-332 
Steady-states, multiple 91 
Steam-carbon ratio, coke deposition .. 492/ 
Steam-hydrocarbon ratio 490 
Steam-methane ratio, kinetic 

minimum 492/, 493, 495/ 
Steam reforming 490 

methane 489-^97 
catalyst 491 
coke-free region 493 
experimental method 491 
free energies 490 

natural gas 181-19
reactor design 181-19

Stefan-Maxwell equation 30 
Stirred-cell reactor, gas phase 

composition effect 447/ 
Stirred-cell reactor, selectivity 

factors 387/ 
Stochastic density 411 
Structural variations 515-524 
Sulfur capture 341-345 
Sulfur emission 335 
Sulfur retention in ash minerals 335 
Sulfur sorbents 335 
Sulfur trioxide absorption 

discoloration 441-455, 450/ 
in dodecylbenzene 446 
enhancement factor 452, 454/ 
exothermic absorption 452 
gas flowrate effect 446,449/ 
gas phase composition effect ...446, 447/ 
heat release effects 446 
heat transfer effects 442 
interface temperature 442,444/ 

gas phase composition effect 453/ 
stirrer speed effect 453/ 

interfacial conditions 452 
laminar jet experiments 442 
mass transfer effects 442, 446 
reaction half-life 445/ 
reaction scheme 446 
stirred cell experiments 442 
stirrer speed effect 446, 448/ 
sulfonation 441-455 
temperature profile 451 

Surface coverage carbon species 202 
Suspension phase, bulk 122 
Suspension phase, film region 122 
Synthesis-gas production 181 

Τ 
Tar 466 
Temperature gradient 7 

Thermal boundary condition 112 
Thermal cracking 496 
Thiele modulus 341, 559 
Time-average cycling rate vs. 

feed composition 103/ 
Time-average reaction rate, 

cycle-period effect 103/ 
Time-average synthesis rate 102 
Time-on-stream 288 
Tracer studies 430 
Tracer studies equipment 432/ 
Tracer tests, dynamic 434 
Transfer units vs. liquid velocity 401/ 
Transient kinetics, Fischer-Tropsch 

synthesis 199-211 
Transient response curves 220/ 

kinetic parameters 219/ 

Transport process 408 
Transport process modeling 411 

trickle-bed reactor 411 
Trickle-bed columns 407-418 

pulsing 393-405 
Trickle-bed reactor 407-418 

apparent reaction rate 408 
design 407 
flow process 409 
fluid-solid interactions 408 
gas-liquid downflow 410/ 
isothermal 421-437 

dynamic saturation 430 
hydrogen flow rate effect 422 
kinetic experiments 422 
model development 426,429/ 
reaction studies 431-434 
slurry reactor 422 
stirring rate effect 422 
surface tension forces 431 

model development 435/, 437/ 
packing 408 
percolation process 409,411 
rate limiting reactant 421 
transport process 408 
transport process modeling 411 

Tubular multiphase reactors 139 
Tubular reactor 182 
Tubular reactor, low density 

polyethylene—See 
Polyethylene tubular reactor 

Turnover frequency 199,200 
Two-dimensional model 16 
Two-dimensional pseudohomogenous 

model 
boundary conditions 20 
collocation points location 21,22/ 
heat balance 16 
initial conditions 20 
mass balance 20 
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Two-dimensional pseudohomogenous 
reactor model 5 

U 
Underground coal gasification 321-332 

See also coal char gasification 
leftover char 330 
steady-state model 323/ 

Underground gasification 459 
Unimodal pore size distribution, 

effective diffusivity 184 
Unique steady-state 91-92 
Universal unfolding 66 

V 
Van Deemeter correlation 186 

W 
Wall cooled fixed-bed reactor 

axial temperature profiles 58/ 
multiplicity 53/ 
steady-state temperature profiles .... 55 

Wall heat transfer coefficient 191 
Waste stream, oxidation 421 
Water gas shift reaction ... 29-38, 182,490 

mathematical formulation 29-34 

Water gas shift reaction—(continued) 
mechanism 30 
single pellet procedures 32 

Water-free tar 466 
Wood devolatilization 459-471 

carbon monoxide yield 466, 467/ 
experimental method 461 
gas yield 468/ 
heat transfer 460 
reaction mechanism 469/ 
tar production 466 
time behavior 470 
volatile flux 464/, 465/ 
volatiles composition 461 
volatiles release rate 460,461 

X 

2 
Zeolite, catalyst deactivation by 

coking and nitrogen compound 
poisoning 249-257 

Zeolite, lanthanum exchanged, 
preparation 250 
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